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Foreword

The past two decades have seen a growing demand for advanced processes capable of replacing
fossil-based products. The success of these processes not only requires the effective avoidance of
greenhouse gas emissions, but also depends on their energy efficiency and cost-effectiveness. Only
those solutions combining outstanding environmental performance, high resource utilization, and
low costs will be implemented at commercial scale. Moreover, a broad portfolio of advanced
processes is needed to meet the specific requirements of each application.

The Institute for Energy Systems and Technology (EST) at the Technical University of
Darmstadt has been addressing these challenges for over two decades by developing innovative
CO, capture, energy supply, and energy conversion processes. Since the year 2010, the EST
institute investigates the Indirectly Heated Carbonate Looping (IHCal.) process, which offers a
groundbreaking approach to capturing CO, from carbon-intensive industrial plants and power
stations. The first IHCaL pilot tests at the EST institute were conducted within the EU-RFCS
CARINA project (07/2010-09/2013). In the ACT ANICA project (10/2019-09/2023), the IHCaL
process was investigated for its integration into lime and cement plants, including experiments at
the one-of-a-kind 300-kW semi-industrial plant at the EST institute.

Lime plays a crucial role in modern industry—essential in steelmaking, construction,
agriculture, and chemical manufacturing. However, its production is inherently carbon intensive.
To drastically reduce CO, emissions, efficient carbon capture solutions are needed. The IHCaL
process can efficiently capture CO, from lime and cement production. By leveraging synergies with
existing industrial processes, IHCaL. technology minimizes energy penalties and economic costs.
Yet, until now, key integration challenges and modeling gaps have remained unaddressed.

To fill this research gap, this doctoral dissertation presents innovative IHCal. process
integration approaches for efficient CO; capture; advanced reactor models based on experimental
data; strategies for heat recovery, power generation, and fuel optimization; and insights on CO-
capture and economics based on process simulations. All of this is complemented by practical
design guidelines for scaling up IHCaL technology.

In this work, Martin Greco-Coppi provides essential tools for effectively implementing the
[HCaL process in lime production, from conceptual integration to detailed process simulations and
reactor modeling. The excellence of this work is reflected in the publications in top-tier journals,
notably two scientific articles in the Chemical Engineering Journal—one of the most prestigious
journals in the field, renowned for its rigorous peer-review process. Furthermore, this exceptionally
comprehensive dissertation features a well-structured synopsis with clear graphs and accessible
explanations. Overall, this dissertation is a key reference for advancing IHCal technology toward
commercialization and accelerating the decarbonization of lime production.

I believe that Mr. Greco-Coppi’s exemplary work will interest a broad audience, including
researchers and engineers working on industrial decarbonization, professionals in the cement and
lime industries, policymakers and experts shaping the future of low-carbon manufacturing, as well
as students in engineering and natural sciences. In summary, this dissertation is an invaluable
reference for anyone interested in the challenges and innovations driving the transition to a low-
carbon economy.

Prof. Dr.-Ing. Bernd Epple

Professor of Mechanical Engineering

Head of the Institute for Energy Systems and Technology
Technical University of Darmstadt

Darmstadt, May 2025






“The beginning of wisdom is the most sincere desire for instruction,
and concern for instruction is love of her,
and love of her is the keeping of her laws,

and giving heed to her laws is assurance of immortality,
and immortality brings one near to God;
so the desire for wisdom leads to a kingdom.”

Book of Wisdom 6:17-20






Abstract

Lime is an essential raw material for iron and steel production, in construction and agriculture, in
civil engineering, in environmental protection, and in manifold chemical manufacturing processes.
To solve the problem of unavoidable process CO- emissions associated with the production of lime,
efficient and affordable capture technologies need to be developed and implemented. The
indirectly heated carbonate looping (IHCaL) process is a promising technology for capturing CO-
from lime and cement production. This process can exploit synergies with these industries,
achieving low penalties in terms of economics and energy utilization. However, this requires
integration measures that have not been undertaken until now. Furthermore, experimental efforts
to develop IHCaL technology have not been matched by modeling work. Yet, accurate models are
crucial for interpreting experiments and scaling up this technology for commercial operation.

In this study, we introduce concepts for efficiently integrating the IHCaL process into lime
production. The main configurations are a tail-end solution suitable for retrofitting lime plants and
a fully integrated configuration for greenfield projects. Furthermore, we present different fueling
and heat integration strategies. We assessed these concepts in terms of energy efficiency, net CO,
emissions, and CO. avoidance costs (CAC). The processes were simulated with Aspen Plus,
including customized reactor models. EBSILON professional was used to model the steam cycles
for heat recovery and power generation, and ECLIPSE was used for the economic analysis. The
results show a considerable increase in fuel consumption, but approximately 30 % of the entire
heat input can be converted into electric power via heat recovery steam generation. The critical
parameters influencing the process efficiency are the preheating temperature of the combustion
air, the sorbent temperature at calciner inlet, and the sorbent circulation rate. Utilizing the sorbent
purge as lime product is necessary for the feasibility of the proposed concepts. The heat recovery
strategy can be optimized to achieve tailored outcomes, such as reduced fuel requirement or
increased power production. Net-negative CO, emissions higher than —1.8 tcoz/tcao can be
obtained when firing waste-derived fuels. Fuels with a high biogenic fraction and low specific CO,
emissions, such as solid recovered fuels (SRFs) with a high calorific value, perform remarkably
well in terms of energy utilization (SPECCA < 1.5 MJinv/Kgco2.av) and cost efficiency (CAC < 20
€/tcozav).

We present a novel carbonator model for CO- capture using IHCaL technology. Our model is
based on a systematic literature review, and experimental results from pilot tests and
thermogravimetric analysis (TGA). The model features a reactor sub-model to simulate flow
patterns and gas-solid contact, and a particle sub-model to deal with sorbent deactivation and
reaction kinetics. We follow an original approach to non-ideal calcination and introduce a new
calculation methodology for sorbent aging that considers fluctuations in sorbent circulation and
make-up rates. We highlight that modeling assumptions commonly found in the literature can
result in a significant overestimation of the carbonator performance. Additionally, we offer
guidelines for the appropriate selection of these assumptions.

Finally, we introduce a novel calciner model by combining a particle sub-model with a one-
dimensional reactor sub-model. The model was validated with results from experimental
campaigns conducted at two different pilot plants (300-kWy, and 1-MWy,). The predictions of the
model were interpreted using a stochastic methodology and novel dimensionless numbers. Based
on the model, we introduce a three-step approach to designing calciners for CO- capture. Calciners
with oxy-fuel combustion should be operated at 930-965 °C to achieve sufficient sorbent
regeneration. For indirectly heated calciners, an operating temperature of 950 °C is necessary for
high performance, but lower temperatures (e.g., 900°C) are also possible using steam for
fluidization. Considerations regarding particle residence time are also discussed. Our guidelines
are straightforward and enable the design of a calciner with simple calculations.

Overall, our study provides valuable information on the potential of IHCaL technology for
reducing CO- emissions in the lime industry and demonstrates how process configurations, fuel
properties, operating parameters, and components can be optimized to exploit this potential. Our
results reduce design uncertainties, avoidance costs, and energy penalties, thereby bringing this
technology closer to commercialization.
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Kurzfassung

Kalk ist ein essenzielles Rohmaterial fiir die Eisen- und Stahlproduktion, im Bauwesen und in der
Landwirtschaft, im Tiefbau, im Umweltschutz und in =zahlreichen chemischen
Herstellungsprozessen. Um das Problem der unvermeidbaren Prozess-CO»-Emissionen, die mit der
Kalkproduktion verbunden sind, zu losen, miissen effiziente und kostengiinstige CO-
Abscheidungstechnologien entwickelt und implementiert werden. Der indirekt beheizte Carbonte-
Looping Verfahren (IHCal) ist eine vielversprechende Technologie zur CO2-Abscheidung in der
Kalk- und Zementproduktion. Dieser Prozess kann Synergien mit diesen Industrien nutzen und
dabei geringe wirtschaftliche und energetische Einbuf3en erreichen. Dies erfordert jedoch
Integrationsmaldnahmen, die bisher nicht umgesetzt wurden. Dariiber hinaus wurde die IHCaL-
Technologie bislang nicht ausreichend modelliert. Genaue Modelle sind jedoch entscheidend, um
Experimente zu interpretieren und die IHCaL-Technologie hochzuskalieren.

In dieser Dissertation werden Konzepte fiir die effiziente Integration des IHCaL-Prozesses in
die Kalkproduktion vorgestellt. Die Hauptkonfigurationen sind eine Tail-End-Losung, die fiir die
Nachriistung von Kalkwerken geeignet ist, und eine voll integrierte Konfiguration fiir Greenfield-
Projekte. Es werden verschiedene Strategien zur Brennstoff- und Warmeintegration vorgestellt.
Diese Konzepte wurden im Hinblick auf Energieeffizienz, Netto-CO2-Emissionen und
Vermeidungskosten (CAC) bewertet. Die Prozesse wurden mit Aspen Plus simuliert. Fiir die
Modellierung der Dampfkreisldufe zur Warmeriickgewinnung und Stromerzeugung wurde
EBSILON professional verwendet, und fiir die wirtschaftliche Analyse wurde ECLIPSE eingesetzt.
Die Ergebnisse zeigen einen erheblichen Anstieg des Brennstoffverbrauchs, aber ca. 30 % der
gesamten Warmezufuhr kann tiber die Dampferzeugung mit Warmeriickgewinnung in elektrischen
Strom umgewandelt werden. Die kritischen Parameter, die die die Prozesseffizienz beeinflussen,
sind die Vorwarmtemperatur der Verbrennungsluft, die Sorbenttemperatur am Einlass des
Kalzinators und die Sorptionsmittelumlaufrate. Die Nutzung des Sorbentpurges als Kalkprodukt
ist fiir die Durchfithrbarkeit der vorgeschlagenen Konzepte erforderlich. Die
Warmeriickgewinnungsstrategie kann optimiert werden, um mafgeschneiderte Ergebnisse zu
erzielen, z. B. einen geringeren Brennstoffbedarf oder eine hohere Stromerzeugung. Negative CO»-
Emissionen von mehr als —1,8 tco2/tcao konnen durch die Verbrennung von abfallbasierten
Brennstoffen erreicht werden. Brennstoffe mit hohem biogenem Anteil und niedrigen spezifischen
CO:-Emissionen, wie Ersatzbrenstoffe mit hohem Heizwert, zeichnen sich besonders durch eine
hohe Energie- (SPECCA < 1,5 MJinv/Kgco.av) und Kosteneffizienz (CAC < 20 €/tco.av) aus.

Ein neues IHCaL-Karbonatormodell wurde entwickelt und validiert. Das Modell enthélt ein
Reaktormodell zur Simulation von Gas-Feststoff-Kontakt sowie ein Partikelmodell zur Behandlung
der Sorbent-Deaktivierung und der Reaktionskinetik. Ein neuer Ansatz fiir die nicht-ideale
Kalzinierung wurde verfolgt, und eine neue Berechnungsmethodik fiir die Alterung des Sorbents
wurde eingefiihrt, die Schwankungen in der Sorbent-Zirkulation und der Make-up-Rate
beriicksichtigte. Diese Arbeit bietet Richtlinien fiir die angemessene Auswahl dieser Annahmen.

AbschlieSend entwickeln wir ein neues Kalzinatormodell, indem wir ein Partikelmodell mit
einem eindimensionalen Reaktormodell kombinieren. Das Modell wird mit Ergebnissen aus
experimentellen Kampagnen in zwei verschiedenen Pilotanlagen validiert. Die Vorhersagen des
Modells werden mit stochastischen Methoden und neuartigen dimensionslosen Zahlen
interpretiert. Dariiber hinaus stellen wir einen Ansatz fiir die Gestaltung von Kalzinatoren zur CO»-
Abscheidung vor. Oxyfuel-Kalzinatoren sollten bei 930-965 °C betrieben werden. Fiir IHCaL-
Kalzinatoren ist eine Betriebstemperatur von 950°C notwendig, um eine ausreichende
Kalzinierung zu erzielen, aber auch niedrigere Temperaturen (z. B. 900 °C) sind moglich, wenn
Dampf fiir die Fluidisierung verwendet wird. Unsere Richtlinien sind einfach und erméglichen die
Gestaltung eines Kalzinators mit einfachen Berechnungen.

Diese Dissertation liefert wertvolle Informationen {iber das Potenzial der IHCaL-Technologie
zur Verringerung der CO2-Emissionen in der Kalkindustrie und zeigt, wie Prozesskonfigurationen,
Brennstoffeigenschaften, Betriebsparameter und Komponenten optimiert werden kénnen, um
dieses Potenzial zu nutzen. Unsere Ergebnisse verringern Unsicherheiten, Kosten und
Energieverluste und bringen die Technologie ndher an die Kommerzialisierung.



iii

Acknowledgements

I would like to thank Prof. Dr.-Ing. Epple for giving me the opportunity to work at the institute for
Energy Systems and Technology (EST) and conduct the research that led to this dissertation. His
trust and support over these past five years have been invaluable to me.

I gratefully acknowledge Prof. Dr.-Ing. Jiirgen Karl for agreeing to be the co-referee for my
dissertation.

Dr.-Ing. Jochen Strohle was always willing to give advice and support my investigations with
suggestions regarding technical and methodological issues. For this, I am very grateful.

I had the privilege of attending lectures and working under the supervision of brilliant
professors during my studies in Argentina. I would like to thank all my teachers at the Buenos
Aires Institute of Technology (ITBA), especially Prof. Dr. Sebastidan D'hers, Prof. Dr. Cecilia
Smoglie, Prof. Hernan Baranda, Prof. Dr. Roberto Vieytes, and Prof. Vicente Celani.

My time at the EST institute was enriched by my teammates. Many of them participated in
the ANICA pilot tests, which was an important contribution to the work presented here. I would
like to thank all the EST research scientists for their collaboration and the good working
atmosphere. In particular, I extend my gratitude to the CaL team: Dr.-Ing. Carina Hofmann, Dr.-
Ing. Martin Haaf, Matti Lohden, and Robin Suardi.

The pilot-scale experiments of the IHCaL process would not have been possible without the
support of the technical workshop. Special thanks go to Christof Bonk, Pascal Reinig, Joachim
Wagner, Fabian Buchman, and Alexander Hoch.

Many scientists and engineers outside our institute supported my research through
discussions, comments, and suggestions. These include project partners, reviewers, and peers,
many of whom are acknowledged in the publications within this cumulative dissertation. I am
deeply grateful to all of them. In particular, I would like to highlight the support from Dr.-Ing.
Diethelm Walter, Prof. Dr. Juan Carlos Abanades, and Dr. José Ramon Ferndndez, the latter of
whom also provided invaluable recommendations to improve the dissertation synopsis.

Throughout this journey, I had the help of many friends that became like family. Prof. Dr.
Ferran Jarabo Carbonell, you are a spiritual father for me. The Minati family, Tomds M. Guisado,
Mariano Francioni, Evangelino Garrido, and Hugo Giménez. To all of you, thank you.

The help of many students during their bachelor’s and master’s theses under my supervision
and supporting my research activities as HiWi research assistants is greatly acknowledged.

To my family in Argentina: Thank you! The encouragement of my parents, Marcelo A. Greco
and Alicia E. Coppi, was key for the success of this journey. My siblings, Sofia B. Greco-Coppi,
Agustin T. Greco-Coppi, and Juan Pablo Greco-Coppi were always there to share the good and the
“not-so-good”.

I would like to thank my beloved wife and adequate helper, Alina M. Greco-Coppi. Without
your countless proofreads, your suggestions, your support, and—most of all—your great patience,
none of this would have been possible. I love you and always will: all the days of my life.

My daughters, Chiara Sofia, and Lucy Marie, always remind me of the purpose of life and
give me perspective for my research activities. Every day next to you is a taste of heaven. Thank
you.

This journey of science and engineering was enriched by the teachings and intercession of St.
John Paul II, which were a constant motivation in the unavoidable search for truth. With him, I
want to also thank the Virgin Mary, Seat of Wisdom, and St. Joseph, model of workers.

This dissertation was submitted on December 3, 2024, the feast day of Saint Fracis Xavier,
and defended on January 28, 2025, the feast day of Saint Thomas Aquinas. To these two exemplary
and dearest friends, who have assumed the patronage of the present work, I offer my sincerest
thanks.

Finally, I thank God, with all His angels and saints, for the many graces I have received,
especially during my years as a doctoral candidate. This dissertation, like every achievement and
my life itself, is a gift from You that I offer back to You, as it belongs to You.






Table of contents

Abstract

Kurzfassung

Acknowledgements

Table of contents

Index of author’s publications

List of research papers in this dissertation

Declaration of own contribution to the research papers
Declaration of authorship

Nomenclature

Part one: Synopsis

1 Introduction
1.1 Research background
1.2 State of the art
1.3 Research questions
1.4 Approach of the dissertation

2 Synthesis
2.1 Process development, simulation, and assessment
2.2 Carbonator modeling and design
2.3 Calciner modeling and design
2.4 Conclusion
2.5 Outlook

References

Part two: Research papers

Research Paper I
Research Paper 11
Research Paper III
Research Paper IV
Research Paper V
Research Paper VI

ii
iii

vii
Xi

xiii

xVvii

11
14
15
21
21
30
36
39
41
43

57

61
75
111
133
163
195






Vil

Index of author’s publications

In this section we report the works published by the author of this cumulative dissertation,
including publications in peer-reviewed journals, theses and reports, patents, and presentations in
international conferences.

Publications in peer-reviewed journals

Research papers in this dissertation

Greco-Coppi, M; Strohle, J; Epple, B (2025). Modeling and design of a calciner for commercial-
scale CO; capture using stochastic methods and results from pilot tests. In Fuel 388.
https://doi.org/10.1016/j.fuel.2024.133931

Greco-Coppi, M; Strohle, J; Epple, B (2024). A carbonator model for CO; capture based on
results from pilot tests. Part II: Deactivation and reaction model. In Chemical Engineering
Journal 508. https://doi.org/10.1016/j.cej.2024.159041

Greco-Coppi, M; Strohle, J; Epple, B (2024). A carbonator model for CO; capture based on
results from pilot tests. Part I: Hydrodynamics and reactor model. In Chemical Engineering
Journal 500. https://doi.org/10.1016/j.cej.2024.155119.

Greco-Coppi, M; Seufert, PM; Hofmann, C; Rolfe, A; Huang, Y; Rezvani, S; Strohle, J; Epple, B
(2024). Efficient CO. capture from lime plants: Techno-economic assessment of integrated
concepts using indirectly heated carbonate looping technology. In Carbon Capture Science &
Technology 11. https://doi.org/10.1016/j.ccst.2023.100187.

Greco-Coppi, M; Hofmann, C; Walter, D; Strohle, J; Epple, B (2023). Negative CO, emissions in
the lime production using an indirectly heated carbonate looping process. In Mitigation and
Adaption Strategies for Global Change 28 (6). https://doi.org/10.1007/5s11027-023-10064-7.

Greco-Coppi, M; Hofmann, C; Strohle, J; Walter, D; Epple, B (2021). Efficient CO- capture from
lime production by an indirectly heated carbonate looping process. In International Journal
of Greenhouse Gas Control 112. https://doi.org/10.1016/j.ijggc.2021.103430.

Other publications in peer-reviewed journals

Hofmann, C; Greco-Coppi, M; Strohle, J; Epple, B (2024). Enhancement of a 300 kW, pilot
plant for testing the indirectly heated carbonate looping process for CO. capture from lime
and cement industry. In Experimental Thermal and Fluid Science 151.
https://doi.org/10.1016/j.expthermflusci.2023.111091.

Theses and reports

Greco-Coppi, M; Hofmann, C; Strohle, J (2024). Advanced indirectly heated carbonate looping
process (ANICA) — Final report. Accelerating CCS Technologies (ACT).
https://doi.org/10.26083/tuprints-00026729.

Greco-Coppi, M (2019). Wind energy in Argentine Patagonia: shortening the distance between
the source and the consumers. Karlsruhe Institute of Technology. Master’s thesis for
obtaining the Master of Science degree in Energy Technologies.

Greco-Coppi, M (2015). Development of a torque anchor for progressing cavity pump systems.
Buenos Aires Institute of Technology. Final project report for obtaining the Engineer’s
Degree in Mechanical Engineering.


https://doi.org/10.1016/j.fuel.2024.133931
https://doi.org/10.1016/j.cej.2024.159041
https://doi.org/10.1016/j.cej.2024.155119
https://doi.org/10.1016/j.ccst.2023.100187
https://doi.org/10.1007/s11027-023-10064-7
https://doi.org/10.1016/j.ijggc.2021.103430
https://doi.org/10.1016/j.expthermflusci.2023.111091
https://doi.org/10.26083/tuprints-00026729.

Viil
Presentations in international conferences

Contributions as presenting author

Greco-Coppi, M; Eisenbach, N., Kurkunc, M.D.; Sattler, M.; Roloff, N; Stréhle, J; Epple, B (2024).
Carbon-neutral polygeneration in waste-to-energy plants: Techno-economic study using carbon
capture and utilization. In: proceedings of the /7™ International Conference on Greenhouse Gas
Control Technologies, Calgary, Canada, October 20-24, 2024.
https://dx.doi.org/10.2139/ssrn.5069382

Greco-Coppi, M; Dinkova, A; Hofmann, C; Walter, D; Boge, K; Strohle, J; Epple, B (2023). Design of a
2 MW, Indirectly Heated Carbonate Looping Demonstration Facility at a Lime Plant in Germany.
IEAGHG, 7" Post Combustion Capture Conference, Pittsburgh, Pennsylvania, September 25-27,
2023. https://doi.org/10.26083/tuprints-00026537.

Greco-Coppi, M; Seufert, PM; Hofmann, C; Rolfe, A; Huang, Y; Rezvani, S; Walter, D; Strohle, J;
Epple, B (2023). Efficient CO: capture from lime plants: Techno-economic assessment of
integrated concepts using indirectly heated carbonate looping technology. The 12t
Trondheim Conference on CO2 Capture, Transport and Storage, June 19-21, 2023.

Greco-Coppi, M; Hofmann, C; Strohle, J; Epple, B (2022). Negative CO. Emissions in the Lime
Production Using an Indirectly Heated Carbonate Looping Process. Darmstadt, IEA
Bioenergy, 2" International Conference on Negative CO: Emissions, Chalmers University of
Technology, Gothenburg, Sweden, June 14-17, 2022. https://doi.org/10.26083/tuprints-
00026539.

Greco-Coppi, M; Hofmann, C; Strohle, J; Walter, D; Epple, B (2021). Efficient CO, Capture from
Lime Production by an Indirectly Heated Carbonate Looping Process. In: proceedings of the
15 International Conference on Greenhouse Gas Control Technologies, Abu Dhabi UAE, March
15-18, 2021, https://doi.org/10.2139/ssrn.3817331.

Contributions as co-author

Hofmann, C; Greco-Coppi, M; Strohle, J; Epple, B (2023). Performance of a limestone-based
coupled fluidized bed reactor system aiming CO- capture in a 300 kWy, pilot plant.
Fluidization XVII, Edinburgh, Scotland, May 21-25, 2023.
https://doi.org/10.26083/tuprints-00028046

Hofmann, C; Greco-Coppi, M; Walter, D; Strohle, J; Epple, B (2023). Pilot testing of the
indirectly heated carbonate looping process for lime plants. 9% High Temperature Solid
Cycles Network Meeting, Piacenza, Italy, March 14-15, 2023.
https://doi.org/10.26083/tuprints-00028047

Hofmann, C; Greco-Coppi, M; Strohle, J; Epple, B (2023). Pilot testing of the indirectly heated
carbonate looping process for CO, capture from lime industry. 12" Mediterranean
Combustion Symposium, Luxor, Egypt, January 23— 26, 2023.
https://doi.org/10.26083/tuprints-00028048

Hofmann, C; Greco-Coppi, M; Strohle, J; Epple, B (2022). Pilot testing of the indirectly heated
carbonate looping process for cement and lime pants. In: proceedings of the 16" Greenhouse
Gas Control Technologies Conference, Lyon, France, October 23-24, 2022.
https://doi.org/10.2139/ssrn.4278810.

Hofmann, C; Greco-Coppi, M; Strohle, J; Epple, B (2022). Operation of a 300 kWy, indirectly
heated carbonate looping plant for CO: capture from lime industry. 24" Fluidized Bed
Conference, Gothenburg, Sweden, May 08-11, 2022. https://doi.org/10.26083/tuprints-
00026550.

Hofmann, C; Greco-Coppi, M; Strohle, J; Epple, B (2022). Adaption of a 300 kW, pilot plant for
testing the indirectly heated carbonate looping process for CO, capture from lime and

cement industry. 13" European Conference on Industrial Furnaces and Boilers, Algarve,
Portugal, April 19-22, 2022. https://doi.org/10.26083/tuprints-00028045


https://dx.doi.org/10.2139/ssrn.5069382
https://doi.org/10.26083/tuprints-00026537
https://doi.org/10.26083/tuprints-00026539
https://doi.org/10.26083/tuprints-00026539
https://doi.org/10.2139/ssrn.3817331
https://doi.org/10.26083/tuprints-00028046
https://doi.org/10.26083/tuprints-00028047
https://doi.org/10.26083/tuprints-00028048
https://doi.org/10.2139/ssrn.4278810
https://doi.org/10.26083/tuprints-00026550
https://doi.org/10.26083/tuprints-00026550
https://doi.org/10.26083/tuprints-00028045

Strohle, J; Hofmann, C; Greco-Coppi, M; Epple, B (2021). CO, Capture from Lime and Cement
Plants using an Indirectly Heated Carbonate Looping Process — The ANICA Project. In:
TCCS-11 — Trondheim Conference on CO2 Capture, Transport and Storage: June 21-23, 2021,
pp. 529-535, Trondheim, Norway, ISBN 978-82-536-1714-5.

Patents

Greco-Coppi, M; Strohle, J; Epple, B (2024). Verfahren zur Kohlendioxidabscheidung fiir eine
Miillverbrennungsanlage (CO2 capture process for a waste incineration plant). Pending to the
Technical University of Darmstadt at the Deutsche Patent- und Markenamt (no. 10 2024
130 087.6).

Greco-Coppi, M; Strohle, J; Epple, B (2024). Vorrichtung und Verfahren zum Herstellen von Kalk
und Zement (Apparatus and method for producing lime and cement). Pending to the
Technical University of Darmstadt at the Deutsche Patent- und Markenamt (no. 10 2024
109 181.9).

Greco-Coppi, M; Hofmann, C; Strohle, J; Epple, B; Walter, D (2023). Vorrichtung und Verfahren
zum Herstellen von Kalk (Apparatus and method for producing lime). Pending to the
Technical University of Darmstadt and Rheinkalk GmbH (Lhoist) at the Deutsche Patent-
und Markenamt (no. 10 2023 114 354.9).






Xi

List of research papers in this dissertation

This cumulative dissertation consists of six research papers (RP), which are included in the second
part of this work. In this section, we report the main bibliographic information of the research
papers.

Research Paper I

Title: Efficient CO- capture from lime production by an indirectly heated carbonate looping process
Authors: Martin Greco Coppi, Carina Hofmann, Jochen Strohle, Diethelm Walter, Bernd Epple
Journal: International Journal of Greenhouse Gas Control (Elsevier)

DOI: https://doi.org/10.1016/j.ijggc.2021.103430

Research Paper II

Title: Negative CO emissions in the lime production using an indirectly heated carbonate looping
process

Authors: Martin Greco Coppi, Carina Hofmann, Diethelm Walter, Jochen Strohle, Bernd Epple
Journal: Mitigation and Adaptation Strategies for Global Change (Springer)
DOIL: https://doi.org/10.1007/5s11027-023-10064-7

Research Paper III

Title: Efficient CO- capture from lime plants: Techno-economic assessment of integrated concepts
using indirectly heated carbonate looping technology

Authors: Martin Greco Coppi, Peter Seufert, Carina Hofmann, Angela Rolfe, Ye Huang, Sina
Rezvani, Jochen Strohle, Bernd Epple

Journal: Carbon Capture Science & Technology (Elsevier)
DOL: https://doi.org/10.1016/j.ccst.2023.100187

Research Paper IV

Title: A carbonator model for CO- capture based on results from pilot tests. Part I: Hydrodynamics
and reactor model

Authors: Martin Greco Coppi, Jochen Stréhle, Bernd Epple
Journal: Chemical Engineering Journal (Elsevier)
DOIL: https://doi.org/10.1016/j.cej.2024.155119

Research Paper V

Title: A carbonator model for CO, capture based on results from pilot tests. Part II: Deactivation
and reaction model

Authors: Martin Greco Coppi, Jochen Stréhle, Bernd Epple
Journal: Chemical Engineering Journal (Elsevier)
DOIL: https://doi.org/10.1016/j.cej.2024.159041

Research Paper VI

Title: Modeling and design of a calciner for commercial-scale CO, capture using stochastic methods
and results from pilot tests

Authors: Martin Greco Coppi, Jochen Stréhle, Bernd Epple
Journal: Fuel (Elsevier)
DOIL: https://doi.org/10.1016/j.fuel.2024.133931


https://doi.org/10.1016/j.ijggc.2021.103430
https://doi.org/10.1007/s11027-023-10064-7
https://doi.org/10.1016/j.ccst.2023.100187
https://doi.org/10.1016/j.cej.2024.155119
https://doi.org/10.1016/j.cej.2024.159041
https://doi.org/10.1016/j.fuel.2024.133931




Xt

Declaration of own contribution to the research papers

The nine researchers (1-9) listed below have contributed to the research papers of this
dissertation:

1) Martin Greco Coppi (MG) — Technical University of Darmstadt
2) Carina Hofmann (CH) — Technical University of Darmstadt

3) Peter Seufert (PS) — Technical University of Darmstadt

4) Angela Rolfe (AR) — University of Ulster

5) Ye Huang (YH) - University of Ulster

6) Sina Rezvani (SR) — ESTRA-Energy Technology Strategies Ltd.
7) Diethelm Walter (DW) — Lhoist Germany Rheinkalk GmbH

8) Jochen Strohle (JS) — Technical University of Darmstadt

9) Bernd Epple (BE) — Technical University of Darmstadt

For each of these papers, the author contributions are defined within the paper itself and are listed
below. For term explanation, please refer to the CRediT taxonomy. These research papers are not
part of any other cumulative dissertation, whether past or planned.

Research Paper I. MG: conceptualization, methodology, software, visualization, and writing
(original draft). CH: conceptualization and methodology. JS: conceptualization, writing
(review & editing), project administration, and funding acquisition. DW: conceptualization,
methodology, and writing (review & editing). BE: supervision, and funding acquisition.

Research Paper II. MG: conceptualization, methodology, software, visualization, and writing
(original draft). CH: writing (review & editing). DW: writing (review & editing). JS: writing
(review & editing), supervision, project administration, and funding acquisition. BE:
supervision and funding acquisition.

Research Paper III. MG: conceptualization, methodology, software (Aspen Plus, EBSILON
Professional), visualization, writing (original draft, lead), and writing (review & editing,
lead). PS: writing (original draft, supporting), and software (Aspen Plus, EBSILON
Professional). C.H.: writing (review & editing). AR: methodology, writing (original draft,
economic assessment), and writing (review & editing, economic assessment). YH: software
(ECLIPSE). SR: writing (review & editing). JS: writing (review & editing), supervision,
project administration, and funding acquisition. BE: supervision and funding acquisition.

Research Paper IV. MG: conceptualization, methodology, software (MATLAB), validation,
investigation, data curation, visualization, writing (original draft), and writing (review &
editing). JS: writing (review & editing), supervision, project administration, and funding
acquisition. BE: supervision.

Research Paper V. MG: conceptualization, methodology, software (MATLAB), validation,
investigation, data curation, visualization, writing (original draft), and writing (review &
editing). JS: writing (review & editing), supervision, project administration, and funding
acquisition. BE: supervision.

Research Paper VI. MG: conceptualization, methodology, software (MATLAB), validation, formal
analysis, investigation, data curation, visualization, writing (original draft), and writing
(review & editing). JS: writing (review & editing), supervision, project administration, and
funding acquisition. BE: supervision.


https://credit.niso.org/




Declaration of authorship

I hereby declare that I have completed this dissertation independently and only with the aids
indicated. The first-person plural (pluralis modestiae) is utilized for stylistic purposes only. I am
the sole author of this work.

Martin N. Greco Coppi






Nomenclature

Latin symbols

Ar

BESP;
BESPCC;
BESP ref

o
CAC
DF
d;

€co2; €c02,cC;
€Co2,ref

€co2,d; €coz,i

€c02,fuel
€ref,el

E
Ecalc
Ecarb; EPM;

Erm

Fo

Fcog;
FCOZ,carb;

FCOZ,calc;
Finert

Fr; Fr+o

HR; HR,
k.
kc—w

K,
LHV

Archimedes number (-)

Break-even selling price of lime;
for the plant with CO, capture;
without CO; capture (€/tcao)

Equivalent driving force (mol/m?)

CO,, avoidance costs (€/tcoz,av)
Driving force (-)
Dimensionless particle diameter (-)

Equivalent CO; emissions per unit
product; for the plant with CO-
capture; for the reference plant
(kgCO2/kgcao)

Direct CO, emissions per unit
product; indirect CO» emissions
per unit product (kgcoz/ kgcao)

Fuel specific CO, emissions
(8co2/MJiav)

CO; emissions factor of the
electricity mix (gco2/MJ)

Overall CO; capture efficiency (%)
Calciner efficiency (%)

Carbonator efficiency; calculated
with the particle sub-model; with
the reactor sub-model (%)

Molar flow rate of make-up
(molcacos/s)

Molar flow rate of CO- entering
the carbonator; exiting the
carbonator; exiting the calciner;
molar flow rate of inert
fluidization gases (mol/s)

Molar sorbent circulation rate;
total active flow into the calciner

(molew/s); Fy,, =F; +F,
Heat ratio; absolute heat ratio (-)
Particle kinetic rate (1/s)

Specific core-wall exchange
coefficient (m/s)

Global reaction rate (various)

Lower heating value of the fuel
(MJ/kg)

mCaO;
MCa0,cC;
mCaO,rcf

mCO2,capt;
MCO2,foss

Tfuel

N

P; pcoz;

PCO2,eq5
*

PCO2,0ut

p el

PR

q; qcc; qref

Rep
RMSE
SPECCA

SR
t; t.

T'; Tpreheat;

Tsorb,calc,in
*
Uuo

X; Xearb;
Xeale; Xcarb

Xn; Xy X1

Lime production; in the lime plant
w/CO; capture; w/o CO capture

(kg/s)

CO, capture rate; generation rate
of fossil CO; (kg/s)

Fuel consumption rate (kg/s)

Number of carbonation-calcination
cycles (-)

Pressure; CO. partial pressure; for
equilibrium conditions; at the
calciner outlet corresponding to
full calcination (Pa)

Net power consumption (MWe)
Product ratio (-)

Equivalent specific primary energy
consumption per unit of product;
for the plant with CO capture; for
the reference plant (MJiav/Kkgca0)

Particle Reynolds number (-)
Root mean square error (various)

Specific primary energy
consumption per CO, avoided
(MJrav/kgco2,av)

Steam ratio (kgu20/kgco2)
Time, calcination time (s)

Temperature; preheating
temperature of the combustion air;
solids temperature at the calciner
inlet (°C)

Dimensionless superficial gas
velocity (-)

Carbonation degree; at the
carbonator outlet; at the
carbonator inlet/at the calciner
outlet; average at the calciner inlet
(molcacoz/molca);

}carb E(‘chaer‘R +E))/(FR +E))

Sorbent activity; average sorbent
activity; average sorbent activity
after one additional calcination-
carbonation cycle (molcacos/molca)

Height (m)



xviii

Greek symbols

o

4

Es

Href,el

Conversion/reaction progress (-)
Overall system age number (-)
Solid volume fraction (-)

Reference electric efficiency of
the grid (-)

Air-fuel equivalence ratio (-)

Abbreviations

1-D; 3-D

ASU
BAU
BECCS
BFB
CalL

CCS; CCU;
CCUs

CDR
CFB
CFD
CGSM
CSTR
DDPM
EGR
EOR

One-dimensional;
three-dimensional

Air separation unit

Business as usual (reference)
Bioenergy with CCS
Bubbling fluidized bed
Carbonate looping

Carbon capture and storage;
carbon capture and utilization;
carbon capture, utilization, and
storage

Carbon dioxide removal
Circulating fluidized bed
Computational fluid dynamics
Changing Grain Size Model
Continuous stirred-tank reactor
Dense Discrete Phase Model
Exhaust gas recirculation

Enhanced oil recovery

Subscripts and superscripts

calc
capt
carb

CC

el

eq
foss

Calciner (outlet)
Captured CO-
Carbonator (outlet)

CO; capture/plant with CO,
capture

Direct
Electric
Equilibrium conditions

Fossil

*
Tact

FEED
GHG
IGCC

IHCaL
IPCC

KL
LCA
Lhoist
PRK
R3

RP
RTD
TFM
TGA
TU

fuel

i

in

%
preheat

ref

sorb
th

Make-up ratio (molcacos/molcoz)

Sorbent circulation ratio
(molca/molcoz)

Mean particle residence time (s)

Dimensionless active time (-)

Front-end engineering design
Greenhouse gas

Integrated gasification combined
cycle

Indirectly heated carbonate
looping

Intergovernmental Panel on
Climate Change

Kunii and Levenspiel (model)
Life cycle assessment

Lhoist Germany Rheinkalk GmbH
Preheated rotary kiln

Volumetric (model)

Research paper

Residence time distribution

Two Fluid Model
Thermogravimetric analysis

Technical University (of
Darmstadt)

Fuel

Indirect

Inlet

Particle

Combustion air preheating

Reference/plant without CO,
capture

Sorbent

Thermal



Part one: Synopsis






Introduction 3

1 Introduction

1.1 Research background

CO: emissions in the production of lime

Lime (CaO) is an important product used in construction and building, iron and steelmaking,
treatment of water and gaseous effluents, agriculture, the food industry, and the chemical industry
[1,2]. It is produced through the calcination of limestone (mainly CaCOs) at temperatures between
900 and 1200 °C. This process is highly endothermic and requires the combustion of fuels such as
gas oil, coal, coke, or some types of secondary fuels (e.g. oil, plastics, paper) [3]. CO, emissions
from combustion, known as combustion CO: emissions, can be reduced by replacing fossil fuels
with renewable fuels such as biomass. Process COz emissions, resulting from the decomposition of
CaCOs, account for approximately 65% of total CO, emissions and can only be avoided using CO-
capture [4]. Overall, the total CO; emissions per ton of burnt lime vary between 1 to 2 tcoz/tiime
[3]. Due to the nature and high level of CO, emissions, CO. capture, utilization, and storage
(CCUS) is fundamental to decarbonize the lime production [5].

Only a few studies have analyzed CO, capture technologies specifically for the lime industry
[6-9], whereas many works have been published recently that consider carbon capture for the
cement industry (e.g., [10-12]). There are similarities between both industries, like the calcination
of CaCOs, which is the main process in terms of energy consumption [3]. Moreover, CO- capture
from cement and lime plants have many common features. In both production processes, most of
the CO, emissions come from the raw material, and the specific CO, emissions per unit of product
are approximately the same. The other components of the flue gas (e.g., HCI, SO,, moisture, NOx
and N», and residual dust) are also comparable if the same fuels are used [3]. A robust process is
needed in both cases to capture the CO from the flue gases. Even though this work focuses on the
CO; capture from a lime plant, reference studies on carbon capture from cement kilns are used for
comparison purposes. The production of lime and cement is responsible for around 8 % of global
anthropogenic CO; emissions [13].

The entire carbon capture and storage (CCS) value chain for preventing CO. from being
emitted into the atmosphere consists of separation, purification, transport, and geological storage
of CO,. Alternatively, CO; can be captured and utilized (CCU), e.g., to produce chemicals. CO-
utilization has been proposed as an alternative to permanent storage. However, utilizing CO is
likely to serve as a minor complement. The scale of emissions reduction needed to decarbonize the
industry is expected to rely mainly on CCS [14].

There are many means to transport CO,, such as rail tankers and trucks [15]. For large-scale
transportation, pipelines are the best option, but more research is required to better understand
the impact of impurities (e.g., H20, Oz, H2S) and mature this technology. The lowest costs are
achieved when CO. is transported in pipelines as a dense-phase fluid, i.e., above the critical
pressure and below the critical temperature [16], typically at 100 bar and ambient temperature
[17]. Ships have been used for over 30 years to transport CO. and are a good alternative for large
distances. The optimal condition for CO, transportation via ships is cryo-compressed at 15 bar and
—30°C [18].

CO; can be sequestered through mineral, oceanic, or geological storage [15]. The latter is the
most proven sequestration method. Among the several options of geological CO- storage, enhanced
oil recovery (EOR), and injection into saline formations [19] are the most mature. Currently, tens
of facilities store CO, via EOR [20]. Recent commercial-scale projects such as Gorgon CO- Injection
(Australia) and Quest CCS (Canada) store CO; in saline formations [16].

The latest report of the Intergovernmental Panel on Climate Change (IPCC) states that net-
negative CO, emissions are required to achieve net zero greenhouse gas (GHG) emissions [21]
and cap global warming to 1.5 °C with no or limited overshoot [22]. This strategy, known as carbon
dioxide removal (CDR), is a “key element” to limit global warming because it is the only means to
counterbalance the so- called “residual emissions”, i.e., uneconomical to abate anthropogenic GHG
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emissions [23]. Emission scenarios compatible with the 1.5 °C limit (67 % probability) require
huge amounts of CDR on top of deep emissions reductions; namely, 730 Gtco2 on average [22,24].
One of the most promising ways to achieve net-negative CO» emissions is the implementation of
CCS into industrial processes that emit high amounts of biogenic CO,. This approach is called
bioenergy with carbon capture and storage (BECCS) [23,25]. BEECS can help decarbonize the
production of lime and cement and deliver negative CO, emissions at competitive costs [26].

The capture process is the most energetically demanding step of the entire CCS chain,
accounting for about 70-80 % of the total costs [27,28]. The main research projects on CO- capture
from lime and cement industries of the last years were the LEILAC project, the CEMCAP project,
the CLEANKER project, and the ANICA project [29-31]. Many more research projects to advance
CO; capture technologies for lime and cement plants are currently running [14], while several
industrial-scale capture projects for cement plants have been announced [26]. Since this
dissertation focuses on CO; capture, we provide a more detailed discussion of this step below.

CO; capture technologies

Different classifications for CO. capture technologies have been proposed [32,33]. In this
dissertation, we adopt the following classification, according to the overarching separation
approach [15]: (i) pre-combustion, (ii) oxy-fuel combustion, (iii) post-combustion, and (iv)
integrated industrial separation. Most studies agree on the first three. Approaches (i) to (iii) are
suitable for capturing CO- from power plants [34]. Capturing CO- from industrial production, such
as cement and lime plants, can be performed using oxy-fuel combustion (ii), post-combustion
capture (iii), or fully integrated capture technologies, such as those relying on indirect calcination
(iv). A special approach, known as direct air capture (DAC), involves extracting CO- directly from
the atmosphere [35]. It is a flexible technology capable of achieving net-negative CO, emissions
[36]. However, it comes with significantly higher costs compared to other capture methods, due
to the much lower CO. concentration in the gas phase from which CO, is extracted (i.e., the
atmosphere).

Pre-combustion capture
CO,
Air/0, and steam - | >
CO,/H, - H,
» CO, separation

A4

Fuel —> Gasification /Reforming Combustion/ Production

A

Oxy-fuel combustion Raw material B ,—» Product (e.g., lime, steel)

Power and heat . Process CO,
Production

Fuel —{ Combustion 49 M >

A4

% |

Post-combustion capture

Air —l Raw material _l |

P heat Off-gas : Cco
Fuel —» Combustion ower and hea » Production g CO, separation 2 >

Product (e.g., lime, steel) R

A

CO, purification and compression

Integrated industrial separation
Air/0, —l Raw material Product (e.g., lime, steel)

Fuel —» Production (+ Combustion) + CO, separation
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Figure 1. COz2 capture technologies categorized according to the overarching separation approach, adapted from [15,37].
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Figure 1 illustrates the four overarching approaches to capture CO, from industrial sources.
After the separation, further processing, including compression, dehydration, and purification is
usually required to comply with the requirements of transport and storage, or utilization [38,39].

Pre-combustion CO- capture consists in converting coal, natural gas, heavy oil fractions, biomass,
or waste-derived fuels into a gaseous mixture composed mainly by CO and H, (synthesis gas) [33].
The main routes to produce synthesis gas are the gasification of solid or liquid fuels, and the
reforming/partial oxidation of gaseous fuels [40]. The yield of H, can be increased by reacting CO
with steam in a water-gas-shift reactor. If the CO, is separated and permanently stored, the
synthesis gas is a carbon-free energy carrier. The separation can be performed using either physical
or chemical absorption processes, cryogenic separation, or solid physical adsorption (pressure
swing and temperature swing). Physical absorption methods, such as Rectisol®, are viable for pre-
combustion capture due to the relatively high CO. concentrations (15-60 vol%) before the
separation step, which also helps reduce equipment costs [28]. Pre-combustion CO, capture has
been proposed for power generation in a combined cycle. This approach is known as integrated
gasification combined cycle (IGCC) technology. Using pre-combustion CO- capture technologies
in industrial production can only avoid fuel-related CO- emissions, but not process CO2 emissions
[26]. This is why, in practice, this approach is not applicable to lime and cement industries.

The Quest CCS facility is a commercial example of pre-combustion CO- separation, which
currently captures and stores approximately one million tonnes of CO. per year in Canada.
Commissioned in 2015, this facility uses a pre-combustion process to separate ca. 50 % of the CO-
generated during hydrogen production.

Oxy-combustion technology is based on the combustion of fuels using pure oxygen instead of air
to avoid diluting the CO; of the flue gases with N2 [33]. It allows to obtain highly concentrated
CO; streams (> 80 vol%uws). This approach, which was originally proposed for combustion systems,
is also suitable for capturing CO. from industrial processes (industrial separation), such as cement
plants [41].

Eriksson et al. [6] studied oxy-fuel combustion in a lime rotary kiln. They found that with
this system, the total CO, emissions may be reduced, but pointed out technical challenges to
control the temperature and, in this way, comply with the high-quality standards of rotary-kiln
lime products. The high environmental and economic potential of oxy-fuel combustion for cement
production has been highlighted by different authors [42,43]. Carrasco et al. [44] investigated
oxy-fuel carbon capture from cement production in a 500 kWy, testing facility. This technology has
good energy performance and high potential for low CO. avoidance costs, which have been
calculated at approximately 42 €/tcozav for cement production [45]. However, significant
retrofitting challenges may hinder its economic feasibility [46].

Within the GeZero project, an oxy-fuel cement kiln will be built in at a Heidelberg Materials
facility in Geseke, making it the first commercial cement plant in Germany with full-scale CO-
carbon capture and storage [26]. The objective of this project is to capture 700 ktcoz/y starting in
2029. Additionally, an oxy-fuel pilot plant is being constructed in Mergelstetten, Germany, as part
of the catch4climate project [47]. This semi-industrial plant will use an oxy-fuel process developed
by thyssenkrupp Polysius. Commissioning is scheduled for the beginning of 2025.

Post-combustion systems separate CO- from flue gases downstream of combustion [33]. The CO.
concentration in the combustion gases is generally 3-15 vol% but higher concentrations are
possible in off-gases of industrial processes. Different separation techniques can be deployed in
post-combustion CO: capture, such as absorption in liquid sorbents, membrane separation,
adsorption-desorption processes, and cryogenic capture [15]. However, the majority of them have
high thermodynamic and economic penalties [46,48-50].

Absorption technologies are well-established but require considerable heat for sorbent
regeneration and the used sorbents have potential negative effects on the environment [51].
Among them, amine-based CO, capture technologies are more suitable for retrofitting than oxy-
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combustion and have high technology-readiness levels [46]. However, most amine absorption
technologies have very high energy requirements, which increases the costs of CO, capture and
significantly reduces system efficiency [52]. Gardarsdottir et al. [45] evaluated different post-
combustion carbon capture processes for cement production. They calculated that
monoethanolamine (MEA) absorption, the reference post-combustion carbon capture technology,
has a specific primary energy consumption for CO, avoided (SPECCA) of 7.0 MJ/kgco2,av and a cost
of CO, avoided of 80 €/tcozav. Barker et al. [43] calculated CO. avoidance costs exceeding
100 €/tcoz,av for retrofitting a 1-Mt/y cement plant in Northeast Scotland with a solvent-based
post-combustion capture unit. Membrane separation offers high market accessibility but presents
operational challenges such as fouling, and significant expenses when high capture efficiencies are
needed [51]. Membrane separation technology is sometimes regarded as a competitive alternative
to decarbonize the lime and cement industries, but it is still costly (> 80 €/tco2,av) if capture rates
of more than 80 % are to be achieved [45,53,54]. Adsorption processes face significant energy
penalties associated with the desorption step required to regenerate the adsorbent. While
cryogenic separation has extensive operational experience, it is only economically viable for high
CO. concentrations, due to the substantial energy costs associated with cooling. The carbonate
looping (Cal) process, which is the predecessor of the capture process analyzed in this dissertation,
is a promising post-combustion CO, capture technology that can be deployed in the lime industry
[55]. It is discussed in the following subsection.

The Petra Nova CCS plant captures approximately 90 % of the CO, emissions from a coal-
fired power plant in Texas (USA). The CO- is separated from the rest of the flue gas with the KM
CDR post-combustion process from Mitsubishi Heavy Industries, which employs a proprietary
amine developed by the company. The CO- is compressed, transported, and utilized for enhanced
oil recovery (EOR), permanently sequestering it underground. This project was commissioned in
the year 2017. After a 3-year shutdown, the plant has been operational since September 2023.

Currently, a capture facility using an amine-based capture process developed by Aker Carbon
Capture is being built at a cement plant in Brevik, Norway [56]. The heat for regenerating the
sorbent will be obtained from electrical power and waste heat recovery from the cement process
and the CO, compression. After separation, the CO, will be liquefied and transported via ships to
the storage location in the North Sea. It will be the first industrial-scale CO, capture plant in the
cement industry worldwide, with an annual capture rate of 400 ktco2/y. Commissioning is planned
for 2025.

After Brevik, the Edmonton CCUS project represents the most advanced development in
carbon capture within the cement industry, aiming to avoid 1 Mtcoz/y [57]. This project involves
retrofitting a post-combustion amine capture system and a combined heat and power plant into a
cement production facility operated by Heidelberg Materials in Canada. The combined heat and
power plant is crucial to the project’s economic viability. The final investment decision is
anticipated by early 2025.

The project CalCC, which started in 2023, aims to construct the first CO, capture facility at a
commercial lime plant [58]. The Lhoist Group’s Réty lime plant in France will be retrofitted with
a Cryocap FG unit, from Air Liquide. The Cryocap technology captures CO- at very high purity
using cryogenic temperatures. The captured CO, will be transported via an 80-km pipeline, shared
with other industrial streams, to the Port of Dunkirk. The CO, will then be liquefied and shipped
to a location in the North Sea for permanent geological storage.

Integrated industrial separation technologies use indirect heating or electrification to capture
CO; from hard-to-abate industries. One promising integrated technology to decarbonize the lime
industry is the direct separation of the LEILAC project (low emissions intensity lime and cement),
which uses an indirectly heated vertical tube for the calcination [59]. This technology has been
demonstrated at a scale of 240t/d of raw meal, separating 85t/d of CO,. A scale-up of this
technology will take place within the LEILAC-2 project, aiming to capture 100 kt of CO- per year
[60]. Direct separation enables the capture of all process emissions at a low cost [61], but it cannot
separate the CO, produced by combustion. The fully integrated indirectly heated carbonate looping
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process [62], which is analyzed in this dissertation, is another example of integrated industrial
separation.

Carbonate looping technology

One of the most promising CO- capture technologies for lime and cement plants is the carbonate
looping (Cal) process [63], which operates based on the reversible carbonation-calcination
reaction of CaO [64,65]. CO is captured through the carbonation of CaO in a carbonator operating
at ca. 650 °C—see Eq. (1). Since the carbonation is an exothermic reaction, the reactor needs to
be cooled and the reaction heat can be recovered, e.g., in a steam cycle.

CaO (s) + CO,(g) > CaCO,(s); AH,4 =—180kJ/mol (1

The sorbent is regenerated through calcination in a calciner operating at higher temperatures
(ca. 900 °C)—see Eq. (2). Heat needs to be provided to the calciner because of the endothermic

nature of the reaction.
CaCO,(s) > CaO (s) + CO,(g); AH o =+180kJ/mol (2)

Due to the different reactor temperatures, the equilibrium CO. partial pressure (pcoz,eq)
changes, enabling carbonation in the carbonator, and calcination in the calciner. Figure 2
illustrates the variation of pcozeq With the operating temperature (T), highlighting the regions
corresponding to carbonation (lower T) and calcination (higher T). For operating conditions
relevant to the Cal. process, pcozeq is generally calculated with Eq. (3), which was obtained by
Garcia-Labiano et al. [66] based on thermodynamical data from Barin [67]. This correlation agrees
remarkably well with those reported in previous empirical studies [68].
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Figure 2. Equilibrium CO2 partial pressure for carbonation-calcination calculated using the correlation from Garcia
Labiano et al. [66]. Results from historical correlations [68] derived from empirical data are plotted with markers only
for their range of validity. Values calculated using thermodynamical data from Barin (1995) [67] are indicated with a
cross (X). Adapted from RP VI

On account of its high operating temperatures, the CaL process allows for various efficient
heat integration strategies, including power generation through heat recovery. Additionally, the
raw materials used in cement and lime production can function as sorbents in the CaL process,
while spent sorbents can be recycled as feedstocks for lime and cement plants. These advantages
significantly enhance the energy utilization of the process, enabling efficient CO- capture without
incurring high costs [69,70].
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Figure 3 illustrates the CaL process schematically. The solid sorbent, lime (mainly CaO),
circulates between the carbonator and the calciner, both operating as fluidized bed reactors [71-
73]. Concepts involving entrained flow reactors have also been proposed [74,75]. In the
carbonator, CO, from off- gas reacts with the sorbent to form CaCOs—see Eq.(1). The carbonated
sorbent is regenerated in the calciner and COs is released in a high purity stream—see Eq. (2). In
the standard configuration, the heat for the calcination is provided via oxy-fuel combustion,
directly in the calciner, using pure oxygen and fuel (see [76]). A fraction of the captured CO; is
recirculated back into the calciner to achieve optimal fluidization velocities and control the reactor
temperature. The sorbent’s capacity to capture CO: declines rapidly during the initial calcination-
carbonation cycles [77], due to loss of porosity caused by sintering [78]. To sustain sorbent activity
at acceptable levels, fresh limestone (make-up) is introduced into the system, while spent material
is removed (purge).
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Figure 3. Scheme of the oxy-fired carbonate looping (CaL) process.

One significant drawback of standard CaL technology is the requirement of pure oxygen,
which is obtained with an energy-intensive air separation unit (ASU). The installation of an ASU
entails significant investment. De Lena et al. [69] calculated that the ASU accounts for around
15 % of the total plant cost for an integrated CaL system for CO, capture from a cement plant. A
similar result was obtained by Fu et al. [79] for the implementation of the CaL process in natural
gas combined cycle plants. Additionally, the electric power required to operate the ASU can exceed
40 % of the total electricity demand of the CaL system, including compression and purification
[69,80].

For power plants, the CaL process has the potential to achieve high CO, capture rates with
low energy penalties. Lasheras et al. [81] estimated that a full-scale power plant could be
retrofitted with CaL to capture 88 % of the total CO, formed, with an energy penalty of less than
2.9 %. Astolfi et al. [82] calculated that a specific primary energy consumption for CO, avoided
(SPECCA) of 2.2 MJinv/kgcoz,av could be achieved by the integration of the Cal. process into power
plants with thermochemical energy storage, and Haaf et al. [80] estimated a SPECCA of 5.7
MJiav/Kgcoz,av for the integration into waste-to-energy plants. De Lena et al. [69] investigated the
application of different CaL configurations in the cement industry. They reported SPECCA values
between 2.8-3.0 MJiuv/Kkgcoz,av for systems utilizing pure limestone as sorbent, and between 3.5-
4.6 MJinv/kgcoz,av for systems that utilize cement raw meal.

Santos and Hanak [83] reviewed the available techno-economic analysis studies on carbon
capture for industrial processes of the last ten years. They concluded that CalL is superior to other
CO, capture technologies for this kind of application. According to their estimations, CaL
technology has average CO. avoidance costs of 33 to 43 €/tco2av and an equivalent energy
requirement between 2.0 and 3.7 MJw/kgcozav. De Lena et al. [84] analyzed carbonate looping
technology for cement plants and obtained slightly higher costs (52-59 €/tco2av) for their
scenarios. Romano et al. [85] presented an integrated concept for cement production and power
generation that would be profitable even for low carbon taxes, starting at 27 €/tcoa.

CaL technology has been demonstrated up to the pilot scale for manifold operating conditions
[86], including firing with waste-derived fuels [87]. CO. capture rates higher than 99 % in CaL
operations have been reported [88]. Since the beginning of the last decade, extensive experimental
work has been conducted in semi-industrial facilities [86]. The oxy-fired CaL process has been
demonstrated in many pilot tests. The major test facilities are located in Stuttgart (200 kW) [89-
91] and Darmstadt (1 MWw) [92,93], Germany; La Pereda, Spain [94,95]; and Heping, Taiwan
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(1.9 MWw) [96]. Firing various types of fuels in a CaL calciner was successfully demonstrated,
including hard coal and lignite [97], solid recovered fuels [98], and biomass pellets [88]. Recently,
Magli et al. [99] achieved over 90 % capture efficiency at a pilot facility built in situ at a cement
plant in Vernasca, Italy, which features a 105-meter entrained-flow carbonator [100].

The indirectly heated carbonate looping process

The efficiency penalty of the CaL process can be further reduced by eliminating the need for oxygen
in the calciner [101]. This can be achieved by using steam [102-104] or solar energy [105,106]
for sorbent regeneration, or by electrifying the calciner, employing plasma burners, electrical
resistance, or induction [107-109]. Another alternative is to indirectly heat the calciner by
combustion of fuels in an external combustor. This promising approach is known as the indirectly
heated carbonate looping (IHCaL) process (see Figure 4). Heat can be transferred into the calciner
by means of metallic walls [59,110], by solids circulation [111,112], or via heat pipes [101,113].
Heat pipes offer an excellent heat transfer performance based on evaporation and condensation of
a liquid, i.e., sodium for temperatures > 800 °C, inside a closed pipe [114].

CO,-depleted Make-up
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Figure 4. Scheme of the indirectly heated carbonate looping process (IHCal). Differences with the CaL process are
highlighted with red borders.

Figure 4 illustrates the IHCaL process with heat pipes. The operating principle is analogous
to that of the oxy-fired CaL process (see Figure 3), with solid sorbent (CaO) circulating between a
carbonator and a calciner to separate CO. into a high-purity stream. Heat from an external
combustor is transferred to the calciner via heat pipes. For the fluidization of the calciner, steam,
recirculated CO,, or a mixture of both may be used (cf. [115]). The flue gas from the external
combustor is directed to the carbonator, where most of the CO; is captured by carbonation. To
ensure efficient heat transfer, the calciner and the combustor operate as bubbling bed reactors,
with heat pipes immersed in the fluidized beds.

The main advantages of the IHCal. process compared to the standard Cal process are
summarized as follows [62,116]:

e No air separation unit is needed to produce pure oxygen, which leads to lower investment
costs and lower energy consumption.

e Fewer impurities (sulfur, ash) from a supplementary firing are brought into the Ca-loop,
so that spent sorbent will be of higher purity and therefore be better suited for further
utilization.

e Lower CaO deactivation rates are expected due to “mild” calcination around the heat pipe
surfaces compared to rather harsh conditions in an oxy-fired calciner so that sorbent
remains more reactive.

e Lower attrition rates are expected due to a low fluidization velocity in the calciner, which
improves the operability of the fluidized bed system.

e An almost pure CO; stream leaves the calciner, which allows for technically easy and cost-
effective CO; purification for storage/utilization of CO-.

The IHCaL concept using heat pipes has previously been evaluated for CO- capture from coal-
fired power plants [114]. CO, avoidance costs have been calculated at 23 €/tco2 [116], excluding
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CO; transport and storage. Until the start of the work leading to this dissertation, the IHCaL process
had only been considered for power plant applications [114,116] but not for lime or cement plants.
The CaL and the IHCaL processes can be integrated into the lime industry using waste-derived
fuels or biomass, thus enabling negative CO, emissions (CDR) through bioenergy with carbon
capture and storage (BECCS) (e.g., [117]).

Pilot testing of the IHCaL process

To date, the only pilot tests of the IHCaL process using a heat-pipes heat exchanger [114] were
performed in a 300-kWy, pilot facility at the Technical University of Darmstadt, Germany [118].
This pilot facility, commissioned in 2015, is illustrated in Figure 5. It is composed of three reactors:
a carbonator for CO; capture, a calciner for sorbent regeneration, and a combustor for heat
generation. The carbonator is an eight-meter-high circulating fluidized bed (CFB) with an internal
diameter of 250 mm. It is fluidized using a synthetic flue gas composed of air, CO2, SO, and H0.
The calciner is a bubbling bed (BFB) fluidized with air, featuring a mean particle residence time
of ca. 20 min. The height of the bed is determined by the solid outlet, which is located 1.9 m from
the bottom of the reactor. The external combustor is a BFB operating with sand. Heat is transferred
from the combustor into the calciner via 72 heat pipes. A cone valve is located downstream of the
carbonator to control the sorbent circulation rate. Solid sorbent can be extracted discontinuously
from the cone-valve arrangement for sampling. A detailed explanation of the experimental setup
can be found in previous publications [119-122]. Recently, this plant has been expanded with a
gas tract to feed the combustor’s flue gas into the carbonator and capture its CO2 [121].

Several test campaigns have been conducted at this pilot facility, totaling ca. 700 hours of
operation [123]. The tests included operating conditions relevant to power plants [120], and lime
and cement plants [119]. Recently, Hofmann et al. [121] operated the IHCaL facility by co-firing
propane with both dried lignite and refuse-derived fuel.
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Figure 5. Pilot plant at the Technical University of Darmstadt for testing the indirectly heated carbonate looping (IHCaL)
process at the 300-kWw scale. The left subfigure is a process flow diagram adapted from RP IV. The main reactors are
shaded in gray. The new flue-gas tract commissioned in 2022 are indicated with light-gray broken lines. The carbonator
with its internal circulation is indicated with red borders. The figure on the right is a render of the CAD model illustrating
the reactors and the components for solid circulation (adapted from [120]).
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1.2 State of the art

Until the start of this dissertation, experimental efforts to develop IHCaL technology have been
unparalleled by modeling work. However, alongside reliable empirical results from semi-industrial
facilities, accurate models are essential for interpreting experiments and scaling up IHCaL
technology for commercial application. This section reviews the current state of IHCaL
development for lime plants, focusing on the aspects most relevant to this dissertation: process
integration and modeling. Based on the limitations of previous studies, we identify the key research
needs that led to the research questions outlined in Section 1.3.

Integration of IHCaL technology in the lime production

There are many potential synergies between the IHCaL process and the production of lime and
cement. Cement raw meal and limestone, the primary materials in cement and lime production,
can serve as sorbents for the IHCaL process, and spent sorbents can be repurposed as raw materials
to produce cement and lime. Additionally, the heat and electrical energy demands of cement and
lime plants offer opportunities for heat recovery. Moreover, the common practice of using waste-
derived fuels in the cement industry, when combined with IHCaL technology, can enable net-
negative CO: emissions.

Given the large quantity of CO, emissions associated with the lime and cement production
(see Section 1.1), large-scale capture plants are necessary. This scale is attractive for IHCaL
technology, which is CAPEX-driven and therefore benefits considerably from economies of scale.
The CO- concentration in off-gases from lime plants is generally higher than the CO- concentration
in flue gases from power plants, which affects the process by influencing reactor performance and
energy requirements.

Despite the high potential of IHCaL technology for capturing CO; in the lime and cement
industries, no integration concepts had been developed prior to this cumulative dissertation.
Integrating the IHCaL process into cement and lime production plants was one of the goals of the
ACT ANICA Project [124]. Integrating it into cement production was carried out by a project
partner (cf. [125]), while we focused on the integration into lime production, a primary topic of
this dissertation. Many of the methods developed and conclusions drawn from our study on lime
plants may also be applicable to integrating the IHCaL process into cement plants.

Modeling of the IHCaL process

Accurate reactor models are essential for assessing sorbent performance, interpreting
experimental findings, designing optimized reactors, and safely scaling up IHCalL and CaL
technology for commercial applications [126]. Carbonator and calciner models include
considerations on reactor behavior (reactor sub-model), as well as sorbent kinetics and
deactivation (particle sub-model). Complete process simulations are commonly performed using
Aspen Plus [127] (e.g., [81,128]). Some of the reactor models can be integrated into Aspen Plus
process models using customized FORTRAN routines (e.g., [81]), which considerably enhances
the reliability of the process simulations. The steam cycles may be modeled with EBSILON
professional [129] (e.g., [130]).

Carbonator reactor sub-models are abundant in the literature [126]. Most of them simulate
circulating fluidized bed carbonators, which are the most established reactor type for the CaL and
[HCaL processes. Some models assume continuous stirred-tank reactor (CSTR) operation
[73,131,132]. They have the advantage of being easy to calculate but do not account for the
influence of reactor hydrodynamics on the capture process, which leads to high uncertainties (cf.
[133]). Other models are based on three-dimensional CFD simulations [134-136], which can
predict empirical data well, but require considerable computational resources, which makes them
impractical for many applications, especially modeling of big reactors. One useful modeling
approach is the so-called Kunii and Levenspiel (KL) reactor model for fluidized beds [137], which
considers two phases (gas and solid) for the simulations and uses semi-empirical equations to
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model the solids distribution and the gas-solid contact behavior [138]. KL models provide good
results with less computational effort than three-dimensional CFD models [126] (cf. [134]).
Therefore, they can be easily integrated into global models of CaL systems. There are many KL-
type carbonator models in the literature. Lasheras et al. [81] developed a model based on semi-
empirical equations from Kunii and Levenspiel [139] and particle models from previous works
[72,140]. They assumed that the sorbent entering the carbonator was fully calcined. Their model
overpredicted empirical data for some operating conditions of the 1-MWy, CaL pilot plant at the
TU Darmstadt [93]. Romano [141] developed a carbonator model considering a particle residence
time distribution (RTD) for the calculation of sorbent deactivation and carbonation reaction rates.
Although his results presented reasonable agreement with experimental data, he reported a
systematic overestimation of the capture efficiency. Ylatalo et al. [142] used a one-dimensional
model to evaluate the performance of a carbonator, considering an axial temperature gradient
across the height of the reactor. The results they obtained were consistent with experimental
results from a CaL laboratory test rig (30 kW) during steady-state operation. Their model relied
on a back-flow ratio, which was not disclosed. It is uncertain whether their accurate predictions
are based on a fitting process specific to the laboratory operating conditions. Recently, Tizfahm et
al. [143] developed a model that considers reaction kinetics and reactor hydrodynamics. However,
they only validated the kinetic sub-model with experimental data, not the KL reactor model. Most
KL carbonator models lack a comprehensive discussion of their methodology. Furthermore, new
models often build upon old ones without scrutinizing underlying assumptions. For instance, solids
distribution profiles are usually adopted from previous works without analyzing the fluidization
regimes for which they are valid. Something similar occurs with the constants for the calculation
of core-wall gas interchange and the equations to obtain the reactor gas-particle contact
efficiencies.

There are still issues that need to be investigated to enable the commercialization of CaL and
IHCaL. One of the unanswered questions is how fluidization regimes influence carbonator
behavior. Charitos et al. [73] compared two CalL test rigs and reported high CO. capture rates for
facilities operating in different fluidization regimes. However, they pointed out that the reactors
operating in the turbulent fluidization regime presented better gas-solid contact. Recently, Diego
and Arias [144] reported experimental results from a 1.7-MWy, CaL pilot facility showing that the
carbonator performance was better for lower gas velocities. Still, there has been no investigation
of the fluidization regimes of CaL carbonators using appropriate explanatory models.

Carbonator particle sub-models are essential for linking sorbent kinetics and carrying capacity
to reactor behavior, which are heavily influenced by sorbent make-up and circulation rates. These
factors play a critical role in determining capture efficiency, as widely recognized in the literature
[126,145,146]. However, experimental and modeling results often exhibit contradictions across
different studies. Furthermore, previous assumptions are generally incorporated into new models
without critically assessing the studies on which they are based. This issue is not consistently
addressed when incorporating particle sub-models into carbonator models.

Considering the interconnectedness of the carbonator and the calciner is essential for
developing a comprehensive CaL. model. High calcination temperatures should be avoided to
prevent damage to the heat pipes and minimize energy penalties. Conversely, excessively low
temperatures can result in poor calciner performance, thereby compromising CO. capture
efficiency. Therefore, a precise model of the calciner’s influence on carbonator operation is crucial.

Numerous studies have identified difficulties in attaining high calciner performance.
Rodriguez et al. [147] highlighted low calcination efficiency as a potential cause of reduced
carbonator performance in a 30-kWy, CaL test facility. Haaf et al. [98] reported a reduction in
calciner efficiency associated with low calcination temperatures in a 1-MWy, CaL pilot plant using
waste-derived fuels and oxygen to fire the calciner. Reitz et al. [120] disclosed difficulties in
achieving high calcination efficiencies in a 300-kWy, indirectly heated test rig. Recently, Hofmann
[148] identified poor calcination performance as a critical factor contributing to low capture
efficiency in the IHCaL plant at the TU Darmstadt. Despite reported challenges in achieving high
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calcination efficiency across various operating conditions, the impact of calcination degree on
carbonator performance is still not fully understood.

Rodriguez et al. [149] used a simplified CaL process model to explain that lower calcination
efficiencies affect carbonator performance by reducing the amount of CaO available for CO-
capture. Martinez et al. [128] integrated Rodriguez et al.'s model into a CaL process model in
AspenHysys and adjusted operating conditions to achieve 95 % calcination efficiency. The
deviation from ideal calcination resulted in a slight improvement in sorbent activity, which seems
to contradict the system behavior observed during pilot tests. Atsonios et al. [134] investigated the
influence of calcination efficiency on the carbonator under a specific set of operating conditions.
For this, they used a CFD model coupled with an Aspen Plus routine. They observed a significant
decline in the CO; capture rate when the CaCOs content upstream from the carbonator exceeded
4 mol%. However, they did not discuss how varying the operating parameters, such as the sorbent
circulation rate, affects the carbonator's sensitivity to calciner performance.

Sorbent deactivation increases the required make-up and circulation rates, which affects fuel
requirements and component dimensions [77,150,151]. Sorbent activity decreases rapidly
throughout the first calcination-carbonation cycles and stabilizes slowly towards a residual value
that is normally smaller than 0.1. The cause of the deactivation is thought to be the sintering of
the sorbents and the associated loss of porosity, which is enhanced by higher calcination
temperatures [77,78,152-155]. Consequently, it is advantageous to operate the calciner at low
temperatures (< 900 °C), which may affect the calcination efficiency. The overwhelming majority
of sorbent deactivation models applied to CaL rely on the assumption of stable operation over long
periods of time (e.g., [149]). However, this is usually not the case in pilot plant operation, which
poses challenges for the application and validation of these models.

Calciner models for CaL are scarce in the open literature, in contrast to the numerous studies on
carbonator modeling [126]. Ylétalo et al. [156] studied a 1.7-MWy, oxy-fired pilot calciner. They
used a steady-state, three-dimensional (3-D) calciner model and a steady-state, one-dimensional
(1-D) process model. Their 3-D model solves the fundamental balance equations of fluidized bed
operation using the control volume method. They also included semi-empirical equations to
describe solid entrainment, chemical reactions, and heat transfer, thus reducing computational
effort. Both the 1-D and 3-D approaches yielded similar results. However, they did not validate
their models with experimental data. Kanellis et al. [157,158] developed two 3-D CFD models
capable of predicting empirical results from a single operating point of the IHCaL pilot plant at the
TU Darmstadt [120], namely the pressure profile, the CO. concentration at the calciner exit, and
the CO: production rate. They used two different modeling strategies, obtaining similar results:
their first model uses an Eulerian-Eulerian approach (Two Fluid Model [159], TFM), and their
second model uses an Eulerian-Lagrangian framework (Dense Discrete Phase Model [160],
DDPM). In both models, the drag coefficient is calculated with a sub-grid energy minimization
multiscale (EMMS) scheme, and the calcination kinetics are described with the Changing Grain
Size Model (CGSM) developed by Garcia-Labiano et al. [66]. Hoftberger et al. [114] modeled the
heat transfer with heat pipes in a bench test rig using semi-empirical equations for heat transfer
between fluidized beds and immersed heating surfaces [161]. Martinez et al. [162] developed a
simple calciner model using a basic description of the fluid dynamics and a grain model for the
calcination [163]. While useful for preliminary calculations, it does not account for the effect of
CO- concentration gradients in the calciner. A recent study [148] concluded that this model does
not accurately predict the performance of the calciner at the IHCaL pilot plant at the TU Darmstadt.

Despite commendable efforts in calciner modeling, the available numerical studies are not
sufficiently supported by empirical data from relevant pilot tests. Moreover, existing detailed
models are often too complex, allowing for the computation of only a limited number of operating
points within a reasonable timeframe. Poor calciner performance limits CO, removal efficiency by
reducing the sorbent’s capacity to capture CO, [149,164]. The commercialization of carbonate
looping technology requires simple yet precise design guidelines for calciners, which still need to
be developed.
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1.3 Research questions

From the discussion above, the indirectly heated carbonate looping process (IHCal) appears to
have significant potential for reducing CO; emissions in the lime industry. However, this potential
has not yet been fully assessed. Furthermore, it remains uncertain how process integration, fuel
selection, operating parameters, and reactor configurations should be designed to maximize
efficiency and reduce capture costs. In summary, the following overarching research question
needs to be answered:

What is the potential of indirectly heated carbonate looping technology for reducing CO-
emissions in the lime industry, and how can the process configurations, fuel properties,
operating parameters, and components be optimized to fully exploit this potential?

The overarching research question has been broken down into seven sub-questions. Below, we
introduce each research sub-question by a description of the research gap. In Section 1.4, we
explain how each sub-question is addressed within this dissertation.

Until now, no concepts have been proposed to exploit the potential synergies in capturing
CO; from lime plants using the IHCaL process. Previous studies [101,114] analyzed the energy
requirements for IHCaL plants. However, these studies are not specific for lime applications, thus
excluding energetic advantages that can be achieved through efficient integration. Furthermore, a
deeper understanding of the impact of operating parameters on the energy requirements of the
IHCaL process is needed for assessing viability and improving the energy efficiency of integrated
configurations. This leads to the following research sub-question:

(i) What are the key integration parameters influencing heat requirements and energy
efficiency in lime plants with CO; capture using IHCalL technology?

The European lime producers strive to achieve net-negative CO2 emissions by 2050 [14]. The
IHCaL process may play an important role in attaining this objective by enabling net-negative CO,
emissions in lime plants through BECCS. This leads to the following research sub-question:

(ii) What is the potential for achieving net-negative CO2 emissions using [HCaL technology
in the lime production, and how can this potential be exploited?

The IHCaL combustor is a bubbling fluidized bed compatible with different fuel options, such
as dried lignite and waste-derived fuels [121]. On top of the advantages in terms of costs, waste-
derived fuels have a fraction of biogenic carbon, which can be captured to permanently remove
CO, through BECCS. However, the properties of these fuels such as lower heating value and
moisture content are different to those of dried lignite. This leads to the following research sub-
question:

(iii) How do fuel type and properties influence the economic and energy performance of
the integrated IHCalL process in the lime production?

Economic competitiveness is crucial for the viability of CO, capture processes, which are
responsible for the largest costs of the entire CCS value chain [27,28]. Previous studies have
reported significantly low costs associated with the IHCaL processes [116,165]. However, no
economic results are available for the IHCaL process integrated into lime production or any other
industrial process. This leads to the following research sub-question:

(iv) What is the cost-reduction potential of the IHCal, process for CO2 capture from the
lime production?

Experimental results from IHCaL and CalL operation indicate that the carbonator flow regime
has a significant impact on performance [144]. Furthermore, it is well known that reactor model
predictions heavily depend on the accurate description of gas-solid contacting patterns [133].
However, most studies on carbonator modeling rely on previous models without discussing
fluidization regimes or validating assumptions with empirical data. This leads to the following
research sub-question:
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(v) What is the influence of carbonator hydrodynamics on the CO2 capture efficiency of
an IHCal, system?

A recent study reported that poor calciner performance reduces the carbonator efficiency in
an [HCaL pilot plant [148]. However, there is currently insufficient understanding of the
interconnectedness between carbonator and calcination performance. Additionally, existing
sorbent deactivation models are limited to constant make-up and circulation rates, which do not
correspond to pilot operating conditions [122]. This leads to the following research sub-question:

(vi) How do operating parameters and calciner performance affect sorbent activity in an
IHCal system, and how does sorbent activity, in turn, impact the overall performance
of the process?

Previous studies have reported poor calciner performance in IHCaL pilot tests but were
unable to explain the underlying causes [120,121]. Furthermore, previous calciner models are
either too computationally intensive or fail to predict empirical data [148]. This leads to the
following research sub-question:

(vii) How can the operating conditions of an IHCaL calciner be optimized to reduce the
energy penalty of the process without compromising CO2 capture efficiency?

1.4 Approach of the dissertation

In this section, we present the approach of this dissertation to answering the research questions
and advancing IHCaL technology for commercial application in lime production. First, we explain
the contributions of this dissertation to the development of IHCaL processes for lime plants and
their interrelation with previous and future research tasks. To do so, we contextualize our work
within the entire design process required to bring IHCaL technology for lime plants to commercial
maturity. Second, we explain the approaches and contributions of each research papers in
addressing the research questions.

Contributions to the engineering design process

This section outlines the design process required to commercialize IHCaL technology for lime
plants, following the structure proposed by Towler and Sinnott [166]. This structure has been
adapted to account for the research-driven nature of the design process, as there is no prior
experience with developing and constructing full-scale plants using the same technology (cf.
[167]). Figure 6 illustrates the design process for integrating IHCaL technology in lime plants,
from the determination of the customer needs to the beginning of operations in a first-of-a-kind
commercial plant. The arrows using broken lines indicate future activities that are necessary to
achieve commercialization. The steps of the design process addressed in this dissertation,
highlighted with background shading in Figure 6, are generating design concepts, building
performance models, predicting fitness for service, conducting economic evaluations, and
performing optimization. The overarching tasks associated with these steps, as well as the scope
of each research paper, are explained in the following section.

The design problem and research questions of this dissertation are part of the ACT ANICA
project [125] (ACT Project no. 299653), which was conducted between October 2019 and
September 2023. The ACT ANICA project received funding through the ACT program (Accelerating
CCS Technologies, Horizon 2020 Project no. 691712) and financial contributions were made by
the German Federal Ministry for Economic Affairs and Climate Action (BMWK Project no.
03EES5025). The scope of this project within the design process is indicated with a rectangle on the
background in Figure 6. In this dissertation, we focus on the integration of the IHCaL process in
the lime production, especially on the aspects of process development, assessment, and modeling.
More information on the scope and results of the ACT ANICA project, including the integration of
the IHCaL process into cement plants can be found in the project final report [124].
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Figure 6. The design process in chemical engineering, adapted from Towler and Sinnot [166] to the design of the
IHCaL process for CO2 capture in lime plants. Arrows using broken lines indicate future activities toward
commercialization. Background shading highlights the scopes of this dissertation and the ACT ANICA project.

Every design process in engineering starts with the identification of the customer needs and
the design specifications. In commercial processes, the customers may be internal (e.g., production
department of the same company), or external (e.g., for contractors or consultants). In our work,
the customer needs are the requirements of lime producers—and, more broadly, society—for cost-
efficient solutions to the problem of CO. emissions in the lime industry, explained in Section 1.1.
The overall specifications for the CO. capture plants using IHCaL technology were established in
the proposal of the scientific research project [124]. These can be summarized as follows:

e Achieving CO, capture efficiency higher than 90 %

e Separating CO; into a high purity stream with a concentration higher than 95 %

¢ Enabling net-negative CO- emissions by utilizing waste-derived fuels

e Recovering heat in the THCaL facility with net electrical efficiencies higher than 45 %

e Decreasing CO; capture costs below 25 €/tco2

Apart from these specifications, it was necessary to select a reference lime plant for the
integration of the IHCaL proceses. This was one of the first tasks of the ACT ANICA project, which
was performed in collaboration with Lhoist Germany Rheinkalk GmbH (Lhoist). The selected lime
plant is a German facility operated by this company. It is located in Honnetal and features a
preheated rotary kiln (PRK) calciner that produces over 600 tonnes of lime per day. This plant was
considered as the reference for the process development, as the host plant for the design of an in-
situ demonstration plant, and as the candidate for a first-of-a-kind commercial IHCaL facility.

Generating design concepts was an extensive task within the research project. Different
extraction points from the off gas of the PRK were considered and the most suitable was selected,
as explained in RP I. Two integration strategies were developed (see Section 2.1), process flow
diagrams were generated, and a patent was filed in collaboration with Lhoist [168]. Furthermore,
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different fuel strategies were proposed (see RP II) and heat recovery steam cycles were designed
to generate electrical power from waste heat (see RP III).

We developed performance models with commercial software, which were used to simulate
the different designs (see Section 2.1). The process simulations considered the host lime plant, the
IHCaL processes, the steam cycles, and the compression train. The simulations of the host plant
were validated using operational data provided by Lhoist. Furthermore, advanced one-dimensional
reactor models were developed based on empirical data from thermogravimetric analysis (TGA)
and pilot tests at the 300-kWy IHCaL plant (see Section 2.2).

The performance models were used to predict the compliance with the design specifications,
optimize the concepts, and select appropriate designs. This step, which is closely related to
answering the research questions, is broken down in the following section, considering the scope
of each research paper. The developed designs allow achieving most of the objectives established
by the research project, including high capture efficiency (see RP I and RP IV), net-negative CO.
emissions (see RP II), and low CO; avoidance costs (see RP III). However, net electrical efficiencies
higher than 45 % require steam cycle optimizations that are not justified by the economy of scale.
Net electrical efficiencies close to 43 % give a good balance between energy utilization and
investment costs (see RP III).

Within the ANICA ACT project, the 300-kWy pilot plant at the TU Darmstadt [118] was
upgraded and two pilot campaigns were performed. The results were published in a peer-reviewed
publication that is not part of this dissertation [121]. A recent doctoral dissertation reported and
discussed the plant upgrades and campaign results in detail [148].

For the development and validation of the models included in this dissertation, results from
earlier pilot tests in the same pilot plant conducted in 2016 were used [120,122]. The reasons for
using the 2016 test results were the significantly higher availability of sorbent samples and the
better performance compared to the tests conducted in 2022. However, the 2022 pilot campaigns,
conducted within the ANICA ACT project, presented performance issues that stimulated
improvements in the reactor models (see Sections 2.2 and 2.3). As an example, Hofmann [148]
observed low calciner efficiencies in these campaigns and reported that a previous calciner model
[162] failed to predict empirical data from the pilot plant. This motivated the development of an
improved calciner model to explain the performance issues observed during the pilot tests. For
future tests campaigns at the IHCaL pilot plant, our models should be used to optimize the
operating conditions and achieve better performance.

The performance models were used to design a demonstration plant for in-situ CO capture
at the host lime plant in Honnetal. The design was performed by thyssenkrupp Polysius GmbH
with the collaboration of the Institute for Energy Systems and Technology (TU Darmstadt) [169].
This plant could be built as part of a follow-up research project. The results from the operation of
the demonstration plant would be useful for refining the models. A subsequent upscaling (e.g., up
to 20 MWy,) may be required before commercialization can be realized.

The developed concepts were assessed with the aid of the performance models. Apart from
the results presented in this dissertation (see Section 2.1), the University of Ulster performed
economic analysis and life cycle assessments (LCA), and Energy Technology Strategies Ltd
executed a risk assessment with the assistance of the TU Darmstadt and Lhoist [125].

Figure 6 illustrates the future activities toward the commercialization of the IHCaL process
in the lime production, indicated by broken-line arrows. Once a sufficient technology readiness is
achieved— e.g., after successfully finalizing a follow-up project—the customer approval is required
to proceed with the detailed design and construction of a full-scale IHCaL plant. In this case, the
potential customers are the lime producers seeking to reduce the CO. emissions of their lime
plants. Additionally, public institutions may support the deployment of IHCal technology by
granting funding or tax exemptions. After customer approval, the detailed plant design, equipment
selection, and assessment in the form of a front-end engineering design (FEED) should be
completed before a final decision of investment can be made, allowing the project to advance to
procurement and construction. The final step is commissioning the plant to initiate commercial
operation.
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Addressing the research questions

In this section, we explain the approach of this dissertation to addressing the research questions
from Section 1.3 and clarify the scope and contributions of each research paper (RP). Considering
the complexity of the overarching research question—manifested in the numerous sub-questions—
the work was divided into the following tasks, which were addressed by the six research papers
constituting this dissertation: (i) process development, simulation, and assessment (Section 2.1);
(ii) carbonator modeling and design (Section 2.2); and (iii) calciner modeling and design (Section
2.3).

The tasks performed within this cumulative dissertation are shown schematically in Figure 7.
RP I-IIT address process development, simulation, and assessment. RP IV-V focus on carbonator
modeling and design, while RP VI focuses on calciner modeling and design.
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Influence of key operating parameters: =l
. . . 5 —_

Tsorb,calc,in’ Tpreheat’ A’ P & B
'g IHCaL process SR
= simulation (AspenPlus — 5 : =

. -

§‘ w/reactor models) Energy efficiency: IR 2,
o) HR, HR,, SPECCA 2015 |8
5 A 2| (8] [=
o o o
» : =1
w . . .
Y ! CO, balance and negative emissions: %
o) . .
Y E; Ecants €coz 1 ~

Steam cycle simulation -
(EBSILON Professional)

Economics (inc. sensitivity analysis):
CAC

Reactor sub-model: KL-model, hydrodynamics

Particle sub-model: reaction rate and sorbent deactivation -—

Research Paper IV
Research Paper V

Desing and scale-up: flow regime; A; @; 7; X_,.; —

calcs ~carb

Carbonator modeling
and design

Reactor sub-model: simplified KL-model

Particle sub-model: calcination kinetics -

and design

Calciner modeling
Research Paper VI

E

calc

Design and scale-up: T; r; DF; 7.

act>

Figure 7. Scheme of this cumulative dissertation. The bars on the right illustrate the scope of each research paper,
indicating the main tasks with a darker shading.

Process development consists in generating design concepts and evaluating them for fitness
to capture CO, and comply with the design specifications. Two integration approaches were
developed. One consists in a tail-end retrofitting concept. The other is a fully integrated new facility
for lime production and CO, capture. The two concepts are explained in detail in RP I, fueling
strategies are discussed mainly in RP II, and the design of the heat recovery steam cycle is
addressed in RP III.
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Process simulations were performed in RP I-III. The developed processes were simulated
using Aspen Plus for the CO. capture process, including the reference lime plant, the capture
island, and the compression train. The software EBSILON Professional was used to simulate the
steam cycles. The THCal. process simulations used reactor models from previous studies. The
integration of the carbonator and calciner models developed within this dissertation should be
performed in future studies to validate the conclusions and improve simulation results. This is
indicated with a broken-line arrow in Figure 7.

Process assessment was performed based on the simulation results. The assessment
considered four aspects: influence of key operating parameters, energy efficiency, CO, balance,
and economics. Based on the assessment, the processes were improved and recalculated until the
resulting configurations were suitable in terms of energy performance and CO; capture rate. The
influence of key operating parameters was analyzed by performing a parametric study with the
Aspen Plus process models in RP I. To assess energy efficiency, the following key performance
indicators were calculated: the heat ratio (HR, Eq. (10)), the absolute heat ratio (HR., Eq. (9)),
and the specific primary energy consumption per CO; avoided (SPECCA, Eq. (12)). The economic
analysis was part of RP III. The main indicator of economic performance is the CO, avoidance cost
(CAC, Eq.(16)). The analysis of the CO, emissions considered the emissions from fuel combustion,
as well as the indirect emissions associated with electricity. The biogenic carbon content of the
fuels was taken into account to assess the potential for achieving net-negative CO» emissions. The
main performance indicators for the CO, balance were the overall capture efficiency (E), the
carbonator efficiency (Ecar), and the equivalent specific CO, emissions (ecoz). The overall capture
efficiency is the molar ratio of captured CO- to the total CO.. It is calculated using the following
equation:

F,

@

CO2,carb CO2,calc

Here, Fcozcarb and Fcoz,cale are the molar flow rates of CO, leaving the carbonator and the
calciner, respectively. The carbonator efficiency, Ecab, represents the CO. capture rate in the
carbonator, which is obtained with Eq. (5), where Fco. is the molar flow rate of CO. entering the
carbonator. Corresponding to the project proposal, the efficiency target was E > 90 % [124].
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The calciner efficiency (Ecac) reflects the performance of the calciner [162]. It is defined as
the ratio of moles of CaCOs calcined to the total moles of CaCOs introduced into the reactor—see
Eq. (6). This important parameter must be considered in the design of calciners, as it affects the
entire CalL systems, particularly the carbonator performance.

_ _moles of CaCO, calcined 6)

moles of CaCO, introduced

calc

Research sub-question (i) was addressed with the assessment of the influence of key operating
conditions, which was the focus of RP 1. The heat recovery strategies were investigated in RP III,
obtaining complementary information regarding the influence of the steam cycle on the energy
utilization of the IHCaL process.

To address research sub-question (ii), integrated IHCaL configurations were assessed in RP II,
considering different fuel options: dried lignite (benchmark), solid recovered fuel, refuse-derived
fuel, and municipal solid waste. The results were analyzed in terms of CO; emissions and energy
efficiency. The net-negative CO, emissions were quantified and broken down into categories
(fossil, biogenic, indirect).

The impact of fuel type on energy performance indicators in the IHCal process for lime
production with CO; capture was investigated in RP II and RP III to address research sub-question
(iii). The economic implications of choosing solid recovered fuel over dried lignite in various
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integrated configurations were assessed in RP III. A sensitivity analysis was included to address
the uncertainty and variability in fuel costs.

Research sub-question (iv) was addressed in RP III through techno-economic assessment of
different IHCaL configurations for lime production. Various fuel types, as well as different steam
cycle configurations, were considered. The CO, avoidance costs (CAC) were calculated for ten
scenarios and compared with costs reported in the literature for other CO, capture processes.

Carbonator modeling and design were studied in RP IV and RP V. We developed an improved
carbonator model consisting of a reactor sub-model and a particle sub-model. The reactor sub-
model, developed as part of RP IV, accounts for the fluidization regime and enables the calculation
of the solids concentration and CO. partial pressure along the carbonator. The particle sub-model
includes considerations on reaction rate and sorbent deactivation. It has been developed within
RP V. The carbonator model, including the reactor and particle sub-models, was validated with
empirical data from thermogravimetric analysis (TGA) and pilot tests at the 300-kWy, scale [120].
The carbonator model was used to derive guidelines for simulating and designing carbonators.
Research sub-question (v) is primarily addressed with the reactor sub-model in RP IV, while research
sub-question (vi) is mostly addressed with the particle sub-model in RP V.

Lastly, RP VI addresses research sub-question (vii) through calciner modeling and design. A
numerical calciner model for accurate calciner design and analysis was developed in RP VI. The
new model is based on laboratory (TGA) experiments and pilot tests at the Technical University of
Darmstadt [120]. It features a reactor sub-model to account for the CO. partial pressure
distribution along the reactor and a particle sub-model to describe the reaction kinetics. In Figure
7, the continuous-line arrow indicates that the carbonator design determines the required
calcination performance, which is an input for the calciner design. The new calciner model was
used along with a stochastic methodology to derive guidelines for designing and upscaling IHCaL
and CalL calciners.

In summary, this cumulative dissertation addresses the overarching research question and
the research sub-questions by developing IHCaL process concepts and specifications, performing
process simulations, assessing the developed processes, and advancing reactor models for accurate
simulation and robust design. The results of the research papers are summarized in the Synthesis
(Section 2), including a concise presentation of the applied methods. We utilize scientifically
derived color maps [170] to enhance the accuracy of figure representation and ensure clarity for
readers with color vision deficiencies, as well as for grayscale print [171].



Synthesis 21

2 Synthesis

2.1 Process development, simulation, and assessment

Research Paper I (RP I) studies the key integration parameters for implementing IHCaL
technology in lime production, with a focus on minimizing heat consumption. Its objective is to
reduce fuel requirements, enabling more compact facilities and lowering both investment and
operating costs. The study uses the heat ratio (HR) as its key performance indicator, defined as the
ratio of specific heat requirement of a lime plant with CO; capture to that of the reference lime
plant without capture. The goal of RP I is to minimize HR.

Two novel concepts for integrating the IHCaL process into lime plants were developed, with
a patent currently pending [168]: a tail-end and a fully integrated solution. The tail-end concept
(Figure 8) is suitable for retrofitting existing lime plants by placing an IHCaL capture facility after
the lime kiln. In the fully integrated process, the lime production and the carbon capture are
realized within a single THCaL facility. The application of these concepts is studied using an existing
lime plant featuring a preheated rotary kiln (PRK) as the reference industrial plant (see Section
1.4). The same reference plant is used for all the research papers in this dissertation dealing with
process development, simulation, and assessment (RP I-III). Heat and mass balances are computed
using Aspen Plus [127], and a sensitivity analysis (see, e.g., Figure 9) is performed to assess the
impact of the key parameters on the energy requirements.
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Figure 8. Tail-end IHCaL process to produce lime with COz2 capture (adapted from RP III).

The first concept considered is the tail-end solution. It entails a low degree of integration and
is therefore suitable for retrofitting. The IHCaL facility is located downstream at the end of the
lime production facility, as shown schematically in Figure 8. The original PRK facility is depicted
on the left side of Figure 8. The raw material (limestone) is fed into the rotary kiln through a
preheater. The limestone is calcined in the PRK, and the burnt lime exits the PRK through a cooling
zone. After cooling, the product (lime) is processed for commercialization. Sensible heat is
recovered from the burnt lime by preheating of the combustion air. The flue gases from the kiln
are used to preheat the limestone in the limestone preheater. Afterwards, they are cooled in a
quench, filtered, and transferred to the IHCaL facility using a blower (not shown). The flue gases
enter the carbonator, where the CO: reacts with CaO to form CaCOs;. Downstream of the
carbonator, the CO.-depleted gases are separated from the solids in the first cyclone. The solid
particles enter the calciner where the sorbent regeneration takes place. After leaving the calciner,
the solids are separated from the gases in the second cyclone. A high-purity CO, stream exits the
calciner and the solids (mainly CaO) are transferred back to the carbonator to close the loop. For
the fluidization of the calciner, a fraction of the high purity CO; stream is recirculated. Fuel is
burned in the combustor to obtain the heat for the calcination. The same lignite that is being used
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to fire the PRK is fed into the combustor, but other fuels such as refused-derived fuels could also
be used for this purpose (see RP II). Heat is transferred to the calciner via heat-pipes [114].
Downstream of cyclone 2, there is a sorbent extraction point to extract the purge stream. This
purge stream consists of highly concentrated CaO that is considered as lime product. Thus, the
implementation of the IHCaL expands the lime production capacity while allowing for CO capture.

To reduce fuel consumption, the combustion air is preheated with the flue gases from the
combustor. Moreover, a solid-solid heat exchanger is installed to transfer heat between the
circulating sorbent streams, reducing the energy requirements in the calciner. The heat from the
CO,-depleated flue gases, the CO.-rich flow, and the cooling of the carbonator are used to generate
power through a heat recovery steam cycle [81,172]. To ensure high CO. capture rates, it is
necessary to maintain a high activity of the sorbent inventory. This is realized by continuously
removing a fraction of the solid inventory and replacing it with make-up (i.e., fresh limestone).
The purge is extracted after the calciner so that it can be sold as high-purity lime.

The second integration concept is the fully integrated configuration, in which the reference
plant is replaced by a new facility. The new IHCaL facility, which is similar to the one illustrated
in Figure 8 (right), operates as a calcination unit with inherent CO- capture. In this configuration,
the calcination plays an important role in producing lime apart from regenerating the carbonated
sorbent. Around 5-10 % of the recirculated lime is removed from the system to be processed and
sold. Since all the limestone is calcined by indirect heating, all the CO, from the limestone
calcination is released in the calciner. As a result, the need for a downstream separation of process
CO; is avoided and only the CO, emissions from the combustor need to be captured. For this
reason, the fully integrated scheme has much lower heat requirements and sorbent circulation
rates than the tail-end configuration. Regarding heat integration, the same strategies for heat
recovery as in the tail-end concept are applied, along with the additional strategy of using the CO2-
depleated stream exiting cyclone 1 to preheat limestone.

The software Aspen Plus was used to solve the mass and energy balances of the IHCaL
process. Aspen Plus is a steady-state process simulation software, which has a powerful database
of properties for various substances [173]. The programming was performed graphically, including
custom routines in FORTRAN language. Steady-state operation was assumed, and cyclone
separation was considered ideal. The Redlich-Kwong-Soave model was used for the calculation of
the properties of the gases [174]. For the solids, the properties were calculated with polynomial
functions, which are already programmed in Aspen Plus. In particular, the energy, enthalpy,
entropy, and heat capacity were calculated with the Barin equations [175]. The APV110 database,
from Aspen Technology Inc., was used as input for the property calculations. The PRK was modeled
using three reactor blocks, according to the work of Zhang et al. [173]. For all the combustion
processes, an air-fuel equivalence ratio (A) of 1.2 was assumed according to the operating
experience from the host plant. The temperature of the IHCal. combustor was set to 1000 °C to
maintain a 100 °C temperature difference with the calciner according to Reitz et al. [118,120].

The key operating parameters are the temperature of the solids stream entering the calciner
(Tsorb,cale,in), the temperature of the preheated air entering the IHCaL. combustor (Tpreheat), the make-
up ratio (A1), and the sorbent circulation ratio (®). The make-up ratio is defined as [176]:

A:E)/Fcoz )

Here, Fo is the molar flow rate of make-up (fresh limestone) into the system and Fco: is the
molar flow rate of CO; into the carbonator. Usually, 4 is in the order of ~ 0.05 but higher values
are also typical for integrated concepts for lime and cement production. The circulation ratio is
defined in Eq. (8) based on the molar circulation rate of sorbent (Fr) [176]. It generally ranges
between 5 and 20.

(D:FR/Fcoz (8)

The key performance indicators for energy efficiency are the absolute heat ratio (HR.), the
specific heat ratio (HR), and the specific primary energy consumption per CO, avoided (SPECCA).
The indicators HR. and HR are defined in Egs. (9) and (10), respectively.

HRa = Qin,CC /Qin,ref (9)
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HR=HR, /PR; PR =y ¢ /mCaO,ref (10)

Here, Oincc and Oinref represent the total heat requirement in the CO, capture scenario and
the reference (BAU) scenario, respectively; and PR is the product ratio that relates the lime
production in the lime plant with CO» capture (#cio,cc) to that of the reference plant without CO>
capture (ricaorer). The ratios HR, and HR are typically higher than 1 due to the increased heat
requirements to regenerate the sorbent in the calciner. For the retrofitted IHCaL process, the spent
sorbent is considered as product, resulting in PR > 1.

With the objective of minimizing HR and reducing facility size, a sensitivity analysis was
conducted. The results for the fully integrated concept are summarized in Figure 9. Figure 9.a
shows the variation of HR with the main temperatures involved in heat integration: the
temperature of the sorbent at the calciner inlet (Tsorbcalcin) and the temperature of preheated
combustion air (Tprehear). A decrease in Tprehear aNd Tsorb,calein Tequires additional energy in the
calciner to heat the incoming gases and solids, respectively. This increased energy demand leads
to higher fuel consumption in the combustor, generating additional CO, that must be captured in
the carbonator. Consequently, more energy is required for sorbent regeneration, resulting in a
higher HR. This process creates a positive feed-back mechanism, causing an exponential-like
increase of HR as Tprehear aNd Tsorb,calc,in decrease, a trend visible in Figure 9.a.

The HR values exhibit the same tendency for both the tail-end concept (see RP I, Figure 3)
and the fully integrated concept (see Figure 9.a): higher Tprehear and Tsorbcalc,in Tesult in lower HR
due to reduced energy requirements for heating the solids and gases entering the calciner.
However, for the same set of temperatures, the HR of the fully integrated solution is lower. This is
because only the CO, emissions from the combustor need to be captured, leading to lower energy
demand, as previously explained. Toward the limit of maximum theoretical integration (highest
temperatures), HR approaches = 1 for the fully integrated concept. The minimum achievable HR
for the tail-end solution is approximately 2.
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Figure 9. Sensitivity analysis for the fully integrated concept. In (a), the influence of the sorbent temperature at the
calciner inlet and the air preheating temperature (Tprehear) On the heat ratio (HR) is depicted. Graph (b) shows the
variation of the heat ratio (HR) and the specific make-up ratio (4) with the specific circulation ratio (&). Finally, the
influence of the carbon capture efficiency (E) on the heat ratio (HR) and on the required degree of carbonation (Xcarb)
is presented in graph (c). Adapted from RP I.

The influence of the specific circulation ratio (@) is illustrated in Figure 9.b. Increasing @
results in higher HR, as additional energy is required to heat the larger stream of solids entering
the calciner. The variation of HR with @ for the fully integrated solution closely resembles that of
the tail-end configuration (see RP I, Figure 3.b). Regarding the specific make-up ratio (A), an
increase in the sorbent circulation rate between the reactors (higher @) raises HR due to the
additional energy required to heat more incoming solids. As a result, more CO- is generated from
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the increased fuel consumption (higher Fco2), leading to lower values of A for a constant make-up
rate (Fo)—see Eq.(7). Despite this reduction in the specific make-up, A remains high for CaL
operation, well above the typical values (usually less than 0.2) [176,177], resulting in elevated
levels of sorbent activity (see [149,178]).

The influence of the carbon capture efficiency (E) is shown in Figure 9 (c). Higher capture
rates require higher carbonation degrees in the carbonator (Xea,), which increases the energy
needed to regenerate the sorbent. For values below 62 %, no conversion occurs in the carbonator
(i.e., Xcarb = 0). This means that, since most of the CO; is produced in the calciner, E = 62 % can
be achieved without capturing the CO: from the combustor’s flue gases.

Overall, our results show that combustion air preheating, the performance of the solid-solid
heat exchanger, and the sorbent circulation rate are critical factors to efficiently capture CO; in
the lime production using IHCaL technology. These findings partially answer research sub-question
(). Preheating combustion air is a well-established strategy for reducing fuel requirements.
However, preheating to high temperatures (>500°C) and transferring heat between the circulating
streams is technically challenging and may involve high investment costs. For the implementation
of the solid-solid heat exchanger, different designs are possible: (i) a concept with molten salt and
a regenerative heating/cooling of a solid, (ii) a concept with heat pipes, and (iii) a concept with
two concentric L-valves [125,179]. The construction and validation of a solid-solid heat exchanger
for IHCaL processes have yet to be performed. Regarding utilization of spent sorbent, we assumed
that the purge (lime) is suitable for substituting the product from conventional lime plants, which
is an important assumption for the viability of the developed processes. Some previous studies
provide evidence to support this assumption [180-183]. However, this issue necessitates further
investigations (cf. [125]).

Recently, He et al. [184] analyzed three different CaL configurations using Aspen Plus
simulations, each with a distinct heat supply strategy for the calciner. They reported that the
sorbent make-up ratio and the average CaO conversion—closely related to the sorbent circulation
ratio—significantly impact the energy performance of the indirectly heated CaL process. Their
findings support our conclusions.

Research Paper II (RP II) studies the net removal of CO. from the atmosphere using tail-end
IHCaL configurations in lime production. Its objective is to determine the potential of the IHCaL
process to achieve net-negative CO, emissions, focusing on the influence of fuel type on process
performance, particularly in terms of energy utilization and emissions reduction.

Different fueling scenarios were simulated using an Aspen Plus V12 model, following a
methodology similar to that used in RP I. The carbonator efficiency (Ecarn, Eq. (5)) was calculated
using the carbonator model developed by Lasheras et al. (2011) [81], which considers: (i) the CFB
hydrodynamics model from Kunii and Levenspiel [139], (ii) the carbonation reaction model from
Abanades et al. [72]; and (iii) the sorbent deactivation model from Abanades et al. [185]. The
make-up ratio was set to A = 0.1, and & was adjusted to achieve a CO capture efficiency of
E =90 %. Key performance indicators were calculated and compared to those from other CO;
capture methods. The calculation of the electric power in the reference facility was based on the
data from Schorcht et al. [3]. The compression takes place in a 5-stage CO2 compressor, which
was also simulated in Aspen Plus, based on the methodology from Posch and Haider [186]. The
power requirements for the blowers were calculated from the pressure drop across the reactors
and the auxiliary components (i.e., nozzle grids, cyclones, heat exchangers, filters, and ducts),
using experimental data from our research group [120]. The isentropic and mechanical efficiencies
of the blowers were set to 0.65 and 0.9, respectively [187]. The power generation was calculated
using steam cycle simulations with the software EBSILON Professional [129]. The main
assumptions for the calculations were: (i) superheating of steam up to 565 °C and 130 bar; (ii)
preheating of feedwater with steam extractions; (iii) isentropic turbine efficiency equal to 85 %.
The calculated heat-to-power efficiency (nnzp) is 42.4 %, which corresponds to an equivalent net
electrical efficiency of approximately 38 % for a thermal power plant (e.g., pulverized coal),
consistent with values from the literature [188].
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Four fuels were considered in the analysis: (i) dried lignite from the reference process in the
host plant in Germany [62]; (ii) RDF pellets, which were used in pilot test campaigns at the
Technical University of Darmstadt [30]; (iii) a Class 3 SRF, according to EN ISO 21640:2021-11,
that was successfully utilized in the 1-MWy, pilot plant at the Technical University of Darmstadt
for Cal operation [98]; and (iv) municipal solid waste (MSW) with the composition and properties
reported in [80]. Dried lignite was maintained as the fuel of the reference plant for all cases, and
only the fuel for the IHCaL combustor was varied. The carbon content of lignite was considered of
100 % fossil origin. The rest of the fuels had a biogenic fraction of ca. 50 %. The fuel properties
including composition, lower heating value, biogenic fraction, particle size, and moisture, are
available in RP II.

One useful parameter to analyze the influence of type of fuel in the IHCaL process is the fuel
CO; emissions index [189,190], also known as the fuel specific CO2 emissions (ecozfue). This
parameter indicates the mass of CO, produced per unit of energy obtained from fuel combustion.
It is calculated using Eq. (11), where wc,we: is the wet-basis mass fraction of carbon in the fuel, LHV
is the lower heating value of the fuel on a wet basis, Mcoz is the molar mass of CO-, and Mc is the
molar mass of carbon.

We wet (Mcoz /MC )
LHV

The simulation results show that the combustor has the greatest influence on the direct
formation of CO.. The direct CO, formation is minimized by fuels with a lower CO, emissions index
(ecozfue)—see Eq. (11). Moreover, the use of dried lignite doubles the total direct fossil CO.
formation. This means that the additional fossil CO. associated with carbon capture is
approximately equal to the CO, emissions of the reference plant. Given this, it seems more
reasonable to use waste-derived fuels—or biomass—for the tail-end IHCaL, whereby the increase
in total direct fossil CO, formation linked to the capture is relatively low (approximately 30 %).

The increase in specific heat requirements due to the carbon capture ranges from 201 % to
271 %, with respect to the reference case. This result is highly dependent on the make-up ratio A.
The CO- formation in the combustor increases with ecozfel; thus, increasing the total captured
COz. Due to the more demanding capture requirement, more heat is needed in the calciner, and
HR becomes higher. The direct fuel consumption, q, and the direct CO, emissions, eco2,d, increase
with HR.
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Figure 10. Absolute heat ratio and specific CO2 emissions for each fuel. The markers indicate the results of the
simulations with Aspen Plus. The gray area represents the calculated increase of the heat requirement for a wide range
of fuels.

Figure 10 illustrates the relationship between the absolute heat rate (HR,, see Eq.(9)) and
the CO. specific emissions for each fuel considered in this study. The HR, increases with the CO-
emissions index (ecoz,el), due to the higher CO, formation in the combustor. Other parameters,
such as the lower heating value (LHV) and the amount of hydrogen in the elemental composition
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of fuels, also influence the variation in heat requirements. Higher LHV and lower eco2 el minimize
HR, in the combustor, as shown in Figure 10. Here, the gray area indicates the variation of HR, for
different operating parameters and a wide range of fuels.

Figure 11 shows the breakdown of the specific CO2 emissions per tonne of burnt lime (eco2)—
see Eq. (14). The emissions are divided into three categories: (i) direct fossil emissions, (ii) direct
biogenic emissions, and (iii) indirect emissions associated with the electric power. The direct
biogenic emissions are negative for waste-derived fuels, indicating a net-negative contribution to
the carbon balance due to the capture of biogenic CO,. The sum of all the emissions in the three
categories gives the equivalent CO. emissions (ecoz2). The results are presented for the reference
plant (business as usual, BAU), and the cases with CO; capture using different fuels. Four energy-
mix scenarios were considered for the calculations: Coal state-of-the-art power plant, European
energy mix (2015), Renewables, and Nuclear. The indirect and equivalent CO, emissions depend
on the reference efficiency of the energy scenario (erre)—see Eq. (14). The results are identical
for the renewable and the nuclear energy scenarios because they both have erfei = 0. The reference
case, without carbon capture, presents the highest emissions level. The major contribution comes
from the direct fossil emissions corresponding to the calcination and combustion in the lime kiln.
The indirect emissions are almost negligible. The results are similar for all the energy scenarios.
For the carbon capture scenarios, net-negative equivalent CO, emissions are achieved in every
case, except when fueling lignite for the renewables and nuclear energy scenarios. If waste-derived
fuels are used, the highest contribution to the negative emissions corresponds to the captured
biogenic CO., which is independent of the energy scenario. The indirect emissions are strongly
dependent on errel because of the significant power generation in the retrofitted plants (42-63
MWe)). The negative values result from electricity generation exceeding the own demand. With
waste-derived fuels, negative emissions as high as —1805 kgco2/tcao can be achieved. This
corresponds to an equivalent CO; avoidance of over 230 %.
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Figure 11. Specific CO2 emissions for (a) the reference facility without CO2 capture; and the scenarios with CO2
capture using different fuels: (b) dried lignite, (c) refuse-derived fuel (RDF), (d) solid recovered fuel (SRF), and (e)
municipal solid waste (MSW). The breakdown of the CO2 emissions is depicted with bars. The energy-mix scenarios
are indicated with the filling type: coal power plant (solid), European energy mix (hatched), and Renewables/Nuclear
(crossed). The equivalent specific CO2 emissions (ecozeq) are indicated with a diamond (0).

The specific primary energy consumption per CO- avoided (SPECCA) is a key indicator of the
process performance in terms of energy utilization, calculated using Eq. (12).

SPECCA =—dcc "t (12)
€con,ref ~ €coz,cc
Here gcc and grr represent the equivalent specific primary energy consumption (q) for the
plant with CO. capture and without CO- capture, respectively. In turn, ecoz,cc and ecozrer are the
equivalent specific CO, emissions of the plant (eco2) with CO2 capture and without CO. capture,
respectively.
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The calculation of q considers the direct primary energy consumption from the fuel input and
the indirect primary energy consumption related to the net power requirement (P.;), according to
Eq.(13).

q — rhfuel LHV + Pel /nref,el (13)

mCaO
Here, rine is the fuel mass flow rate into the system, LHV is the lower heating value of the
fuel, Pe is the net electric power consumption, 7.l is the reference electric efficiency of the grid,
and ricq0 is the lime production rate. To compute the equivalent specific CO, emissions (ecoz2), the
direct CO, emissions from combustion and calcination (ecozq) and the indirect CO, emissions
(eco2,i) associated with the electric power (Pe)) are considered. Eq. (14) is used to calculate ecoo,
where e represents the CO, emissions factor of the electricity mix.

€cor = €con,d T €con,is €coni =F eref,el/ Meqo (14)

Lastly, eco2,q is calculated by considering the fossil CO, generation rate (#icoz,foss) and the CO-
capture rate (ricoz,capt), using Eq. (15).

m —m,
_ CO2,foss CO2,capt
€co2d = (15)

Mo

Our study showed that very low SPECCA, from 0.50 to 2.79 MJinv/kgcoz2,av, can be achieved
for three of the simulated scenarios: Coal, European energy mix (2015), and Nuclear. In particular,
SPECCA values between 0.50 and 1.98 MJinv/kgcoz,av Were achieved for the scenarios utilizing
waste-derived fuels in the combustor. The SPECCA values are lower than those reported for other
capture technologies for cement plants, such as monoethanolamine (MEA) scrubbing, and the
chilled ammonia process (CAP) [46,69,84,191,192], indicating that the IHCaL process is highly
efficient in terms of energy utilization. Because of its low primary energy requirements, the IHCaL
technology is very promising for carbon capture from lime plants. It has a high potential for
deployment in contexts where the energy mix is characterized by high specific CO, emissions or
high carbon intensity, making the power generation benefits of the IHCaL process particularly
advantageous.

The results from RP II effectively address research sub-question (ii), demonstrating that
negative CO; emissions can be realized by using waste-derived fuels, while also achieving efficient
energy utilization. Our calculations excluded CO- emissions from transportation, storage, and
facility construction and disposal. On the other hand, the CO, absorbed by utilization of lime was
not considered in the balance (cf. [193]). These factors should be taken into account in future
work to refine our conclusions.

Research Paper III (RP III) investigates heat recovery from IHCal plants, focusing on energy
utilization and economic performance. Its objective was to optimize the IHCaL process for lime
plants, taking into account both economic and energy-efficiency indicators, primarily the CO.
avoidance costs (CAC) and specific primary energy consumption per CO. avoided (SPECCA).
Within this work, ten scenarios using IHCaL technology to capture CO, from a lime plant were
simulated considering different process configurations, heat recovery strategies, and fueling
options. The calculated mass and energy flows were used for analyzing each configuration’s
efficiency and conducting a techno-economic assessment.

The heat recovery strategy plays a crucial role in the integration due to the substantial
amount of heat available at high temperatures (> 650 °C). Figure 12 illustrates the integration
strategies analyzed in RP III, which feature different approaches for recovering heat from the
combustor flue gas. The first strategy (I) consists in only recovering heat through preheating of
the combustor air. This increases the thermal efficiency of the IHCaL process but requires a gas-
gas heat exchanger operating at high temperatures—up to 1000°C on the hot side, and up to 800°C
on the cold side. Another possibility is to utilize this heat in a steam cycle with a heat exchanger
after (strategy II) or before the air preheater (strategy III). However, the operating temperatures
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of the heat exchangers need to be carefully considered to prevent corrosion when using waste-
derived fuels.

The processes were modeled based on the methodology of RP II. The Aspen Plus simulations
were performed using available material property data (ASPEN APV120 database) and property
methods [175]. Each heat recovery strategy was modeled in Aspen Plus. The steam cycles were
designed and simulated with EBSILON Professional [129] considering the amount and quality of
the heat available for each scenario.

(a) Only air preheater (I) (b) Heat exchange before air preheating (II)  (c) Heat exchange after air preheating (III)

COx-depleted COy-rich flow COx-depleted COx-rich flow
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Combustor

Combustor

Carbonator

Carbonator

Carbonator

Calciner
Calciner

Calciner
Combustor

2

Combustion air]| Combustion air| Combustion air

©

Air Preheater Air Preheater Air Preheater

Figure 12. Heat recovery strategies: only air preheater (I), heat exchange before air preheating, and (III) heat exchange
after air preheating. Adapted from RP III.

The economic analysis was performed by the University of Ulster, with the collaboration of
the TU Darmstadt, using the in-house ECLIPSE modeling and simulation software [194,195]. For
each scenario, the process flow diagrams and technical data were input into ECLIPSE. The mass
and energy balances were calculated using ECLIPSE and validated with results from Aspen Plus
and EBSILON Professional simulations. The mass and energy flows, along with user-input utilities
data and database information, were used to determine the utilities usage (e.g., electricity, water)
for each process. The data on utilities usage was then applied to the costs estimation, incorporating
engineering data and information from the cost database. Finally, the economic analysis was
completed using the previously determined capital and operating costs. The Chemical Engineering
Plant Cost Index (CEPCI) was used to normalize the data and results to the year 2020 [196,197].

The calculated primary energy consumption (SPECCA) of the different scenarios is displayed
in Figure 13 (left). Since there is considerable power generation in all IHCaL configurations, there
is high variability with the energy-mix scenarios, which affects the calculation of indirect energy
requirements and indirect emissions according to Egs. (13) and (14). The mean SPECCA values for
IHCaL technology—especially those for the fully integrated concept—are low compared to the
SPECCA values for other CO. capture processes. Overall, the results indicate that IHCaL technology
is more attractive in energy scenarios with low renewable share and high CO, emissions associated
with the power generation (high erte). Depending on the electric grid and anticipated changes in
the energy mix over the project's lifetime, a facility can be optimized either for power production
(heat recovery strategy II) or for minimizing fuel consumption (heat recovery strategy I). In terms
of SPECCA, heat recovery strategy (II) exhibits inferior performance compared to the other two
strategies, as it lowers the combustion gas temperature before the air preheater. This limitation
hinders effective air preheating, a critical integration strategy, as demonstrated in RP I. Heat
recovery strategies I and III have similar SPECCA, with the latter performing slightly better due its
combination of high-temperature preheated combustion air and increased heat recovery in the
steam cycle through heat exchange downstream of the air preheater.



Synthesis 29

(<Al
(=1

10 T T T T T T T T T T
Tail-end Fully integrated

Fully integrated

Tail-end

0
T
'
=]
T

MFEA scrubbing A

w
=]
T

D
T
Do
(=}
T

—_
(=}
T

Ozy-fuel CaL |

Without CDR

Do
T
(=]

Ozxy-fuel A

AN B =

L L L L L L L L f -20 L L L L L L L L L L
O an @ dan (@ (1n 1 dO) - J1) (I O I O I @ ) Im 1) () ()
Lignite  SRF Lignite SRF Lignite  SRF Lignite SRF

'

=

=]
T

SPECCA (MJruv /kgcoz,av)
'y
CO, avoidance costs :CAC (€/tcozav)

Figure 13. Specific energy consumption (SPECCA, left) and CO2 avoidance costs (CAC, right) of the IHCaL process for
decarbonization of lime plants under different integration scenarios. On the left, the bars represent mean values, with
the error bands showing the variation of plus-minus one standard deviation across the energy-mix scenarios. The
background shading indicates SPECCA values for other technologies, based on results from Voldsund et al. [46]. On the
right, the effect of CDR on CAC is shown by the shading of the bars for the SRF scenarios. Adapted from RP IIL

To assess the impact of CO- capture on the plant economics, the CO; avoidance costs (CAC)
are calculated using Eq. (16), which consider the reduction of CO. emissions per unit of the net
product produced [198,199].

_ BESP.. - BESP,, (16)

€con,ref — €coz,ce

Here, BESPcc and BESPy. are the break-even selling prices (BESP) of lime for the plant with
CO; capture and without CO- capture, respectively. The economic benefit of CDR is considered in
the calculation of CAC by treating the captured biogenic CO, emissions as negative (see Figure 13,
right). Costs for CO- transport and storage were excluded from the calculations. These typically
range from 4 to 40 €/tco2, depending on factors such as transport distance, amount of CO, and
reservoir geology [200].

The CO- avoidance costs (CAC) for the IHCaL process are reported in Figure 13 (right). Our
results align with literature values [201]. Electricity export significantly impacts the avoidance
costs. For plants using lignite, CAC ranges from 20.4 to 34.3 €/tco2,av, With the tail-end (II) case
having the lowest costs due to substantial power generation. Conversely, the fully integrated (I)
plant has the lowest electricity export, resulting in the highest costs, despite having the lowest fuel
consumption.

For the SRF plants, the maximum and minimum values correspond to the tail-end SRF (I)
case and the fully integrated SRF (I) case, respectively. Apart from the income from electricity
export, the SRF plants attain additional revenue from utilizing this kind of fuel. As the tail-end
SRF (II) plant consumes the largest amount of SRF, it receives a higher value from this revenue
stream, which explains the negative costs (i.e., net earnings before adding the benefits of CO-
certificates).

The influence of capturing biogenic CO. emissions (carbon dioxide removal, CDR) is
illustrated in Figure 13 with darker bands. If negative CO, emissions are computed for the captured
biogenic CO,, net-negative emissions are achieved in all the scenarios using SRF as fuel for the
[HCaL (cf. RP II), and CAC is reduced due to the higher amount of CO, avoided (except for negative
CACQ). If the economic benefit of CDR is considered, the avoidance costs are lower than 19 €/tcoz av
for all the analyzed scenarios.

The results from RP III primarily address research sub-question (iii) by demonstrating that
significantly low CAC values are achievable using IHCaL technology in lime production. The values
shown in Figure 13 are competitive with those reported for other CO. capture technologies in
similar applications (> 30 €/tcozav) [83,84].

CAC
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2.2 Carbonator modeling and design

Research Paper IV (RP IV) and Research Paper V (RP V) focus on carbonator modeling and
design. The objective of these research papers was to develop an improved carbonator model to
analyze reactor performance in a semi-industrial CO. capture facility and facilitate the effective
scaling-up of the carbonator for commercial IHCaL and CaL applications. This goal was achieved
by creating a new model based on insights from a systematic literature review and results from
pilot tests.

Figure 14 summarizes the main features and improvements of our carbonator model. In RP
IV, we discuss the reactor sub-model, which is used to calculate the gas-solid contact efficiency and
obtain the CO- concentration along the carbonator. The particle sub-model, which is essential to
calculate the reaction rate and the sorbent deactivation, is thoroughly discussed in RP V. The main
output of the carbonator model is the carbonator efficiency (Eca)—see Eq. (5). The model was
validated using data from pilot tests on the 300-kWy, scale [120] (see Figure 5). Using the
carbonator model, we derived conclusions concerning design and scale-up.
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Figure 14. Illustration of the carbonator model. The carbonator model is composed of a reactor and hydrodynamics sub-
model (left, RP IV) and a particle sub-model (right, RP V).

RP IV provides a thorough analysis of the fluidization regimes for carbonator operation.
Additionally, it includes considerations on reactor performance and modeling assumptions. We
have improved the gas-solid contact model by correcting equations from previous studies and
deriving expressions that are less dependent on case-specific constants, thus broadening the range
of application of the model. Furthermore, we included a review of model constants for the
hydrodynamics calculations and offered recommendations to select these constants based on
empirical observations.

Our reactor sub-model uses the one-dimensional KL reactor model for fluidized beds [137],
which considers the gas and the solid phase and simulates the gas-solid contact efficiency using
semi-empirical correlations. The reactor hydrodynamics are characterized using the Geldard
diagram [202] and the Grace diagram [203]. The transition velocity into the fast-fluidization
regime was calculated according to Bi et al. [204]. The solids axial distribution inside of the
carbonator is computed using the exponential decay model developed by Kunii and Levenspiel
[139]. The solids radial distribution is modeled with a core, lean in solids, and an outer annulus
with high solids concentration [137]. The annulus is thicker in the bottom dense region and
becomes thinner throughout the top lean region, as illustrated in Figure 14 (left). The governing
equations to obtain the CO, concentration along the reactor and the carbonator efficiency are
based on the work from Kunii and Levenspiel [137].

The particle sub-model has been developed and validated using results from
thermogravimetric analysis (TGA), as well as experimental results from pilot campaigns at the TU
Darmstadt. This sub-model features a novel approach to simulate sorbent deactivation (aging) for
varying sorbent circulation and make-up rates. It also considers the influence of calciner
performance, which is essential for accurately predicting the carbonator efficiency.

Our particle sub-model assumes that the following in-series steps are needed for the
carbonation to occur (see [139, p.451,205,206]): (i) CO. mass transfer through the gas boundary
layer that surrounds the sorbent particle (external mass transfer), (ii) internal diffusion of CO,
inside the pores of the solid (pore diffusion), (iii) CO2 penetration and diffusion through the solid
layer of CaCOs that was formed by previous reaction events (product diffusion), and (iv) reaction
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of CO, with CaO (chemical reaction) according to Eq. (1). The first step is modeled using a gas-gas
diffusion approach, but we showed that it is generally irrelevant to the carbonation kinetics in CaL
systems. The second step can be neglected for typical operating conditions of CFB carbonators for
particle sizes of 70-400 um [132]. This is because of the large pores present in the deactivated
sorbent, as demonstrated by Grasa and Abanades [207]. To account for the third step, we consider
only the reaction kinetics in the chemically controlled fast stage, in which the product diffusion is
irrelevant. It is well known that the reaction rate decreases significantly beyond this stage due to
limiting product diffusion, resulting in the onset of a slow stage [64,140]. We assume that no
further reaction occurs past the fast stage, which is a reasonable assumption under industrial
operating conditions in CFB carbonators [141,146]. The end of the chemically controlled fast stage
is marked by a specific carbonation degree, known as sorbent activity Xy, beyond which the product
layer becomes thick enough to limit the reaction kinetics [208]. The value of Xy depends on the
number of complete calcination-carbonation cycles the sorbent has undergone. The reaction
kinetics are modeled based on the first-order correlation of Bhattia and Perlmutter [140] and the
grain particle model from Nitsch [209]. The rate constant is calculated according to Grasa et al.
[207] to account for the influence of sorbent deactivation. We adopt the model from Romano
[141] with data from Grasa et al. [210] to simulate the enhancement of the deactivation due to
the presence of SO,. We assume an exponential particle residence time distribution (RTD) in the
carbonator [139, p.338], consistent with complete mixing of the solids in the carbonator, including
the return leg. This assumption is justified by the strong particle mixing and high rates of solid
recirculation typical of circulating fluidized beds [141]. The average sorbent activity (Xy) is
calculated by adapting the model of Rodriguez et al. [149] to consider the variations in the sorbent
circulation rate and the make-up rate.

(a) Overall calculation logic for the carbonator model (b) Calculation logic for the particle sub-model (detail)
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Figure 15. Calculation logic of the carbonator model: (a) overall calculation logic and (b) detail of the particle sub-
model. Adapted from RP IV and RP V.

The calculation logic of the carbonator model is illustrated in Figure 15.a. To account for the
variation of CO, concentration throughout the reactor we use an equivalent driving force (&)
[141]. At the beginning of the calculation, an initial guess for ¢ is made and the inputs for the
sub-models are specified. For the pilot testing, the input parameters were based on empirical data
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from measurements and samples. For the parametric study and sensitivity analysis, they were
varied using mean operating conditions from pilot tests as the reference. The particle sub-model
gives the global reaction rate (K), which is an input for the reactor sub-model, and the carbonation
efficiency (Epm). Within the reactor sub-model, the hydrodynamics calculations are used to obtain
the solids distribution, which is an input to calculate the CO. concentration profile and the
carbonator efficiency (Erm). The entire carbonator model is solved iteratively using the bisection
method of Bolzano [211,p.53-59]. If the predictions of the particle sub-model (Epv) and the
reactor sub-model (Erm) coincide within a tolerable error, the calculation is terminated. Otherwise,
a new value of €*is computed, and a new iteration begins.

Figure 15.b illustrates the detailed calculation logic of the particle sub-model, which is
composed of a deactivation model and a reaction model. The main results from the deactivation
model are the overall system age number (y) and the particle activity (Xy), with the latter depending
on the calcination-carbonation cycles of each particle (N). The main outputs from the reaction
model are the particle kinetic rate (k.), the global reaction rate (K;), and the particle conversion
(Xcarb). The value of Xecan is used to compute the carbonation efficiency of the particle sub-model
(Epm) based on a molar balance [212].

The validation of the carbonator model using over 60 balance points from pilot tests is
illustrated in Figure 16. Figure 16 (left) compares the experimental and simulation values of the
carbonator efficiency (Ec), while Figure 16 (right) compares the experimental and simulation
values of the carbonation degree at the carbonator outlet (Xca). The simulation results agree with
the time-averaged experimental data within the + 20% relative error for most of the balance
points. The main sources of error were the calculation of sorbent deactivation and the estimation
of the sorbent circulation rate (Fr) from empirical data.

(a) Carbonator efficiency (Ecarm) (b) Carbonation degreee at the carbonator outlet (Xcar)
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Figure 16. Validation of the carbonator model: reactor model (left, RP IV) and particle model (right, RP V).

An important finding is that the hydrodynamics are determinant for the calculation of the
reactor performance. This is in line with the observation of Levenspiel [133], who stated that
“often the lack of knowledge of the expected flow pattern in the reactor is the main cause of
uncertainty in the design of reactors, not the kinetics.” If the hydrodynamics model and constants
fail to predict the carbonator’s flow pattern, the prediction of Eca, from the carbonator model will
be inaccurate. On the bottom-right corner of Figure 16 (left), we included the model’s predictions
assuming the set of assumptions for hydrodynamics from previous studies [141]. The simulation
values of E.., were much higher than those calculated from the empirical data, indicating that the
set of hydrodynamics assumptions typically used in the literature overpredict our experimental
results. If the sorbent is not fully calcined (Xcac > 0), the remaining CaCOs after the calciner—i.e.,
at the carbonator inlet—reduces the sorbent’s CO. capture capacity [148]. However, previous
studies have assumed that the sorbent entering the carbonator is fully calcined. Our model results



Synthesis 33

indicate that this assumption introduces inaccuracies in predicting the performance of the IHCaL
pilot plant (see Figure 16, right).

During pilot tests, we obtained higher capture rates operating in the turbulent fluidization
regime (Figure 17). For higher velocities, beyond the onset of fast fluidization, it was not possible
to achieve more than 75 % capture efficiency (see Figure 17, right). Our model predicts the capture
efficiency in this region with acceptable accuracy but shows a slight positive bias. This may be
caused by the loss of contact efficiency due to the transition into the fast fluidization regime. The
lower performance cannot be explained form changes in the inventory.

Charitos et al. [73] compared two CaL test rigs. One of them was operated in the turbulent
fluidization regime (INCAR-CSIC), whereas the other was operated in the fast fluidization regime
(IFK). They concluded that the operation in both regimes is possible but reported that the gas-solid
contact efficiency of the turbulent bed was 62 % higher than that of the fast-fluidized reactor. Our
results point in the same direction. Recently, Diego and Arias [144] reported better carbonator
performance for lower gas velocities, based on experimental results from a 1.7-MWy CaL pilot
facility. They explained that the inventory reduction due to increased entrainment was the cause
of performance loss at higher velocities. Nevertheless, with appropriate reactor design and
coupling devices (taller reactor, efficient cyclones, etc.) the high entrainment can be compensated
for. Our observation of a shift in the fluidization regime gives a plausible explanation for the
significant entrainment increase and the impaired reactor performance.
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Figure 17. Carbonator performance and fluidization regime. The carbonator efficiency is higher for lower velocities
corresponding with the turbulent regime. On the other hand, the influence of the inventory is low. Adapted from RP IV.

Regarding the influence of the inventory on the carbonator efficiency (Ecam), it is generally
reported that high inventories increase CO. capture rates. We found this to be true up to a
minimum threshold, after which Ecr is almost independent of the amount of sorbent in the
reactor. This is explained by the low contact efficiency in the dense region or bed. As long as there
is a minimum amount of material to maintain a dense bed at the bottom of the reactor, the lean
region remains almost unaffected by the additional inventory. Our observations from the reactor
sub-model match the experimental data well, which do not indicate any influence of the inventory
in the reactor performance beyond a specific inventory of approximately 400 kg/m?. A similar
behavior has been reported in previous experimental studies. Diego et al. [144] observed a sharp
decrease of CO; capture capacity below the 400-kg/m? threshold based on experimental data from
a 1.7-MWy, plant. Haaf et al. [87] indicated a good carbonator performance for inventories
between 400 and 500 kg/m?in a 1-MWy, CaL pilot plant.

The carbonator hydrodynamics for the pilot tests at the 300-kWy, pilot plant are illustrated
in Figure 18. Figure 18.a displays the pressure distribution along the carbonator for four different
operating conditions: low speed (u < 2.6) and high speed (u$ > 2.6), corresponding to turbulent
and fast fluidization, and high inventory (> 45 kg) and low inventory (< 45 kg). The solid volume
fraction (e;) was obtained by considering the weight of the particles as equal to the drag force
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generated by the upward-moving gas [139] and differentiating the pressure data numerically using
a central-difference scheme [211]. The calculated solids distribution is illustrated in Figure 18.b
for the balance points corresponding to the data of Figure 18.a. For all the balance points, a dense
bed can be distinguished, which agrees with our modeling approach (see Figure 14, left). In Figure
18.b, our model predictions (indicated in red) are compared to those of previous studies (indicated
in black) [141]. The main difference of our model is that we corrected the solid volume fraction
(&) in the dense region (bottom section of the reactor) and the decay ratio shaping the exponential
curve in the lean region (top section of the reactor). This figure highlights that using model
constants from previous studies can lead to significant inaccuracies in predicting the solids
distribution. A similar finding had already been reported by Junk [213, p.113] when analyzing
data from a 1-MWy, CalL facility. He obtained higher values of & in the dense region than those
recommended in the literature for carbonator modeling. His hydrodynamics model was only able
to predict the experimental results after adjusting this input. Accurately modeling carbonator
hydrodynamics is crucial for achieving precise prediction of the carbonator efficiency. If the solids
distribution is not properly modeled considering riser characteristics and operating conditions, the
carbonator model may fail to predict the reactor behavior accurately.
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Figure 18. Hydrodynamics of the pilot plant: pressure experimental data (left), and solid volume fraction from
experimental data compared with our model (mean values) and other model based on typical assumptions from the
literature (right). Adapted from RP IV.

The model predictions indicate better performance for taller reactors and smaller cross
sections. Other parameters influencing Eca are the particle diameter (dp) and the specific core-
wall exchange coefficient (k..w). This indicates that reactor geometry, particle characteristics, and
the operating regime have a significant impact on performance. These factors should be considered
when scaling up the carbonator. This can be done by using our carbonator model and following
the recommendations of RP IV and RP V.

The validation of the particle sub-model was performed using experimental data from pilot
tests at the 300-kW, scale and TGA analysis from our experiments and from the open literature
[140,207]. We considered three aspects for the validation: (i) validation of the reaction kinetics
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using TGA data; (ii) validation of the sorbent deactivation using results from pilot plant operation,
which is independent of the reactor sub-model (see Figure 19); and (iii) validation of the entire
model using pilot test results (see Figure 16, right). For the last aspect (iii), the overall model
including the particle sub-model and the reactor sub-model is validated using the particle
carbonation degree after the carbonator (Xcar).

The validation of the deactivation model is illustrated in Figure 19. The discrete results,
represented by circles and triangles, were obtained from solid samples extracted from the 300-
kWy, pilot plant during the 2016 test campaigns (see Section 1.4). To obtain the mean sorbent
activities, the solid samples were fully calcined and recarbonized [122]. Since this methodology
imposed an additional calcination-carbonation cycle, the activity from sorbent samples is denoted
as Xy+1. The mean sorbent activity (Xy) of the model was obtained using the calculated values of
y based on the sorbent circulation and make-up rates from the pilot tests. The model results are
indicated with a red continuous line. The same calculation was performed by starting the series at
N = 2 (corresponding to N+1), yielding the model values of Xy+1 for comparison with the results
from solid samples. In Figure 19, these model results are displayed with a black continuous line.
The calculated Xy is slightly higher than the values of X, determined from solid samples. This
shows that the model’s prediction is accurate, since Xy represents the maximum possible value of
Xcarr. The model results of Xy+1 fit the empirical data reasonably well. The deviations can be
explained by the uncertainties in calculating the circulation and make-up rates, as well as the
variability in the performance of the carbonator and the calciner. Overall, our deactivation model
predicts the empirical data with reasonable accuracy, despite significant variations in make-up and
circulation rates. An alternative calculation of Xx+1 using the deactivation model from Abanades
et al. [185] resulted in a considerable overprediction of sorbent activity due to neglecting the
particle age distribution.
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Figure 19. Sorbent behavior throughout the pilot tests: sorbent activity (Xv), sorbent conversion (Xearb), and validation
of the deactivation model. The markers represent discrete data from sorbent samples taken during the pilot tests. The
gray markers correspond to outliers. Simulation results are indicated with lines. Adapted from RP V.

At the end of March 9, SO, was added to the gas entering the carbonator to evaluate the
influence of this contaminant in the capture capacity. At around this time, many sorbent samples
were taken. There is some overprediction of the sorbent activity, which may indicate that the
deactivation due to the formation of CaSO4 was higher than the one calculated with our model.

Overall, the carbonation degree of the particles at the carbonator outlet (Xcar) was relatively
low. This may be due to prolonged periods with little or no make-up material added. Another
possible reason is that the calciner was operated near equilibrium, which likely caused multiple
recarbonation and calcination cycles within the reactor, accelerating particle deactivation. During
some periods of low Xcan, high carbonation efficiency (Eca) could still be achieved due to the high
circulation rates.

Using our carbonator model, we estimated the influence of the calciner performance on Ecarp.
Previous works had done this, but only for a narrow set of operating conditions. In contrast, we
evaluate the influence of the overall system age number (y =~ Fz/Fo) and the circulation rate
(Fr/Fco2) on the sensitivity to the degree of carbonation at the carbonator inlet (Xcac), which
depends on Ecac—see Eq. (6). The result of this analysis is summarized in Figure 20. Atsonios et
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al. [134] used an Aspen Plus Gibbs reactor to take the calcination into account for their Cal. CFD
simulations. Assuming Fr/Fco2 = 14, they observed a drop in CO. capture efficiency for
Xeale > 0.04. Our results confirm their observations for the case y = 50 (see Figure 20.a).

If the sorbent circulation rate (Fr) is kept constant, there is an improvement in the maximum
sorbent activity (Xy) for lower Ecac (i.€., higher Xcac) due to a reduction in the number of effective
calcination-carbonation cycles of the particles. However, this comes with a decrease in the
carbonator efficiency (Eca) due to the influence of Ec,ic in the carbonator performance. Rodriguez
et al. [149] observed that if Ecar is maintained constant by increasing Fr, the value of Xy decreases
with lower Ec. They indicated that this effect is stronger for higher sorbent make-up rates.
Nevertheless, as shown in Figure 20, systems with more aged sorbent are more sensitive to Eca;
thus, higher make-up rates reduce the sensitivity to calciner performance. In summary, CaL
systems experiencing calcination issues will benefit from additional make-up.
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Figure 20. Variation of the carbonator efficiency (Ecab) with the calcination performance (characterized by Xcaic).
Results are displayed for different specific circulation rates (a—c) and different system ages (y). Adapted from RP V.

Apart from the penalty in Ecan, the destination of the spent sorbent is to be considered for the
design of the calciner. If the spent sorbent is to be used as quicklime or as material for the
production of cement clinker, high calcination rates with mild operating conditions (e.g., low
temperature) are desirable [125]. For some scenarios, it may be possible that the specifications of
the spent sorbent are stricter than the process constraints.

In RP IV, we addressed research sub-question (v) by demonstrating that accurately modeling
reactor hydrodynamics is essential for predicting carbonator performance, and by showing that
turbulent fluidization offers advantages in operating carbonators for CO. capture. Research sub-
question (vi) was primarily addressed in RP V, which highlighted the influence of calciner
performance and sorbent activity on the carbonator efficiency, proving that calciner issues can be
mitigated by increasing make-up rates.

In conclusion, many of the modeling assumptions found in the literature of carbonator
models lead to overprediction of our pilot plant experimental data. RP IV and RP V present
guidelines for accurate carbonator modeling, including procedures for deriving model constants
from empirical data, improved gas-solid contact equations, a thorough discussion of fluidization
regimes, a methodology for considering the influence of calciner performance, and a novel
approach to include the effect of variations in sorbent circulation and make-up rates.

2.3 Calciner modeling and design

In Research Paper VI (RP VI), the CaL calciner is modeled and optimized based on results from
TGA and pilot tests. The novel model consists of two sub-models: a particle sub-model, considering
particle conversion and kinetics, and a reactor sub-model for the simulation of the gas conversion
and the calculation of the CO, concentration throughout the reactor height.

The particle sub-model consists of a volumetric (R3) shrinking model using the dependency
on the CO,, partial pressure (pco2) from Garcia-Labiano et al. [66]. Other models, such a shrinking
surface model (see [214]), were also considered, but the R3 mechanism provided the best fit. An
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Arrhenius-type dependency is assumed to include the effect of temperature on the reaction rate.
To obtain the main kinetic parameters, thermogravimetric analyses (TGA) were performed using
an STA 449 F3 Jupiter TGA from the company Netzsch [215]. The analyzed samples consisted of
3 mg of the sorbent used in the pilot tests, specifically Messinghausen limestone (98.3 wt.% CaO).
For the TGA tests, the particle size of the samples was 106-200 um. The temperatures varied
between 850 °C and 875 °C, and the CO- partial pressure was in the range 10-70 kPa. Figure 21
illustrates the results of the TGA tests as well as the fitting exercise with the R3 model. The model
predicts all test points with a root mean square error (RMSE) lower than 3 %.

(a) Fitting with an R3 model; T' = 850°C (b) Fitting with an R3 model; T' = 875°C
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Figure 21. Data from TGA fitted with a volumetric shrinking model (R3) for different temperature and partial pressures.
The best fit was achieved with the R3 model, which was used for the calculations in the calciner model. Adapted from
RP VL

The total calcination at the calciner outlet is calculated using a residence time distribution
(RTD) to account for the contributions of each particle. We assume perfect mixing of the particles
in the calciner, following previous studies on modeling of fluidized beds [63,146,162]. We derived
the following expression for the calcination efficiency dependent only on the calcination time (t.),
i.e., the time to achieve full calcination, and the mean particle residence time in the calciner (z):

E.. =[1—exp(—tc /T):| 6(z/t.) —6(z/t,) +3(z/1.) 17

The calcination time (t.) is obtained using the particle sub-model. Since this parameter
depends on pcoz, which varies along the reactor, t. is calculated using an equivalent CO- partial
pressure (pcoz), which is obtained iteratively with the reactor sub-model. To achieve an efficiency
of 90% in the calciner, a mean residence time of 7 = 2 t. is required.

An important novelty of our calciner model is the calculation of the CO. concentration
throughout the reactor height using a Kunii and Levenspiel (K-L) reactor sub-model [137]. This
approach enables accurate predictions for both the oxy-fired and indirectly heated calciners,
without requiring significant computational effort. The model was implemented in MATLAB
R2023b. For the computation of the entire model, we followed a similar approach to that used in
previous works on reactor modeling (mainly [141,212]). This approach involves solving the
particle and reactor sub-models iteratively until an equivalent CO partial pressure (pco2) that
satisfies the mass balance is obtained.

In RP VI, we introduce two dimensionless parameters to enable generalized predictions of
calciner performance, and to support effective calciner assessment and design across a wide range
of operating conditions: the driving force (DF) and the dimensionless active time (Tac). The driving
force, DF, is the ratio of the equilibrium CO; partial pressure (pcozeq) to the maximum achievable
CO, partial pressure at the calciner outlet corresponding to full calcination (p¢os,ou):

DF = Pcoreq /pZZOZ,out; péOZ,out = — P Rl (18)
1+ |:Xca'rb FR+O/F;nert _(1 _p/pCOZ,in) :|
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In Eq. (18), pcozeq is the equilibrium CO; partial pressure from Eq. (3), p is the reactor
pressure (typically atmospheric), Xcas Fr is the molar flow rate of carbonate into the calciner, Finer
is the molar flow rate of inert fluidization gases (e.g., N2, H20), and pcozin is the CO, partial
pressure at the calciner inlet. The term Xca, Fr/ Finere represents the influence of the CO, generated
through calcination on pcoz. Increasing this term or the inlet CO- partial pressure (pcoz,in) reduces
DF, making it more challenging to obtain high levels of calcination. The definition of DF is based
on the premise that the ratio pcoz.eq/pcoz is the primary driver of calcination, which strongly aligns
with empirical observations [66]. Eq. (18) was obtained by performing a molar balance in the
calciner. Figure 22 (left) illustrates the influence of DF on the calciner efficiency using both
experimental and modeling results.
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Figure 22. Validation of the calciner model with results from pilot tests at the 300-kWw pilot plant. The dependence of
the calciner efficiency on the driving force DF (left) and the parity plot (right) show agreement between the model and
the empirical results. The broken lines in the party plot (right) indicate a 20 % deviation from the experimental values.
Adapted from RP VI.

The dimensionless active time (zk) is used to assess the influence of the particle residence time
on the calciner efficiency. This parameter is derived from the ratio of mean particle residence time
(7) to calcination time (¢.), which governs calciner performance (see Eq. (17)). Using our particle
model, we obtain the following definition of zj:

* T

P — (19)
' 3Xcarb/kc

Here, k. is the particle kinetic rate obtained with the particle model and data from TGA tests.
The denominator (3 Xew/k.) corresponds to the calcination time (z.) without the function that
accounts for the influence of the CO- partial pressure, as this effect is already incorporated into
DF. The factor 3 depends on the influence of the particle conversion on the calcination rate and
should be adjusted if a different particle model is used. Since the dimensionless active time (Thc)
depends on the specific kinetics of the sorbent, it can be used to derive general results, applicable
across a wide range of operating conditions, including different sorbents. We recommend using
Thee only in conjunction with DF.

Our calciner model was validated with experimental data from two different pilot tests at the
TU Darmstadt: the 300-kWy, IHCaL pilot plant with a heat-pipes heat exchanger, featuring a
bubbling fluidized bed (BFB) calciner [118,120]; and the 1-MW4u, oxy-fired CaL plant with a
circulating fluidized bed (CFB) calciner [177,216]. The validation using results from IHCaL pilot
tests is illustrated in Figure 22. In Figure 22 (right), each marker represents a balance point in
which sorbent samples were taken. For each balance point, two-hour average values were
calculated and used as inputs for the calciner model. The simulation results align with the
empirical values. The validation results are also included in Figure 22 (left) to demonstrate that
the simulation and experimental results exhibit similar variations with DF. To illustrate the
influence of higher driving forces (DF), we ran our calciner model using random input parameters
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representative of the IHCaL pilot plant, following the methodology explained in RP VI. The results
shown in Figure 22 (left) correspond to cases where Ecac > 80 %.

In RP VI, we use our calciner model to derive generalized predictions of calciner performance
using a stochastic methodology. To do this, we ran our model 5,000 times with randomly
generated inputs corresponding to commercial IHCaL and oxy-combustion Cal facilities. To
interpret the results, we use the dimensionless numbers DF and 7. Figure 23 illustrates the
influence of DF and 7 on the calciner efficiency (Ecac). For calciners with high specific inventories
(7« > 100), DF = 2 delivers optimal performance. For lower specific inventories, 7i = 15 is
effective with DF = 3. However, additional optimal combinations are possible (see Figure 23,
right). In general, the lower the 74, the higher the DF required to achieve high calciner efficiency.
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Figure 23. Calciner performance (Eclc) for varying DF and i, using our calciner model and the operating conditions
corresponding to IHCaL (BFB) and oxy-fuel CaL (CFB) operation. The two sub-figures show the same results but use
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Using the results from our study, we developed a simple methodology for optimizing the
calciner design. For oxy-fired calciners, the condition 7 > 15 should be verified and the calciner
operating temperature (T) is obtained by setting DF = 3 in Eq.(18). For realistic operating
conditions, T will be in the range 930-965 °C. For indirectly heated calciners (IHCal) we set
T = 950 °C unless steam is used to lower the operating temperature. Some possible set points are
T = 900 °C with a steam ratio (SR) of SR = 0.4 kgu20/Kgco2, and T = 925 °C with SR =
0.2 kgn20/kgco2.

In conclusion, RP VI addressed research sub-question (vi) by developing a calciner model
capable of accurately predicting calciner operation for IHCaL. and CaL systems. The model was
validated with data from tests performed at different facilities, which indicates its wide range of
application. The guidelines derived using the calciner model and a stochastic methodology allow
minimizing energy penalties without compromising CO- capture efficiency.

2.4 Conclusion

This dissertation brings IHCaL CO- capture technology for lime plants closer to commercialization
by developing novel integration concepts, enhancing the understanding of this technology through
new reactor models, and demonstrating the competitiveness of the analyzed configurations via
techno-economic analysis. Our study provides valuable information on the potential of indirectly
heated carbonate looping technology (IHCal) for reducing CO, emissions in the lime industry.
Furthermore, it demonstrates how process configurations, fuel properties, operating parameters,
and components can be optimized to exploit this potential. The results from this cumulative
dissertation led to the following answers to the research sub-questions:

i) What are the key integration parameters influencing heat requirements and energy efficiency
in lime plants with CO, capture using IHCaL technology?
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The critical integration parameters are the preheating temperature of the combustion air, the
temperature of the sorbent stream at the calciner inlet, and the circulation ratio. Additionally,
the utilization of the sorbent purge as lime product is required for the feasibility of the
integrated concepts. For a highly integrated IHCaL configuration, there is an increase of 63 %
in the direct fuel requirement, but almost 30 % of the entire heat input can be converted into
electric power via heat recovery steam generation. Lastly, we found that heat recovery in
IHCaL. processes can be tailored to achieve desired outcomes such as reduced fuel
consumption or enhanced power generation.

ii) What is the potential for achieving net-negative CO» emissions using IHCaL technology in the
lime production, and how can this potential be exploited?

Negative CO- emissions are achievable using waste-derived fuels. Using IHCaL technology,
we attained emission reductions exceeding 200 % of the CO- emissions of the reference lime
plant without CO; capture.

iii) How do fuel type and properties influence the economic and energy performance of the
integrated IHCaL capture process in the lime production?

Efficient primary energy utilization is achieved by firing fuels with high biogenic fraction and
low specific CO emissions, such as high-calorific solid recovered fuels (SRFs). The evaluated
waste-derived fuels generate a significant reduction in CO, avoidance costs, compared to
using dried lignite to fire the combustor. The reason for this is the lower fuel cost and the
additional revenue associated with capturing the biogenic CO,.

iv) What is the cost-reduction potential of the IHCaL process for CO, capture from the lime
production?

We obtained CO, avoidance costs lower than 20 €/tcoz,av Using solid-recovered fuel (SRF).
The developed IHCaL concepts are competitive with alternative CO- capture technologies for
the lime production, which have avoidance costs of at least 30 €/tcoz,av.

v) What is the influence of carbonator hydrodynamics on the CO, capture efficiency of an IHCaL
system?

Inaccurate hydrodynamics models lead to significant overestimation of the CO. capture
efficiency in carbonator models. The newly developed carbonator model, which successfully
predicts empirical data of the 300-kWy, IHCaL pilot plant, indicates that operating in the
turbulent fluidization regime is advantageous in terms of reactor performance. Based on this
model, we provided guidelines for selecting model assumptions and designing carbonators
for efficient CO- capture.

vi) How do operating parameters and calciner performance affect sorbent activity in an IHCaL
system, and how does sorbent activity, in turn, impact the overall performance of the process?

The assessment performed with the carbonator model showed that the calcination efficiency
influences the carbonator performance differently depending on operating conditions. The
sensitivity to calcination efficiency is highly influenced by the sorbent circulation rate and the
sorbent activity. Poor calciner performance in Cal. and IHCaL systems can be compensated
for by increasing sorbent make-up rates. Our results show that previous models fail to
accurately predict the capture efficiency of the IHCaL pilot plant due to the assumption of
ideal calcination.

vii) How can the operating conditions of an IHCaL calciner be optimized to reduce the energy
penalty of the process without compromising CO, capture efficiency?

We developed a new calciner model that predicts the calcination efficiency of an IHCaL and
a Cal pilot plant accurately. Modeling the CO. concentration distribution in the calciner is
crucial for predicting the performance of the indirectly heated calciner. Our model was used
to derive optimization guidelines for the design of calciners. Calciners with oxy-fuel
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combustion should be operated at 930-965 °C to accomplish sufficient sorbent regeneration.
For indirectly heated calciners, an operating temperature of 950 °C is required to achieve
high performance. Lower temperatures (e.g., 900 °C) are also possible if steam is used for
fluidization.

2.5 Outlook

Despite the contributions of this dissertation to advancing IHCaL and CaL technology, significant
research efforts are still required for commercialization. In this section, we outline key
contributions that need to be made in terms of process development, reactor modeling, and
experimental research.

Process development

The reactor models (RP IV-VI) were developed after the process assessment was finalized (RP I-
III). For this reason, previous models from the literature were used in the process assessment.
These previous models have some limitations, which were pointed out throughout this dissertation.
Studies following up on our work should reassess our conclusions from process modeling
considering our improved reactor models and our observations from IHCaL pilot operation.
Furthermore, the methodology developed and the results obtained in this dissertation provide a
valuable foundation for integrating the IHCaL process into other industrial applications, such as
cement production and steelmaking—an area that remains insufficiently explored.

For the commercialization of IHCaL technology, the heat integration was found to be critical.
Simulation results and techno-economic indicators are promising if optimistic assumptions are
made regarding preheating of the combustion air and performance of the solid-solid heat
exchanger. However, the technical and economic feasibility of achieving the heat transfer rates
required is yet to be demonstrated. Further research should focus on developing key integration
components and demonstrating them with experimental tests.

In this dissertation, we optimized the IHCaL process in a broad sense, meaning that we
suggest design considerations based on model predictions, experience, and good judgement. In
many cases, the best design decision was immediately obvious. However, to further advance the
IHCaL. process, a more rigorous optimization based on formally setting up and solving
mathematical optimization problems may be useful [217]. An example of this could be a
mathematical optimization based on the minimization of the CO avoidance costs. Considering the
many parameters influencing the reactor and process models, as well as the increasing complexity
required to achieve accurate simulations, artificial intelligence (AI) may be deployed to accelerate
calculations without compromising accuracy [218]. The implementation of Al can bring benefit to
empirical studies as well by aiding in interpreting large experimental datasets.

Reactor modeling

Although we were able to validate our carbonator model, more data is required to ensure that the
model predictions are still valid up to higher scales and for a wider range of operating conditions.
Additionally, the radial solids distribution was not simulated in detail in our reactor sub-model.
Further work should assess whether this may affect the accuracy of our model under different
operating conditions, and if so, improve the model to achieve a more detailed description of the
radial solids distribution. The effect of attrition can also be incorporated [219]. Sorbent
deactivation due to influence of real flue gases containing SOx, NOx, Cl, and solid particles is
currently being investigated through long-term tests at CaL pilot plants. The findings from ongoing
projects should be used to update our model to different operating conditions, including those
relevant to CO. capture from lime and cement plants, waste to energy (WtE) facilities, and steel
mills.

The calciner model was validated using tests data from two pilot plants, which exhibited
significant differences in operating conditions, such as particle residence time in the calciner.
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Further research should explore whether our model and general guidelines are also applicable to
different sorbents and operating conditions. Additionally, follow-up studies should explore if even
lower operating temperatures can be achieved due to the catalytic effect of steam on calcination,
which was neglected in our model [220,221]. Similarly, other proposed strategies for decreasing
the calciner’s temperature may also be integrated in our model [164].

Experimental research

Further experimental research in pilot and demonstration plants is still needed before CaL and
IHCaL technologies can be deployed on a commercial scale without incurring significant risks. The
results of ongoing projects will be key to achieving commercialization in the near future.

Until now, the THCaL process with heat pipes has only been demonstrated using air to fluidize
the calciner [120,121]. However, this does not correspond to real operating conditions. Future
pilot tests should demonstrate the feasibility of IHCaL technology using realistic fluidization gases
for the calciner: CO, from EGR, steam, or a combination of both. Utilization of the spent sorbent
is a conditio sine qua non for the industrial application of the IHCaL process. Therefore, the
resulting samples from pilot operation under more realistic calcination conditions should be
analyzed to validate this type of integration.

Within the ACT ANICA project and the current dissertation, a capture efficiency of 90 % and
above has been considered sufficient [124]. However, higher capture efficiencies may not only
viable but also advantageous [222]. Different strategies have been proposed to achieve better
carbonator performance in CaL systems, such as cooling the higher regions of the carbonator [88]
and injecting Ca(OH). (slaked lime) [223]. Enhancing the carbonator efficiency under IHCaL
operation should be the focus of future research and pilot tests, with the models developed in this
work updated accordingly.

Other forms of calcination with CO- capture based in the IHCaL process may result in more
efficient energy utilization and reduced costs. One of these processes is the indirect calcination
process with integrated CO; capture developed by Greco-Coppi et al. [224]. This process is based
on IHCalL technology but avoids looping the sorbent, thereby significantly reducing sorbent
deactivation and energy losses associated with heating solids. Future studies should focus on
validating this process through experimental tests in a semi-industrial environment.
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Short Summary

This study analyzes two concepts for efficiently integrating the IHCaL into lime plants using heat
and mass balances and a sensitivity analysis based on process simulations using Aspen Plus. The
results show an increase of 63 % in the direct fuel consumption for a highly integrated concept,
but almost 30 % of the entire heat input can be converted into electric power via heat recovery
steam generation. Direct CO; emissions are reduced by up to 87 % when coal is used as fuel in the
IHCaL process. The preheating of the combustion air, the efficiency of the sorbent solid-solid heat
exchanger, and the utilization of the sorbent purge as lime product are critical for the efficiency of
the integration.
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ARTICLE INFO ABSTRACT

Keywords:

CO;, capture

Lime production

Calcium looping

Indirect heating

Heat pipe

Indirectly heated carbonate looping
Process modelling

Lime production is associated with unavoidable process CO5 emissions that can only be avoided by CO; capture
technologies. The indirectly heated carbonate looping (IHCaL) is a promising post-combustion carbon capture
technology that can be applied to lime plants with high potential for heat and mass integration. In this work, two
concepts for efficiently integrating the IHCaL into lime plants are proposed and evaluated. To study and char-
acterize these concepts, heat and mass balances were established, sensitivity analyses were performed, and key
performance indicators were calculated by means of process simulations. The results show an increase of 63% in
the direct fuel consumption for a highly integrated concept, but almost 30% of the entire heat input can be
converted into electric power via heat recovery steam generation. Direct CO; emissions are reduced by up to 87%
when coal is used as fuel in the IHCaL process, but net negative CO, emissions could be achieved when using
biogenic fuels. Critical points for integration are the preheating of the combustion air, the efficiency of the
sorbent solid-solid heat exchanger, and the utilization of the sorbent purge as lime product. The developed
models and the obtained results will be used to further develop the integration of the IHCaL into lime plants

through both experimental and numerical methods.

1. Introduction

Lime (CaO) is an important product used in different sectors of the
industry as well as in agriculture. The production of lime is achieved
through the calcination of limestone (mainly CaCO3) at temperatures
between 900 and 1200 °C. This process is highly endothermic and re-
quires the combustion of fuels such as gas oil, coal, coke, or some types
of secondary fuels (e.g. oil, plastics, paper) (Schorcht et al., 2013). CO4
emissions from combustion can be reduced by replacing fossil fuels with
renewable fuels such as biomass. Process CO5 emissions resulting from
the decomposition of CaCO3 amount to around 65% of total CO5 emis-
sions and can only be avoided by CO capture technology (IEA, 2020).

Several CO, capture processes are currently being developed, but
most of them have the consequence of high energy consumption leading
to lower plant efficiencies and increased costs (IEAGHGT, 2014).
Pre-combustion capture is not suitable for lime processes since process
CO, emissions cannot be captured (Bosoaga et al., 2009). Oxyfuel
combustion can allow for CO; capture from both process emissions and
combustion emissions, but it requires an air separation unit for supply of
pure technical oxygen (Carrasco-Maldonado et al, 2016).

* Corresponding author.
E-mail address: martin.greco@est.tu-darmstadt.de (M. Greco-Coppi).
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Post-combustion capture technologies generally have the possibility to
capture the major part of the total CO5 emissions. Solvent-based tech-
nologies are highly developed, but require huge amounts of heat for
sorbent regeneration (around 3.5 GJ/tco2) (Tola and Pettinau, 2014).
Another concept for capturing CO, from cement plants is the imple-
mentation of Calix’s Direct Separation Technology, in which raw meal is
calcined through indirectly heating to capture the unavoidable process
CO, emissions. This capture strategy is being developed within the
LEILAC (Low Emissions Intensity Lime And Cement) project. A pilot
plant capable of processing 10 tonnes of raw cement meal per hour has
been built and is being used to demonstrate the technology (Hills et al.,
2017; Hodgson et al., 2019). Within the CEMCAP project, four different
CO4 capture technologies for cement industry were evaluated: oxyfuel
technology, chilled ammonia process (CAP), membrane- assisted CO;
liquefaction (MAL) and carbonate looping (CaL) (Anantharaman et al.,
2018; Jordal et al., 2017; Voldsund et al., 2019). The results of CEMCAP
show that the lowest costs of CO5 avoided correspond to Oxyfuel (42.4
€/tco2) and CaL (52.4 €/tcoo) (Voldsund et al., 2019).

The carbonate looping (CaL) process, first proposed by Shimizu et al.
(1999), has the potential to significantly reduce the efficiency loss
compared to solvent-based technologies (Zhao et al., 2013). The process
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Nomenclature

CaL Carbonate looping

Calc Calciner

Carb Carbonator

Cyc. Cyclone

ecoz Direct CO, emissions (kg COs/tcao)

E Carbon capture efficiency (%)

Seale Fractional conversion (calcination) in calciner (-)

Searb Fractional conversion (carbonation) in carbonator (-)

Fo Molar flow rate of make-up calcium species (kmol/s)

Fco, Molar flow rate of CO, generated (kmol/s)

Fé“ég"’“t Molar flow rate of calciner CO, output (kmol/s)

Fé‘gi”"”t Molar flow rate of carbonator CO» output (kmol/s)

Fr Molar flow rate of calcium species at carbonator inlet
(kmol/s)

HR Heat ratio (-)

[HCal.  Indirectly heated carbonate looping process

IHCaLyp Indirectly heated carbonate looping newly built plant

IHCaLlpgry Indirectly heated carbonate looping retrofit plant with
regenerative solids/solids preheating

LHV Lower heating value (kJ/kg)

Mcqoproa  Total lime production of the process (t/day)

Py Power generation through heat recovery in the IHCaL
(Mwel)
PR Product ratio (-)

Prod Lime product (CaO)
PRK Preheated rotary kiln

Ref Reference lime production facility

q Direct fuel consumption (MJ/tcao)

Qin Total heat consumption of the process (MWy,)

Qoutircar.  Total heat extracted from the IHCaL to produce electricity
(MWy,)

Tprenear ~ Combustor preheated air temperature (°C)

Tsorb,calc,in  SOTrbent temperature at calciner inlet (°C)

Mhop Heat-to-power efficiency

A Specific make-up ratio (molcacos/molcoz)

0] Specific sorbent circulation rate (molc,/molcos)

operates at high temperatures, which allows for the utilization of heat
for power production in a steam cycle (Martinez et al., 2011; Lena et al.,
2017). Furthermore, the CaL process offers synergies with the lime in-
dustry since the sorbent is the raw material of the process. To supply the
heat for the calcination into the calciner, the most straightforward
strategy is the direct combustion of fuel with oxygen in the calciner
(Shimizu et al., 1999). This oxy-fired CaL process has been successfully
tested in several pilot plants up to 1 MWy, scale at the Technical Uni-
versity of Darmstadt (Hilz et al., 2017) and up to 1.7 MWy, scale in la
Pereda (Spain) (Arias et al., 2013). The integration of the CaL process
into the cement production using entrained flow reactors is being
evaluated within the CLEANKER project (Magli et al., 2021; Fantini
et al., 2021). With the objective of setting the basis for an industrial
application, a demonstrator at TRL7 has been erected at a cement plant
in Vernasca, Italy, and various test campaigns will be carried out during
2021 (Fantini et al., 2021).

The efficiency penalty of the CaL process can be further decreased
when the need for oxygen in the plant can be avoided (Junk et al., 2013).
This can be achieved by using steam for the regeneration of the sorbent,
as proposed by Fan et al. (Fan, 2012; Ramkumar and Fan, 2010; Wang
et al., 2010; Jordal et al., 2017). Another alternative is the indirect
heating of the calciner, e.g. through metallic walls (Martinez et al.,
2011; Abanades et al., 2007), by solids circulation (Abanades et al.,
2007; Moon et al., 2015), or via heat pipes (Junk et al., 2013; Reitz et al.,
2016; Hoeftberger and Karl, 2016). Heat pipes offer an excellent heat
transfer performance based on evaporation and condensation of a liquid,
i.e. sodium for temperatures > 800 °C, inside a closed pipe (Hoeftberger
and Karl, 2016). The flue gas of the external combustion chamber is
directed to the carbonator, where most of the CO, contained in this flue
gas is absorbed by CaO.

The main advantages of this indirectly heated carbonate looping
process (IHCaL) compared to the standard CaL process are summarized
as follows (Junk et al., 2016):

e No air separation unit is needed to produce pure oxygen, which leads
to lower investment costs and to a lower energy consumption.

e Fewer impurities (sulphur, ash) from a supplementary firing are
brought into the Ca-loop, so that spent sorbent will be of higher
purity and therefore be better suited for further utilization.

e Lower CaO deactivation rates are expected due to “mild” calcination
around the heat pipe surfaces compared to rather harsh conditions in
an oxy-fired calciner, so that sorbent remains more reactive.

e Lower attrition rates are expected due to a low fluidization velocity
in the calciner, which improves the operability of the fluidized bed
system.

e An almost pure CO; stream leaves the calciner, which allows for
technically easy and cost-effective COy purification process for
compression and storage/utilization of COa.

The IHCaL concept with heat pipes was previously evaluated with
respect to CO, capture from coal-fired power plants (Hoeftberger and
Karl, 2016). CO, avoidance costs have been calculated to 22.6 €/tcoo
(Junk et al., 2016) excluding CO, storage. A 300 kWy, pilot plant for
investigation of indirect calcination via heat pipes was successfully
operated for more than 400 h, with stable CO; capture at a temperature
difference between combustor and calciner of around 100 K (Reitz et al.,
2016).

Until now, the IHCaL process has only been considered for power
plant applications (Hoeftberger and Karl, 2016; Junk et al., 2016), but
not for lime or cement plants. This paper presents two novel concepts for
integrating the IHCaL process into an existing lime plant in Germany
(host plant), which have been developed within the ANICA project
(AdvaNced Indirectly heated CArbonate looping process). The host lime
plant uses a preheated rotary kiln (PRK) to burn limestone. With the
PRK, more than 600 tons of lime are produced per day in normal
operating conditions. One concept is a tail-end solution in an existing
lime plant placed after the kiln and capturing the CO; of the flue gas. The
other is an integrated solution in which the lime production and the
carbon capture are realized within the IHCaL facility. The concepts were
studied numerically and the corresponding results are presented in this
paper. For the experimental validation, three test campaigns in the pilot
scale (300 kWy,) are foreseen within the ANICA project (Strohle et al.,
2021).

2. Process concepts
2.1. Tail-end integration concept

The first concept considered in the analysis is the tail-end integration
solution, also known as the indirectly heated carbonate looping retrofit
with regenerative solids/solids preheating (IHCaLpyr) (Junk et al.,
2013). It entails a low amount of integration and is therefore suitable for
retrofitting. The IHCaL facility is located downstream at the end of the
lime production facility, as shown schematically in Fig. 1. Its main
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Fig. 1. Process diagram of the tail-end integration of the IHCaL into a lime plant in Germany.

components are the three reactors: the carbonator that operates as a
circulating fluidized bed (CFB) as well as the calciner and combustor
operating as bubbling fluidized bed reactors (BFB).

The original PRK facility is depicted on the left side of Fig. 1. The raw
material, i.e. limestone, is fed to the rotary kiln through a preheater (11
and 12). The limestone is calcined in the kiln and the burnt lime exits the
kiln (13). Afterwards, it is cooled down and processed for commercial-
ization (14). The heat of the burnt lime is recovered by preheating the
combustion air (1 and 2). The flue gases from the kiln (4) are used to
preheat the limestone (11) in the preheater. They are then cooled in a
quench (5 and 7), filtered (7 and 8), and driven to the IHCaL facility with
a compressor (8 and 21). The flue gases enter the carbonator (21) where
the CO, reacts with CaO to form CaCOs. Downstream of the carbonator,
the CO»-depleted gases are separated from the solids in the first cyclone
(Cyc.01, 22, 23, and 31). The solid particles enter the calciner (34)
where the calcination takes place. After leaving the reactor, the solids
are separated from the gases in the second cyclone (Cyc.02, 41, 42, and
32). The CO; exits in a high purity stream (42), and the solids, composed
mainly by CaO, are transferred back to the carbonator to restart the loop
(33). For the fluidization of the solid particles in the calciner, a part of
the high purity CO, stream (42) is recirculated (not displayed). Fuel (53)
is burned in the combustor to generate the heat for the calcination. The
same lignite that is being used to fire the PRK (3) is fed into the
combustor (53), but other fuels such as refused-derived fuels could also
be used for this purpose. The heat is transferred to the calciner via heat-
pipes (Hoeftberger and Karl, 2016). Downstream of Cyc.02, there is a
sorbent extraction point to extract the purge stream (35). This purge
stream consists of highly concentrated CaO that can be considered as
lime product output. Thus, the implementation of the IHCaL expands the
lime production capacity while allowing for CO; capture.

In the tail end configuration, the IHCalL facility could be placed at
two different locations of the existing lime plant. The first one is the
location right downstream of the limestone preheater (5). This location
has the advantage of a high CO, concentration, i.e. 31.0 vol-% (wet-
based). However, it has two disadvantages, i.e. high temperature (=~ 370
°C) and high solid particle concentration. This would enforce the addi-
tion of a heat exchanger and a high temperature filter before the IHCaL

facility, which would increase the CAPEX and maintenance costs
considerably. The second location is right after the main flue gas filter
(7). Upstream of this point, the flue gas has been quenched with air (6),
thus, the CO, is diluted to a concentration of 18.1 vol-% (wet-based).
This concentration is slightly higher than typical concentrations for
power plants (Haaf, 2020; Junk, 2017). The previous pilot tests at TUDA
used a CO4 concentration of 14 vol-% (dry-based) corresponding to a
reference power plant (Reitz et al., 2016). The low temperatures at this
location make the integration of an IHCaL facility a straightforward task,
without the necessity of adding preparation equipment such as filters or
heat exchangers. From the economic point of view, this solution was
therefore chosen for this study.

In order to reduce the fuel consumption in the combustor (53), the
combustion air (51 and 52) is preheated with the flue gases from the
combustor (54). Moreover, a solid-solid heat exchanger is installed to
transfer heat between the circulating sorbent streams (31 and 32),
reducing the energy requirement in the calciner to heat up the entering
solids (34). The heat from the CO,-depleated flue gases (23), the CO»-
rich flow (42), and the cooling of the carbonator is used to generate
power through a heat recovery steam cycle (De Lena et al., 2018;
Lasheras et al., 2011). In order to maintain a high CO; capture rate, it is
necessary to maintain a high activity of the sorbent inventory. This is
realized by removing a fraction of the solid inventory (35) and replacing
it with fresh limestone (24). In the tail-end solution, the purge is
extracted after the calciner (35), so that it can be sold as lime product of
high purity.

2.2. Fully integrated concept

The second integration concept is a full integration, in which the
reference plant is completely replaced by a new facility. This concept is
referred to as IHCaL newly built plant (IHCaLyp) (Junk et al., 2013). The
IHCalL facility serves as calcination unit with inherent CO, capture. In
the analysis of this solution, the same operation parameters as used in
the tail-end solution were adopted.

An overview of the fully integrated concept is presented in Fig. 2. The
raw material (11), limestone, is directly fed to the carbonator (12),
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Fig. 2. Process diagram of the fully integrated concept of an IHCaL for lime production and carbon capture.

where it is mixed with the circulating solid inventory. In the carbonator,
the CO2 contained in the flue gas from the combustor reacts with the
lime to form CaCOs. The solids and the gases exiting the carbonator (22)
are separated by Cyc.01.

The solids enter the calciner (34) where the calcination takes place.
In this model, the calcination plays an important role in the production
of lime from limestone, apart from regeneration of the sorbent. Down-
stream of the calciner, the high-purity CO5 stream is separated from the
solids, composed mainly by lime (32, 41, and 42). The lime is then
recirculated to the carbonator to close the loop (33). Around 5-10% of
the recirculated lime is removed from the system to be processed and
sold (35 and 36).

The particularity of this solution is that all the limestone is calcined
by indirect heating, and therefore the CO, from the limestone calcina-
tion is produced entirely in the calciner. Thus, the need for a down-
stream separation of process CO is avoided. As a result, the only CO4
emissions that need to be captured in the carbonator are the ones
generated by burning the fuel in the combustor to generate the heat for
the calciner. This poses a huge advantage over the tail-end scheme, i.e.
much lower heat requirements and lower recirculation rates for the
same conditions.

Regarding the heat integration, the COy-depleated stream coming
from Cyc.01 (23) is used to preheat the limestone (11). Furthermore, the
combustion air (50) is preheated with the burnt limestone (35) and the
flue gases coming from the combustor (54). Additionally, a solid-solid
heat exchanger is included to transfer heat between the two loop-
streams (31 and 32). Lastly, power is generated by recovering the heat
from the two flue gas streams (23 and 42) and the cooling of the
carbonator.

3. Methods
3.1. Process modelling

The software ASPEN PLUS™, version V11, was used to solve the
mass and energy balances. ASPEN PLUS™ is a steady-state process
simulation software, which has a powerful data base of properties for
various substances (Zhang et al., 2011). The programming in ASPEN
PLUS™ was carried out graphically, and some custom routines in
FORTRAN language were added. Furthermore, the software allows for
conducting sensitivity analyses in an efficient way. This feature was

integrated in this work.

For the simulations, the process was modelled in steady state con-
ditions, and the solid-gas separation in the cyclones was considered
ideal. The system pressure was set to 1.013 bar, and the pressure drops
were neglected. The solids were considered inert with respect to the
phase equilibrium, i.e. no dissolution or vaporization was allowed for
solids. The Redlich-Kwong-Soave model was used for the calculation of
the properties of the gases (Tilak and El-Halwagi, 2018). For the solids,
the properties were calculated with polynomial functions, which are
already programmed in ASPEN PLUS™. In particular, the energy,
enthalpy, entropy and heat capacity were calculated with the Barin
equations (Aspen Technology, Inc. 2001). The APV110 database, from
Aspen Technology Inc., was used as input for the property calculations.
The rotary kiln was modelled using three reactor blocks, according to
the work of Zhang et al. (2011). To model coal combustion, the fuel was
first inserted into a yield reactor that decomposes it into the elementary
molecules and heat. Afterwards, the resulting stream was burned with
the combustion air in a Gibbs reactor, which minimizes the Gibbs’ free
energy in order to calculate the heat production and the products yield.
Finally, the heat, the combustion products, and the lime were inserted
into a conversion reactor, where the calcination takes place. The degree
of calcination of CaCOs, in this reactor, was set to 99%, according to
available empirical data from the host plant. The combustor of the
IHCaL process was modelled analogously. For all the combustion pro-
cesses, an air-fuel equivalence ratio (1) of 1.2 was considered according
to the host plant. The temperature of the IHCaL. combustor was set to
1000 °C to allow for 100 K temperature difference to the calciner, ac-
cording to (Reitz et al., 2016, 2014). The calcination and carbonation
reactions in the IHCaL reactors were modelled with conversion reactor
blocks, where the reactions take place at specified molar fractional
conversions (f). The fractional conversions are the degree of carbonation
(fearp) for the carbonator, and the degree of calcination (f.q.), for the
calciner. f.q. was set to 0.99, according to previous models of the
research group (Junk et al., 2013; Haaf, 2020; Haaf et al., 2017), and
fearb Was varied relative to the capture efficiency set point. The heat
exchangers were modelled considering the temperature variation as
input (see Table 3) to obtain the heat flows as a result.

The fuel and raw material compositions (shown in Tables 1 and
Table 2, respectively) were defined according to the reference plant. The
same pre-dried lignite (LHV = 21,500 kJ/kg) used to fire the PRK was
implemented as fuel for the combustor in the IHCaL. Similarly, the



Research Paper [

M. Greco-Coppi et al.

Table 1
Composition of the pre-dried lignite (LHV = 21,500 kJ/kg)
implemented as fuel for the PRK and the combustor of the

IHCaL.
Component Mass fraction (%)
C 56.7
H 4.3
Cl 0.2
S 0.8
(0] 21.5
N 0.7
H,0 (moisture) 10.3
Ash 5.5
Table 2

Composition of the limestone.

Component Mass fraction (%)
CaCOj3 98.3

MgCO3 0.7

SiO, 0.7

Fe203 0.1

Al20; 0.2

SO3 <0.1

limestone’s composition from the reference plant (98.3 wt% CaCOg3) was
used for all the limestone inputs in the model.

3.2. Key performance indicators

In order to evaluate the solutions proposed, the following key per-
formance indicators were considered. The CO, capture efficiency, E, is
defined as the ratio of the captured CO5 to the generated COs, in terms of
molar flow rate. E is obtained by Eq. (1) considering the CO5 leaving the
calciner, Fgg, **, and the CO; leaving the carbonator, i . In previous
IHCaL pilot tests, CO, capture efficiencies higher than 90% were ach-
ieved (Reitz et al., 2016). A CO5, capture efficiency of 90% was set as an
input parameter because the focus of this study is on the energy and
mass balances rather than the kinetic and the design of the components.

Fgg(‘.aur
E= calc,out : arb out (1)
F CO, + FZ‘();
The product ratio, PR, considers the production of the entire process
including the IHCaL unit, Mcqopred, in relation to the production in the

reference plant, m7, proq» according to Eq. (2).

PR — m(;aO.pmd (2)

ref
méa(),pmd
The heat ratio, HR, defined in Eq. (3), is used as the indicator of the
heat requirement for CO, capture and lime production. It is calculated
considering the lime produced and the heat requirement in the original
process, Q,T,‘jf , and in the entire process including CO; capture, Q;,.

Qin/mCaO,pmd
HR=—"—F—— 3)

ref [ - ref
in mCaO,prod

For the power generation, P, from the high temperature heat of the
THCaL, Qout rear; @ heat-to-power efficiency, 7,,, of 45% is assumed in
this work (see Eq. (4)). This value of nthcorresponds to a net electrical
efficiency of around 40%, in the case of a thermal power plant, which is
in agreement with reference values from the literature (IEA, 2020). A

detailed concept for heat recovery of a similar system can be found in the
work of (Lena et al., 2017).

69

International Journal of Greenhouse Gas Control 112 (2021) 103430

Per = 110, Qout rcar @

For the CO5 balance, the specific direct COy emissions, ecpz, are
calculated as the amount of CO2 directly emitted into the atmosphere
from the complete process per unit of lime produced. The specific direct
fuel consumption, g, is defined as the direct primary energy consump-
tion in the entire facility per unit of product (i.e. CaO).

3.3. IHCalL operation parameters and sensitivity analysis

The results from former experimental and numerical work of the
group (Hilz et al., 2017; Reitz et al., 2016; Haaf, 2020) were used to
define the fractional conversion in the reactors and the main operation
parameters. With respect to the boundary conditions, the operating
temperature of the calciner is set at 900 °C to enable a full calcination at
nearly pure COy atmosphere, according to the models of Baker and
Garcia (Baker, 1962). The operation temperature of the carbonator is set
to 650 °C, according to Junk (2017), in order to achieve a maximum
capture efficiency of around 90%.

The make-up flow, which is needed to avoid the build-up of inert
species and to maintain the proper activity of the sorbent (De Lena et al.,
2018), is characterized with the make-up ratio, A, i.e. the ratio of the
molar flow rate of make-up calcium species to the total molar flow rate
of CO; according to Eq. (5). For the base-case simulations, the make-up
ratio was set to 0.2, considering Hilz et al (2017).

F
A=—2
FC()2

)

Another important dimensionless parameter is the specific sorbent
circulation rate, ®, which considers the molar flow rate of calcium
species that are fed to the carbonator, Fg, as defined in Eq. (6). The
specific sorbent circulation rate was varied between 6 and 24 (Haaf,
2020) in the simulations. The optimal design point depends on the
make-up ratio, the set point of the capture efficiency, the deactivation of
the sorbent, and techno-economic considerations.

F,
="
Feo,

©

For the sensitivity analysis, five parameters were considered—three
key performance indicators and two temperatures, namely, the sorbent
temperature at the calciner inlet (Tsorp,calc,in) and the temperature of the
preheated combustor air (Tpreneq). A base case was defined and each
parameter was then varied leaving the others constant. The values in the
base case as well as the range of variation are shown in Table 3. The
operation parameters are summarized in Table 4.

4. Results and discussion
4.1. Results of the base case

The heat and mass balances of the reference PRK facility were
calculated with less than 1% deviation from the reference values pro-
vided by the operator. The output parameters considered for the vali-
dations are the flue gas molar flow after the preheater, the CO,
concentration of that facility, and the production in tones per hour of
lime.

Table 3
Base case and range of variation for each parameter in the sensitivity analysis.

Base case Range

Carbon capture efficiency (E) 0.9 0.4 -0.95
Specific make-up ratio (A) 0.2 0.05 - 0.40
Specific sorbent circulation rate (®) 6 6 - 30
Combustion air temperature (combustor) (Tprenead) [°Cl 800 200 - 900
Sorbent temperature at calciner inlet (Tsorp, calc,in) [°C] 810 650 - 875
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Table 4

Summary of the operating parameters assumed for the modelling of the base
case.

Main IHCaL Parameters

CO;, capture efficiency (E) 90%
Specific sorbent circulation rate (®) 6
Specific make-up ratio* (A) 0.20
Seate 0.99
Operation Temperatures

Carbonator operating temperature [°C] 650
Calciner operating temperature [°C] 900
Sorbent temperature at calciner inlet [°C] 810
Combustor operating Temperature [°C] 1000

* A is an output for the THCaLyp,

Table 5
Results summary and main operation parameters.
ITHCaLpgry IHCaLnp
Heat ratio (HR) 2.54 1.63
Product ratio (PR) 2.26 1.01
Specific make-up ratio (A) 0.20* 0.47
Carbonator
Flue gas temperature at carbonator inlet [°C] 338 574
Sorbent temperature at carbonator inlet [°C] 664 656
Flue gas from lime plant [kmol/s] 1.13 -
Flue gas from IHCaL combustion [kmol/s] 2.53 0.88
Total flue gas flow to the carbonator [kmol/s] 3.66 0.88
Total CO, molar concentration in the flue gas [mol/mol] 0.164 0.157
Molar conversion of the sorbent exiting the carbonator 0.148 0.154
[molcacos/molcal
Calciner
Sorbent mole flow at calciner inlet [kmol/s] 4.63 1.52
Purge CaO flow [t/day] 718 582
Calciner heat input [MW,] 141 49.1
Combustor
Fuel Consumption IHCaL [kg/s] 8.38 2.93
Combustor heat input [MWy,] 180 62.9

“ Aisan input for the IHCaLpgry.

The lime extracted from the purges of the IHCaL shows a high purity
(97.5 wt% CaO). Consequently, it can be sold as product of the lime
production, which makes the IHCaL process especially suitable for the
application to lime plants. For the base case defined in Table 3, the main
results are shown in Tables 5 and Table 6.

The direct fuel consumption of the reference PRK (5090 MJ/tc,0) is
in the lower limit for this kind of kilns, according to the BREF values
(Schorcht et al., 2013). The tail-end solution (IHCaLpry) leads to a 154%
increase of the direct fuel consumption (12900 MJ/tca0) and a 70.5%
reduction of the direct CO emissions with respect to the reference plant.
For the fully integrated case (IHCaLyp), the increase in fuel consumption
is only 63% (8300 MJ/tca0), and the reduction in direct CO, emissions is
87.4%. For this case, the electricity generated through heat recovery
amounts to 29.6% of the total thermal energy input. This implies a
further reduction in the net CO5 emissions, considering the avoidance of
the CO; from the grid’s power generation. Furthermore, the combustor
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can be adapted to burn refuse-derived fuels with high biogenic content,
which would allow for negative CO, emissions.

In the tail-end concept, the product ratio is as high as 2.26, which
means that more lime is being produced in the IHCaL facility than in the
PRK. The production of the IHCaLyp is very similar to the reference plant
(PR = 1.01) because the raw material input is the same for both. The
specific make-up ratio is set to 0.2 for the tail-end concept. This
parameter controls the production from the IHCaL facility in the case of
the IHCaLpry. While it may be more reasonable to keep this production
low, it is necessary to maintain a certain make-up as explained in Sec-
tion 3.3. For the fully integrated solution, the make-up ratio is an output
variable. This is because the raw material input is considered the same as
for the reference plant in order to achieve the same production. Due to
the high value of A for this integration solution, a highly reactive solid
inventory can be expected. The modelling of the inventory’s activity is
out of the scope of this paper. It will be studied empirically during the
test campaigns at the 300 kW, pilot plant of the Technical University of
Darmstadt (Strohle et al., 2021).

4.2. Sensitivity analysis

The most important results of the sensitivity analysis for the tail-end
concept are shown in Fig. 3. Fig. 3 (a) is a graph of the HR as a function of
the sorbent temperature at the calciner inlet, T, calcin, for different
values of preheated air temperature, Tprenear, Under the assumption of
constant circulation rate and make-up ratio. For Tprehear = 800 °C, an
increase of Tsorp,calc,in from 700 °C to 800 °C generates a decrease of 0.92
points in the HR, in the reference lime plant.

As expected, the higher the temperatures of the combustor air and
the sorbent at the calciner inlet, the lower the HR. This means that the
heat requirement is influenced by the heat exchange at the preheater
and at the solid-solid heat exchanger. In particular, the high influence of
solids preheating is remarkable, considering that a variation of 100 K
modifies the HR in as much as 0.9 points. Since the heat integration
affects the CO3 production and the sorbent flows should be adjusted to
comply with the CO, molar flow rate, there is an indirect influence of the
temperatures Tsorp, calc,in 3N Tprehear ON the product ratio, PR, as shown in
Fig. 3 (b). It is observed that the better the heat integration, the smaller
the production. An increase of the production could be a disadvantage if
there were limitations in space and capacity at the specific site. For
example, in the base case (Tprenear = 800 °C and Torp,caic,in = 810 °C), it
would be necessary to double the production (PR = 2.26) for the new
concept in order to capture the CO; of the rotary kiln.

Fig. 3 (c) shows that an increase in the make-up, and thus the pro-
duction, lowers the HR of the entire facility. This is because the CO;
emissions of the limestone calcined in the IHCaL calciner do not need to
be captured downstream, as it is the case of the emissions of the PRK.
Furthermore, as the production of the IHCaL facility is increased, the
tail-end solution becomes more similar to the fully integrated concept.
In this last concept, the heat penalty for carbon capture is smaller than
for the tail-end solution.

The results of the sensitivity analysis for the fully integrated concept

Table 6
Model results: CO and energy balances.
Reference plant IHCaLpry IHCaLnp
CO,, balance
Molar flow rate of CO, from kiln [kmol/h] 735 735 -
Molar flow rate of CO, from IHCaL combustor [kmol/h] - 1428 497
Molar flow rate of CO from calcined make-up in IHCaL [kmol/h] - 544 437
Total CO, output [kmol/h] 735 2706 934
Specific direct CO, emissions (ecoz) [kg CO2/tcao] 1345 221 169
Energy balance
Total heat input [MWy,] 38.2 218 62.9
Power generation (Pe) [MW,] - 70.6 18.6
Specific direct fuel consumption (q) [GJ/tca0] 5.7 14.6 9.3
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Fig. 3. Sensitivity analysis for the tail-end integration concept. In (a), the influence of Torp,caic,in @nd Tprenear ON the heat ratio (HR) is depicted. Furthermore, the
variation of the heat ratio (HR) and the product ratio (PR) with the specific circulation ratio (®) (b), the specific make-up ratio (A) (c), and the carbon capture

efficiency (E) (d) is depicted.

are summarized in Fig. 4. Fig. 4 (a) shows the variation of the heat ratio
with the main temperatures for the heat integration, Tsom,calc,in and
Tprehear- It is remarkable that, compared with the results from the tail-end
solution, the values of HR are much lower for the same temperature
values. Furthermore, it can be noticed that towards the limit of the
maximum theoretical integration, the HR tends towards 1; whereas in
the tail-end solution, the minimum achievable HR is around 2. For the
base case, there is a reduction of the HR by 36% in the full integration
concept with respect to the tail-end configuration.

The influence of the specific circulation ratio, ®, is shown in Fig. 4
(b). The variation of the HR with ® is very similar to the one of the tail-
end configuration shown in Fig. 3 (b). The main difference is that the
values of HR in the integrated solution are smaller, because the heat
requirement associated with capturing the process COy emissions is
avoided. Regarding the specific make-up rate, A, with increasing ®, the
carbon capture becomes less efficient and therefore more CO; is pro-
duced by the increased fuel consumption. Even though this reduces the
value of A, it remains within the accepted range for IHCaL operation
(Haaf, 2020).

The influence of the carbon capture efficiency (E) for the IHCaLyp is
shown in Fig. 4 (c). For values below 62%, there is no conversion in the
carbonator. This means that, because the majority of CO2 is produced in
the calciner, 62% efficiency can be achieved without the need to capture
the CO; from the flue gases of the combustor. With this idea, a fully
integrated concept without recirculation of the flue gases from the
combustor into the carbonator would be possible if low carbon capture
efficiencies were admitted. This might be accepted if renewable fuels are
used in the combustor.

5. Conclusions

Two concepts for the integration of the IHCaL into the lime pro-
duction have been presented. Based on the heat and mass balances and a
sensitivity analysis, the following conclusions can be drawn.

In the tail-end solution, i.e. an end-of-pipe configuration that is
suitable for retrofitting existing lime plants, the direct CO2 emissions
were reduced to 29.5% of the reference value with an increase of 154%
in the direct fuel consumption. Such concepts might be applicable to
existing lime plants, especially when combining them with the use of
secondary fuels. The required amount of make-up to avoid the deacti-
vation of the sorbent is an important parameter that governs the lime
output mass flow. Because this concept allows for an increase in the
production, it may be a good option for lime plants that are looking to
capture CO,, and, at the same time, want to expand their productive
capacity.

In the fully integrated configuration, corresponding to a newly built
plant with 100% of the lime production integrated into the IHCaL
calcination process, a higher energy efficiency and less CO, emissions
can be achieved. The direct CO, emissions are reduced to 12.6% of the
reference value with a 63% increase in the direct fuel consumption.

The sensitivity analysis shows that it is very important to maximize
the preheating temperature of the combustion air and to achieve the best
possible heat exchange in the solid-solid heat exchanger, in order to cap
the energy requirements of the capture process. Due to the relatively
high mass flow from the purge, i.e. 126 % of the kiln production in the
base case IHCaLpgry, the utilization of this material as product is crucial
for the viability of the tail-end solutions.
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Fig. 4. Sensitivity analysis for the fully integrated concept. In (a), the influence of Top caic,in 8Nd Tpreneqr ON the heat ratio (HR) is depicted. Graph (b) shows the
variation of the heat ratio (HR) and the specific make-up ratio (A) with the specific circulation ratio (®). Finally, the influence of the carbon capture efficiency (E) on
the heat ratio (HR) and on the degree of carbonation (f.q) is presented in graph (c).

For both configurations, it was assumed that the purge (lime) is
suitable to substitute the product of the rotary kiln. Some previous
studies on the effect of looping CaO in a CaL process provide some ev-
idence to support this assumption (Hills, 2016; Dean et al., 2013).
Nevertheless, the validity of this assumption will be verified by testing
the purge material from the upcoming test campaigns at the 300 kWy,
pilot plant at the Technical University of Darmstadt (Strohle et al.,
2021).

For the implementation of the solid-solid heat exchanger, different
designs are being evaluated within the ANICA project. Potential con-
figurations are (i) a concept with molten salt and a regenerative heating/
cooling of a solid, (ii) a concept with heat pipes, and (iii) a concept with
two concentric L-valves. The sensitivity analysis of Tsorp, calc,in, Presented
in this paper, will be used to evaluate and dimension the different de-
signs, and then select the most suitable configuration for this
application.

The use of waste fuels with high biogenic content instead of coal and
power generation through heat recovery enable these concepts to
further reduce the net CO, emissions and even reach negative values.
The developed models and the results will be further used to establish
boundary conditions for the planned test campaigns at the 300 kWy,-
scale, under lime plant conditions (Strohle et al., 2021), as well as to
execute economic, environmental, and risk analyses on the integration
of the IHCaL into the lime production process.
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Abstract

Lime is an essential raw material for iron and steel production, in construction and agri-
culture, in civil engineering, in environmental protection, and in manifold chemical
manufacturing processes. To address the problem of unavoidable process CO, emissions
associated with the production of lime, efficient capture technologies need to be devel-
oped and implemented. The indirectly heated carbonate looping (IHCaL) process is an
efficient candidate for this application because it utilizes lime as the sorbent for the CO,
capture. In this work, a retrofit configuration of this process is presented and analyzed for
net negative CO, emissions. This is done considering different fuels that provide the heat
required for the regeneration of the sorbent. The different scenarios were simulated with
an AspenPlus® model, key performance indicators were calculated, and the process was
compared with other post-combustion capture methods. The results show that net negative
CO, emissions as high as —1805 kg-q,/tc,0, calculated with a state-of-the-art coal power
plant energy scenario (7, = 44.2 %; €,,r,) = 770 kgcor/MWhy), can be obtained. This
represents an equivalent CO, avoidance of more than 230% with respect to the reference
plant without capture (1368 kgqq,/tc,0)- A specific primary energy consumption for CO,
avoided (SPECCA) lower than 1.5 MJ; jy/kgco, .y Was achieved for the same energy sce-
nario. Particularly promising results can be accomplished when applying fuels with high
biogenic fraction and low specific CO, emissions, such as solid recovered fuels (SRFs)
with a high calorific value.

Keywords Negative CO, emissions - Carbonate looping - Indirectly heated - Carbon
dioxide removal - Refuse-derived fuels - Solid recovered fuels - Lime production

Nomenclature

AFR Air-fuel ratio (kg,;/kg,ep)

¢ Specific heat capacity (massic) (J kg™! K™)

Cp Specific heat capacity (molar) (J mol! K

ecor CO, emissions (direct) (kgcgo/tcao)

€Coz fuel Specific CO, emissions of the fuel (g-q,/MJ; iv)

€refel Reference CO, emissions for power production (kgcg,/MW,))
E Carbon capture efficiency (%)

Extended author information available on the last page of the article

@ Springer

79


http://crossmark.crossref.org/dialog/?doi=10.1007/s11027-023-10064-7&domain=pdf
http://orcid.org/0000-0002-0374-3673
http://orcid.org/0000-0003-2092-326X
http://orcid.org/0000-0003-0739-9598

80

Research Paper II

30 Page2of32 Mitig Adapt Strateg Glob Change (2023) 28:30
E. .. Calciner efficiency (%)

E ... Carbonator efficiency (%)

F, Molar flow rate of make-up calcium species (kmol/s)

Feon Molar flow rate of CO, at carbonator inlet (kmol/s)

F Lcaohz Molar flow rate of CO, at calciner outlet (kmol/s)

F 2“0"5 Molar flow rate of CO, at carbonator outlet (kmol/s)

Fp Molar flow rate of calcium species at carbonator inlet (kmol/s)
h Height (m)

HHV Higher heating value (kJ/kg)

HR Specific heat ratio (-)

HR, Absolute heat ratio (-)

LHV Lower heating value (kJ/kg)

M Molar mass, atomic mass (kg/kmol)

Mea0pma  Total lime production (t/day)

P, Net power consumption of the entire facility (MW)
PR Product ratio (-)

q Fuel consumption (direct) (MJ/tq,0)

0 Heat flow (MW,,)

SPECCA  Specific primary energy consumption for CO, avoided (MJ} yy/Kgco o)

T eheat Combustor preheated air temperature (°C)

Tiorp caicin  Sorbent temperature at calciner inlet (°C)

Xpio Biogenic carbon fraction in the fuel (%)

Xon Maximum CaO conversion in the kinetic region after N cycles (molq,co3/
molc,)

Xeurp Fraction of CaCO; in the solid stream leaving the carbonator (molq,cqs/mol¢,)

X uie Fraction of CaCOj in the solid stream leaving the calciner (molq,cg3/molc,)

Greek symbols

Ap Pressure drop in reactor and auxiliary components (mbar)
Mh2p Heat-to-power efficiency (%)

Nrefel Reference electrical efficiency (%)

A Air-fuel equivalence rate (-)

A Specific make-up rate (mol,cq3/molcg,)

T Mean residence time or space time (s)

b Specific sorbent circulation rate (mol.,/mol-q,)

Subscripts and superscripts

av Avoided

bio Biogenic

calc Calciner

carb Carbonator

capt Captured CO,

CC Retrofitted case with carbon capture
comb Combustor

dry Dry basis
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el Electric

eq Equivalent

equil Equilibrium

FA Fluidization agent

foss Fossil

i Indirect

in Input, requirement

out Output, generation

preheat Combustor preheated air

plant Reference plant, upstream from capture facility
ref Reference plant without carbon capture

sorb Sorbent (CaO and CaCO;)

th Thermal

wet Wet basis

Abbreviations
BECCS Bioenergy with carbon capture and storage

BFB Bubbling fluidized bed

CaL Carbonate looping

CCS Carbon capture and storage

CDR Carbon dioxide removal

CEN European Committee of Standardization
CFB Circulating fluidized bed

CPU CO, compression and purification unit
Cyc. Cyclone

GHG Greenhouse gas

HX Heat exchanger

[HCaL Indirectly heated carbonate looping

IPCC Intergovernmental panel on climate change
KPI Key performance indicator

MSW Municipal solid waste

PRK Preheated rotary kiln

RDF Refuse-derived fuel

Ref Reference lime production facility without carbon capture
SRF Solid recovered fuel

1 Introduction

The latest report of the Intergovernmental Panel on Climate Change (IPCC) stated that
carbon dioxide removal (CDR) needs to be deployed to achieve net zero greenhouse gas
(GHG) emissions (IPCC, 2022). Furthermore, CDR is required in order to cap the global
warming to 1.5 °C with no or limited overshoot (IPCC, 2018). CDR is a “key element” to
limit global warming because it is the only means to counterbalance the so-called “resid-
ual emissions,” i.e., uneconomical to abate anthropogenic GHG emissions (Quader and
Ahmed, 2017). Emission scenarios compatible with the 1.5 °C limit (67% probability)
require huge amounts of CDR on top of deep emissions reductions; namely, 730 Gtcq, on
average (IPCC, 2018; Merk et al., 2022). One of the most promising ways to achieve net
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negative CO, emissions, i.e., CDR, is the implementation of carbon capture and storage
(CCS) into industrial processes which emit high amounts of biogenic CO, (Clarke et al.,
2014; Fuss et al., 2018; Fuss et al., 2014; Quader and Ahmed, 2017). This approach is
called bioenergy with carbon capture and storage (BECCS).

Waste-derived fuels have the potential to allow for more economical carbon cap-
ture systems due to their lower costs and at the same time enable CDR through
BECCS (Haaf et al., 2020c). Refuse-derived fuels (RDFs) and solid recovered fuels
(SRFs) are obtained by factions of municipal solid waste (MSW) that cannot be recy-
cled. SRFs are fuels obtained from MSW, which comply with standards from the
European Committee for Standardization (CEN) (Gerassimidou et al., 2020), e.g.,
DIN EN ISO (2021). The term RDF normally refers to waste-derived combustibles
of high heating value', obtained through the selection of high-quality waste fractions
(e.g., paper, wood, plastic, cardboard), which are not defined by CEN standards (Velis
et al., 2010). Depending on the quality, consumers may have to pay for these fuels.
For low-quality RDF/SREF, suppliers pay the consumers (Sarc and Lorber, 2013).

Lime plants are responsible for the production of raw materials that are widely
used in agriculture and the industrial sector. Lime-related products are obtained from
the calcination of limestone —mainly calcium carbonate (CaCO;)— at high tempera-
ture (900-1200 °C). The calcination reaction is highly endothermic; thus, a heat input
is required, e.g., from the combustion of fuels such as coal, coke, and secondary fuels.
Carbon dioxide is emitted as a result of the combustion. Additional CO, is produced due
to the chemical conversion of CaCOj; into calcium oxide (CaO) during the calcination.
This so-called “process CO,,” which can only be avoided through CO, capture, repre-
sents approximately 65 % of the total CO, emissions (IEA, 2020a). Overall, the total
CO, emissions per ton of burnt lime vary between 1 to 2 t-q,/t;,e (Schorcht et al., 2013).

In order to capture the process and fuel CO, emissions, two groups of carbon capture
technologies can be deployed, namely, post-combustion and oxyfuel combustion tech-
nologies (Plaza et al., 2020). Only few studies have analyzed carbon capture technologies
specifically for the lime industry (Erans et al., 2016; Eriksson et al., 2014; Jafarian et al.,
2022; Yang et al., 2020), whereas many works have been published recently that con-
sider carbon capture for the cement industry (e.g., Busch et al., 2022; Nhuchhen et al.,
2022; Carbone et al., 2022). There are similarities between both industries, like the cal-
cination of CaCOj;, which is the main process in terms of energy consumption (Schorcht
et al., 2013). Moreover, CO, capture —in particular post-combustion capture— from
cement and lime plants have many common features. In both production processes, the
majority of the CO, emissions come from the raw material, and the specific CO, emis-
sions per unit of product are approximately the same. The other components of the flue
gas (e.g., HCl, SO,, moisture, NO, and N,, and residual dust) are also comparable if the
same fuels are used 2. A robust process is needed in both cases to capture the CO, from
the flue gases. Even though this work focusses on the CO, capture from a lime plant,
reference studies on carbon capture from cement kilns are used for comparison purposes.

Eriksson et al. (2014) proposed using oxyfuel combustion directly in a lime rotary
kiln. They found that, with this system, the total CO, emissions may be reduced, but
pointed out the technical challenges to control the temperature and, in this way, com-
ply with the high-quality standards of rotary kiln lime products. The environmental

' Typically, LH V., Tanges from 14 to 20 MJ/kg for these fuels (Bhatt et al. 2021).
2 Reference values can be found in Schorcht et al. (2013).
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and economic potential of oxyfuel combustion for cement production was analyzed by
different authors (e.g., Rolfe et al., 2018; Barker et al., 2009). Carrasco et al. (2019)
investigated oxyfuel carbon capture from the cement production in a 500 kW, testing
facility. This technology has good energy performance, but presents significant disad-
vantages when it comes to retrofitability (Voldsund et al., 2019b).

Post-combustion CO, capture technologies have a high CO, abatement potential
and are more suitable for retrofitting compared to oxyfuel combustion (Voldsund et al.,
2019b). Nonetheless, the majority of these technologies have very high energy require-
ments, which increase the costs of the final products and reduce the efficiency of the
entire system considerably. Gardarsdottir et al. (2019) evaluated different post-combus-
tion carbon capture processes for the cement production. They calculated that monoeth-
anolamine-based absorption, the reference post-combustion carbon capture technology,
has a specific primary energy consumption for CO, avoided (SPECCA) of 7.02 MJ/
Kgco2.2y and a cost of CO, avoided of 80.2 €/tq, ,,- Barker et al. (2009) estimated that the
cost of CO, avoided would be higher than 100 €/tc, ,, to retrofit a 1 Mt g, /y cement
plant located in North East Scotland with a solvent-based post-combustion capture unit.

One noteworthy post-combustion carbon capture technology is the carbonate looping
(CaL) process (Shimizu et al., 1999), whereby the CO, capture is achieved by utilizing
limestone as a sorbent, i.e., the raw material of the lime production facility. The sorbent
binds CO, from the kiln flue gases in a carbonator and is regenerated through a temperature
increase in a calciner, according to the reaction in Eq. (1) (Anantharaman et al., 2018).

For the regeneration of the sorbent in the standard CaL process, fuel is burnt directly
in the calciner. For this, technically pure oxygen is used, which requires an air separa-
tion unit (ASU) (Carrasco-Maldonado et al., 2016). CaL technology has the potential to
efficiently capture CO, from lime plants by exploiting the synergies of the calcination.

The CaL process has been successfully operated up to the pilot scale in Stuttgart,
Germany (200 MW ;) (Charitos et al., 2011; Dieter et al., 2014; Hornberger et al., 2021,
2020), in Darmstadt, Germany (1 MW, ) (Haaf et al., 2020b; Hilz et al., 2018, 2017;
Kremer et al., 2013; Strohle et al., 2020; Strohle et al., 2014), and in La Pereda, Spain
(1.7 MW, (Arias et al., 2017b; Arias et al., 2013; Diego et al., 2020; Diego et al.,
2016b). For power plants, the CaL process has the potential to achieve high CO, cap-
ture rates with low energy penalties. Lasheras et al. (2011) estimated that a full-scale
power plant could be retrofitted with CaL to capture 88% of the total CO, formed, with
an energy penalty of less than 2.9%. Astolfi et al. (2019) calculated that a SPECCA
of 2.16 MJ| yy/Kgco,..y could be achieved by the integration of the Cal process into
power plants with thermochemical energy storage, and Haaf et al. (2020a) estimated a
SPECCA of 5.72 MJ| 4y/Kgc0,.4y fOr the integration into waste-to-energy plants.

Experimental investigations are being carried out to apply CaL technology into the
cement industry. Arias et al. (2017a) achieved more than 90% CO, capture in a CaL
30 kW, test facility at relevant conditions for cement plants. Within the CLEANKER
project, a demonstrator CaL unit has been erected to capture CO, from an operating
cement plant that produces 1.3 Mt_.../y in Vernasca, Italy (Fantini et al., 2021). De
Lena et al. (2022) investigated the application of different Cal. configurations into the
cement industry and reported SPECCA values between 2.8 and 3.0 MJ| yy/kgco, 4 fOr
systems utilizing pure limestone as sorbent, and between 3.5 and 4.6 MJ; yy/Kgcop 4y
for systems that utilize cement raw meal.
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The ASU in the CaL process increases the SPECCA by approximately 1 MJ v/
Kgcooay (De Lena et al., 2022). The requirement for technically pure O, can be
avoided by indirectly heating the calciner, e.g., through solid looping (Diego et al.,
2016a), and thus the energy penalty is reduced (Martinez et al., 2016). One excellent
means to achieve this is through heat pipes (Hoeftberger and Karl, 2016), which trans-
fer heat from an external combustor into the calciner via evaporation and conden-
sation of a fluid. This indirectly heated carbonate looping (IHCaL) process (Epple,
2009) presents several advantages compared to the oxy-fired CaL process: reduced
energy requirement, improved sorbent activity, lower sorbent attrition rates, and high
purity of the captured CO,. It has the potential to enable carbon capture with very low
CO, avoidance costs® (Junk et al., 2016).

The IHCaL process has been successfully operated for 400 h at the 300 kW, facil-
ity of the Technical University of Darmstadt (Reitz et al., 2016) in operating con-
ditions corresponding to CO, capture from coal-fired power plants. Additional test
campaigns in Darmstadt were carried out during 2022 to prove the operability of the
IHCaL process under lime plant conditions at the pilot scale with solid fuel feedstock
(Hofmann et al., 2022a, 2022b; Strohle et al., 2021). The facility was operated for
more than 300 additional hours during the year 2022.

Furthermore, the utilization of secondary fuels has been successfully demonstrated
up to the pilot scale (1 MW,,) for CalL operation (Haaf et al., 2020d; Haaf et al.,
2020b). Regarding the IHCaL process, different solid fuels were fueled in the 300 kW,
heat pipe IHCaL testing facility of the Technical University of Darmstadt (Hofmann
et al., 2022a, 2022b). The combustor was operated around 20 h with lignite and around
20 h with RDF pellets, with the compositions and heating values displayed in Table 5.

At the Technical University of Darmstadt, novel concepts for the integration of
the IHCaL process into the lime production were developed and evaluated through
process simulation (Greco-Coppi et al., 2021). The published results show that the
direct CO, emissions can be reduced by up to 87% by utilizing dried lignite as fuel for
both the lime kiln and the IHCaL. combustor. Nevertheless, the application of waste-
derived fuels into these concepts to enable CDR has not been discussed yet.

This work investigates the influence of four different fuels on the CO, emissions
and energy requirements of a tail-end IHCaL process integrated into a lime plant.
The objective of this paper is to unravel the potential of the IHCaL process to achieve
net negative CO, emissions, thus enabling CDR. Furthermore, it aims to assess the
energy performance of the IHCaL process, compared to other carbon capture tech-
nologies that are being considered for deployment in the cement and lime industries.

2 Methodology
2.1 Process integration

The THCaL concept considered in this paper is referred to as the tail-end or retrofit con-
figuration in previous works reported in the literature (Greco-Coppi et al., 2021; Junk et al.,

3 Junk et al. (2016) reported 22.6 €/tcoy 4y for an THCaL process (without compression) integrated into a
1052 MW, hard-coal-fired power plant.
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Fig. 1 Tail-end concept for the integration of the IHCaLL CO, capture process into an existing lime plant,
introduced by Greco-Coppi et al. (2021)

2013). This process is suitable for capturing CO, from operating lime plants*. The configu-
ration is shown schematically in Fig. 1. It consists of a host lime plant (left side) and an
IHCaL facility (right side). In Europe, this configuration has the potential to decarbonize
existing facilities with more than one kiln. The IHCaL facility replaces one kiln and, at the
same time, captures the CO, of the remaining kilns.

The host facility for this work is the lime production line located in Germany described by
Greco-Coppi et al. (2021). The rotary kiln is equipped with a limestone preheater (PRK) and
is fueled with dried lignite (LHV = 21500 kJ/kg,.). The burnt lime (mainly CaO) is cooled
downstream of the kiln with the combustion air. The kiln flue gases are used to preheat the
raw material. An air quench is used to reduce the temperature before the filter and the blower.
The flue gases exit the host plant at 236 °C and high® CO, concentrations (19.0 VOl %4yy)-

The IHCaL facility allows for the capture of CO, utilizing CaO as sorbent and increases
the total production of the plant through the calcination of the make-up stream (CaCOs).
There are three main reactors: (i) a carbonator operating as a circulating fluidized bed
(CFB) for the absorption of CO,, (ii) a calciner operating in a bubbling bed regime (BFB)
for the sorbent regeneration, and (iii) a BFB combustor providing the energy required to
regenerate the sorbent.

The flue gases from the kiln and the combustor are cooled at HX-6 to reduce the
propelling energy requirements. Afterwards, they enter the carbonator from the bot-
tom by means of a blower. The same flue gas is the fluidizing agent that allows for

4 Greco-Coppi et al. (2021) showed that the fully integrated IHCaL process would be more suitable for
newly built CO, lime plants, compared to the tail-end concept, when utilizing dried lignite to fuel the com-
bustor.

3 Previous pilot tests on the 300 kW, IHCaL pilot facility in Darmstadt demonstrated the feasibility to
capture CO, from more diluted flue gas (14 vol%,,,), corresponding to typical power plant flue gases (Reitz
et al. (2014); Reitz et al. (2016)).
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the CFB operation. In the carbonator, the CO, from the flue gas is absorbed by the
circulating sorbent (CaO) to form CaCO;. The CO,-depleted flue gas exits the IHCaLL
facility through the cyclone 1, and the CaCOj; enters the calciner. In the calciner, the
sorbent is regenerated, and the CO, is released in a high concentration (> 95 vol%,,)
stream. This CO, is then conditioned for transport and storage. The main assumptions
for the downstream conditioning facility are presented in Section 2.3. The solids leav-
ing the calciner enter the carbonator; thus, the calcium loop is established. Heat is
supplied into the calciner from the combustor via heat pipes (Hoeftberger and Karl,
2016). The combustor can be fueled with lignite or waste-derived fuels, as explained
in Section 2.5.

As a result of the deactivation of the sorbent, a constant make-up is required to
maintain a high carbon capture rate (Grasa and Abanades, 2006). Make-up can be
added into the process directly into the carbonator or the calciner or into the connect-
ing elements (e.g., loop seals). The used sorbent (CaO) is removed from the system
downstream of the calciner and may be sold as burnt lime®. The limestone composi-
tion from the host lime plant (see Table 1) is considered in this work. It is assumed
that this limestone is used, not only for the rotary kiln, but also as make-up and sorb-
ent for the IHCaL process.

2.2 Process model

The heat and mass balances were calculated with the software AspenPlus®, version
V12. Custom routines in FORTRAN code were included. Steady-state conditions
were assumed, and the cyclone separation was considered ideal. The ambient pressure
and temperature were set to 1.013 bar and 15 °C, respectively, and a plant capacity
factor of 91.3% was assumed in accordance with Voldsund et al. (2019a). The cal-
culation of the material properties and the balances in the reactors was performed as
explained by Greco-Coppi et al. (2021). For the combustor, an air-fuel equivalence
ratio (A) of 1.2 was specified.

The temperatures of the reactors and the main operating parameters for the calcula-
tions are displayed in Table 2. It was assumed that the reactors, heat exchangers, and
ducts are adequately insulated, and thus the thermal losses are negligible. Accordingly,
these components were modeled adiabatic (Chen et al., 2020).

In this work, the make-up solid stream (F)) and the circulating solid stream (F}) are
calculated from defined ratios (A, @) and the total CO, molar flow rate entering the
carbonator (F),), according to Eq. (2).

Fo=A-Fepys Fr=@ - Fepp 2)

The CO, capture efficiency (E, see Eq. 7), is given as an input: £ = 90%. The
required carbonator efficiency (E,,,,) is calculated with Eq. (3), from the molar flow

rates of CO, entering (F,,) and leaving (Fg‘gg) the carbonator.

® The suitability of the spent sorbent to be sold as burnt lime is still being investigated. Some previous
studies (Dean et al. 2013; Hills 2016) suggest that this is possible. Within the ANICA project, the spent
sorbent of the pilot testing campaigns at the Technical University of Darmstadt will be tested to verify its
quality compared to the rotary kiln product (Strohle et al. 2021).
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Table L Compqsition of the Component Mass fraction
limestone used in the reference
plant and in .the IHCaL carbqn CaCO, 98.3%
capture facility (Greco-Coppi :
etal., 2021) MgCO;, 0.7%

SiO, 0.7%

Fe,0; 0.1%

AL 04 0.2%

SO, <0.1%
Table 2 Main operating Parameter Value

parameters of the [HCaL process

Main IHCaL parameters

CO, capture efficiency (E) 90%

Calciner efficiency (E,,;.) 99%

Specific sorbent circulation rate (®) (variable)

Specific make-up rate (A) 0.10 moly-p3/mol vy,

Operating temperatures

Carbonator (7,,,) 650 °C
Calciner (T,,;,) 900 °C
Combustor (7,,,,) 1000 °C
Combustion air preheating, after HX-5 (7),,,,,,) 800 °C
Sorbent at calciner inlet, after HX-SS 810 °C

(Tmrb, calc, in)

carb

E arb = 1- o2 (3)
: FC02

The calciner efficiency is an input for the model and is defined as:

X.,,—X
Ecalc = ca ;7( calc ( 4)

carb

Here, X, and X_,,, are the fractions of CaCOj; in the calcium (Ca) stream leaving
the calciner and the carbonator, respectively. The composition of Table 1 was used to
model the limestone streams. This includes the make-up stream and the raw material
input into the rotary kiln.

The carbonator efficiency (E,,,,) is calculated with the carbonator reactor model
developed by Lasheras et al. (2011) that considers: (i) circulating fluidized bed hydro-
dynamics according to Kunii and Levenspiel (1991); (ii) the carbonation reaction
model from Abanades et al. (2004); and (iii) sorbent deactivation as modeled by Aba-
nades et al. (2005). The make-up rate was set to A = 0.1, and @ was varied to achieve
the necessary CO, capture efficiency of E = 90%. The carbonator reactor model
assumptions and results are included in Appendix 1 and Appendix 2, respectively.
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2.3 Power requirements

In this work, the battery limits for the analysis are the input of the flue gases from the
reference facility before the stack and the exit from the CO, compression unit. The
CO, emissions and primary energy consumption related with the transport and stor-
age of CO,, transport and pre-treatment of raw materials and fuels (e.g., fractioning),
and the erection of the carbon capture facility are out of the scope of this paper’. The
main assumptions and input parameters for the analysis are summarized in Table 3.

For the calculation of the electric power in the reference facility, the data from the
best available technique reference document for cement, lime, and magnesium oxide
(Schorcht et al., 2013) was considered: 17-45 kWh/t;;.. for a lime rotary kiln. The mean
value was used for the calculations: 31 kWh/t;;.. The power demand from the IHCaL
facility and the downstream conditioning are used to obtain the net power generation
(P,) for the calculation of the indirect CO, emissions (Eq. 12) and indirect primary
energy consumption (Eq. 10).

After a post-combustion carbon capture facility, downstream conditioning of the cap-
tured CO, is necessary. For oxy-fired CaL, purification is required due to the presence of
combustion gases other than CO, (mainly O,). Furthermore, the CO, stream is to be com-
pressed up to a suitable temperature for transportation of around 110 bar. Such CO, com-
pression and purification units (CPUs) have relatively high energy requirements that range
from 80 to 120 kWh_/tco, (De Lena et al., 2018; Gardarsdottir et al., 2018; Jackson and
Brodal, 2019; Magli et al., 2022; Svensson et al., 2021). In the IHCaL process presented
in this work, the combustion to generate the heat for the regeneration takes place in an
external combustor, and thus the CO, stream after the calciner is almost pure. The only
conditioning required is the cooling and the filtering, after which, the stream is ready for
compression. The compression takes place in a 5-stage CO, compressor. The compression
was simulated in Aspen Plus, based on the method reported by Posch and Haider (2012).
The assumptions for the compression unit are reported in Table 3.

The power requirement of the blowers depends on the pressure drop (Ap) in the reactors
and the auxiliary components, i.e., the nozzle grid, cyclone, cooler, filter, and ducts. The
following values were assumed according to the experimental data of the research group:
100 mbar for the carbonator, 130 mbar for the calciner, and 150 mbar for the combustor
(Reitz et al., 2016). For the blowers, the isentropic and mechanical efficiencies were set
to 0.65 and 0.9, respectively (Grote and Feldhusen, 2007). It was assumed that the flue
gases entering the carbonator and the combustion air act as fluidization agents for the cor-
responding reactors. For the calciner, the fluidization agent® is a fraction of the pure CO,
flow stream that is recirculated to allow for BFB operation. To calculate the amount of
recirculation required, the following assumptions were made: (i) superficial velocity for the

7 Carbone et al. (2022) performed a carbon footprint evaluation on a similar process, namely, an oxy-fired
CaL process for cement plants. Their results suggest that the specific CO, emissions associated with the
infrastructure are similar in plants without carbon capture and with downstream CaL. Furthermore, the con-
tribution of GHG emissions in the supply of the raw meal (sorbent) was almost negligible.

8 In this work, it is assumed that an external fluidization agent, i.e., recirculated CO,, is required for the
fluidization of the calciner. Hoeftberger and Karl (2013) demonstrated the so-called self-fluidization of the
IHCaL calciner experimentally. In the self-fluidization regime, no external fluidization agent is required,
because the amount of CO, released during the calcination is enough to maintain the fluidization of the
BFB. If the calciner were operated without an external fluidization agent, the power requirements would be
reduced.
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Table 3 Main assumptions and general input parameters for the calculation of power requirements

Parameter Unit Value

CO, Compression
Number of stages® - 5
Temperature after intercooler °C 25
Pressure drop intercooler mbar 100
Polytropic efficiency % 80
Mechanical efficiency % 95
Discharge temperature °C 25
Discharge pressure bar, 110
Inlet temperature °C 25
Inlet pressure bar, 1.013

Blowers of the IHCaL facility
Mechanical efficiency % 90
Isentropic efficiency % 65
AP earp mbar 100
AP caic mbar 130
AP comb mbar 150
U cale m/s 0.25
Foue Nm?/h 9700
Trp cars °C 250
Trp cale °C 450

#Equal pressure ratio

fluidization agent at inlet u, .,,. = 0.25; (ii) heat pipe properties as reported by Hoftberger
et al. (2016), namely, 3 m calciner width (i.e., 6 m heat pipes), 7.2 m calciner length/50
MW,; (iii) and calciner heat input equal to 100 MW,,. Finally, the temperature of the flu-
idization agent (7,) before the blowers is defined. The air for the combustor is compressed
from ambient temperature. The flue gases entering the carbonator are cooled down to 250
°C before the compression, and the recirculated gases for the fluidization in the calciner are
cooled down to 450 °C.

2.4 Heat integration and power generation

The configuration displayed in Fig. 1 allows for efficient heat utilization. The combustion air for
the combustor is preheated (7),,,.,,), and heat is exchanged between the solid streams to increase
the temperature of the solids entering the calciner (7(,,;, .4..;,)- These design specifications mini-
mize the total heat requirement, as shown by Greco-Coppi et al. (2021).
To achieve a high T, .....,» @ solid-solid heat exchanger (HX-SS) is required. Different con-
figurations are possible for the design of this heat exchanger: (i) a concept that utilizes molten
salt circulating inside of metal tubes; (ii) a concept with heat-pipes, similar to those presented by
Hoeftberger and Karl (2016) to transfer heat into the calciner; (iii) a concept with high surface area
metal walls separating the solid flows; and (iv) a concept consisting of two concentric L-valves
(Greco-Coppi et al., 2021). For the considered inputs (see Table 2), a counter-current configura-

tion of this heat exchanger yields a logarithmic mean temperature difference of around 90 °C.
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The high operating temperatures (650-900 °C) make the IHCaL process particu-
larly suitable for power generation through a heat recovery steam cycle (De Lena et al.,
2018; Lasheras et al., 2011). Steam can be produced from the cooling of the carbonator
and from the gas streams exiting the carbonator (650 °C), the calciner (900 °C), and
the combustor (1000 °C). For the calculation of the power generation through a heat
recovery steam cycle, the recovered heat is obtained from the AspenPlus® simulations.
The temperatures assumed for this purpose are displayed in Table 4.

For the calculation of the power generation, the steam cycle was simulated with the
software EBSILON Professional™. The main assumptions for the calculations were: (i)
superheating of steam up to 565 °C and 130 bar; (ii) preheating of feed-water with steam
extractions; (iii) isentropic turbine efficiency equal to 85%. The calculated heat-to-power
efficiency (77,,5,) was 42.4%. This value corresponds to an equivalent net electrical efficiency
of around 38% for a thermal power plant (e.g., pulverized coal), which is in agreement with
values from the literature (IEA, 2020b). The total power generation from the IHCaL facility
can be calculated with Eq. (5). Here, Q;y¢ur mrsc i the recovered heat from the IHCaL unit.

P ous = Mnop * Qiricar, HRSG 5)

2.5 Fuels and CO, emissions

The focus of this work lies on the investigation of the effect of implementing different fuels in
the IHCaL process. The biogenic CO, capture and associated negative emissions are of special
interest. Four fuels were selected for the analysis: (i) dried lignite from the reference process in
the host plant in Germany (Greco-Coppi et al., 2021); (ii) RDF pellets, which are used in pilot
test campaigns at the Technical University of Darmstadt (Strohle et al., 2021); (iii) a class 3
SREF, according to EN ISO 21640:2021-11 (2021), that was successfully utilized in the 1 MW,
pilot plant at the Technical University of Darmstadt for CaL operation (Haaf et al., 2020d); and
(iv) municipal solid waste (MSW), with the composition from the CaL techno-economic analy-
sis from Haaf et al. (2020a). Dried lignite was maintained as the fuel of the reference plant for
all cases, and only the fuel for the IHCal. combustor was varied.

The fuel CO, emissions index (Furimsky, 2007; Madejski et al., 2022) is also known as the
fuel-specific CO, emissions, €cop e (8cor/MJpy)- It indicates the mass of CO, produced by the
combustion of fuel per unit of energy obtained. The Eq. (6) can be used to calculate it. Here, w,.

Table 4 Operating temperatures for the heat exchangers (HX), flue gas side

Operating temperatures in heat exchangers (°C) Upstream Downstream
HX-1: carbonator® 650 -

HX-2: carbonator flue gas 650 250

HX-3: calciner flue gas 900 250

HX-4: purge (for air preheating)® 900 40

HX-5: preheater® 1000 (Variable)
HX-6: flue gases before carbonator 350 250

#No temperature change on the flue gas side due to the carbonation heat of the reaction
®Solid stream side

“The design temperature is the downstream temperature on the air side (7),,0q,)
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is the wet-basis mass fraction of carbon in the fuel, LHV,,,, is the fuel lower heating value in wet
basis, M, is the molar mass of CO,, M. is the molar mass of carbon. The input parameters of

the fuels considered in this analysis, including the CO, emissions index, are presented in Table 5.

Wewet  Meon
e == .
coxfuel = THY M, (6)

wet

For the calculation of the negative CO, emissions, the biogenic and fossil emissions are
distinguished. CO, emissions from pre-dried lignite are considered 100% fossil, as well as
the emissions from limestone calcination. For the fuels burnt in the combustor, the biogenic
carbon fractions (x,,,) are defined. According to Moora et al. (2017), x,,, varies considerably
depending on the waste selection process and the region-dependent source segregation. The
determination of the x,,, of the RDF pellets was performed according to the German standard
DIN EN 15440:2011 (2011). For the other fuels, x,;, was assumed considering values from the
literature (Astrup et al., 2009; Haaf et al., 2020a; Mohn et al., 2012; Mohn et al., 2008; Ober-
moser et al., 2009). Astrup et al. (2009) reported a range of 45-85% for MSW and explained
that the biogenic carbon content of SRF is normally low, compared to MSW, because of the
selective fractioning. The values of x,,;, used in this work are displayed in Table 5.

2.6 Key performance indicators

Key performance indicators (KPIs) of the IHCaL process are the carbon capture efficiency
(E), the heat ratios (HR,, HR), and the product ratio (PR). The carbon capture efficiency of
the IHCaL process (E) is defined as the ratio of CO, captured to total CO, generated. It can
be calculated as follows:

E=(1+-52 (7)

Table 5 Input parameters of the fuels used in this analysis

Parameter Unit Dried lignite® RDF pellets® SRF¢ MSwH
LHV MI/K et 21.5 19.6 15.7 10.0
Xpio % 0 51 45 60
€con fuel oM gy 96.7 92.8 88.7 106.0
Particle size mm 04 85 dgs < 50 dgs < 100°
C Wt %oy 56.7 49.6 38.0 28.9
H Wb 43 6.43 52 3.2

N Wb 0.7 0.27 1.0 0.5

S W% get 0.8 0.43 0.3 0.1

(¢} Wt %o ger 21.5 24.1 19.9 23.1
Cl W% get 0.2 0.47 0.7 0.4
H,0 W% get 10.3 8.1 194 25.0
Ash Wt %o get 5.5 11.1 154 18.8

3Greco-Coppi et al. (2021); PStrohle et al. (2021); “Haaf et al. (2020d); “Haaf et al. (2020a); *Typical limit
for waste incinerators according to Velis et al. (2010)
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Where F E”OIC and F "’C“O’b are the molar flow rates of the captured CO, leaving the calciner and
2 2

the CO, leaving the carbonator, respectively. In this work, E was set as an input, and the
required E,,, to achieve this efficiency was calculated.

The heat and product ratios are calculated with Eq. (8), where 7,0, 1s the total lime
production, Q,, is the total heat input from the fuel combustion, and the superscript ref
indicates the lime production plant without carbon capture. PR is the product ratio, HR,, is
the absolute heat ratio, and HR is the specific heat ratio that indicates the increase in heat
input per unit of lime produced.

Mca0,prod i HR
PREmmf—p; HRaEQerZC; R= )
CaO,prod in

The KPIs introduced above are specific of the IHCaL process. Other important KPIs,
which allow to compare with other carbon capture technologies, are introduced hereun-
der. They were selected considering relevant work in post-combustion carbon capture
from cement and lime plants (De Lena et al., 2017; Strohle et al., 2021; Voldsund et al.,
2019a), especially the work within the CEMCAP project, which established a frame-
work for comparative analysis of CO, capture processes for cement plants (Ananthara-
man et al., 2018).

For the calculation of the specific primary energy consumption for CO, avoided
(SPECCA), a procedure similar to the one considered by Haaf et al. (2020a) was
adopted. The following power generation scenarios are taken into account: (i) the
state-of-the-art for coal power plants (abbreviated “coal,” in this work) (De Lena et al.,
2018; European Union, 2015), (ii) the European energy mix (abbreviated “energy
mix,” in this work) calculated and used in CEMCAP (Anantharaman et al., 2018; De
Lena et al., 2018), (iii) the renewable (Anantharaman et al., 2018), and (iii) the nuclear
(Anantharaman et al., 2018). For each of them, a reference electrical efficiency (n,ef;e,)
and a reference CO, emissions factor for power production (e,,,,) are defined (see
Table 6). For the scenarios (i) and (ii), these parameters are within the range of the val-
ues used normally in the literature’. The scenarios (iii) and (iv) are zero-CO,-emission
with 7,,r,; = 100% and n,,;,; = 33%, respectively. They were chosen to study the sensi-
tivity of the results to 7,,;..

The equivalent fuel consumption (g,,) and the equivalent CO, emissions (ec, ,,) for the
different cases can be calculated with Eq. (9).

Geqg =9 % 4i5 €cozeq = €coz T €coni )

The direct fuel consumption (g) is the primary energy entering the system through
the combustion of the fuels in the rotary kiln and the combustor. The indirect fuel con-
sumption (g,) is the primary energy consumption related to the net electric generation
(or consumption) in the entire facility (P,;). It depends on the reference electrical effi-

ciency nref,el:

(10)

o Nreper = 40%—60%; and e,,;, = 260-760 kgco,/MWh,;; e.g. Bonalumi et al. (2016), De Lena et al. (2018),
Martinez et al. (2018), Spinelli et al. (2018).
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Table 6 Main results and KPIs for the different fuels

Parameter Unit Ref. Dried lignite RDF pellets SRF MSW
HR - 1.00 3.01 3.03 3.02 3.71
HR, - 1.00 4.15 4.15 4.11 5.64
PR - 1.00 1.38 1.37 1.36 1.52
E % - 90 90 90 90
Direct fuel consumption (q) Ml pv/k€cao 57 172 17.3 17.3 21.3
Direct CO, emissions (ecp;, 4) kgcoo/tcao 1344 247 -378 -285 =810

State-of-the-art coal power plant (N,,z, = 44.2 %; €, = 770 kgcorMWh,,))

Indirect fuel consumption (g,) M yv/k€cao  0.25  =7.77 =7.71 =777 -10.52

Equivalent fuel consumption M yv/kg€cap 597 9.46 9.60 9.51 10.73
(Geg)

Indirect CO, emissions (ecpy;)  k€coo/tcao 24 =735 =729 =734 =995

Equivalent CO, emissions kgcooltcao 1368 —488 —-1107 -1019 -1805
(ecos, eq)

SPECCA M gv/KE€conay - 1.88 1.46 1.48 1.50

Energy mix (2015) EU-28 non-CHP (1,,1,; = 45.9 %; €,4p = 262 kg o/ MWh,,)

Indirect fuel consumption (g;) M) yv/kgcao 024 =749 =7.43 =748 -10.13

Equivalent fuel consumption M) yv/kgcao  5.97 9.75 9.88 9.80 11.12
(9eq)

Indirect CO, emissions (ecpy)  Kgcoo/tcao 8 -250 —248 -250 =339

Equivalent CO, emissions kgcooltcao 1352 -3 —626 =535 -1148
(€coz,eq)

SPECCA M gv/K€conaw - 2.79 1.98 2.03 2.06

Renewables (1,5, = 100 %; €5, = 0 kgco/MWh,y)

Indirect fuel consumption (g;) Ml gpv/k€cao  0.11 =344 =341 -343 —4.65

Equivalent fuel consumption M) gpv/k€cao 5.83  13.80 13.90 13.85 16.61
(9eq)

Indirect CO, emissions (ecp,)  Kg€coo/tcao 0 0 0 0 0

Equivalent CO, emissions kgcooltcao 1344 247 -378 -285 =810
(ecoz, eq)

SPECCA MI iv/KEcoray - 7.26 4.69 492 5.00

Nuclear (1,0 = 33%; €501 = 0 kgcor/MWh,)

Indirect fuel consumption (g;) M) v/kgco 034 —10.41 —10.33 —-10.40 -14.10

Equivalent fuel consumption M) v/k8cao  6.06  6.83 6.98 6.88 7.16
(4eq)

Indirect CO, emissions (ecpy;)  K€coo/tcao 0 0 0 0 0

Equivalent CO, emissions kgcoo/tcao 1344 247 -378 -285 =810
(€coz,eq)

SPECCA MI uv/Kecoray - 0.70 0.53 0.50 0.51
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The direct CO, emission (e,) is the sum of fossil CO, directly emitted at the stack
of the facility per unit of produced lime. The CO, from the calcination, i.e., process
emission, is considered fossil emission. For the retrofitted case with carbon capture
(CC), ecp, can be calculated with Eq. (11), where ritcg, 455 (k€coo/h) is the total fossil
CO, emissions generation, 1cpy . (Kgcoo/h) is the captured CO,, and rirg,y (kgcyo/h)
is the total production from the retrofitted plant, including the product from the IHCaL
unit.

_ Mco2 foss — Mco2,capt
ecorcc = o (11)
CaO

The indirect CO, emissions (e, ;) are those associated to P,. They can be calcu-
lated with Eq. (12), considering the reference CO, emissions factor for power produc-
tion (e,,,,) of the corresponding reference energy scenario (see Table 6).

econi = Per- Cref.el (12)
The final equation for the calculation of the SPECCA is:

eq — Yeg,re
SPECCA = <41 (13)

€coz,ref ~ €co2

3 Results and discussion

In this section, the results for the analyzed cases are presented. Firstly, the specific CO,
formation in each component is discussed. Afterwards, the results of the main KPIs are
explained. Finally, the IHCaL process is compared with other post-combustion carbon cap-
ture processes.

Figure 2 shows the specific CO, formation in each component of the new integrated con-
cepts (b—e), as well as the reference pilot plant without capture (a). The gray and green bars
represent the fossil and biogenic specific CO,, respectively. Direct negative CO, emissions
are achieved for the scenarios that utilize waste-derived fuels in the combustor (Fig. 2c—e).
In these cases, the total direct negative CO, emissions are depicted in the figure with a
pink rhombus. For the reference facility and the carbon capture scenario with dried lignite
(Fig. 2a-b), the direct CO, emissions balance is positive. The net direct CO, emissions are
displayed with a white rhombus. No net negative direct emissions are achieved with dried
lignite, since no biogenic emissions are captured.

The total specific CO, formation increases with the addition of the IHCaL facility
(Fig. 2b—e), compared to the reference case (Fig. 2a). This is because of the CO, generation
associated with the additional energy requirement for the carbon capture. The additional
formation correlates with the fuel CO, emissions index (ecq, ). For fuels with lower
€cozuer the total formation is also lower, as less amount of CO, is generated in the com-
bustor to supply the heat to the calciner. For this reason, the scenario with SRF has the less
total formation of all the carbon capture scenarios.

If dried lignite is burnt in the combustor (Fig. 2b), the specific direct fossil CO, genera-
tion is almost two times that from the reference case (Fig. 2a). This means that, for dried
lignite, the direct fossil CO, generation associated with the carbon capture is approximately
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< Direct positive CO, emissions
@ Direct negative CO, emissions
Lime kiln (a) Reference facility
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Combustor
Total formation
Total capture

Lime kiln (b) Dried lignite
Calciner €corfiel — 9617 gco/MJ, 1y
Combustor
Total formation

Total capture

Lime kiln (c) RDF pellets
Calciner Coni = 9218 oMy
Combustor
Total formation
Total capture

Lime kiln (d) SRF
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Combustor
Total formation
Total capture

(e) MSW
eCUZJirc/ = 106'0 gL'OZ/MJLHV
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Total formation
Total capture
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Specific CO, (kgcoy/tcao)

Fig.2 Specific CO, formation and capture by component for all five cases considered within this study:
(a) reference facility; and IHCaL fueled with (b) dried lignite, (¢) RDF pellets, (d) SRF, and (e) MSW. The
biogenic CO, formation is indicated with green, whereas gray represents the fossil formation. For the cases
(a) and (b), the direct CO, balance is positive, and the total direct CO, emissions are displayed with a white
rhombus (). For the remaining cases, direct negative CO, emissions are achieved. They are indicated with
a pink rhombus (<)

equal to the avoided CO,. On the other hand, for the waste-derived fuels (Fig. 2c—e), the
avoidance can be achieved without forming huge amounts of additional direct fossil CO,
emissions (around 35% increase). The case with the lowest direct fossil CO, formation is
the one of the RDF pellets (Fig. 2¢), due to the combination of high x;,;, with 1ow eco; /-

The highest variation of the formation with fuel type occurs in the combustor, where
the fuel is burnt. The combustor is the most critical component regarding the direct forma-
tion of CO, in the IHCaL. Here, the formation is minimized by fuels with lower e, g1
When dried lignite is used (Fig. 2b), the direct CO, formation in the IHCaL. combustor is
higher than the formation in the lime kiln. On the contrary, when RDF or SRF are utilized
(Fig. 2c—d), the direct fossil generation in the combustor is much lower (61-65%). In the
case of the MSW (Fig. 2e), the fossil emission of the combustor and the lime kiln are simi-
lar (84%).

The reduction of the specific CO, formation in the lime kiln with respect to the refer-
ence case is explained by the increase of the production, i.e., PR > 1. This reduction is

@ Springer

95



96

Research Paper II

30 Page180f32 Mitig Adapt Strateg Glob Change (2023) 28:30

stronger in the scenario with MSW (Fig. 2e), because of the higher PR. Nevertheless, due
to the high e, ., more CO, is formed from the combustion in the IHCaL; thus, this case
presents the highest total direct CO, formation.

Due to the high biogenic fractions of the waste-derived fuels, net negative direct CO,
emissions can be achieved in all three cases (Fig. 2c—e). The total net direct CO, emissions
can be read from the graph as the difference between the total capture and the total fossil
formation. It is indicated with a pink rhombus. The values displayed in Fig. 2 correspond
only to the direct emissions, whereas the equivalent emissions are illustrated in Fig. 4.

The main results and the KPIs of the simulated scenarios are reported in Table 6. The
increase in specific heat requirement due to the carbon capture (see HR) ranges from 201 to
271%, with respect to the reference case. The difference results from the strong influence of
the eco; 5 I the heat consumption, illustrated in Fig. 3. This result is also highly depend-
ent on A, as demonstrated by Greco-Coppi et al. (2021), who presented scenarios with less
than 100% specific heat requirement increase for the CO, capture. The CO, formation in the
combustor increases with e, 4> thus, increasing the total captured CO,. Due to the more
demanding capture requirement, more heat is needed in the calciner and HR becomes higher.
The direct fuel consumption, g, and the direct CO, emissions, ey, 4, increase with HR.

Due to the addition of the IHCaL facility, the total production increases (PR > 1). The
increase is almost the same for lignite, RDF, and SRF and ranges from 36 to 38%. For the
MSW, the production increases more (52%) because of the additional make-up require-
ments associated with higher CO, mass flows (see Fig. 2e). The product ratio can be
increased by increasing the make-up rate (i.e., higher A). This has the effect of augmenting
the production exponentially while reducing HR (Greco-Coppi et al., 2021).

Figure 3 illustrates the relation between HR, and the specific CO, emissions for each fuel
considered in this study. The HR,, rises with increasing CO, emissions index (ecp ) This is due
to the additional CO, that has to be captured from the carbonator. Other parameters such as LHV
and the amount of hydrogen in the fuels also play a role in the variation of the heat requirements.
Higher LHV and lower e, ., minimize HR,,. The range of variation represented by the gray area
was calculated with the energy balance of the calciner and the combustor (see Appendix 3).

The breakdown of specific CO, emissions per tonne of burnt lime (product) is displayed
in Fig. 4. The emissions are separated in three categories: (i) direct fossil emissions, (ii)
direct biogenic emissions, and (iii) indirect emissions. The sum of all three gives the equiv-
alent CO, emissions (ec; ,)- The results are presented for all the calculated cases, and all
the considered energy scenarios. The indirect and equivalent CO, emissions depend on the
reference efficiency of the energy scenario (e,,,,). The results are identical for the renew-
able and the nuclear energy scenarios because they both have e, = 0.

The reference case, without carbon capture, presents the highest emissions level, e, eq
of 1344-1368 kgcooicao- The major contribution comes from the direct fossil emissions
corresponding to the calcination and combustion in the lime kiln. The indirect emissions
are almost negligible. The results are similar for all the energy scenarios.

For the carbon capture scenarios, net negative equivalent CO, emissions can be achieved
in every case, except when fueling lignite, for the renewables and nuclear energy scenarios. If
waste-derived fuels are used, the highest contribution to the negative emissions corresponds to
the captured biogenic CO,, which is independent from the energy scenario. The indirect emis-
sions are strongly dependent on e,,.,, because of the relatively high power generation in the
retrofitted plants (42-63 MW,,). With waste-derived fuels, negative emissions as high as —1805
kgCO,/tc,o can be achieved. This corresponds to an equivalent CO, avoidance of over 230%.

The SPECCA is one of the most important thermodynamic KPIs. It represents
the primary energy consumption associated with the CO, avoidance. In Fig. 5, the
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Fig. 3 Absolute heat ratio and T T T T
CO, specific emissions for the MSW
fuels considered in this work. 10.0 Ml/kg,,
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Fig.4 Specific CO, emissions for the different fuels considered within this work. The breakdown of the
emissions is depicted with bars. The power generation scenarios are indicted with the filling type (solid,
hatched). The equivalent specific CO, emissions (ec;,,) are displayed with a rhombus <)

breakdown of SPECCA for all the carbon capture scenarios is displayed, consider-
ing (i) the CO, compression power requirement, (ii) the power requirement increase
(without compression), (iii) the fuel requirement increase, and (iv) the power genera-
tion. The values are presented for the energy scenarios utilized throughout this work.
Because of the high power generation (light blue bar in Fig. 5), the results depend
strongly on the reference power generation efficiency (7,,.). The lower the #,,. .
the better the results in terms of SPECCA. The values corresponding to the European
energy mix scenario are higher than for the state-of-the-art coal power plant due to
the lower associated CO, avoided (see Fig. 4). In the same way, the SPECCA values
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Fig.5 SPECCA breakdown for all the carbon capture scenarios analyzed in this work. Each category of the
breakdown is indicated with solid bars (state-of-the-art coal power plant) and hatched bars (energy mix,
renewables, and nuclear). The SPECCA values are displayed with a rhombus ()

of the lignite scenario are relatively high because of the low CO, avoidance compared
to the waste-derived fuels that allow for net negative CO, emissions. When compared
with an oxy-fired CaL process, the SPECCA values presented in this work are in gen-
eral much lower, mainly because of the avoided penalty of the ASU, which increases
the total SPECCA by approximately 1 MJ yy/kgco, ., In the European mix scenario
(De Lena et al., 2022). Nevertheless, for the renewable scenario, relatively high val-
ues were obtained because of the high #,,,,. These values are discussed hereunder.

~ 8 —
71 \
S 6 - % . Renewables a .
&D 3 Energy mix o %
237 N N AN ,
= 41 X N A N
= 3 N (RN B 3
2 31 N N NN B N [IE
< \ N NN | N |
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pellets tail-end EF

Fig.6 SPECCA comparison between the different fuels considered within this work and other post-com-
bustion carbon capture processes: monoethanolamine absorption (MEA), chilled ammonia process (CAP),
tail-end directly heated carbonate looping (CaL), and entrained flow (EF) directly heated CaL. The refer-
ence data for MEA, CAP, CalL tail-end, and CalL EF was obtained from Voldsund et al. (2019a), who con-
sidered the application of these technologies in the cement production process. No data was available for
the nuclear scenario
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In Fig. 6, the SPECCA values of different post-combustion carbon capture processes are
compared with the ones corresponding to the IHCaL scenarios, for the different energy sce-
narios considered in this work. The selected post-combustion CO, capture processes for this
comparison are: (i) monoethanolamine absorption (MEA), a technologically ready process;
(ii) chilled ammonia process (CAP); (iii) tail-end directly heated Cal.; and (iv) entrained
flow (EF) directly heated Cal.. As a reference for the MEA, CAP, and CaL technologies, the
SPECCA data from the CEMCAP project was used (Voldsund et al., 2019a). These values
were calculated for cement production, which is similar to lime production, as discussed in the
introductory chapter. It can be seen that the SPECCA of the IHCaL scenarios is considerably
lower than the ones reported for the other carbon capture methods, except for the renewable
scenarios. The IHCaL process allows for CO, capture with very low primary energy consump-
tion, less than 2.1 MJ; j;\/Kgco,.» When using waste-derived fuel. Nevertheless, the SPECCA
values increase drastically for the renewable scenario. Thereby, the electrical power is con-
sidered equivalent as the primary energy; thus, the additional power generation in the IHCaL.
process is not advantageous as in the other scenarios. Furthermore, the assumption of ., =
100% associated with this scenario is unfairly high considering the type of feedstock involved.

The main challenge of the IHCaL process is the significant increase in the absolute heat
required for the capture, i.e., HR,, which is around 30% higher than for an oxy-fired CaL pro-
cess'?. Nonetheless, dynamic investment models suggest that the IHCaL technology would be
superior in terms of global economic performance, compared to other post-combustion CO, cap-
ture processes (Junk et al., 2016). Within the ANICA Project, the concepts presented in this work
are being evaluated to assess their viability in terms of CO, avoidance costs and environmental
impact (Strohle et al., 2021).

4 Conclusion

An innovative CO, post-combustion carbon capture method, the IHCaL process, was analyzed
in this work. The configuration presented is suitable for retrofitting lime and cement plants. To
evaluate its performance with alternative fuel firing, mass and heat balances with different fuels
were performed, and the most relevant KPIs were calculated.

From the direct emissions breakdown, it was shown that the combustor influences the direct
formation of CO, the most. The direct CO, formation is minimized by fuels with a lower CO,
emissions index, e, - Additionally, the utilization of dried lignite yielded an increase of approx-
imately 100% in the total direct fossil CO, formation. This means that the additional generation
associated with the carbon capture was approximately equal to the avoided CO,. With this consid-
eration, it appears more reasonable to use waste-derived fuels for the tail-end IHCaL, whereby the
increase in total direct fossil CO, formation linked to the avoidance is relatively low (around 30%).

The results show that very low SPECCA values can be achieved for three of the simulated
scenarios'": from 0.50 to 2.79 MJ; j1v/K€c0p - In particular, SPECCA values between 0.50 and
1.98 M 11/kgcp.y Were achieved for the scenarios utilizing waste-derived fuels in the combus-
tor. By reason of its low primary energy requirements'?, the IHCaL process is a very promising

10 Estimated by comparing the results from this work with the total heat input increase reported by De
Lena et al. (2017) in the analysis of an integrated CaL-process for CO, capture in cement plants.
I State-of-the-art coal power plant, energy mix (2015), and nuclear.

12 When comparing these SPECCA values with the available literature for other post-combustion carbon
capture processes for lime and cement plants: De Lena et al. (2022), De Lena et al. (2019), De Lena et al.
(2017), Voldsund et al. (2019a), Voldsund et al. (2019b).
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retrofitting technology for carbon capture from lime and cement plants. It may be deployed in
scenarios, in which the associated power generation is an advantage. This is not the case for the
100% renewables scenario, which assumes the same worth for generated power and primary
energy (1,7, = 100%). For this scenario, the SPECCA values were higher than 4.6 MJj y/
kgcon av

Furthermore, it was demonstrated that the IHCaL process is suitable for achieving
net negative CO, emissions; thus, carbon dioxide removal (CDR). For all the scenar-
ios, the highest negative emissions were obtained with MSW fuel. Net negative emis-
sions as high as —1805 kgcoy/tcao Were achieved'®. This value represents an equivalent
CO, avoidance of more than 230%, with respect to the reference plant without capture
(1368 kgcoy/teao)-

The IHCaL process is particularly suitable for fuels with a high biogenic fraction (x,,,) and
low specific CO, emissions (ecq; ). This combination of properties can be found in high
caloric SRF, such as the one considered in this work (class 3 SRF, according to DIN EN ISO,
2021). The utilization of these fuels in the IHCal. combustor allows for net negative CO, emis-
sions (—1019 kgcoy/teyo) With very low SPECCA (1.48 MJ| y/Kgcopa) -

Appendix 1. Additional input data

The fuel data used for the calculations in this work are provided in Table 7.
The carbonator was modeled based on the work of Lasheras et al. (2011). The main
model assumptions are reported in Table 8. The governing equations for the carbonation

model were:
1 d, 1
- = 2 + —
K.~ 6K, K,
—_ DC02
Ke =G (14)
Xb,N'So‘Pc 0 2/3
Kri=ks'M—”'(1—X)/
CaO

K, is the global reaction rate, K, and K; are the diffusion-controlled rate and the chem-
ical rate, respectively, d, is the particle diameter, and Sh is the Sherwood dimensionless
number. X is the conversion, i.e., fraction of active sorbent that has been carbonated. The
rest of the constants are defined in Table 8. The active fraction of CaO (X, ) was calcu-
lated with the deactivation model of Abanades et al. (2005), according to Eq. (15).

_ fm(l_fw)FO
Fo+Fg-(1-f,)

+fu (15)

b,N

13 Utilizing MSW in the combustor; calculated with the state-of-the-art coal power plant energy scenario
(n, = 44.2%; e,,p 0 = 770 kgcop/MWhy).

14 Calculated with the state-of-the-art coal power plant energy scenario (7, = 44.2%; rerer = 170 Kgeon/
MWh,,)).

@ Springer



Research Paper II

Mitig Adapt Strateg Glob Change (2023) 28:30

Page230f32 30

Table 7 Detailed fuel data used in this work

Property Dried lignite RDF pellets SRF MSW
Proximate analysis (%dry)
Moisture content 10.3 8.1 19.4 25.0
Fix carbon 63.2 54.0 47.2 38.5
Volatile matter 30.7 339 33.7 36.4
Ash content 6.1 12.1 19.1 25.1
Ultimate analysis (%q;,)
Carbon 63.2 54.0 472 385
Hydrogen 4.8 7.0 6.5 4.3
Nitrogen 0.8 0.3 1.2 0.7
Chlorine 0.2 0.5 0.9 0.5
Sulfur 0.9 0.5 0.4 0.1
Oxygen 24.0 25.7 24.7 30.8
Ash 6.1 12.1 19.1 25.1
Higher heating value (HHV,,,) (MJ/kg,.) 25.3 23.1 21.5 15.1
Lower heating value (LHV,,,) (MJ/kg,.) 21.5 19.6 15.7 10.0
Table 8 Inputs for the carbonator reactor model
Parameter Symbol Unit Value
Main inputs
Make-up rate A mol,co3/molg, 0.10
Carbonator operating temperature T °C 650
Free-gas velocity Uy m/s 4.5
Carbonator total height Rygral m 15
Carbonator pressure drop AP ury mbar 100
Inputs for hydrodynamic model
Mean particle diameter d, so pm 180
Decay constant lean region a - 3
Volume fraction at dense region = - 0.16
Inputs for carbonation reaction model
Effective gas diffusivity of CO, in air Do, m?/s 8.75-10°
Initial specific surface area So m?%/m? 1.70-107
Carbonation rate constant kg m*/(s-mol) 5.95-1071°
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Appendix 2. Detailed results

See Tables 9, 10, 11, 12, and 13.

Table 9 Results from the power

calculations in MW, Ref.  Dried lignite ~ RDF pellets SRF  MSW
compression 0.0 7.6 7.4 7.2 10.2
Poiowers 0.0 3.2 34 33 4.6
P 0.7 0.7 0.7 0.7 0.7
Py soral 0.7 11.5 11.5 11.2 15.6
P soral 0.0 43.1 42.8 424 62.7
Table 10 CO, ff)rmation in Component Fossil Biogenic Total
Kgcooftcao- detailed results
Reference facility Lime kiln 1344 0 1344
Calciner 0 0 0
Combustor 0 0 0
Total formation 1344 0 1344
Total capture 0 0 0
Dried lignite Lime kiln 977 0 977
Calciner 224 0 224
Combustor 1264 0 1264
Total formation 2465 0 2465
Total capture 2218 0 2218
RDF pellets Lime kiln 980 0 980
Calciner 220 0 220
Combustor 596 623 1219
Total formation 1796 622 2418
Total capture 1620 554 2174
SRF Lime kiln 988 0 988
Calciner 215 0 215
Combustor 638 522 1160
Total formation 1841 522 2362
Total capture 1661 464 2126
MSW Lime kiln 885 0 885
Calciner 274 0 274
Combustor 741 1111 1852
Total formation 1900 1108 3007
Total capture 1719 990 2709
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Table 11 Result from CO,
emission calculations in kgqq,/
tcao considering different energy

Ref.  Dried lignite RDF pellets SRF MSW

Direct CO, emissions

Seenatios Fossil 1344 245 244 237 298
Biogenic 0 0 —622 —-522 —-1108
Total 1344 245 -378 =285 =810
Indirect CO, emissions
Coal 24 -735 —729 734 =995
Energy mix 8§ -250 —248 -250 -339
Renewables 0 0 0 0 0
Nuclear 0 0 0 0 0
Equivalent CO, emissions
Coal 1368 —488 —-1107 —-1019 —1805
Energy mix 1352 -3 —626 =535 -1148
Renewables 1344 247 -378 -285 810
Nuclear 1344 247 —-378 —-285 =810
Table 12 Results of SPECCA breakdown in MJ y/Kgco5 4y
Energy scenario SPECCA breakdown Dried lignite RDF pellets SRF MSwW
Coal Fuel requirement increase 6.20 4.68 4.84 4.90
Power requirement increase 0.38 0.31 0.31 0.30
CPU power requirement 1.01 0.74 0.75 0.72
Power generation -5.71 —4.27 —4.42 —4.41
Total 1.88 1.46 1.48 1.50
Energy mix Fuel requirement increase 8.49 5.86 6.12 6.21
Power requirement increase 0.51 0.37 0.38 0.36
CPU power requirement 1.33 0.89 0.91 0.88
Power generation —7.53 -5.14 -5.39 -5.39
Total 2.79 1.98 2.03 2.06
Renewables Fuel requirement increase 10.49 6.73 7.09 7.21
Power requirement increase 0.29 0.20 0.20 0.19
CPU power requirement 0.75 0.47 0.49 0.47
Power generation —4.27 -2.71 -2.86 -2.87
Total 7.26 4.69 4.92 5.00
Nuclear Fuel requirement increase 10.49 6.73 7.09 7.21
Power requirement increase 0.87 0.59 0.62 0.58
CPU power requirement 2.28 1.42 1.47 1.42
Power generation —12.94 -8.21 —8.68 -8.70
Total 0.70 0.53 0.50 0.51
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Table 13 Results for the carbonator reactor model: variables from the process model and reactor model
results

Parameter Unit Dried lignite RDF pellets SRF MSW

Inputs from process model

Ycoz.in mol/mol 0.16 0.15 0.15 0.15
T eiueGas °C 269 269 269 269
Feoz mol/s 468 458 444 630
Results from reactor model

D mol,/molqq, 5.40 5.50 5.60 5.65
XN mol,co3/mole, 0.190 0.190 0.189 0.189
X arb mol,co3/mole, 0.167 0.161 0.161 0.161
E...p % 89 89 89 89
Tearb min 53 5.6 5.7 5.5
Rpeq m 33 33 33 33
Specific inventory kg/m? 1020 1020 1020 1020

Appendix 3. Calculation of heat ratio for different fuels

For the calculation of the heat requirement in the combustor, for any fuel, the heat bal-
ance of the system calciner-combustor is performed.

{combustion heat} = {heat requirement calciner} + {sensible heat loss in combustor}
Qomp = Mg - LHV 0y = Feop - Wy + 1 - ¥
(16)
This equation can be solved using the specific heat capacities of the substances (c,)
and the operational parameters of the IHCaL facility:

Tl = (A + D - Xcurh) : Emlc : AHcalc + (Tculc - T.mrb,calc,in) : [(A + D - Xcarb) : Ep,CazCOS + (1 - XL'arh) : Ep,CaO]
¥, =AFR ¢, - (T

pHair comb — Tpreheat) + cpfuel : (Tcanlzb - TO)
- €cofue ¥ -
Qcomh = FC02,plam . lI‘1 : <1 - % : lI,1 + LH_ZV>
a7)
The values assumed for the calculation of the curves of Fig. 3 are reported in
Table 14.
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Table 14 Values for the calculation of typical heat ratios for different ecq; 4.

Parameter Unit Bottom boundary Base value Top boundary
F oo plant kmol/h 735

Qre_ p MW, 38.7

E ... % 99

Evan % 88

A molc,co3z/molcg, 0.1

T.uic °C 900

Tiorb,calc,in °C 810

T yrehear °C 800

Tomp °C 1000

T, °C 20

Cpair kJ/(kg-K) 1.1

Cp.Ca0 J/(mol-K) 51.7

Cp.CaC03 J/(mol-K) 131.3

] mol,/molqq, 52 55 5.8
LHV,,, MI/Kg,,e; 22.0 15.5 9.0
Air-fuel ratio (AFR) * kg.i/KEuel 9.0 9.0 4.8
Cp fuel b kl/(kg-K) 1.0 1.25 1.50

“Lignite (base and bottom) and RDF (top). Data from Liu et al. (2020), with A = 1.2
Based on data from Savage (1989) and Strezov et al. (2004)
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ARTICLE INFO ABSTRACT

Keywords:

Indirectly heated carbonate looping
Techno-economic assessment

Solid recovered fuel (SRF)

CO, capture in the lime production
Heat recovery optimization

Carbon dioxide removal (CDR)

The quest to decarbonize the lime and cement industry is challenging because of the amount and the nature of
the CO, emissions. The process emissions from calcination are unavoidable unless carbon capture is deployed.
Nevertheless, the majority of the available carbon capture technologies are expensive and energy inefficient. The
indirectly heated carbonate looping (IHCaL) process is a promising technology to capture CO, from the lime and
cement production, featuring low penalties in terms of economics and energy utilization. Previous works have
highlighted the potential of the IHCaL, but the optimization of the process has not been discussed in enough
detail and techno-economic implications are not yet fully understood. Within this work, ten scenarios using
IHCaL technology to capture CO, from a lime plant were simulated. Hereby, different process configurations, heat
recovery strategies and fueling options were computed. The calculations for the capture facilities were performed
with Aspen Plus® software and EBSILON®Professional was used to simulate the steam cycles. A techno-economic
assessment was included as well, aided by the ECLIPSE software.

The results demonstrate that the selection of the fuel for the combustor not only affects the CO, balance and
energy performance but is also an important cost driver —there were considerable economic advantages for the
computed cases with middle-caloric solid recovered fuel (SRF). The analysis shows how the heat recovery strategy
can be optimized to achieve tailored outcomes, such as reduced fuel requirement or increased power production.
The specific primary energy consumption (from —0.3 to +2.5 MJ;yy/tcos oy) and cost for CO, avoided (from —11
to +25 €/tcoy ,,) Using SRF are considerably low, compared with other technologies for the same application.
The sensitivity study revealed that the main parameters that impact the economics are the discount rate and the
project life. The capture plants are more sensitive to parameter changes than the reference plant, and the plants
using SRF are more sensitive than the lignite-fueled plants. The conclusions from this work open a new pathway
of experimental research to validate key assumptions and enable the industrial deployment of IHCaL technology
before 2030.

1. Introduction

The production of lime and cement is responsible for around 8 %
of global anthropogenic CO, emissions (Andrew, 2018). About 65 %
of these emissions are associated with the calcination of limestone
(IEA, 2020; Schorcht et al., 2013) and can only be avoided with car-
bon capture. There are many carbon capture technologies available
—absorption, e.g., using methanolamine (MEA); adsorption; membrane
separation; cryogenic capture; oxy-fuel combustion; chemical and car-
bonate looping; and biological CO, removal—, but the majority have
high thermodynamic and economic penalties (Cachola et al., 2023;
Hong, 2022; Krishnan et al., 2023; Voldsund et al., 2019).

* Corresponding author.
E-mail address: martin.greco@est.tu-darmstadt.de (M. Greco-Coppi).

https://doi.org/10.1016/j.ccst.2023.100187

One promising technology that may be used to decarbonize the lime
industry is the direct separation of the Leilac-1 —low emissions intensity
lime and cement— project (Hills et al., 2017), which uses an indirectly
heated vertical tube for the calcination. Direct separation enables cap-
ture for all the process emissions with low cost (Driver et al., 2022), but
is not able to separate the CO, produced by combustion. This technol-
ogy has been demonstrated up to the 240 t/d raw meal scale, separating
85 t/d of CO,. A scale-up of the technology will take place within the
Leilac-2 project (European Commission, 2020). The start of construction
is scheduled for the year 2023.

Among the available technologies for capturing CO, from lime and
cement production, carbonate looping (CaL) (Shimizu et al., 1999) is one
of the most promising, because it can enable synergies with the calci-
nation process, and thus allow to capture CO, efficiently without incur-
ring high costs (De Lena et al., 2022; Zhao et al., 2013). The CaL process
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Nomenclature

Latin symbols

BESP

breakeven selling price (€/t;c)

CAC CO, avoidance cost (€/tCO,,av)

ecoz specific CO, emissions (8c02/k8ca0)

Crefel CO, emissions factor of the grid (gcoy/ MJ)

€cozfuetl  fuel specific CO, emissions (gco2/MJpy)

E. carbon capture efficiency (-)

s fw fitting constants for Eq. (3) (-)

Fcoz CO, molar flow rate (into carbonator) (mol¢q,/s)

F, fuel expenditure in year t (M€)

Fp sorbent molar circulation rate (molc,/s)

Fy make-up molar flow rate (mol,co3/S)

HtPR heat-to-power ratio (-)

HR specific heat ratio (-)

HR, absolute heat ratio (-)

I investment expenditure (CAPEX) in year t (M€)

Iy initial investment expenditure (initial CAPEX) (M€)

LHV lower heating value (kJ/kg)

Meq0 product mass flow rate (t/h)

Mifyer fuel mass flow rate/ fuel requirement (t/h)

Moz CO, mass flow rate (t/h)

M, operation and maintenance expenditure in year t (M€)

n system lifetime (year)

P pressure (bar)

P, electric power (MW)

PR product ratio (<)

q specific primary energy consumption (J/kgc.0)

Q heat flow rate/ heat duty (MW)

r discount rate (%)

SPECCA specific primary energy consumption for CO, avoided
MJ1y/k8co2,av)

T temperature (°C)

Uy free gas velocity (m/s)

Xpio fuel carbon biogenic fraction (-)

X degree of carbonation (molg,co3/molc,)

Xaye,max ~Maximum carbonation after carbonator (sorbent activ-
ity) (molg,co3/molc,)

Greek symbols

Ap pressure drop through component/reactor (mbar)

Mnet,SC steam cycle net efficiency (-)

Nrefel reference electrical efficiency of the grid (-)

A specific make-up rate (molc,co3/molcgs)

D specific sorbent circulation rate (mol¢,/molcg,)

Abbreviations

ASU air separation unit

BECCS  bioenergy with carbon capture and storage

bio biogenic (fraction)

CalL carbonate looping/ calcium looping

CAPEX capital expenditure

CEPCI  Chemical Engineering Plant Cost Index

CCS carbon capture and storage

CDR CO, removal

ECO economizer

EPC engineering, procurement and construction (cost)

ES energy scenario

EU-28  European Union (energy mix)

EVA evaporator

IHCal.  indirectly heated carbonate looping

KPI key performance indicator

Leilac low emissions intensity lime and cement (project)

MEA monoethanolamine

NGCC  natural gas combined cycle
NPV net present value

OPEX operating expenditure

O&M operating and maintenance (costs)
PRK preheated rotary kiln (reference/host facility)
RDF refuse-derived fuel

RH reheater

ROI return on investment

S process scenario

SH superheater

SRF solid recovered fuel

TEA techno-economic assessment
TCC total capital cost

Subscripts and superscripts

bio biogenic (fraction)

calc calciner (exit)

capt captured CO,

carb carbonator (exit)

comb combustor (exit)

foss fossil (fraction)

FA fluidization agent

FG flue gas

ref reference facility without carbon capture
SC steam cycle

wet wet basis

(see Fig. 1) operates with two reactors, namely, a carbonator (ca. 650 °C)
and a calciner (ca. 900 °C), using solid sorbents, such as lime (mainly
Ca0). The high temperatures enable manifold regenerative heat inte-
gration options. The operating principle is the reversible carbonation-
calcination reaction of CaO. CO, from flue gases is bound through car-
bonation of the sorbent inside the carbonator, which typically operates
in the bubbling or circulating fluidized bed regime (Abanades et al.,
2004; Charitos et al., 2011). The carbonated sorbent is regenerated in
the calciner, also operating as a fluidized bed reactor (Wang et al.,
2007). In the standard configuration, the heat for the calcination is pro-
vided via oxy-fuel combustion, directly in the combustor, using pure
oxygen and fuel (see Myohénen et al., 2009). CaL technology has been
demonstrated up to the pilot scale for manifold operating conditions
(Arias et al., 2017; Arias et al., 2013; Diego et al., 2016b; Dieter et al.,
2014; Kremer et al., 2013; Strohle et al., 2014), including firing with
waste-derived fuels (Haaf et al., 2020c; Haaf et al., 2020Db).

The drawback of standard Cal technology is the requirement of
pure oxygen, which is obtained with an energy-intensive air separation
unit (ASU). The installation of an ASU entails significant investment.

CO,-depleted
flue gas

CO;-rich flow

Make-up
(CaCO0s)

Calciner

Carbonator

Fuel
Air
—

Flue gas
from host plant

Oxy-fired CaL Facility

Fig. 1. Oxy-fired carbonate looping process with air separation unit (ASU).
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Fig. 2. Lime production facility with carbon capture using a retrofitted indirectly heated carbonate looping process (IHCal), adapted from Greco-

Coppi et al. (2021) with permission of Elsevier.

De Lena et al. (2022) calculated that the ASU accounts for around 15 %
of the total plant cost for an integrated CaL system for CO, capture from
a cement plant. A similar result was obtained by Fu et al. (2021) for
the implementation of the CaL process in natural gas combined cycle
plants. Additionally, the electric power required to operate the ASU can
be higher than 40 % of the electricity demand of the entire CaL system
(De Lena et al., 2022; Haaf et al., 2020a).

From the entire carbon capture and storage (CCS) value chain —sep-
aration, transport, and geological storage—, the capture process is the
most energetically demanding and it accounts for about 70-80 % of
the total costs (Vitillo et al., 2017). Santos and Hanak (2022) reviewed
the available techno-economic analysis studies on carbon capture for
industrial processes of the last ten years. They concluded that CaL is
superior to other technologies (amine scrubbing, physical absorption,
vacuum pressure swing absorption, and oxy-fuel combustion) for this
kind of application. According to their estimations, CaL technology has
an average CO, avoidance cost of 32.7 to 42.9 €/t¢g, .y and an equiv-
alent energy requirement between 2.0 and 3.7 MJy,/kgcozay. Mem-
brane separation technology —which was not included in the review
of Santos and Hanak (2022)— is sometimes regarded as a competi-
tive alternative to decarbonize the cement industry, but it is still costly
(> 80 EUR/tgo2 4y) if capture rates of more than 80 % are to be achieved
(Baker et al., 2018; Ferrari et al., 2021; Gardarsdottir et al., 2019).
De Lena et al. (2019) analyzed CaL technology for cement plants and
obtained slightly higher costs (52-58.5 €/t ay) for the scenarios con-
sidered. Romano et al. (2013) presented an integrated concept for ce-
ment production and power generation that would be profitable even
for low carbon taxes, starting at 27 €/tcgs.

Gardarsdottir et al. (2019) compared different carbon capture tech-
nologies for the cement production. According to their calculations, the
lowest avoidance costs, amounting to 42 €/tcoz 4y, Would be achieved
with oxy-fuel technology. However, they explained that retrofitability
issues might negatively impact the cost performance of the oxy-fuel pro-
cess. Cormos et al. (2020) evaluated capture technologies to decarbonize
different industrial processes, including cement production, for which
they estimated that a 90 % decarbonization rate could be achieved with
a cost of 57.8 €/tgpy 5y With CaL technology. Yang et al. (2021) carried
out an extensive techno-economic analysis, in which they considered
numerous carbon capture technologies and integration options. One of
their most relevant findings is that the utilization of biomass with carbon

capture and storage, i.e., BECCS, improves the technical and economic
performance of the CO, capture. To date, not many works have been
published analyzing the costs of capturing CO, from lime plants. More-
over, there are many similarities between lime and cement production;
therefore, conclusions about CO, capture can be extrapolated from one
industry to the other —see Greco-Coppi et al. (2023) for a thorough
discussion on this matter.

To reduce the penalties of the CaL, the heat for the calcination can
be provided indirectly, thus eliminating the need for an ASU. This tech-
nology is known as the indirectly heated carbonate looping (IHCaL)
(Junk et al., 2013). Indirect heating can be achieved with different
mechanisms, such as utilization of steam (Fan, 2012; Ramkumar and
Fan, 2010; Wang et al., 2010), direct heat transfer through the reac-
tor walls (Abanades et al., 2005; Grasa and Abanades, 2007), or by
means of solid heat carriers (Abanades et al., 2005; Diego et al., 2016a;
Martinez et al., 2011). One of the most promising approaches con-
sists in utilizing heat pipes connecting the calciner and the combustor
(Hoeftberger and Karl, 2016; Junk et al., 2013; Reitz et al., 2014). The
IHCaL technology utilizing heat pipes to indirectly heat the calciner has
been validated during pilot testing at the 300 kW, scale test rig of the
Technical University of Darmstadt (Reitz et al., 2016), including opera-
tion in relevant conditions for the lime industry (Hofmann et al., 2024,
2022a). Junk et al. (2016) estimated that the CO, avoidance cost for a
coal power plant with IHCaL technology would be 22.6 €/tgoz ay-

Greco-Coppi et al. (2021) developed the IHCaL process for use in
lime plants and indicated the importance of heat recovery in the global
process efficiency, due to the high temperatures of the process (over
650 °C). They presented two possible configurations to produce lime
with low CO, emissions: (i) a tail-end configuration, which is useful for
retrofitting an existing lime kiln (see Fig. 2); and (ii) a fully integrated
solution (see Fig. 3).

The tail-end configuration consists in an IHCaL facility placed down-
stream of a host lime plant, as shown in Fig. 2. It permits capturing CO,,
with minimal impact on the upstream process. Additionally, it expands
the production capacity of the entire facility through the utilization of
spent sorbent (purge stream).

The fully integrated solution (illustrated in Fig. 3) involves the
construction of a completely new facility; thus, it is not suitable for
retrofitting existing lime kilns. This new facility constitutes an entire
lime production plant with integrated carbon capture through carbon-
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Fig. 3. Lime production facility with carbon capture using a fully integrated
IHCaL facility to produce lime with low CO2 emissions, adapted from Greco-
Coppi et al. (2021) with permission of Elsevier.

ate looping, where the make-up stream is the raw limestone and the
purge stream is the product (lime). A detailed explanation of the two
configuration concepts can be found in previous publications (Greco-
Coppi et al., 2023; Greco-Coppi et al., 2021; Junk et al., 2013).

A detailed analysis and optimization of the heat recovery system
—indispensable to exploit the potential of the IHCaL in the lime produc-
tion— is yet to be done. Furthermore, the advantage of utilizing waste-
derived fuel —such as solid recovered fuel (SRF) or refuse-derived fuel
(RDF) (see Gerassimidou et al., 2020; Sarc and Lorber, 2013; Velis et al.,
2010)— to produce the heat for the combustion was established (Greco-
Coppi et al., 2023), but the techno-economic impact is not fully under-
stood yet.

This work closes an important knowledge gap in the route to develop
the IHCaL process by delineating the economic and technical implica-
tions of applying this technology to the lime production. To achieve
this, a comprehensive process modeling of the IHCaL process is per-
formed. Furthermore, the design of the heat recovery steam cycle is in-
vestigated and three alternative heat recovery strategies are analyzed.
For the heat production in the combustor, two options are evaluated,
namely, utilizing lignite or fueling SRF. Altogether, eleven process sce-
narios are compared with each other in terms of CO, formation, energy

Table 1
Process scenarios (S) calculated.
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utilization, and economic performance. Finally, a sensitivity analysis is
included.

2. Methods
2.1. IHCaL process and scenarios analyzed

In this work, different strategies to reduce CO, emissions in the lime
production were analyzed. An operating lime production plant from
Germany was taken as the reference facility for the study and the host
plant for the retrofitting configurations. This plant utilizes a preheated
rotary kiln (PRK) for the calcination of limestone. It is described in detail
in the work of Greco-Coppi et al. (2021).

The different process scenarios (S) that were studied differ in terms
of plant concept, fuel type for the combustor, and heat recovery concept
(see Section 2.2 for this last category). In total, eleven scenarios were
computed (see Table 1): the reference German lime plant as-built, with-
out carbon capture (S-1); four retrofitting or “tail-end” configurations
for lime production with carbon capture using lignite (S-2 and S-3) and
SRF (S-4 and S-5); as well as six fully integrated solutions using lignite
(S-6 to S-8) and SRF (S-9 to S-11).

Greco-Coppi et al. (2023) showed that fueling the IHCaL with waste-
derived fuels allows for carbon dioxide removal (CDR) through negative
CO, emissions (Kemper, 2015; Yang et al., 2021). This holds true if
the biogenic fraction (bio) of CO, from the combustion is captured and
effectively removed from the atmosphere —mainly through subsequent
geological storage.

The fuels for this analysis were selected following the work from
Greco-Coppi et al. (2023). The lignite properties were obtained from
the fuel analysis of the lignite used in the host plant in Germany. The
properties of the SRF implemented in this work are consistent with the
SRF used to successfully operate the 1 MWy, CaL plant in Darmstadt
(Haaf et al., 2020d; Haaf et al., 2020b). The composition and main prop-
erties of the fuels are presented in Table 2, where LHV is the lower heat-
ing value in wet basis, xp;, is the carbon biogenic fraction in the fuel
(Astrup et al., 2009; Moora et al., 2017), and ecoz . is the fuel CO,
emissions index (Furimsky, 2007; Madejski et al., 2022), i.e., the spe-
cific CO, emissions for the combustion of the fuel.

Fig. 4 is a simplified IHCaL flow diagram that shows the main molar
flows (F) of sorbent and CO,, as well as the sorbent carbonation degrees
(X). The sorbent molar flow rates are F, for the sorbent circulation be-
tween the carbonator and calciner, and F,), for the fresh make-up and the
purge streams. The make-up stream consists of pure limestone (mainly
CaCO3). The total CO, molar flow rate into the carbonator is indicated
with Feg,.

For the calculations and the comparisons, it is generally useful to
work with dimensionless parameters; thus, the specific make-up rate

IHCaL Fuel IHCaL Heat recovery Process scenario
Plant concept integration combustor concept? (S) no.
Reference PRK - - - S-1
PRK with downstream carbon capture (see Fig. 2) Tail-end Lignite I S-2
I S-3
SRF 1 S-4
I S-5
Lime production facility with fully integrated carbon capture (see Fully integrated Lignite I S-6
Fig. 3) i S-7
III S-8
SRF I S-9
1I S-10
III S-11

2 I: only air preheater; II: heat exchanger before air preheater; III: heat exchanger after air preheater.
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Table 2
Input data of the fuels, adopted from Greco-Coppi et al. (2023).

Parameter Dried lignite SRF Unit
LHV 21.5 15.7 MJ/Kg et
Xpio 0 45 %
€co2 fuel 96.7 88.7 8coz/ M1y
Particle size 0-4 dgs < 50 mm
Composition
C 56.7 38.0 Wt Yoy
H 4.3 5.2 Wt.Yoyer
N 0.7 1.0 WEYo e
S 0.8 0.3 Wt.Yoyec
o 21.5 19.9 Wt.% e
al 0.2 0.7 WEo e
H,0 10.3 19.4 WE.%0,e¢
Ash 5.5 15.4 WYy
Reference Greco-Coppi et al. (2021) Haaf et al. (2020d)
F CO2,carb
Fy F CO2,cale
: l
Q
=
<
=
2
S
F R> XL‘u[L‘ .
- Calciner Combustor
Feox Fo; Xeate

Fig. 4. Indirectly heated carbonate looping process: simple process diagram
with main molar flow and carbonization degree parameters.
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CO,-depleted CO»-depleted

COs-rich flow
flue gas
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(A) and the specific sorbent circulation rate (&) are defined according

to Egs. (1) and (2), respectively. These parameters are varied in order
to optimize the processes (Greco-Coppi et al., 2021).

Fy
A=—0 M
Feoz
F
»=_=X ©)
Feoz

2.2. Heat recovery and steam cycle

Due to the high operating temperatures (> 650 °C), the IHCaL process
offers the possibility of recovering heat by means of a steam cycle. The
usable sources for heat recovery are:

¢ CO,-depleted flue gas from the carbonator (650 °C)
e CO,-rich flow from the calciner (900 °C)

e Flue gases from the combustor (1000 °C)

¢ Heat from the carbonator cooling (650 °C)

The flue gas from the external combustion chamber has a tempera-
ture of 1000 °C. This stream is used to preheat the combustion air (see
Figs. 2 and 3). It is necessary to investigate how the use of the flue gas
for steam generation affects the preheating temperature, which in turn
has an important impact in the fuel requirement for the carbon capture
(cf. Greco-Coppi et al., 2021).

Another point of integration is the utilization of the carbonator flue
gases to preheat the fresh limestone before it enters the system, prior to
exchanging heat with the steam cycle (see Fig. 3). It is included for all
the fully integrated concepts (S-6 to S-11). This heat recovery strategy
is not implemented in the tail-end configurations (S-2 to S-5), where the
specific make-up rates are much lower and the energy penalty of heating
the make-up is negligible.

Considering the impact of the heat recovery on the energy balance,
three recovery concepts were developed (illustrated in Fig. 5). The pro-
posed concepts are analyzed and discussed to understand the effect of
the heat recovery in the IHCaL process.

In configuration (I) (Fig. 5.a), the flue gas is not used to transfer
heat into the steam cycle, but only for the preheating of the combus-
tor air. Thus, the IHCaL process is not affected by the heat recovery.

¢) Heat exchanger after air preheater (I11)

CO;-depleted CO,-rich flow

Combustor flue gas Combustor flue gas

Carbonator
Carbonator

Calciner
Combustor

Combustion air|

Calciner

Carbonator

Combustor

Calciner
Combustor

Combustion air| Combustion air|

Air Preheater

Air Preheater

R
&

Air Preheater

Fig. 5. Concepts for the recovery of heat from the IHCaL facility. The configurations differ in the utilization of the heat from the combustor flue gases: (a) only
for air preheating (concept I), (b) in the steam cycle before the air preheater (concept II), and (c) in the steam cycle after the air preheating (concept III). The heat
exchangers used to transfer heat to the steam cycle are indicated with a blue shading.
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Table 3
Main assumptions for the steam cycles.
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IHCaL integration Tail-end Fully integrated
Heat recovery concept I II I 1I 111
Steam cycles
Turbine efficiency

Mechanical 99.5 % 99.5 % 99.5 % 99.5 % 99.5 %

Isentropic 85 % 85 % 82 % 82 % 82 %
Generator efficiency 98.6 % 98.6 % 98.6 % 98.6 % 98.6 %
Pump efficiency

Mechanical 99.8 % 99.8 % 99.8 % 99.8 % 99.8 %

Isentropic 80 % 80 % 80 % 80 % 80 %
Superheater

p (bar) 130 130 130 130 130

T (°C) 565 565 565 565 565
Reheater

p (bar) - 30 - - -

T(O . 565 - - .
Exhaust

p (bar) 0.07 0.07 0.07 0.07 0.07
FWPH* 6 6 5 6 6
Heat exchangers"”

Carbonator EVA-SH1 EVA EVA-SH1 EVA EVA-SH1
T.an (°C) 650 650 650 650 650
Carbonator flue gas SH2-ECO SH1-EVA-ECO ECO ECO ECO2
T;, CC) 650 650 420 430 430
T, CC) 286 266 276 266 266
Calciner flue gas SH3-ECO SH2-ECO SH2-ECO EVA SH3-ECO1

T, (°CQ) 900 900 900 900 900
Ty CC) 286 266 276 344 503
Combustor flue gas - RH; SH3 - SH SH2
T;, CO) - 1000 - 1000 600
Ty CC) - 604 - 737 450

2 FWPH: Feedwater preheating;
b EVA: Evaporator; ECO: Economizer; SH: Superheater; RH: Reheater.

This approach has the advantage that the complexity of the steam cycle
is significantly reduced. An air preheating temperature of 800 °C can
be achieved so that fuel consumption is kept as low as possible. How-
ever, this approach has the consequence that less power is generated
within the steam cycle, so that some optimizations (e.g., reheating) are
no longer economical.

The second approach (II) (Fig. 5.b) consists in recovering heat from
the flue gas directly downstream of the combustion chamber. Thus, the
flue gas is cooled before using it for air preheating. The advantage of this
approach is that significantly more heat is available for the steam cycle;
thus, higher power output can be achieved, which means that further
optimization of the steam cycle is worth implementing. The subsequent
air preheating with the flue gas heats the air to approx. 450-500 °C.
These preheating temperatures are achievable with the current state-
of-the-art air preheaters. The disadvantage of configuration (II) is that
the preheating temperature of the combustion air is significantly lower
than in the reference case (~ 40 % lower). This leads to a higher fuel
requirement to provide the necessary heat for the calciner.

To compensate for the disadvantages of configurations (I) and (II), a
third concept (III) was considered (Fig. 5.c). It is analogous to approach
(ID), but in this case, the flue gas is used for steam generation after air
preheating; thus, less energy is lost, which increases the overall energy
efficiency of the system.

Energy involved in the compression of CO, could be partially recov-
ered, e.g., through feed-water preheating. Hanak et al. (2014) evaluated
different options to optimize the electric generation of a coal-fired steam
power plant retrofitted with an integrated CO, capture process. He con-
cluded that utilizing the intercooler heat for the feed-water heating is
not as efficient in terms of cost, compared to, e.g., using flue gas for this
purpose. Consequently, it was decided to leave the heat recovery from
the CO, compression train out of this analysis.

The three concepts for recovery (I, II, and III) were studied for the
tail-end and the fully integrated IHCaL processes utilizing lignite and

SRF to fuel the combustor (see Table 1). Since the temperature of the
flue gas after the air preheater was too low to justify the addition of
a heat exchanger in the tail-end configuration, concept (III) in the tail-
end integration was deemed unrealistic and was not pursued; thus, the
results of the tail-end concept are only presented for heat recovery con-
cepts (I) and (II). The detailed investigation of the variation of the steam
cycle with the fuel was out of the scope of this work. For the calculations
of the steam cycle, the results from the simulations with lignite were
used. The cycle’s efficiency was assumed invariant with the fuel used in
the THCaL, and the heat recovered was scaled-up with the heat input in
the IHCaL process. This assumption is reasonable considering the simi-
lar CO, emission factor (ecpy sep) Of the fuels in this work, and the low
variation of firing capacity with the fuels considered (see Section 3.1).
Furthermore, the results of the simulations show a very small variation
of heat requirement in the calciner with the fuel type (less than 3 % for
all cases), which further supports the assumption. A special discussion
on chloride-assisted corrosion is included in Section 3.1, since many
waste-derived fuels have high chlorine content.

The main assumptions for the design of the steam cycles are pre-
sented in Table 3. To increase the steam cycle efficiency, regener-
ative feed-water preheating from turbine extractions was considered
(Bockh, 2018). Menny (2006) recommended 6 to 10 extractions for
commercial facilities. In this work, 6 extractions were assumed con-
sidering the relatively low power output of the process, except for
the fully integrated scenario (II), for which 5 extractions were consid-
ered, due to the lower power output (< 10 MW,,). The isentropic ef-
ficiency of the turbines was specified using data from Consonni and
Vigano (2012), together with preliminary estimations of heat recov-
ery. The configuration of the heat exchangers is presented in Table 3,
in the sequence order viewed from the process side. The number-
ing of the heat exchangers corresponds to the sequence viewed form
the steam side. For parallel heat exchangers, the same numbering is
used.
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Fig. 6. Flow diagram of one steam cycle to recover heat from the IHCaL-facility,
corresponding to the fully integrated (III) scenario. In this configuration, heat
is recovered from the carbonator cooling system in the evaporator (EVA) and
superheater (SH1), from the CO,-depleted flue gas exiting the carbonator in
the economizer (ECO2), from the combustor flue gas in the superheater (SH2),
and from the high purity CO, stream leaving the calciner in the superheater
(SH3) and the economizer (ECO1). The fresh limestone (CaCO;-PH) and the
combustion air (Air-PH) are preheated with the flue gases from the carbonator
and the combustor, respectively.

A flow diagram of one steam cycle is included in Fig. 6 for illustration
purposes. It corresponds to the fully integrated heat recovery configu-
ration with upstream combustion air preheating (recovery concept III).
Heat is recovered from the carbonator cooling system in the evaporator
(EVA) and superheater (SH1), from the CO,-depleted flue gas exiting the
carbonator in the economizer (ECO2), from the combustor flue gas in
the superheater (SH2), and from the high purity CO, stream leaving the
calciner in the superheater (SH3) and the economizer (ECO1).The fresh
limestone (CaCO5-PH) and the combustion air (Air-PH) are preheated
with the flue gases from the carbonator and the combustor, respectively.
The feed-water preheating is not included in the illustration for simplic-

ity.
2.3. Process modeling

For the calculation of heat and mass balances, and the main thermo-
dynamic key performance indicators (KPIs), process simulation software
was utilized. The lime plant and IHCalL facilities were calculated with
the software Aspen Plus® (Aspen Technology, Inc., 2020). The steam cy-
cle was simulated and optimized with the aid of EBSILON®Professional
software (Steag Energy Services GmbH, 2022). The input data for the
steam cycle model was taken from the Aspen Plus® simulations.

The Aspen Plus® simulations were performed using available ma-
terial property data (ASPEN APV120 database) and property meth-
ods (Aspen Technology, Inc., 2001). The Redlich-Kwong-Soave model
was used to estimate the properties of the gases (Cormos et al., 2021;
Ghanbari et al., 2017; Tilak and El-Halwagi, 2018). The properties of the
solids —heat capacity, enthalpy, entropy, and energy— were calculated
with the Barin equations (Aspen Technology, Inc., 2001; Barin, 1995).

For the modeling of the IHCaL loop, the same approach as in the work
of Greco-Coppi et al. (2023) was used. The make-up input and the purge
were located at the calciner input and the calciner output, respectively.
The composition of the limestone used for all the processes was assumed
to be equivalent to the composition of the raw material of the lime plant,
displayed in Table 4.

To achieve fluidization, CO, is recirculated from the calciner
exit back into the inlet. The amount of fluidizing agent required
(Fcozrec) Was calculated with the assumptions presented by Greco-
Coppi et al. (2023). Since Fggy e, both depends on and influences the
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Table 4

Composition of the limestone from the host lime plant, used as raw
material and as make-up for the IHCaL process. Adopted from Greco-
Coppi et al. (2021).

Component Mass fraction (wt.%)
CaCO, 98.3
MgCOs 0.7
Si0, 0.7
Fe,0, 0.1
Al,O, 0.2
S0, <0.1
Table 5

Main assumptions and general input parameters for the calculation of power
requirements with values form Greco-Coppi et al. (2023).

Value Unit

CO, compression
Number of stages® 5 -
Temperature after intercooler 25 °C
Pressure drop intercooler 100 mbar
Polytropic efficiency 80 %
Mechanical efficiency 95 %
Discharge conditions

Temperature 25 °C

Pressure 110 bar,
Inlet conditions

Temperature 25 °C

Pressure 1.013 bar,
Blowers of the IHCaL facility
Mechanical efficiency 90 %
Isentropic efficiency 65 %
AP carh 100 mbar
APeae 130 mbar
AP comb 150 mbar
Up calc 0.25 m/s
TFA,Larb 250 °C
TFA,calc 450 ’C

a Equal pressure ratio.

calciner heat requirement, these two quantities were calculated by solv-
ing the whole mass and energy balances iteratively until the relative
variation of Fgg .. Was less than 10 %.

For the calcination of CaCO5, a conversion of 99 % in the calciner
was assumed. The deactivation of the sorbent was calculated consider-
ing the carbonator and the calciner as perfectly stirred reactors, with
a model described elsewhere (Abanades et al., 2005; Abanades, 2002).
The active fraction of CaO entering the carbonator (X, mayx) Was ob-
tained with Eq. (3).

Sl = ) Fy

X, ==+ 3
ave,max F0+FR(1 _fm) Juw 3

Here, the values of the fitting constants reported by Abanades and
Alvarez (2003) for natural limestone were adopted: f,, = 0.77 and
fw = 0.17. This model was programmed into a FORTRAN routine in the
Aspen Plus® process model. For the computation of the CO, absorption,
the hydrodynamics of the carbonator were simulated with models from
Kunii and Levenspiel (1991) and the reaction kinetics were modeled fol-
lowing Abanades et al. (2004). The solid circulation (@) was varied until
a capture efficiency (E..) of 90 % was achieved with less than 0.05 %
absolute error. A detailed description of the carbonator reactor model
can be found in the work of Lasheras et al. (2011). The main model
assumptions were adopted from Greco-Coppi et al. (2023).

The main assumptions affecting the power requirements in the IHCaL
process are displayed in Table 5. The power requirement calculations
were performed with the Aspen Plus® models. The CO, compression
represents the highest power input. The electric power consumption for
circulation of the flue gases and propelling of the fluidization agents was
also taken into account.
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Table 6

Energy scenarios (SC) for the SPECCA calculations, based on data from Anantharaman et al. (2018).
Energy scenario (ES) Nrefer (%0) €refer (K8co2/MWh) ES no.
EU-28" energy mix (2015) 45.9 262 ES-1
Coal, state-of-the-art 44.2 770 ES-2
Coal, sub-critical 35.0 973 ES-3
NGCCP 52.5 385 ES-4
Renewables 100.0 0 ES-5
Nuclear 33.0 0 ES-6

a EU-28: European Union.
b NGCC: Natural gas combined cycle.

2.4. Process key performance indicators

The process key performance indicators (KPIs) were defined based
on the work of Anantharaman et al. (2018).The capture efficiency (Eq¢)
is defined as the ratio of captured CO, to the total CO, generated, in-
cluding the kiln —for the tail-end configurations—, and the IHCaL com-
bustor and calciner. It was calculated with Eq. (4), considering the molar
flow rate of CO, leaving the carbonator (not captured) and the molar
flow rate of CO, leaving the calciner (captured). Herby, it was assumed
that no CO, slip occurs.

N
Eo = {Captured CO,} _ : Foy @
¢~ {Generated CO,} Fede

It is useful to define normalized values of the heat and the produc-
tion to evaluate the performance of the capture facility. The absolute
heat ratio (HR,) is the quotient of the total heat input in the new con-
cept,Q;,, and the heat requirement of the reference facility, Q'f;’f . The
(specific) heat ratio (HR) is the ratio of specific heat requirement per ton
of produced lime. The product ratio is the ratio of product mass flow in
the new concepts to the production of the reference facility. These quan-
tities are defined mathematically in Eq. (5), where mi¢, is the mass flow
of product flow rate.

HR, = Q_m; HR = Qin/mCaO .PR= Mcao )
a s ref Qref .ref ref
in in /Mca0 Mca0

For the calculation of HR and HR,, it was assumed that the purge
from the IHCaL process can be sold as product. There is evidence
in the literature that supports this assumption. Dean et al. (2013),
Telesca et al. (2014), Telesca et al. (2015), and Hills (2016) studied the
utilization of carbonate looping purged sorbent in the cement industry.
Their results suggest that this kind of integration would be possible.
Furthermore, the results from the sorbent analysis of the IHCaL pilot
plant operation at the technical university of Darmstadt (Hofmann et al.,
2022b; Strohle et al., 2021) show that purge samples have similar prop-
erties to commercial lime, especially in terms of reactivity. These results
will be reported and discussed in a later publication.

To evaluate the heat recovery with the steam cycle, a new KPI is
defined, namely the heat-to-power ratio (HtPR). The HtPR is the quotient
of the net generated power in the steam cycle to the heat input in the
IHCaL combustor, and can be calculated with the following equation:

Pel,SC

o - LHV

Where, P, s is the net power of the steam cycle in MW, —without sub-
tracting the power requirement of the capture facility for the blowers
and the compression—, m}gg:;bis the mass flow input of fuel in the com-

HtPR = ()

bustor, and LHV is the corresponding lower heating value.

To evaluate the heat and energy utilization, the specific primary en-
ergy consumption for CO, avoided (SPECCA) was calculated according
to Eq. (7).

q-q9
SPECCA = ——— )
ref
€coz ~ €coz

Here, g and e, are the specific primary energy consumption and
the specific CO, emissions, respectively. q is obtained considering the
direct primary energy consumption from the fuel input and the indirect
primary energy consumption related to the net power requirement (P,),
according to Eq. (8).

_ mfuel -LHV + Pel/”ref,el

q 8)

Mcao
Here, a reference electrical efficiency of the grid (17, ) was assumed.
For the computation of the specific emissions, the direct CO, emissions
from the combustion and calcination were considered, as well as the
indirect CO, emissions associated with the electric power. The following
equation was used to calculate this parameter:

ecoz = €coz2.4 t .Pel * Crefel &)
Mcao
erefel 15 the CO, emissions factor of the electricity mix considered,
and eggy 4 are the direct fossil CO, emissions per unit of product. ey 4
was calculated from the fossil CO, generation rate (1ticog fo5) and the
CO,, capture rate (Mgog cqp) With Eq. (10).

Mco2 foss — MCO2,capt

eco2d = (10)

Mmca0

For all the calculations, different energy scenarios were assumed to
assess the variability of the results with the efficiency and the reference
emissions factor of the energy mix. The corresponding assumptions were
adopted from Anantharaman et al. (2018), and are presented in Table 6.
Here, EU-28 is the European energy mix calculated for the year 2015,
and NGCC means “natural gas combined cycle”.

2.5. Economic model

The economic analysis was performed with the ECLIPSE modeling
and simulation software (Ulster University, 1992; Williams and Mc-
Mullan, 1996). ECLIPSE is a program developed by Ulster University
with the aim of seamlessly merging the process modeling and the eco-
nomic assessment, thus enabling the complete techno-economic assess-
ment (TEA) within a single software suite. It has been widely used in
the last years to assess the economic performance of different technolo-
gies, including CO, capture processes (Dave et al., 2013; Huang et al.,
2018; Rolfe et al., 2018b; Rolfe et al., 2018a). A detailed description of
the ECLIPSE model and its validation is given in Williams and McMul-
lan (1996), while an overview of ECLIPSE is included herein.

The ECLIPSE program structure is shown in Fig. 7. ECLIPSE re-
quires user input to define and specify the process. This includes the
process flow diagram and relevant technical data. Other information is
read from the embedded databases. There are three databases used by
ECLIPSE: compound, utilities, and cost. They are continuously updated
and expanded, taking into account the specific needs of the project stud-
ied and incorporating data from industrial partners, the project itself,
and the literature.

Once the process flow diagram and technical data is input into
ECLIPSE, the mass and energy balance is calculated. ECLIPSE transfers
the results along with user input utilities data and database information,
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Fig. 7. ECLIPSE program structure adapted from Williams and McMul-
lan (1996) with permission from John Wiley and Sons.

to determine the utilities usage (electricity, water, etc.,) for the process.
The data on utilities usage is then applied in the capital cost estima-
tion, incorporating user input engineering data and information from
the cost database. Finally, the economic analysis is completed using the
cost database and previously determined capital cost data, as well as
operating costs.

The economic analysis consists of estimating the capital and operat-
ing costs, as well as giving an indication of the convenience of the in-
vestment based on the net present value (NPV) approach (Huang et al.,
2013). There are three stages to the economic analysis: (i) determina-
tion of the fixed process capital costs, and process utility capital cost; (ii)
determination of the operation and maintenance (O&M) costs; and (iii)
economic assessment. For this work, the Chemical Engineering Plant
Cost Index (CEPCI) was used to normalize the data and the results to
the year 2020 (Chemical Engineering, 2023; Mignard, 2014).

The calculation of initial capital costs (initial CAPEX, i.e., I)) is per-
formed using the two approaches illustrated in Fig. 8. For standard
equipment (i.e., market-available equipment), manufacturers’ quotes,
published prices in literature, and historical project data are used (see
Fig. 8, right branch). If the capital cost of similar components but with a
different size or capacity is known, the capital cost is scaled up or down
using the correlation given in Eq. (11) (Gogulancea et al., 2023).

) Factor
Cost = Cost,ef<sfz—ljef> an
Tej

Where Cost is the reference cost of equipment of capacity Size,y, and
Cost is the approximate cost of equipment with a corresponding capacity
Size. Factor is the value of the scaling exponent, which ranges from 0.6
to 0.8 for most components (Gogulancea et al., 2023).

For non-standard equipment, a bottom-up cost approach based on
the mass and energy balances within the ECLIPSE simulation is adopted.
This approach is illustrated in the left branch of Fig. 8. It involves the
dimensioning of the components with the results from the mass and en-
ergy balance; the estimation of the raw material, fabrication, and mis-
cellaneous costs; and the addition of the assembly and testing costs.

After the estimation of the equipment costs, each individual cost
is expanded by an allowance for installation and integration, such as
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Fig. 8. Methodology for capital cost estimation of standard and non-standard
components.

piping, valves, instrumentation, and civil work (see last two blocks in
Fig. 8), thus obtaining the final component costs. The absolute accuracy
for an individual unit, for this type of capital cost estimation procedure,
is estimated at about + 25-30 %. Since the concepts assessed consist
of similar types of equipment, the analysis maintains a consistent basis,
ensuring comparability of results (cf. Wang et al., 2006).

Operation and maintenance (O&M) costs include (i) annual capital
expenditure (CAPEX) for spares, maintenance, and plant replacement;
(ii) fixed operating expenditure (OPEX) for labour, overhead, and insur-
ance; and (iii) variable OPEX for consumables, such as fuel and lime-
stone. These costs are based on the mass and energy balances produced
within the ECLIPSE software, and the stream costs specified by the user
(Williams and McMullan, 1996). While technically the electricity export
is a variable OPEX, it is reported as a separate element for clarification
purposes. An annual miscellaneous cost category is also included for
the remaining expenses, i.e., facility supplies, building extension, power
transformer upgrading, chemicals, and other regular operating costs.

The final step consists in the economic assessment, considering
the overall process investment (I), together with the individual input
streams, and the O&M costs. With all the costing results, the annual
cash flow and the breakeven selling price (BESP) of lime (product) were
calculated (see Section 2.6). Additionally, a sensitivity analysis was per-
formed to disclose the effect of dominant parameters, such as energy
cost, feedstock price, plant capacity factor, and fixed OPEX.

The main economic assumptions and relevant conditions for this
work are shown in Table 7. The minimum and maximum columns were
used as boundaries for the sensitivity analysis. The engineering, pro-
curement, and construction (EPC) costs were attained via summation of
the fixed process capital costs, the process utility capital costs, and the
balance of plant costs. Unfortunately, due to commercial sensitivities,
these values cannot be published. The initial capital expenditure (I,)
was determined by considering the owner’s costs, which include work-
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Table 7
Boundary conditions for the economic assessment.
Category Parameter Min. Baseline Max. Unit
Contingency 10 15 20 % of EPC
Discount rate (r) 4 6 8 %
Plant life 20 25 30 years
Construction time 2 years
Economic parameters Interest rate during construction period 3 %
Plant operating hours 8000 hours
Payment schedule
Year 1 40 %
Year 2 60 %
EPC
Fixed process CAPEX
Process utility CAPEX Undisclosed due to commercial sensitivities
Initial CAPEX (I,) Balance of plant
Owner’s costs
Working capital 2 % of EPC
Capital fees 1 % of EPC
Commissioning costs 1 % of EPC
Annual maintenance costs inc. labour & 3.5 % of I,
Annual CAPEX .
supplies
Fixed OPEX
Annual insurance costs 1.5 % of I,
Annual operating costs inc. labour & % of I,
supplies
OPEX Variable OPEX
Lignite 0.96 1.2 1.44 €/GJ
SRF —48 —40 -32 €/t
Limestone 4 €/t
Electricity import® 120 €/MWh
Electricity export 60 €/MWh

a Eurostat (2022).

ing capital, capital fees, and commissioning costs, as well as the EPC.
The owners’ costs were determined as a percentage of the EPC'.

2.6. Economic key performance indicators

For the economic analysis, the key performance indicators are the
break-even selling price (BESP) and the CO, avoidance cost (CAC). Due
to commercial sensitivity, the return on investment (ROI) is not dis-
closed in this work.

The BESP is the price that the lime must sell for to cover all associ-
ated lifetime costs, i.e., the lime price that makes NPV = 0 at the end
of the plant life. The BESP for each plant configuration and fuel type
was calculated and compared to the reference plant. If the BESP is too
high, then the plant may not be economically competitive, as the selling
price required to recover costs and return a reasonable profit on the in-
vestment may be too great in comparison to the average market selling
price. The BESP can be calculated using Eq. (12):

"I+ M, + F,

(1+r)

n L’
=1 (L+r)
Where I, is the investment expenditure in year t (annual CAPEX), M, is
the O&M expenditure in year t, F, is the fuel expenditure in year ¢, L; is
the quantity of lime produced in year ¢ r is the discount rate, I, is the
initial investment (CAPEX), and n is the system life.

For the impact of CO, capture on the plant economics, the CO,
avoidance costs (CAC), Eq. (13), were calculated. The CAC is based on

=1

BESP = - (12)

! This is a similar methodology to the one presented by
Roussanaly et al. (2017). They use a slightly different nomenclature and
grouping of the subtotals. In their work, the total plant costs (TPC) are de-
termined by multiplying the EPC by a factor, and the EPC are calculated by

multiplying the total direct costs (TDC) by another factor.

10

the reduction of CO, emissions per unit of the net product produced
(Roussanaly, 2019; Simbeck and Beecy, 2011).

cac— BESP cqpture — BESP,

13)
CO2,emissions,ref - CO2,emissions,capture

In general, the emissions were computed regardless of their biogenic
or fossil origin throughout this work. Nevertheless, for the CAC, the
economic benefit of CDR was also calculated by treating the captured
biogenic CO, emissions as negative in Eq. (13) for the scenarios with
SRF (see Fig. 15). Costs for CO, transport and storage were excluded
from the calculations.

3. Results and discussion

In this chapter, the results are discussed in two separate sections.
The first section corresponds to the results of the process model, includ-
ing the steam cycle, and the second section reports the results of the
economic analysis.

3.1. Process analysis

Three different heat recovery concepts for the high temperature
(1000 °C) combustor flue gases were analyzed (see Fig. 5). These con-
cepts consisted in recovering heat only through combustion air preheat-
ing (1), recovering heat with a steam cycle before air preheating (II), and
recovering heat into the steam cycle after air preheating (III). The opti-
mal configuration of the corresponding steam cycles includes feedwater
preheating, and superheating of steam up to 565 °C and 130 bar. Apart
from the heat recovery from the combustor flue gases, heat is recovered
from the carbonator cooling system, the carbonator flue gases, and the
calciner flue gases. Recovering heat from the combustor flue gases is
detrimental to the thermodynamics of the entire process, but it may be
used to decrease the operating temperature of some components (e.g.,
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Fig. 9. Flingern diagram for the heat recovery from combustor flue gases when firing waste-derived fuels. The corrosion limits were adopted from Warnecke (2004).

filters and blowers), and thus reduce costs. From the heat input into the
[HCaL process, up to ca. 80 % can be recovered in a steam cycle to pro-
duce electricity with a net electric efficiency of 41-42 %. This value is
lower than values reported in the literature for power plants, due to the
smaller size of the steam cycle and the capture facility. For example,
Hawthorne et al. (2009) reported a net power efficiency of 45.3 % for
the steam cycle associated with a 1599 MWy, CaL unit.

If waste-derived fuels are used in the combustor, chlorine-aided cor-
rosion may be an issue for the system. One way to evaluate this is with
the aid of the Flingern diagram (Haider et al., 2008), which takes its
name from the incineration facility in Diisseldorf-Flingern. In this facil-
ity, the influence of the flue gas temperature and the superheater tem-
perature in the corrosion was quantified during the 1970s (Haider et al.,
2008). The diagram that resulted from the empirical investigations es-
tablishes limits for three operating regimes, categorized according to
the probability of corrosion —namely, minimum corrosion, moderate
corrosion, and high corrosion.

The analysis of the corrosion limits with the Flinger diagram is il-
lustrated in Fig. 9 for the concepts in which combustor flue gases are
cooled down by superheating or reheating steam. In the integrated con-
cept (III), the superheater (SH2) operates below the corrosion limit be-
cause the flue gases from the combustor are cooled down by the air
preheater before recovering heat through the steam cycle. Hence, the
integrated concept (III) is suitable for operation with waste-derived fu-
els, such as SRFs, from the point of view of the low corrosion risk.

The tail-end concept (II) and the integrated concept (II) have heat
exchangers operating in the high corrosion regimes. The reasons for this
are the high temperature of the combustor gases at the point of heat
recovery, and the configuration of the steam cycle. Corrosion problems
are to be expected with these arrangements if the combustor is fueled
with waste-derived fuels.

To mitigate corrosion issues, different strategies may be adopted.
One option would be to use the combustor flue gases to exchange heat
with an evaporator instead of (or before) a preheater or superheater.
This would lower the wall temperature of the heat exchanger, displacing
the operation regime toward a less problematic regime in terms of cor-
rosion. Another strategy, which was not computed in this work but may
be useful in some applications, would be to cool down the flue gases by
preheating the sorbent make-up streams, thus reducing the temperature
of the flue gas, while recovering heat for the capture process. Reducing
the temperature of the live steam may also reduce corrosion problems,
but would impact the efficiency of the steam cycle negatively. Finally,
a combination of the strategies proposed could give an optimal solution
in terms of achieving a compromise between minimizing the corrosion
issues and maximizing the power output of the steam cycle.

Notwithstanding the foregoing, it is worth pointing out that the cor-
rosion issues in the IHCaL process may also arise inside the combustor,
where the metallic heat pipes lay for the heat transfer to the calciner.

11

Considering the high temperature of operation (ca. 1000 °C), high con-
centrations of chlorine should be avoided to protect metallic compo-
nents (mainly the heat pipes). Chlorine flue gas concentrations higher
than 600 ppm (Qu et al., 2020) should be avoided for the combustor,
which limits the selection of waste-derived fuels in terms of chlorine
content.

The main results from the process modeling are shown in Table 8.
In the tail-end solution, the use of SRF instead of lignite reduces the
energy consumption for the configuration (I). This is due to the lower
CO, emission factor of this fuel. For the configuration (II), the trend
is reversed. This is because, in this configuration, less preheating of the
combustion air is possible. Preheating is more critical for SRF, because of
the higher air input requirement. This effect prevails over the reduction
in heat requirement due to the lowest ecog fer-

For the integrated arrangement, the heat requirement is almost inde-
pendent of the fuel type for the configurations (I) and (II). For the con-
figuration (III), the solution with SRF is associated with a 3 % reduction
in the heat requirement compared with the lignite-fired concept. This is
because of the relatively high amount of flue gases from the combustion
of SRF compared to lignite, which allows heating up the combustion air
up to higher temperatures. The ratios of flue gas to air are 112 % and
115 % for lignite and SRF, respectively. Overall, outside of these small
differences, the variation of the heating requirement with the fuel type
are negligible for all the cases considered. This is mainly because the
main parameters of the fuels, LHV and ecoy s, mutually compensate
for their effects —higher LHV (as in lignite) and lower ecpy 5 (as in
SRF) reduce the heat requirements.

The circulation rate and the make-up rate have an important influ-
ence on the heat requirement of the process. For the tail-end solution,
the make-up is given as an input, namely A = 0.10. In this configura-
tion, higher circulation rates are required with SRF because less CO,
from make-up is being calcined in the calciner; thus, higher capture
rates in the carbonator are necessary to achieve the same overall cap-
ture efficiency. For the fully integrated concepts, the trend is reversed as
the SRF generates less CO, and, since the mass flow rate of make-up is
fixed, there is higher sorbent activity, which means that less circulation
of sorbent is required.

The heat-to-power ratio (HtPR) is higher for the tail-end concepts
(31-35 %) because more heat is required for the capture than in the
integrated solutions. This heat can be recovered in a steam cycle. For
the integrated configuration, less power is generated (HtPR between 16
and 25 %) because the heat is more efficiently used for the regeneration
of the sorbent.

The formation of CO, is illustrated in Fig. 10. Here, only the gener-
ation of CO, is considered, i.e., the capture is not displayed. The CO,
formation is classified in four categories: (i) kiln, for the process and fuel
emissions from the PRK; (ii) make-up, for the CO, formed from the calci-
nation of limestone in the capture facility; (iii) fuel (fossil), for the fossil
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IHCaL integration Tail-end Fully integrated
Fuel IHCaL. combustor Lignite SRF Lignite SRF
Heat recovery concept I I I I I i 11T I I 111
E. 90 % 90 % 90 % 90 % 90 % 90 % 90 % 90 % 90 % 90 %
Qincomy MW) 121 174 119 178 46 62 59 46 62 57
[ 5.40 5.37 5.55 5.60 1.36 1.68 1.64 1.30 1.60 1.52
A 0.10 0.10 0.10 0.10 1.20 0.89 0.93 1.30 0.96 1.05
Mnet,sC 42.4 % 43.4 % 42.4 % 43.4 % 41.2 % 41.3 % 42.4 % 41.2 % 41.3 % 42.4 %
HR, 4.17 5.56 4.12 5.67 1.20 1.62 1.55 1.21 1.63 1.50
HR 3.03 3.79 3.03 3.89 1.20 1.63 1.55 1.21 1.63 1.50
PR 1.38 1.47 1.36 1.46 1.00 1.00 1.00 1.00 1.00 1.00
HtPR 32.9% 38.8 % 329 % 38.8 % 16.8 % 17.0 % 24.8 % 16.8 % 17.0 % 24.8 %
Qunsc MW,) 94.0 155.7 92.7 159.5 18.7 25.5 34.6 18.8 25.7 33.5
Payges (MW,) 408 68.9 40.2 70.6 7.9 10.8 15.0 7.9 109 145
P, (MW,) 39.8 67.6 39.3 69.2 7.7 10.5 14.7 7.7 10.6 14.2
Nnet 42.4 % 43.4 % 42.4 %* 43.4 %* 41.2 % 41.3 % 42.4 % 41.2 %* 41.3 %* 42.4 %*
a Assumption.
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Fig. 10. CO, formation breakdown for all the scenarios with CO, capture con-
sidered in the process model

CO, produced in the IHCaL combustor; and (iv) fuel (bio), for the bio-
genic CO, formed by the combustion of fuel in the IHCaL plant. For the
tail-end configurations, the additional CO, associated with the capture
is higher than the original CO, formation. This is particularly critical for
the lignite-fueled cases, where all the formation is fossil CO,. When uti-
lizing SRF in the IHCaL combustor, the increase of fossil CO, formation
is less than the original CO, from the rotary kiln. For the fully integrated
configurations, the total formation is almost equal to the emissions from
the rotary kiln for all the cases, meaning that the capture facility does
not significantly increase the CO, formation.

The specific flow of energy for the different concepts is shown in
Fig. 11, broken-down according to the destination of the energy. Here,
the categories are (i) calcination, for the energy used in the reaction to
form CaO, (ii) power generation, for the net energy recovered in the
steam cycle, and losses from the (iii) steam cycle and the (iv) capture
process. The majority of the steam cycle losses are associated with the
heat leaving the system through the condenser —due to thermodynamic
limitations (law of entropy). For all the capture scenarios, there is an
increase in the direct specific heat requirements due to the losses in the
IHCaL process. The steam cycle configurations (I) are optimal from the
point of view of reducing the fuel requirements but have less capacity
to generate power. The integrated configurations have fewer specific
requirements because of the efficient indirectly heated calcination in
the calciner and the low amount of circulating sorbent.

The results of the SPECCA calculations for all the process configu-
rations with carbon capture are displayed in Fig. 12. Here, the energy
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(no CC), and for the scenarios with CO, capture considered in the process mod-
eling.
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Fig. 12. SPECCA results using energy scenarios ES-1 to ES-4. The bars show the
mean values, and the error bands show the variation of plus-minus one standard
deviation. Data for blue bands was obtained from Voldsund et al. (2019) for the
same energy scenarios.
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SPECCA in MJ| 1y /tcog av» fOr the process scenarios with CO, capture (S-2 to S-11), computed for different energy scenarios (ES).

IHCaL integration Tail-end Fully integrated
Fuel IHCaL, combustor Lignite SRF Lignite SRF
Heat recovery concept I I I I I I 111 I I 111
ES-1 3.57 2.63 2.56 1.79 -0.15 1.26 -0.18 -0.11 0.97 -0.27
ES-2 2.53 1.50 1.95 1.15 -0.18 1.08 -0.24 -0.14 0.85 —-0.30
ES-3 1.34 0.02 1.06 0.01 -0.44 0.65 -0.81 —-0.36 0.51 -0.75
ES-4 3.91 3.25 2.86 2.30 —-0.01 1.43 0.14 0.00 1.10 -0.01
ES-5 7.70 9.86 5.19 6.00 0.46 2.27 1.36 0.39 1.73 0.88
ES-6 1.87 -0.86 1.28 -0.53 —-0.60 0.65 -1.32 -0.47 0.49 -1.12
Mean 3.49 2.73 2.49 1.79 -0.15 1.22 -0.17 -0.12 0.94 -0.26
Standard deviation 2.09 3.48 1.37 212 0.33 0.55 0.84 0.28 0.42 0.62
scenarios ES-1 and ES-4 were used for the calculations®. The height of =~ Table 10

the bars indicate the mean SPECCA values, while the error bands cor-
responds to plus-minus one standard deviation of the corresponding re-
sults. The detailed results are included in Table 9.

The calculated values are relatively low, compared to other technolo-
gies (Voldsund et al., 2019). The reason for this is the efficient energy
utilization enabled by the high temperatures and the net power produc-
tion. The values for the fully integrated scenarios are particularly low
due to the better heat utilization associated with the indirect calcination
of limestone. Among the integrated configurations, the recovery strate-
gies (I) and (III) performed better than (II). This is mainly due to the
harnessing of the process heat, which was less effective for approach
(ID), as can be seen in the process losses illustrated in Fig. 11.

The SPECCA results depend on the value assigned to the generated
power; thus, since there is considerable power generation in all process
configurations, there is high variability with the scenarios. Especially if
the renewable (ES-5) and the nuclear (ES-6) energy scenarios are taken
into account (see Table 9), extreme results are obtained, corresponding
with the extreme values of the reference efficiency, 7., Overall, the
results indicate that IHCaL technology is more attractive in energy sce-
narios with low renewable share and high CO, emissions associated with
power generation. Depending on the local energy mix —considering also
the expected variation during the lifetime of the capture project— a fa-
cility may be optimized for either power production (e.g., II), or reduced
fuel requirement (e.g., I).

One of the main conclusions of this analysis is that the strategy for
utilizing heat from the combustor flue gases is a key aspect for the in-
tegration. This is because of the high temperatures (1000 °C) and the
high amount of sensible heat associated. One of the strategies for in-
tegration (I) consists in recovering energy only through preheating of
the combustor air. This increases the thermal efficiency of the IHCaL
process but requires a gas-gas heat exchanger operating at high temper-
atures —up to 1000 °C on the hot side, and up to 800 °C on the cold
side. Another possibility is to utilize this heat in a steam cycle (e.g., III).
This may be a straightforward solution if lignite is fueled, but the design
of the corresponding steam cycle would have to address chlorine-aided
corrosion if waste-derived fuels are used. Preheating the make-up with
combustor flue gases may be advantageous, especially for the fully inte-
grated solutions that have high make-up rates. In this case, the system
should be designed to avoid calcination before the entrance into the
calciner. This last option was not investigated in this work.

3.2. Techno-economic analysis

The boundary conditions for the cost calculation are shown in
Table 7. The year 2020 was taken as the reference for the price index-

2 ES-5 and ES-6 were excluded from Fig. 12 as they represent extreme cases
rather than realistic energy mixes. The results from ES-1 to ES-4 are more rep-
resentative of the process performance. For completeness, the full dataset is
provided in Table 9.
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Percentage change in capital cost estimation compared to the reference case, for
the scenarios with CO, capture (S-2 to S-11).

IHCaL Fuel ITHCaL Heat recovery Initial CAPEX
integration combustor concept increase against the
reference case (%)
Tail-end Lignite I 367
I 399
SRF I 367
I 399
Fully integrated Lignite I 105
I 112
III 112
SRF I 105
I 112
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Fig. 13. Annual operation and maintenance costs, for all the scenarios (S-1 to
S-11).

ing. Table 10 shows the change in initial CAPEX (I,) estimated for each
of the plant configurations and fuels studied, compared to the reference
case. The tail-end cases tend to have larger I, than the fully integrated
cases. This is due to the tail-end cases having greater solid circulation,
as seen in Table 8, requiring larger plant sizes than the integrated cases.

The breakdown of the annual operation and maintenance (O&M)
costs are given in Fig. 13. These include the annual costs for fuel and
raw material costs, electricity revenue, end of pipe clean-up and waste
disposal, as well as insurance, maintenance, and labor costs. The O&M
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Fig. 14. Lime plant BESP change compared to the reference case without carbon
capture, for the scenarios with CO, capture (S-2 to S-11).

costs for the integrated plants, for both fuel selections, are lower than
for the tail-end plants. This is due to lower OPEX and CAPEX costs com-
pared to the tail-end cases. The lignite integrated plants also have lower
fuel costs in line with the fuel requirements as per Table 8. For the lig-
nite capture plants, the O&M costs are offset by revenue from electricity
export. When lignite is replaced by the SRF, the O&M costs are offset
by revenue from the electricity export and from SRF revenue —this is
discussed in more detail in Section 3.2.2.

Using the I, estimates, O&M costs, and the economic assumptions
described in Table 7, the BESP for the lime product were calculated
using the discounted cash flowrate analysis. The corresponding results
are presented in Fig. 14. Due to commercial considerations, the absolute
value of the reference plant BESP has not been disclosed, and therefore,
the BESP for the capture plants are presented in percentage change from
the reference plant.

The techno-economic evaluation shows that for the lignite fueled
plants, the fully integrated lignite (I) case has the highest BESP, which
is a 45 % increase compared to the base case. Cross-referencing this
plant with the process modeling results in Table 8, it is shown that the
fully integrated lignite (I) plant has the lowest thermal input of all the
plants, and hence the lowest electricity export. Conversely, the lignite
plant with the highest thermal input and electricity generation is the
tail-end lignite (II) plant, which is also the lignite capture case with the
lowest BESP, with only a 26 % increase compared to the base case plant.

The same plant configurations have the highest and lowest BESP
when the fuel is switched to SRF, however, the BESP is 33 % and —14 %,
respectively, compared to the reference lignite plant. The tail-end SRF
(ID) plant is the only one with BESP value lower than the base case BESP.
This is highly dependent on two revenue streams, electricity export, and
SRF consumption. This plant has a large thermal input, which is fueled
via the SRF, and has the greatest amount of heat recovery for electricity
production and export, see Table 8.

Another point of note is that from Table 10 and Fig. 13, the capi-
tal costs and O&M costs, are higher for the tail-end plants than for the
integrated plants, yet the BESP is lower for the tail-end plants. As pre-
viously stated in Section 2.4, purge material from the tail-end IHCaL
process can be sold as product; thus, the tail-end lime plants have in-
creased lime output, and given that the BESP is calculated on per ton of
product produced bases, the higher capital and O&M costs are absorbed
by the higher lime output.

The CO, avoidance costs (CAC) are shown in Fig. 15. For the lignite
plants, the CAC ranges from 20.4 to 34.3 €/tgo; 5y, With the tail-end (1I)
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Fig. 15. CO, avoidance cost (CAC) for the scenarios with CO, capture (S-2 to

S-11).

case having the lowest values and the fully integrated (I) plant having
the highest. Overall, these values are lower than what was reported by
Santos and Hanak (2022), and De Lena et al. (2019).

For the SRF plants, the CAC range is —10.7 to 24.6 €/tgop ay- The
extreme values correspond to the tail-end SRF (I) case and the fully inte-
grated SRF () case, respectively, without computing negative emissions
from captured biogenic CO,. Again, electricity export has a large influ-
ence on the avoidance costs. Further to this, as already stated, the SRF
plants attain additional revenue from utilizing this kind of fuel. As the
tail-end SRF (II) plant consumes the largest quantity of SRF, it receives
a higher income from this revenue stream, and hence the negative CAC.

The influence of CDR is illustrated in Fig. 15. If negative CO, emis-
sions are computed for the captured biogenic CO,, net negative emis-
sions are achieved in all the scenarios using SRF as fuel for the IHCaL.
The CAC is reduced (excepting negative CAC) because of the higher
amount of CO, avoided. If the economic benefit of CDR is considered,
the avoidance costs are lower than 19 EUR/t¢q; 5y for all the SRF sce-
narios analyzed.

3.2.1. Sensitivity analysis

The influence of the main economic parameters on the BESP of lime
produced has been investigated. The tail-end (I) and fully integrated
(I) cases, fueled with lignite and SRF have been selected for the sen-
sitivity study. The sensitivity parameters selected for the study include
fuel price, project lifetime, discount rate (r), and contingency value. The
results are shown in Fig. 16 as relative change of BESP when the param-
eters are varied between the minimum and maximum boundaries from
Table 7. For all lime plants, the discount rate (r) and project life are the
main parameters that influence the BESP. Fuel price and contingencies
have a lower impact on the BESP.

For the reference plant, increasing r from 6 % to 8 % increases the
BESP by 8.4 %, while decreasing r to 4 % reduces the BESP by 6.7 %.
Increasing the project life to 30 years from 25 decreases the BESP by
2.4 %, while decreasing the project life to 20 years increases the BESP
by 5.1 %. Increasing the contingency from 15 % to 20 % increases the
BESP by 2.1 %, and decreasing to 10 %, decreases the BESP by 1.1 %.
Lastly, increasing the lignite price to 1.44 from 1.2 €/GJ increases the
BESP by 2 %, while decreasing the lignite price to 0.96 €/GJ decreases
the BESP by 1 %.

The tail-end lignite (I) configuration is more sensitive to variations
than the reference scenario, increasing the r from 6 % to 8 % increases
the BESP by 12.4 %, while decreasing r to 4 % reduces the BESP by
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Fig. 16. Results of the economic sensitivity analysis.

11.3 %. Increasing the project life to 30 years from 25, decreases the
BESP by 4.5 %, while decreasing the project life to 20 years increases the
BESP by 7.3 %. Increasing the contingency from 15 % to 20 % increases
the BESP by 2.5 %, and decreasing to 10 %, decreases the BESP by 2.5 %.
Lastly, increasing the lignite price to 1.44 from 1.2 €/GJ increases the
BESP by 1.8 %, while decreasing the lignite price to 0.96€/GJ decreases
the BESP by 1.8 %.

The integrated configuration using lignite as fuel (S-6) is more sen-
sitive to variations than the reference plant but less so than the tail-end
plant. Increasing the r from 6 % to 8 % increases the BESP by 11.2 %,
while decreasing r to 4 % reduces the BESP by 10.2 %. Increasing the
project life to 30 years from 25, decreases the BESP by 4 %, while de-
creasing the project life to 20 years increases the BESP by 6.5 %. Increas-
ing the contingency from 15 % to 20 % increases the BESP by 2.2 %, and
decreasing to 10 %, decreases the BESP by 2.2 %. Lastly, increasing the
lignite price to 1.44 from 1.2 €/GJ increases the BESP by 1.2 %, while
decreasing the lignite price to 0.96 €/GJ decreases the BESP by 1.2 %.

The same trends in key parameters are seen in the plants fueled by
SRF. The tail-end SRF (I) case is more sensitive to economic parameters’
variations than the reference case and the same plant fueled by lignite.
Increasing the r from 6 % to 8 % increases the BESP by 13.8 %, while
decreasing r to 4 % reduces the BESP by 12.6 %. Increasing the project
life to 30 years from 25, decreases the BESP by 5 %, while decreasing
the project life to 20 years increases the BESP by 8.1 %. Increasing the
contingency from 15 % to 20 % increases the BESP by 2.8 %, and de-
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Fig. 17. Extended sensitivity study on the SRF price using heat recovery strat-
egy (D.

creasing to 10 %, decreases the BESP by 2.8 %. Lastly, increasing the
SRF price to 1.44 from 1.2 €/GJ increases the BESP by 3.6 %, while
decreasing the lignite price to 0.96 €/GJ decreases the BESP by 3.6 %.

The fully integrated SRF (I) case is more sensitive to economic pa-
rameters’ variations than the reference scenario and the same plant fu-
eled by lignite, but less so than the tail-end SRF (I) plant. Increasing the r
from 6 % to 8 % increases the BESP by 12.3 %, while decreasing r to 4 %
reduces the BESP by 11.2 %. Increasing the project life to 30 years from
25, decreases the BESP by 4.4 %, while decreasing the project life to
20 years increases the BESP by 7.2 %. Increasing the contingency from
15 % to 20 % increases the BESP by 2.5 %, and decreasing to 10 %,
decreases the BESP by 2.5 %. Lastly, increasing the SRF price to 1.44
from 1.2€/GJ increases the BESP by 2.8 %, while decreasing the lignite
price to 0.96 €/GJ decreases the BESP by 2.8 %.

Overall, the capture cases are more sensitive to variation than the
reference case, and the tail-end cases more so than the integrated cases.
The SRF fueled cases are more sensitive to variation than their coun-
terpart fueled by lignite. The variation of the discount rate (r) has the
greatest impact on the BESP, and the contingency and fuel price have
similar impacts on the BESP.

3.2.2. Extended SRF price analysis

SRF has often a negative price; thus, the SRF producer pays the end
user to utilize SRF. Normal industrial waste collection procedures re-
quire a waste company to collect waste for a fee. The SRF producer
collects the waste for a fee lower than the landfill tax —currently in
England and Northern Ireland, £102.10 (119.16 €) per tonne (UK Gov-
ernment Digital Service, 2023). The waste is sorted and processed into
SRF incurring a processing cost of around 15-20 €/t, this has thus far
resulted in negative SRF prices.

Currently, in the Unite Kingdom and Europe, SRF does not attract
carbon tax, however, this is due to change in 2028 (Reeves et al., 2023).
Furthermore, as demand for SRF increases and supply is limited by pro-
duction capacity, market forces for supply and demand have the poten-
tial to increase the price of SRF.

An extended sensitivity study has been done to consider the impact
on the BESP for both lime plant IHCaL configurations with heat recovery
strategy (I). The results are displayed in Fig. 17. The SRF price ranges be-
tween —50 and +30 €/t. The results are benchmarked against the BESP
of the lignite-fueled scenarios for the same heat recovery strategy. For
the tail-end option, an SRF price of approx. —20 €/t gives an economic
equivalence to the lignite-fueled plant. For the fully integrated plant,
the lignite equivalence occurs when the SRF price is approx. —12 €/t.
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The crossover values would be higher if a profit were associated with
CDR for the biogenic CO, from the combustion of SRF (cf. Fig. 15).

4. Conclusion

Within this work, ten different integrated concepts of the indirectly
heated carbonate looping (IHCaL) process for the lime production were
analyzed. A tail-end and a fully integrated configuration were studied
in combination with various approaches to recover heat using a steam
cycle. Furthermore, the corresponding technical implications of the inte-
gration options were discussed. The heat recovery strategy for the com-
bustor flue gases was found to be a key factor to enable the deployment
of the IHCaL technology.

For the tail-end solution, recovering heat from combustion flue gases
allows for high recovery rate and substantial power production in a
steam cycle, but increases the fuel requirement by 44 %. An efficient
option to minimize the heat input in the combustor is to utilize the com-
bustion flue gases only for the preheating of the combustion air. For the
fully integrated configurations, recovering heat from combustion flue
gases, downstream from the air preheater, is a reasonable strategy to
increase the power output of the steam cycle (91 % increase) with rela-
tively low increase in the fuel demand (29 % increase).

Relatively low values of specific primary energy consumption for
CO, avoided (SPECCA) are achieved compared with values from other
capture technologies reported in the literature for similar applications
(De Lena et al., 2022; De Lena et al., 2019; Voldsund et al., 2019). Uti-
lizing solid recovered fuel (SRF) gives better results than firing lignite
but could lead to chlorine-aided corrosion in some configurations of
the steam cycle. Additionally, negative SPECCA values are obtained for
some fully integrated arrangements, which reveals the high efficiency
of this kind of integration. Because of the considerable net power gener-
ation of the IHCaL concepts, there is a relatively high dependency of the
results on the energy grid scenario assumed. The best results in terms
of SPECCA are obtained for energy mixes with high CO, emissions as-
sociated with power generation, where the advantage of the net power
injected to the grid is more significant.

The avoidance costs of the process scenarios with CO, capture are
lower than the ones reported for other capture technologies for compa-
rable applications (De Lena et al., 2019; Santos and Hanak, 2022). For
all the plants considered, there are three possible avenues for revenue:
(i) product sale, (ii) electricity export, and (iii) SRF utilization. The tail-
end configurations produce additional lime in the downstream capture
plants, which can be sold as product. This lowers the breakeven selling
price (BESP), and the CO, avoidance costs.

Electricity generation, utilization, and export is key for favorable
economics. Process scenarios with greater net electricity available for
export have better economic results, such as lower BESP and CO, avoid-
ance costs. However, they also entail higher heat requirements, leading
to an increased fuel demand. In the tail-end SRF (II) case, the conver-
gence of high electricity export and increased lime production leads to
a lower BESP compared to the reference case. This, in turn, results in
negative CO, avoidance cost ( 10.7 €/tcoz av)-

Utilizing waste-derived fuels in the IHCaL process has the potential
to provide twofold economic benefits. On the one hand, it is a means
of waste management, corresponding to the fourth policy in the hier-
archy of the European legislation (European Union, 2018, 2008), thus
enabling “negative costs” of fuel, associated with the added value of
the disposal. On the other hand, net negative CO, emissions may be
achieved, which, if marketed as credits from carbon dioxide removal
(CDR), can further decrease the avoidance costs. In all the SRF scenarios
analyzed throughout this work, CDR reduced the CO, avoidance costs
by around 25 % and the maximum costs were 18.2 EUR/tg 5y, €xclud-
ing costs for transport and geological storage.

SRF is a finite resource, dependent on available waste streams and
production capacity. The required specifications (e.g. impurities, heat-
ing value, and grain size distribution) may further limit the availability
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of suitable SRF. It is therefore reasonable to consider that the costs of
this fuel may increase in the future, which would reduce the advantage
of SRF over lignite.

The availability of lignite will decrease gradually in parallel to the
closure of the German coal power plants until 2038. In line with this,
it is necessary for lime producers to look for new fuel substitutes, such
as SRFs, RDFs, and biomass-based fuels. This study presents one possi-
ble path to replace today’s fossil fuel utilization by an alternative fuel,
namely SRF.

To push forward the IHCaL technology, some issues still need to
be addressed. The sorbent calcination in the indirectly heated calciner
of the IHCaL process requires further investigation. The IHCaL cal-
ciner did not perform as expected during the experimental pilot testing
(Hofmann et al., 2024; Reitz et al., 2016), but the impact of the calciner
performance in the CO, capture efficiency of the IHCaL system and the
main factors affecting the calcination in the indirectly heated calciner
are not yet fully understood.

Furthermore, there are still technical unknowns that can only be clar-
ified with a scale-up of the IHCaL test rig. The next step towards indus-
trial implementation of the technology by 2028 is the construction of a
demonstration facility to capture CO, from flue gases of a cement or lime
plant (Strohle et al., 2021). This would enable the testing of a solid-solid
heat exchanger to recover heat between the looped sorbent streams, and
a high-temperature regenerative preheater for the combustion air. Ad-
ditionally, the long-term operation of the demonstration plant would
serve for the validation of the lifespan of the heat pipes heat exchanger
in real operating environment, and the firing of waste-derived fuels in
the combustor. Finally, the operation under low circulation rates and
high make-up rates would validate the fully integrated concept.
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Short Summary

In this work, we present and validate a novel carbonator model for CO. capture using CaL
technology, consisting in a reactor sub-model and a particle sub-model. Our model is based on a
systematic literature review and experimental results from pilot tests. This publication deals with
the reactor sub-model, dealing with the simulation of flow patterns and gas-solid contact. The
particle sub-model is discussed in Research Paper V. Our study features a rigorous analysis of
carbonator fluidization regimes. We highlight that modeling assumptions commonly found in the
literature can result in a significant overestimation of the carbonator performance. Additionally,
we offer guidelines for the appropriate selection of these assumptions.
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Pilot testing

Carbonate looping (CaL) technology has the potential to efficiently capture CO, from power plants and carbon-
intensive industries such as cement production. Its feasibility has been demonstrated in numerous pilot cam-
paigns, including tests validating advanced features such as indirectly heating the sorbent regenerator. However,
some issues, such as the role of reactor hydrodynamics, need to be discussed more thoroughly to reliably scale up
CaL plants for commercial operation. In this work, we present a novel carbonator model based on a systematic
literature review and experimental data from pilot tests, including a rigorous analysis of carbonator fluidization

regimes. We highlight that modeling assumptions commonly found in the literature can result in a significant
overestimation of carbonator performance. Additionally, we offer guidelines for the appropriate selection of
these assumptions. Our carbonator model provides an effective tool for the next scale-up step of CaL technology.

1. Introduction

The carbonate looping (Cal) process, also known as the calcium
looping process, uses CaO as a sorbent for capturing CO, from off-gases
generated by industrial or power-generation processes. This promising
technology, first introduced by Shimizu et al. [1] in 1991, has the po-
tential to achieve high levels of thermodynamic efficiency and low CO»,
avoidance costs [2-6]. It is particularly suitable for the cement and lime
industry because of the synergies associated with valorizing deactivated
sorbent. Fig. 1 is a scheme of the CaL process, illustrating its operating
principle. Off-gas with CO; enters the carbonator, a circulating fluidized
bed reactor, where CO5 reacts with solid CaO at around 650 °C, forming
CaCOs3 and heat. The gas exiting the carbonator is nearly depleted of
COs. The particles of CaCO3 (carbonated sorbent) circulate into a
calciner, which is either a bubbling bed or a circulating fluidized bed
reactor, operating at 900 °C. Due to the high temperatures, CaCO3 un-
dergoes calcination, forming CaO and CO». As a result, CO5 exits the
calciner in a concentrated form. To maintain a sufficient sorbent activ-
ity, fresh material (limestone) is added into the system, either continu-
ously or batchwise. Many tests up to the pilot scale proved the feasibility
of CaL technology. The most important CaL pilot facilities are a 200-
kWy, plant in Stuttgart (Germany) [7-9], a 1-MWy, plant in Darmstadt
(Germany) [10,11], a 1.7-MWy, plant in La Pereda (Spain) [12,13], and
a 1.9-MWy, plant in Taiwan [14,15]. A systematic review of CalL testing

* Corresponding author.
E-mail address: martin.greco@est.tu-darmstadt.de (M. Greco-Coppi).

https://doi.org/10.1016/j.cej.2024.155119

facilities is available elsewhere [16].

In the standard CaL process, the heat for the calcination is obtained
through the in-situ combustion of fuels in the calciner. To avoid diluting
the separated CO,, pure O is required for operation, which is obtained
through cryogenic separation from air in an air separation unit (ASU).
The ASU is linked to high investment costs and considerable electric
power requirements [17]. Previous studies [18-20] have proposed
strategies for electrifying calciners to enable CO, capture without an
ASU, including the use of plasma burners, electrical resistance, and in-
duction. Another alternative that also avoids the use of an ASU and does
not rely on electricity to generate heat for calcination consists in the
combustion of fuels in an external combustion chamber. This promising
solution is known as the indirectly heated carbonate looping (IHCaL)
[21-23]. The IHCaL using a heat-pipes heat exchanger [24] was
demonstrated for the first time in 2015 through pilot tests at the Tech-
nical University of Darmstadt (TU Darmstadt) [25]. The aim was to
investigate CO4 capture from power plants. Lately, the pilot plant at TU
Darmstadt was upgraded with a new flue-gas tract to enable flue gas
recirculation, and a solid-fuel feeding system to fire coal and pelletized
refuse-derived fuel (RDF) [26]. The plant was operated in the new
configuration during the year 2022, achieving capture efficiencies
higher than 90 % for operating conditions relevant to the lime and
cement industry. Greco-Coppi et al. [27] presented different concepts
for integrating the IHCaL process into lime plants. They identified the
critical points for efficient operation and obtained preliminary results
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Nomenclature

Latin symbols

a Decay constant for solid fraction in Eq. (10) m™hH

b Decay constant for gas-solid contact efficiency in Eq. (51)
(m™h

Aoy Specific core-wall area (m?%/m®)

Acw Core-wall area (m?)

Ar Archimedes number; Eq. (1) (=)

A, Internal section area of the carbonator (m?)

¢ CO,, concentration driving force; Eq. (31) (mol/m3)

o Equivalent CO, concentration driving force (mol/m?)

Cq CO,, concentration driving force on top of dense region
(mol/m3)

Cin CO,, concentration driving force at reactor inlet (mol/m?)

Cout CO,, concentration driving force at reactor outlet (mol/m®)

Cco2 CO, concentration (mol/m>)

Cco2,eq  Equilibrium CO, concentration (mol/m?)

d Diameter (m)

d. Core diameter (m)

d, Particle diameter (m)

dp 50 Mass-median particle diameter (m)

Dimensionless particle diameter; Eq. (2) (—)
A-B Geldart classification boundary, Eq. (3) (-)

Reactor internal diameter (m)

Gas diffusion coefficient (m?/s)
Carbonator efficiency (%)
Equilibrium carbonator efficiency (%)

Ervi; Epm Ecarb from reactor sub-model; particle sub-model (%)
Fcoa; Fr; Fy Molar circulation rate of CO,; sorbent circulation;

sorbent make-up (mol/s)

Earth gravity (9.81 m/s%)

Specific entrainment rate (kg/mz/s)

Saturated mass flux of solids; Eq. (13) (kg/mz/s)

Hy; Hg; Hp Reactor height: total, dense region, lean region (m)

Bed height at minimum fluidizing conditions (m)

Lewis constant for Eq. (12) (s™1)

Bubble-cloud gas exchange coefficient (s 1)
Bubble-emulsion gas exchange coefficient s
Cloud-emulsion gas exchange coefficient sH

Specific core-wall gas interchange coefficient (m/s)
Core-wall gas interchange coefficient s
Dimensionless core-wall gas interchange coefficient (—);
Global first-order reaction rate constant (s~ 1)

Molar mass of component i (kg/mol)

Molar mass of potentially active solids (kg/mol)
Number of moles of component i (mol)

Pressure (Pa)

Standard pressure (1.013 bar)

Partial pressure of CO, (Pa)

Equilibrium pressure of CO, (Pa)

Probability of entrainment (—)

Particle Reynolds number based on u. (—);Re. = dyu, Pq /u
Particle Reynolds number based on d,

(—);Recore = dcuoﬂg/ﬂ

Particle Reynolds number (—);Re, = dpuop,/u

Particle Reynolds number at minimum fluidizing
conditions (—); Rep e = dp U pg / 1

Particle Reynolds number based on uge (—); Rege = dj, Use pg
/u

Schmidt number (-); Sc = u / (pg Dy)

Temperature (K)

Standard temperature (273.15 K)

T8 Superficial gas velocity (m/s)

U Superficial gas velocity at the onset of the turbulent regime
(m/s)

Unf Superficial gas velocity at minimum fluidizing conditions
(m/s)

U Mean particle velocity (m/s)

Uglip Slip velocity between the gas and the solid particles (m/s)

Use Superficial gas velocity at the onset of the fast regime (m/s)

u Terminal velocity of a falling particle (m/s)

uy Dimensionless superficial gas velocity (—)

u; Dimensionless superficial gas velocity at onset of the
turbulent regime (—)

U Dimensionless superficial gas velocity at minimum
fluidizing conditions (—)

U, Dimensionless superficial gas velocity at onset of the fast
regime (—)

u; Dimensionless terminal velocity of a falling particle (—)

1% Volume (m3)

Vs,a Particle volume (apparent) of potentially active sorbent
(m®)

Wearb Carbonator total solid inventory (kg)

XCaso4 Molar fraction of CaSO4 in the solid sorbent (mol%)

X Particle conversion (carbonation) (molcacosz/molc,)

Xeale Particle conversion at carbonator inlet (molcacos/molc,)

Xcarb Particle conversion at carbonator outlet (average)
(molcacoz/molc,)

Ycoz CO,, molar concentration (mol%)

Yco2,eq  Equilibrium CO, molar concentration (mol%)

Ycozin  CO2 molar concentration at reactor inlet (mol%)

Ycoz,out CO2 molar concentration at reactor outlet (mol%)

2 Axial distance form reactor bottom (m)

Greek symbols

y Sorbent age (—); y ~ Fr / Fy

) Core volume fraction (m3/m>)

84 Core volume fraction in the dense region (m3/m3)

&1 (2) Core volume fraction in the lean region (m3/m®)

8 Mean core volume fraction of the lean region (m®/m®)

Sout Core volume fraction at reactor outlet (m®/m®)

n Reactor gas-solid contact efficiency (%)

nd Reactor gas-solid contact efficiency in the dense region
(%)

n () Reactor gas-solid contact efficiency in the lean region (%)

n Equivalent gas-solid contact efficiency of the lean region
(%)

m Mean gas—solid contact efficiency of the lean region (%)

€ Voidage (—)

Emf Voidage at minimum fluidizing conditions (—)

& Solid volume fraction (also solid concentration or volume
fraction of solids) (—)

& Saturated solid volume fraction (—)

s Solid volume fraction in the core (-)

&5d Solid volume fraction in the dense region (—)

&1 Mean solid volume fraction in the lean region (—)

€ mf Solid volume fraction at minimum fluidizing conditions
=)

£5,0ut Solid volume fraction at reactor outlet (—)

Esw Solid volume fraction in the wall zone (annulus) (-)

Dy Particle sphericity (—)

u Dynamic viscosity (Pa s)

& Volume ratio of potentially active sorbent (CaO and
CaCO3) to solids (—)

pi Density of component i (kg/m>)

Pg Gas density (kg/m?)
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PSD Particle size distribution

RM Reactor sub-model

RTD Residence time distribution

TDH Transport Disengaging Height

TU Technical University (of Darmstadt)
Subscripts and superscripts

a Potentially active solids

[ Core, coalescence

calc Calciner (outlet)

carb Carbonator (outlet)

d Dense region (or immediately after dense region)
g Gas

in Inlet

1 Lean region

out Outlet

P Particle or apparent (volume/density)
s Solid (apparent density/volume)

T Total (diameter/ height)

w Wall/annulus

* Saturation or dimensionless

Ps Solid apparent density (kg/m>)
Psa Apparent density of potentially active sorbent (kg/m?>)
74 Characteristic time of gas—solid contact in the dense region
(®
7 Characteristic time of gas—solid contact in the lean region
(®
Treactor ~ Characteristic time of gas—solid contact in the reactor (s)
T Equivalent gas residence time (s)
Abbreviations
ASU Air separation unit
CalL Carbonate (or calcium) looping
CFB Circulating fluidized bed
CFD Computational fluid dynamics
CSTR Continuous stirred-tank reactor
Ci Campaign number i
1D Internal diameter (also dr)
ID fan  Induced draft fan
IHCaL  Indirectly heated CaL
KL Kunii and Levenspiel (model)
PM Particle sub-model
Off-gas w/o CO, Make-up CO,
CaCO;,
Carbonator Calciner
CaO
|
|
Off-gas w/CO, Purge Heat

Fig. 1. Scheme of the carbonate looping (CaL) process.

from mass and energy balances. Nevertheless, their models present
limitations regarding reactor assumptions.

Accurate carbonator models are necessary to assess sorbent perfor-
mance, interpret experimental findings, and safely upscale CaL tech-
nology for commercial applications [28]. There are various approaches
to modeling the circulating-fluidized-bed carbonator [28]. Some models
are based on continuous stirred-tank reactor (CSTR) operation [29-31].
They have the advantage of being easy to calculate but do not consider
the influence of reactor hydrodynamics in the capture process. Other
models are based on three-dimensional CFD simulations [32-34], which
can predict empirical data well, but require considerable computational
resources, which makes them impractical for many applications, espe-
cially modeling of big reactors. The objective of this work was to develop
a reactor model, which can be easily integrated in process models for the
analysis, optimization, and scale-up of CaL systems. Therefore, the
approach we follow is the so-called Kunii and Levenspiel (KL) reactor
model for fluidized beds [35], which considers two phases (gas, solid)
for the simulations and uses semi-empirical equations to model the
solids distribution and the gas-solid contact behavior. KL models give
good results with less computational effort than three-dimensional CFD
models [28] (cf. [32]). There are many KL-type carbonator models in the
literature. Lasheras et al. [36] developed a model based on semi-
empirical equations from Kunii and Levenspiel [37] and particle
models from previous works [38,39]. They assumed that the sorbent
entering the carbonator was fully calcined. Their model overpredicted
empirical data for some operating conditions of the 1-MWy, CaL pilot
plant at TU Darmstadt [11]. Romano [40] developed a carbonator

model considering a particle residence time distribution (RTD) for the
calculation of sorbent deactivation and carbonation reaction rates.
Although his results presented reasonable agreement with experimental
data, he reported a systematic overestimation of the capture efficiency.
Ylatalo et al. [41] used a one-dimensional model to evaluate the per-
formance of a carbonator, considering an axial temperature gradient
across the height of the reactor. The results they obtained were consis-
tent with data obtained from a CaL laboratory test rig (30 kW) during
steady-state operation. Their model relied on a back-flow ratio, which
was not disclosed. It is uncertain whether their accurate predictions rely
on a fitting process specific to the laboratory operating conditions.
Recently, Tizfahm et al. [42] developed a model that considers reaction
kinetics and reactor hydrodynamics. However, they only validated the
kinetic sub-model with experimental data, not the KL reactor model.
Most KL carbonator models lack a comprehensive discussion of their
methodology. Furthermore, new models often build upon old ones
without scrutinizing underlying assumptions. For instance, solids dis-
tribution profiles are usually adopted from previous works without
analyzing the fluidization regimes for which they are valid. Something
similar occurs with the constants for the calculation of core-wall gas
interchange and the equations to obtain the reactor gas-particle contact
efficiencies.

There are still issues that need to be investigated to enable the
commercialization of CaL and IHCaL. One of the unanswered questions
is how fluidization regimes influence carbonator behavior. Charitos
et al. [29] compared two CaL test rigs and reported high CO, capture
rates for facilities operating in different fluidization regimes. However,
he pointed out that the reactors operating in the turbulent fluidization
presented better gas—solid contact. Recently, Diego and Arias [43] re-
ported experimental results from a 1.7-MWy, CaL pilot facility showing
that the carbonator performance was better for lower gas velocities.
Still, there has been no investigation of the fluidization regimes of CaL
carbonators using appropriate explanatory models.

In this study, we introduce a novel carbonator model grounded on a
systematic literature review. The model was developed to analyze
reactor performance in a semi-industrial CO, capture facility and to
effectively upscale the carbonator for commercial applications. Our
work is presented in a two-part publication. In Part I (this work) we
explain the hydrodynamics sub-model and the reactor sub-model. The
model results are validated using data from pilot tests on the 300-kWy,
scale. Furthermore, we demonstrate how incorrect assumptions can lead
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Fig. 2. Flow diagram of the pilot plant at TU Darmstadt for the investigation of the indirectly heated carbonate looping (IHCaL) process. The main reactors are

shaded. The carbonator, which is the object of this study is shaded in red.

Table 1

Operating conditions for each test campaign within the pilot testing of the 300-kWy, pilot plant, with data from Reitz [51].

Synthetic flue gas composition at carbonator inlet
CO5, (vol%yp) H50 (vol%yp)

Campaign no.

Limestone (sorbent)

SO (ppmub) Air (vol%)

C1* 13-15 -
Cc2 13-14 -
Cc3 6-13 6-10
C4* 11-13 4-10

- Rest Messinghausen fine
- Rest Messinghausen fine
0-800 Rest Messinghausen fine
0-600 Rest Messinghausen coarse

*Not analyzed in this work.

to significant overprediction of carbonator performance and provide
guidelines for selecting assumptions appropriately. Finally, we discuss
the implications of our discoveries. The particle sub-model, including
particle kinetics and sorbent deactivation, is explained in Part II [44].
Our model serves as a platform for scaling up both conventional CaL
technology and new-generation Cal. processes, such as IHCaL
[27,45-49].

2. Experimental methods

In this work, experimental data from pilot testing at the 300-kWy,
[HCaL pilot plant of the TU Darmstadt was used as the reference for the
model development. The pilot rig is illustrated in Fig. 2. It is composed of
three reactors: a carbonator for COy capture, a calciner for sorbent
regeneration, and a combustor for heat generation. The carbonator is an
eight-meter-high circulating fluidized bed (CFB) with an internal
diameter (ID) of 250 mm. Heat is transferred into the calciner via heat
pipes. A cone valve is located downstream of the carbonator to control
the sorbent circulation rate. Solid sorbent can be extracted discontinu-
ously from the cone-valve arrangement for sampling. A detailed expla-
nation of the experimental setup can be found elsewhere [25,26,50,51].

Reitz [51] reported the results of the first four test campaigns of the
IHCaL pilot plant at TU Darmstadt. In our study, we analyze the results
from the second campaign (C2) and the third campaign (C3), due to the
much higher availability of solid samples, compared to the other cam-
paigns (C1 and C4). The sorbent for COy capture was Messinghausen
limestone, which is the same one that was utilized in previous tests of the
300-kWy, IHCaL pilot plant and the 1-MWy, CaL pilot facility, both at TU
Darmstadt. Two grindings of Messinghausen limestone were used as
sorbent for CO5 capture: coarse (ca. 300 — 700 p m) and fine (ca. 100 —

300 pm). For campaigns C1, C2, and C3, fine limestone was utilized. For
the last campaign, the sorbent was continuously replaced by adding
coarse limestone. Because of this, the PSD of the sorbent was not con-
stant within the first half of C4 [51]. An overview of the operating
conditions for each campaign is presented in Table 1.

The particle size distribution (PSD) of the fresh material and the
spent sorbent are included in Fig. 3. The PSD of the used material was
obtained from solid samples taken during operation from the cone valve
located downstream of the carbonator (see Fig. 2). Due to attrition, the
particles tend to reduce their size, and due to elutriation, smaller par-
ticles exit the system faster than bigger particles. This explains the
displacement of the curves of spent sorbent in Fig. 3. For the case of fine
limestone, the elutriation effect is so strong, that the particles in the
system are bigger than the fresh particles. For coarse limestone, most
particles under 150 pm are entrained and leave the system. Neverthe-
less, due to attrition, the big particles become smaller, resulting in a
reduction of the mass-median particle diameter (d)50). Both limestone
grindings (fine and coarse) had the same composition, reported in
Table 2.

For the reactor modeling, the mass-median diameter (dy, 50 = 227
pm) of the used sorbent was selected as the characteristic diameter,
because it represents better the operating conditions inside of the
reactor, compared to the fresh sorbent. The PSD is narrow (see Fig. 3,
left, and cf. [52]) and exhibits a Gaussian distribution. Therefore, we do
not expect a significant effect of the PSD in the determination of the
fluidization regime or the gas-solid contact efficiency [53]. For wider
PSDs, the transition into the turbulent regime (see Section 3.1.1) occurs
earlier and the reactor performance in terms of CO2 capture could be
enhanced. Lastly, the PSD can influence the entrainment rate signifi-
cantly [54].
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Fig. 3. Particle size distribution of the limestone used in the pilot tests. Data of fresh material provided by Lhoist [51]. Data from used sorbent collected from PSD
analysis of solid samples from the pilot tests. All data is presented in terms of accumulated mass on the left. The PSD of the fine limestone from solid samples in terms

of mass fraction is presented on the right.

Table 2
Composition of the Messinghausen limestone utilized as the
sorbent in this work.

Component Mass fraction (wt.%)
CaCOs3 98.3
MgCO3 0.7
SiO, 0.7
Al,03 0.2
Fey03 0.1
SO3 <0.1

Adopted from [27].

To account for the actual surface area of the particles, we consider
the particle sphericity in our calculations. For the kinetic model, the
specific surface area is calculated according to Grasa et al. [55], as
explained in Part II [44]. The particles were assumed to be isotropically
shaped. Particle sphericity (®;) and voidage at minimum fluidization
(emf) were set to: @5 = 0.67 (this coincides with [56]) and &y, = 0.54.
This assumptions are based on empirical data from Kunii and Levenspiel
[37, p.691, considering brittle fracture. This last consideration should be
qualified. On the one hand, brittle fracture is common for CaCO3 [57],
on the other, the complex attrition phenomena in a CaL system is
dependent on several variables such as sulphation degree, residence
time in the system, and sorbent properties after calcination (see
[58,59,60]). The modeling of attrition and entrainment was out of the
scope of our work. The reader interested in these topics is referred to the
work of Haaf et al. [61].

3. Carbonator model

In this section, the modeling of the carbonator is described. The
carbonator model is divided into the following sub-models:

a. Hydrodynamics sub-model to calculate the solids distribution in the
reactor (Section 3.1)

b. Reactor sub-model to calculate the CO5 absorption rate in the carbo-
nator (Section 3.2)

c. Particle sub-model (or reaction sub-model) to calculate the particle
carbonation degree (Part II [44])

In this work (Part I), we develop the hydrodynamics and the reactor
sub-models. The particle sub-model, including considerations on reac-
tion kinetics and sorbent deactivation, is based on the work of Romano
[40]. The average conversion in the reactor is calculated considering the

particle residence time distribution (RTD) and the calcination perfor-
mance. The particle sub-model is discussed and validated in Part II [44].

3.1. Hydrodynamics sub-model

The main objective of the hydrodynamics sub-model is to simulate
the solids distribution within the circulating-fluidized-bed carbonator
for relevant operating conditions. Throughout the investigations re-
ported in this study, it was observed that the carbonator hydrodynamics
have a significant impact on the CO; capture capacity of the system.

3.1.1. Characterization of operating conditions

The first step in modeling a fluidized bed reactor is the character-
ization of the particles and the mapping of the operating regime. A first
approximation to the particle characterization can be made with a
Geldart diagram [62] (see Fig. 4).

The Geldart diagram in Fig. 4 illustrates the mapping of the particle
behavior, indicating a sand-like behavior for our pilot tests. This dia-
gram is valid for ambient operating conditions and air fluidization [37].
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Fig. 4. Geldart diagram, adapted from [37,62]. The operating conditions cor-
responding to the pilot data is indicated with red dots.
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For other conditions, the Geldart classification can be verified using the
dimensionless particle diameter (d;), which is calculated from the
Archimedes number (Ar):

AN

Ar = T (€8}

d, = Ar'/ @)

In Eq. (1), d, is the particle diameter, y is the dynamic viscosity of the
gas, g is the gravitational constant, p, is the gas density, and p; is the
apparent density of the solid particles. The gas constants (pg and u) are
calculated for each balance point considering the carbonator operating
conditions and the gas composition at the reactor inlet [63]. With these
parameters, Eq. (2) yields d{, ~ 3.8. The boundary between A and B

Geldart classification, (d;)AB, for conditions other than ambient and

gases other than air can be obtained with Eq. (3) [37, p.88], which gives

P
B-type particle behavior in the operating conditions of our pilot tests,
in agreement with Fig. 4.

(@)=t (25)

In previous publications, the carbonator of the 300-kWy, pilot plant has
been described as a “circulating fluidized bed” [25,26,64]. However, the
designation circulating fluidized bed (CFB) corresponds to a mode of
operation compatible with different fluidization regimes [65-67],
including pneumatic conveying, fast fluidization, turbulent fluidization,
and even bubbling fluidization [67,68]. A comprehensive understanding
of the fluidization regime is crucial to characterize the reactor behavior
and develop accurate models. This aspect is elaborated hereunder.

The characterization of the fluidization regime of a fluidized bed
reactor is generally performed with the so-called Grace diagram [69] (see
Fig. 5). The Grace diagram allows mapping the fluidization regimes
based on two dimensionless variables —namely, the dimensionless
diameter from Eq. (2), and the dimensionless superficial gas velocity,
calculated with Eq. (4).

u, =Re,/ dp (O]

(dk>AB ~ 283 < d;. Consequently, the solid sorbent presents Geldard-

Here the particle Reynolds number (Rep) is defined as:

Re, = dyuop, /1 5)

In Eq. (5), ug is the superficial gas velocity. It is calculated using the
experimental data of the volume flow rate at carbonator inlet, the ideal
gas law, and the spatial average temperature and pressure of the reactor.

According to the Grace diagram in Fig. 5, the operating conditions of
the data from pilot tests correspond mainly to the turbulent fluidization.
In the last decades, this regime has been recognized as ranging between
a transitional superficial gas velocity (u.) and the onset of fast fluid-
ization [72]. It is distinct from the bubbling and the fast fluidization
regimes.

The Grace diagram is generated using correlations available in the
open literature. For the calculation of the superficial gas velocity at
minimum fluidizing conditions (uny), the general equation from Kunii
and Levenspiel is considered [37, p.69]:

175,

150(1 — )
83 ) - ep‘mf
mf =S

3 2
Emf ¢s

Repms —Ar = 0 (6)

Here, Re, s is the particle Reynolds number at minimum fluidizing
conditions, calculated by replacing up with ups in Eq. (5). Since this
equation depends on the voidage at minimum fluidizing conditions and
the sphericity of the particles, the result is a surface in Fig. 5, instead of a
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Fig. 5. Grace diagram based on [37,70,71] with fitting equations from [37,70],
and data from pilot tests [51]. The red lines indicate the boundaries for the
operating conditions of our work. The red dots indicate the operating condi-
tions of the balance points from the pilot tests. A close-up view of the same
diagram is included in the bottom-right corner.

curve. To draw the surface, we assume the following boundaries for the
constants: s = 0.45-0.55; and &; = 0.65-0.75. The red dashed line
corresponds to the calculations with the operating conditions of this
work: s = 0.54; and &5 = 0.67.

The terminal velocity (ug) is calculated with the expression from
Haider and Levenspiel [73]:

2.3348 — 1.7439 ¢, !
—) )

N 18
u = <Ar2/3 + Ar/6

In Fig. 5, the terminal velocity calculated with &; = 1 is indicated in
black. The value calculated using ®; = 0.67, i.e., the condition assumed
in our work, is displayed in red.

The turbulent regime is generally characterized for exhibiting high
bubble coalescence [72,74]. The transition superficial gas velocity from
bubbling or slugging to turbulent regime (u.) is defined as the superficial
gas velocity that maximizes the standard deviation of pressure fluctua-
tions [72]. This definition is widely regarded as the standard for
establishing the onset of turbulent regime. For the calculation of u,, the
following correlation from Bi and Grace [75] is used:

Re. = 1.243 Ar®* (8)

This gives u; ~ 2 for the operating conditions considered in this work
(see Fig. 5). Cai [76] found that the transition velocity u. depends on the
reactor ID, but only for small columns (<0.2 m) (see also [77,78]). Our
pilot facility has an ID of 0.25 m; thus, we do not expect such de-
pendency in the context of this work.

There are numerous correlations for uc available [72]; however,
further research is needed to predict this velocity reliably [77]. The
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correlation of Eq. (8) is regarded as one of the most accurate in pre-
dicting empirical data [72] and is generally used to plot the Grace dia-
gram. The postulated correlations are also dependent on the measuring
techniques [75]. Results from differential pressure fluctuations, such as
the ones used to obtain the correlation of Eq. (8) (see [79]), give higher
values of u. than results from absolute pressure fluctuations for the same
operating conditions. Internals were found to reduce u. because they
promote the breakup of bubbles and restrict bubble size, thus facilitating
the transition to turbulent fluidization [80]. There are three 1.5-m cy-
lindrical cooling lances (see Fig. 2) installed in the bottom section of the
carbonator, which may reduce the transition velocity to values lower
than u; ~ 2. Consequently, it is safe to assume that the carbonator
operates above the bubbling fluidization regime (see Fig. 5).

Contrary to the transition from the bubbling regime into the turbu-
lent regime, there is more than one criterion for the definition of the
transition velocity into the fast-fluidization regime. In this work, we
follow Bi et al. [72], who suggest using the critical velocity based on
solid entrainment (use). This parameter was found to be independent of
the reactor dimensions, and mainly depends on the properties of the gas
and the particles (i.e., Ar) [72,79]. We use the correlation of Bi et al.
[79]1, which gives u, ~ 3 for the operating conditions of our pilot plant.

Re,. = 1.53 Ar®® ©

Eq. (9) was used to correlate empirical data successfully. For large
particles, when the expression gives values of u;, higher than the ter-
minal velocity (y;), the authors suggested taking these velocities as
equal (u;, = u;).

Overall, the analysis of this section reveals that the operating con-
ditions of the plant correspond mostly to the higher boundary of the
turbulent fluidization regime. Previous studies usually associate turbu-
lent regimes with gas velocities of 1-3 m/s, and even lower [72]. This is
because most of the experimental data corresponds to trials using air at
ambient temperature for the fluidization. Due to the high temperatures
in the carbonator of our pilot plant, the gas density is reduced, thus
yielding lower Rep,, which explains the turbulent regimes in our range of
operation (up = 4 m/s). Notwithstanding the above, our calculations
suggest that some empirical operating points are past the fast-
fluidization-onset limit (see Fig. 5).

3.1.2. Solids distribution

The solids axial distribution inside of the carbonator operating as a
circulating fluidized bed is sometimes computed using an exponential
decay model developed by Kunii and Levenspiel [37] (e.g.,
[36,40,42,61,811). The corresponding equations consider the average
solid concentration within each cylinder of differential height (dz),
denoted as &(z), representing the solid concentration value averaged
over the cross section.! The decay model is formulated mathematically
as follows:

Es (Z) = Esd; z2< Hd
£(2) — € (10)

== - —Hy)|; H
P exp[—a(z—Hg)]; z>Hy

This equation is valid for heights () lower than the Transport Disengaging
Height (TDH). The expression for z > Hy can be rewritten as:

7ln<m> =a(z—Hy); 2>Hy an

Esd — &,

Here, z is the axial coordinate increasing from zero (at the reactor inlet)
to Hr (at the reactor outlet), and g: and &4 are the saturated solid

! The solid concentration is also known as the solid volume fraction or volume
fraction of solids. In our work we use the first two designations interchangeably.
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concentration and the dense-region solid concentration, respectively.
The value of ; g depends mainly on the fluidization regime, as well as on
parameters such as the superficial velocity, the particle density, and the
riser diameter [82,83]. Despite the availability of some correlations, the
determination of this parameter still relies on empirical data (see Table 3
and Section 4.1.1). The decay constant a is calculated following Lewis
et al. [84] (Eq. (12)), who discovered that a variates linearly with uy.

kpewis = a up 12)

At this point it is important to highlight that the authors indicated a
dependency of the Lewis constant (kiewis) with the reactor diameter and
particle type. This dependency is typically overlooked in carbonator
modeling.

The exponential decay model of Egs. (10-12) has a simple formula-
tion that relies on the input of three parameters —namely :3:, &,4, and the
Lewis constant (kpewis). If these parameters are selected appropriately,
the model allows predicting empirical results accurately with low
computational effort [32,41]. This is why it has been selected by many
authors for modeling the carbonator. We also follow this approach.

The values of & g and kyewis are usually assumed using empirical data
available in the open literature. The value of ¢, is generally estimated
from the saturated mass flux of solids (G:) [371:

G. = pse.us 13

Eq. (13) is obtained through a mass balance at the reactor exit, where ug
is the mean velocity of the solids. This expression can be solved by
approximating the slip velocity between the gas and the solid particles
(us1ip) With u, and considering that e: «1:

Up
U = ——— —Ugip = Up— U a4
1—¢

Thus, obtaining:

. G,
(U() - ut)ps (15)

IR

&

In previous publications, G; has been calculated with the equation of
Geldart et al. [85]:

G, = 23.7p,upexp( — 5.4 u;/uy) (16)

Despite the widespread of this expression within the literature on car-
bonator models, it is sometimes used without the required discussion.
This expression was obtained in the frame of elutriation from captive
fluidized beds, for particle size between 60 and 350 p m, and two riser
IDs were considered (0.076 and 0.30 m). The velocities of the experi-
ments were 0.6-3 m/s. Kunii and Levenspiel [37, p.178] collected
different expressions to estimate G,, which are valid for various ranges
of operating conditions. Eq. (16) was developed to estimate the elutri-
ation from fluidized beds. A rigorous calculation would require the
integration of this expression for the entire PSD of particles inside the
reactor (see [37, p.174]). This is generally not done, probably because
the value ¢, is mainly used to estimate the height of the dense region and
does not appear to have a strong impact on the results of CO, capture.
For simplicity, we use Eq. (16), assuming particles of constant size d; 50
(see Fig. 3), and compare the results of ¢; with empirical data for vali-
dation (see Section 4.1.1).

Eq. (10) is used to calculate the height of the dense region (Hy) and
the lean region (H)), thus obtaining the complete solids distribution
across the height of the reactor. Romano? [40] expressed the material
balance to achieve this as follows:

2 The expression reported by Romano [40, Eq. (12)] has a minor mistake.
Here, we present the corrected version.
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Table 3

Empirical constants to compute solids axial and radial distribution.

Research Paper IV

Chemical Engineering Journal 500 (2024) 155119

Solid concentration

Lewis constant

Dense region Saturation Core! Wall* (see Eq. (12))
£5,d & Es,c Esw Kiewis =auo (s

Model assumptions

Hawthorne et al. (2008) [91,92] 0.23-0.25 — 0.01 0.037 n/a

Strohle et al. (2009) [81] 0.16 Eq. (16) 0.01 0.15 3.0

Lasheras et al. (2011) [36] 0.16 Eq. (16) 0.01 0.15 3.0

Romano (2012) [40] 0.15 0.01 0.01 0.5 3.0

Atsonios et al. (2015) [32] 0.15 0.032 (&5)) n/a n/a n/a

Cormos and Simon (2015) [93,94] 0.25 (TFD; 0.16 (FF) Eq. (16) n/a n/a 4.0

Sattari et al. (2021) [88] 0.16 Eq. (16) 0.01 0.15 3.0

Empirical data — Various test rigs

Kunii and Levenspiel (1991) [37] 0.40-0.55 (BF); 0.01 [95] 0.01 0.1-0.2; 2-5 (d, < 70 pm);
0.22-0.40 (TF*); Oreactor = 0.6-0.9 4-12 (d, > 88 pm)
0.16-0.22 (FF")

Kunii and Levenspiel (1997) [65] 0.20-0.40 (TF"); <0.02 (Ah; < 0.01 (B - - 2-4 (Ah; 5 (ABD); 7 (B
0.06-0.20 (FF")

Bi et al. (2000) [72] 0.25-0.35 (TF") - - - -

This work

Model assumptions 0.30 Eq. (16) ~ ¢ > emf 8.0

Pilot plant data (TU Darmstadt) 0.2-0.4 0.002-0.008 (&5,0u0) - - 4-17

'BF: bubbling fluidization; TF: turbulent fluidization; FF: fast fluidization; A, AB, B: Geldart A, AB, B particles.

i0f the dense region

W, Hr "
e Hieoq +/ €, + (64 —¢,) exp(—a(z—Hy)) dz a7
Afps Hy

Here, A; is the internal section area of the carbonator, and W, is the
inventory of the carbonator, which is calculated using the pressure drop
measured across the reactor. Solving the integral gives (see Appendix A):

VX—/}" = B Hy e — Hifeca — €]) (18)
This is exactly the same expression obtained by Lasheras et al. [36] with
an approximation. Here, & ot = € (z = Hr) is computed with Eq. (10).
Because of the exponential term, this equation should be solved
numerically. We use the Newton-Raphson method for this purpose
[36,86]. For high reactors —i.e., Hy higher than the Transport Disen-
gaging Height (TDH) [87]— Eq. (18) can be approximated as:
1

Wearb o1 1
Hy; ~ —— — - — 1
d A, . (es,d Ss) a ( 9)

For our reactor, Eq. (19) approximates Eq. (18) with an absolute error of
around 60 mm for the balance points, with Hyj~1 m. This may be
acceptable for some applications, but we decided to use Eq. (18) for our
model calculations, considering the significant influence of the solids
distribution in the CO5 capture.

Knowing the solids distribution, the specific entrainment rate (Gs)
can be calculated from the solid concentration at exit, using an equation
analogous to Eq. (15):

Gs = Pent €s,out(u0 - ut)/}s (20)

Here, Py is the probability of entrainment, which depends mainly on
the reactor outlet geometry and the particle velocity (us). A thorough
discussion of this matter, as well as correlations for Pey, is available in
the study of Dieringer et al. [54]. An accurate prediction of Gs; would
have to consider the influence of the entire PSD (see [37, p.174]). This is
beyond the scope of our study.

The radial distribution in the fluidized bed is illustrated in Fig. 6. It is

T S 01(2)

|

Dense —1<+—— L ean

Fig. 6. Core-wall distribution of solids in our study, based on the work of Kunii
and Levenspiel [35].

modeled as having a central zone or core, lean in solids, and an outer
annulus or wall region, having a much higher solid concentration [35].
The core diameter is constant for the dense region, while it increases in
the lean region following the decay of solid concentration.

For the calculation of the CO5 capture, the core volume fraction (§)
needs to be estimated. Considering the core diameter (d.) at any height z
and the reactor internal diameter (dy), the core volume fraction at height
z can be expressed as:

(n/4) d2(z) dz

@) ="/a) @ dz @D
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From Eq. (21), the relation between the core diameter and the reactor
diameter can be established:

de(2) = dr\/3(z) (22)

This expression is useful to estimate the core-wall gas interchange co-
efficient (see Section 3.2.4). An expression relating the core volume
fraction and the solids fractions can be achieved with a mass balance of
any section of the reactor [65]:

5(z) = Esw — £(2) (23)

Esw — Esc

The constants & and &, represent the solid volume fraction in the core
and the wall (annulus) of the dense region, respectively. Thes constants
are generally approximated with the saturation and the minimal-
fluidization solid volume fractions, respectively [35,65]:

Esc X & 24)
Esw = Esmf (25)

These two approximations are commonly used in KL models and in
carbonator models (e.g., [40,88]). We are aware that axial variations in
core and wall solid concentrations have been reported for circulating
fluidized beds in general [89] and for a CaL carbonator [90] in partic-
ular. However, for the sake of simplicity, we follow the same approach
as previous KL carbonator models (i.e., Eqs. (24) and (25)). Detailed
modeling of the radial distribution in the carbonator was outside the
scope of our work but could be the subject of further research.

For the dense region, the core diameter is assumed constant (see
Fig. 6), thus, from Eq. (23):

511 _ Esw — Ed (26)

Esw — Esc

The mean core volume fraction of the lean region (5;) is obtained inte-
grating Eq. (23) over Hy
gl _ Esw — Es] (27)

Esw — Esc

Here, & is the mean solid concentration in the lean region, which is
calculated by integrating Eq. (10) over Hj:

_ « 1 —exp( —aH,
Gi=¢ +(6a—¢) #

(28)
The constant & q is the mean solid volume fraction in the dense region.
Using our input values (Table 3), we obtain 54 ~ 0.35, which is lower
than the values generally assumed for carbonator models [37].

The values of the constants used to determine the solids distribution
in the models using the exponential-function approach are presented in
Table 3. Other reference values from the literature are also included, as
well as the values used in our model and the ones obtained from the pilot
plant data.

The values assumed for &4 are generally low (0.15-0.16) and
correspond to the lower boundary for the fast fluidization regime [33].
Cormos and Simon [93,94] evaluated their model for fast and turbulent
fluidization, setting &5 4 equal to 0.16 and 0.25, respectively. Hawthorne
et al. [91] used 0.23-0.25, which corresponds to the lower boundary of
the values recommended for the turbulent regime [37,65,72]. From our
experimental results, we assume &4 = 0.30, which is considerably
higher than the values used in other carbonator models. The validity of
our assumption is defended in Section 4.1.1. The consequences of this
assumption are discussed in Section 4.2.

Within the carbonator models using the exponential descriptions of
Eq. (12), there is consensus in the assumption for the Lewis constant,

kiewiss The values reported in the reviewed references are
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3.0-4.0 s ! (see Table 3). This consensus contrasts with the wide ranges
reported in the literature —dependent on the particle size [37,65] and
the reactor diameter [84]—, which appear to indicate that the values of
kiewis are generally adopted from previous models without considering
the specific operating conditions of the capture process. This is notable
considering that prominent references on fluidizations recommend
higher values for coarse particles [37,65], as the ones normally used in
CaL [16,29,96-99]. In our work, we adopt kiewis = 8.0 s_l, consistent
with empirical data from our pilot plant (see Section 4.1.1).

For the computation of ¢;, the common approach is to use Eq. (16).
Romano [40] used a constant value of 0.01 for his calculations. Atsonios
et al. [32] used a mean concentration of the lean region (¢;;) obtained
from the results of a CFD model. We use Eq. (16) in our model and obtain
good predictions of empirical data (see Section 4.1.1).

3.2. Reactor sub-model

The CO; capture in the carbonator is based on the carbonation re-
action, which is a heterogeneous reversible reaction that follows the
following equation [100]:

COz(g) + CaO(S) ZC3C03(S) (29)

The equilibrium equation for this reaction was presented by Garcia-
Labiano et al. [101], who developed an expression based on the work of
Barin [102]:

Pcozeq = 4.137 10" exp( — 20474 K/T) [Pa] (30)

Here, pcoz,eq is the equilibrium CO; pressure, and T is the temperature in
K. The carbonator reactor is modeled according to the KL-model [35]
(see Fig. 6), dividing it into two zones: (i) a dense zone of height Hy, and
(ii) a lean zone with height Hj (see Fig. 6). We assume a core-annulus
distribution for both zones. In this section, we derive the equations to
calculate the reactor gas-solid contact efficiency, which determines the
reactor performance along with the global reaction rate (K;). For this
study, K, is treated as a constant. Its calculation is a complex matter,
which is discussed in Part II [44].

3.2.1. Governing equations

Since the reaction rates depend on the concentration difference with
respect to the equilibrium concentration, we define the driving force €
according to the following expression:

€ = Coo2i — Ccozeq (31)

Here, i represents any point in the reactor, including the inlet (in), the
end of the dense region (d), and the outlet (out). The equilibrium con-
centration (Ccoz,eq) is calculated using Eq. (30) and the ideal gas law. If
the temperature or pressure gradients are neglected, the equilibrium
concentration can be assumed constant; thus, in derivative form, the
differential of the driving force is equal to the differential of
concentration:

dC; = d(Ceo2i — Ccozeq) = dCco2; (32)
This allows us to simplify the calculations and highlight the physical
meaning of the equations that follow. From the point of view of the
reactor, the CO5 conversion in the carbonator follows a fist order reac-
tion,3 thus [37]:

— = - Vs,aKr@ (33)

Here, Nco2 is the number of moles of CO3, V; , is the particle volume of

3 This assumption is thoroughly discussed in Part II [44].
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potentially active sorbent (CaO and CaCO3) and K, is the first-order
. . . 3 3

reaction coefficient. The units of K, are mg,/(m), ;q. S)- For

simplicity, s~* is used. The differential equation governing the concen-

tration variation in the reactor can be expressed considering a gas—solid

contact efficiency (1) for the deviation from the ideal plug-flow reactor

(see Appendix C):

d€/dz = —n K, € & &/ugy (34)
Where z is the reactor height, ¢ is the solid volume fraction, and ¢ is the
volume ratio of potentially active sorbent (CaO and CaCOs) to solids
—to account for inert species such as ash or CaSO4 (see [40]). The
particle conversion (X) can be expressed as:

Ncacos ~ Ncacos

X = =
NCa Vs,a[)s,a/MS,a

(35)

In Eq. (35), Nca is the number of moles of CaO and CaCOs3, and M, and
ps,a are the molar mass and apparent particle density of the potentially
active solids (i.e., CaO and CaCOs3) in the carbonator, respectively.
Assuming that the density and molar mass of solids remain constant
throughout the reactor:

dNcacos

— (36)
Vs.aps.a /Ms.a

For every mol of CaCOs3 generated, one mol of CO4 disappears; thus,

ax Vs.a/)s,a/Ms.a = —dNco2 37)

Comparing Eq. (37) with Eq. (33), an expression relating the particle
and reactor sub-models is found:

cfi_}:/)s,a/Ms‘a = I<r(S (38)

The calculation of the density and molar mass of the potentially active

solids is performed with the following equations:

Ms,a = carbMCaCOS + (1 - Xcarb)MCaO (39)

Psa

L _ (1 - Xcarb)MCaO/Ms.a + Xcarb MCaO/Ms,a (40)

Pcaop Pcacosp
3.2.2. Dense region

Applying the core-annulus K-L model [37,65], the CO, concentration
at the end of the dense zone can be calculated by solving Eq. (34):

Gd = @inexp( — i’]dKer) (41)
Where 74 is the gas—solid contact efficiency of the dense region and 74 is
the characteristic time of gas—solid contact in the dense region, defined
as:

Tq = EegqHa[ug (42)
The calculation of 54 considers the added contributions of the core and
the wall zones in series. The wall region is considered stagnant; thus, a
gas volume exchange is required for the reaction to take place. This is
computed as an additional resistance in parallel [35]:

(reaction in dense zone) = (reaction in core)
1 43)

+ [(transfer to wall) ! + (reaction in wall) ]

K, 1 } !
5d Kc-w,d (1 - 5d)€s,w

Ng &sd = 5d Ee + |: (44)

Here, K., is the coefficient of gas interchange between the core and the
wall region. This is an important parameter for the reactor sub-model,
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which is thoroughly discussed in Section 3.2.4.

Lasheras et al. [36] and Strohle et al. [81] used an equation from
Kunii and Levenspiel [37, Eq. 12.66] to model the contact efficiency in
the dense region. However, in the primary source, the volume fraction of
bubbles and the core volume fraction were both named with the same
symbol (i.e., 6). This led to an inadequate derivation of the gas-solid
contact equations. Therefore, we do not recommend using their
approach to calculate the CO5 absorption in the dense region (i.e., [36,
Egs. (21-23)D.

3.2.3. Lean region
The calculation of the carbonation in the freeboard is performed
considering an equivalent contact efficiency of the lean region (7,):

gout = Cs:dexp( - n;KrTZ) (45)
Here, the characteristic time of the lean region (z;) is calculated analo-
gously to that of the dense region. Since the solid volume fraction varies
throughout the lean region, the mean value is used; thus,

= @HI/UO (46)

We consider the approach from Kunii and Levenspiel [35] to obtain #;,
proceeding analogously as we do for the dense region (see Section 3.2.2
and Eq. (43)):

-1

K. 1

+l=— (47)
51 Kc-w.l (1 - 51)53.w

@'71 =0 Esc

Here, 5; and g5, are obtained from Egs. (27) and (28), respectively. Using
Egs. (41) and (45), the outlet concentration is obtained:

Cou = Cinexp( — K1y) (48)

T = NgTa+ T (49)
Here, 7, is an equivalent gas residence time for the entire reactor,
considering hydrodynamics. It can be used to study the influence of the
inputs in the reactor performance (derivation in Appendix D):

1- Cs:out/@in =1- eXP( - KrT;‘) = Ecarb/Ecarb‘eq (50)
In this expression, E4p is the carbonator efficiency defined as the ratio
of the molar rate of CO5 captured in the carbonator to the total amount
of CO; entering the carbonator [21]. The maximum achievable carbo-
nator efficiency due to equilibrium limitations is denoted with Ecarp,eq.
Another approach, used in some carbonator models [40,42], considers
an exponential decay for the contact efficiency in the lean region. This
approximation is based on the experiments by Furusaki et al. [103], who
studied the hydrogenation of ethylene at 140 °C, with a reactor of dr =
53 mm and Hy = 0.13 m. They used an impregnated nickel catalyst of
dp50 = 62 pm. Kunii and Levenspiel [37, p.283,65] presented the
following equation based on their empirical data:

m(z) =1— (1 —ng)exp( — bz) (51
This expression fitted the data satisfactorily for b = 6.62 m™'. CaL
operating conditions are far from those of the experiments of Furusaki’s
team; thus, the application of this fitting into a carbonator model is
questionable. Despite the widespread use of this fitting for carbonator
models, we recommend caution when using Eq. (51) and the expressions
derived. These are presented hereunder for comparison purposes.
Following this approach, the equivalent efficiency throughout the lean
region is obtained using Eq. (10) and integrating Eq. (51):

1—exp(—(a+bd) H)
(a+Db)H,

i =81 —&(1—1) — (ga—€)(1—1y)
(52)
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of other models, calculated with Eq. (52). The shaded areas represent the values
of K..,v obtained with our assumptions and operating conditions (left) and those
normally used in carbonator models(right).

An expression for the mean contact efficiency (7)) is obtained by inte-
grating the distribution from Eq. (51) over the height of the lean region:

_ 1 — exp( — bH;
=1 (1 g TR (53)

An equation analogous to Eq. (52) was used by Romano in his carbo-
nator model [40]. Results using Eq. (47) are similar to those from Eq.
(52) for some operating conditions. However, there are considerable
differences between the models when some input parameters are
changed, as illustrated in Fig. 7 for varying Kc.y.
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3.2.4. Core-wall gas interchange coefficient

The state-of-the-art carbonator models generally assume K¢,y =~ 10
s~1 [36,40]. This practice appears to follow a convention rather than an
assumption based on empirical data, probably from the suggestion of
Kunii and Levenspiel (1991) [37, p.309] that K., > 11 s~1. The authors
explained that this value resulted from preliminary estimates. In the
literature, lower values were reported by Kruse et al. [104], who
determined that K.,y = 0.3 s~ ! for sand particles in a dilute circulating
fluidized bed. This value was adopted by Kunii and Levenspiel (2000)
[35] for their calculations on circulating fluidized beds using the K-L
model in a more up-to-date work [65]. Levenspiel [105] admitted in
1999 that empirical values of K., were still missing and recommended
estimating its order of magnitude from the bubble-cloud and cloud-
emulsion exchange coefficients (Kp., Kc.) of the bubbling fluidized
bed, thus K., ~ Kp... However, this neglects the different nature of the
fast and turbulent fluidization regimes, for which the bubble-emulsion
mechanism is not valid and most of the gas bypasses as throughflow.

The coefficient K.,y is sometimes adopted as a constant in the liter-
ature. Nevertheless, this is disadvantageous, considering the expected
dependency on the interface area, which can even change in the same
facility —e.g., for varying inventory. The specific core-wall area (ac.y)
can be calculated with (see Appendix B):

Qew =4 d, dr? (54)

Using this expression, K., can be calculated from the geometry of the
core, assuming a cylindrical geometry for the dense zone and a conical
geometry for the lean zone (see Appendix B):

Kc-w = kc-w Ae-w (55)
Kc-w,d =k cw 4 525 dEI (56)
Kews = ke-w 2(69° + 833) dy! (57)

Here, k.. is the specific core-wall dispersion coefficient, which is esti-
mated from empirical data reported by Yang [106, p.521], adopting the
mean value: k... = 0.158 m/s. The obtained values of K., are compared
with those reported in the literature, for validation. The assumed value

Table 4
Interphase gas transfer coefficient values.

Koy () Keaw (57 Ke-w (m/s)
Carbonator model assumptions
Hawthorne et al. (2008) [91,92] 0.72% Kb-e ~ 4.5 Ume/dr Kp.e = 0.45 -
Stréhle et al. (2009) [81] 55% 11 -
Lasheras et al. (2011) [36] 55¥ 11 -
Romano (2012) [40] 20-80% 10 —
Atsonios et al. (2015) [32] — — _
Cormos and Simon (2015) [93,94] — (not specified) —
Sattari et al. (2021) [88] 55% 11 -
Empirical data and other models
Kunii and Levenspiel (1991) [37] - >11 -
Kunii and Levenspiel (1997) [65] — 5-20 —
Bi et al. (2000) [72]% (TF*); ug < 2.6 m/s 2.9-13.0" (Hr~5 Hip) 0.2-4.6 0.003-0.23*
Kunii and Levenspiel (2000) [35,104] 1.0% 0.3 —
Bi (2002) [107] (FF*); 1.5 < up < 8 m/s 0.02-10.5" 0.016-8.0 0.001-0.3
Yang (2003) [106, p.521] 0.01-10* - 0.015-0.3
This work
Values used 2.2-4.8 1.5-2.0 0.158 (input)
With Eq. (58) 0.5-0.7 0.2-0.5 0.01-0.03
With Eq. (61), (TF*) ~ 11.7 4.9-8.0 0.3-0.5

“Interphase mass transfer coefficient (bubble-voids). Suggested correlations are incompatible with our operating conditions.

iCore-to-annulus interregion mass transfer coefficient.
¥Our calculation with data reported in the reference.
tWith our operating conditions.

*TF: turbulent fluidization; FF: Fast fluidization.
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is plausible, as can be derived from Table 4. Still, there is some uncer-
tainty in the prediction of this parameter, and more empirical data is
required to obtain reliable values for carbonator modeling. The co-
efficients calculated with Egs. (55-57) are inversely proportional to dr,
which is expected considering the linear reduction in the area-to-volume
ratio with the upscaling of the reactor diameter.

For comparison purposes, a dimensionless core-annulus transfer
coefficient is calculated as [106]:

K;-w = kc-w Ae-w HT/“O = kc-w 4 dc d;z HT/uO = Kc-wHT/uo (58)

When the core diameter is not available, the following approximation is

used for comparison [107]:

Kew = 4 ke dit (59)

Bi [107] recommends a correlation from Patience and Chaouki [108]
that can be written as:

G 0.25
Kew = d;? Dy Sc®® Red72 (—S ) (60)
Ps Uo
In this expression, Sc is the Schmidt number, defined as:
Se=— M 61)
Py Dcoz-air
Recore is the Reynolds number based on the core diameter:
Recore = ﬂg Uop dc/ﬂ (62)

For turbulent beds, Bi et al. [72] recommend the correlation from Foka
etal [109]:

Koy = 1.631 %%y (63)
The gas diffusivity, Dg = Dcoz-air, is obtained with the correlation pro-
posed by Massman [110]:

Dcoz-air(T,p) = (0.1381 em?/s) (po/p) (T/To)"®' (64)
Here, the standard pressure (pg) is 1.013 bar and the standard temper-
ature (Tp) is 273.15 K. Our underlying assumptions are that Eq. (64) is
still valid for the high operating temperatures of the carbonator
—justified by comparing with experimental results, e.g., [111]— and
that off-gas composition (different than air) does not have a significant
influence in the diffusion coefficient. This last can be inferred from
Massman’s work [110]. Overall, the influence of this factor in the model
is low, as long as the values assumed are within the true order of
magnitude.

Other correlations to obtain K., are available in the literature
[72,107], but none was found to be valid for our operating conditions.
These correlations were obtained based on experiments with air at
ambient temperature. However, the influence of the gas temperature on
K. is uncertain. On top of this, they tend to be process-specific and lack
validity outside the test environments for which they were elaborated.
Our calculations with the proposed correlations give results of different
orders of magnitude (see Table 4).

The interphase gas transfer coefficient values found in the literature
of KL carbonator models are summarized in Table 4. Here, we also report
data from experiments and empirical correlations from the literature.
Lastly, the values used in our model are included in Table 4 as well.

3.3. Calculation logic

The kinetic constant for the carbonation (K;) depends on the CO,
concentration and the carbonation degree of the particles. To account
for the variation of CO; concentration throughout the reactor, an
equivalent driving force (€") for the particle sub-model is computed
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through iteration using the reactor sub-model [40]. The output from the
particle sub-model is X op. Since, for the particles, the assumption of
perfect mixing is reasonable due to the strong mixing of particles in the
reactor [40], the particle conversion in the entire reactor can be assumed
equal to the average conversion at the reactor outlet (Xc4rb). The particle
sub-model is used to calculate K, [44], which is the input for the reactor
sub-model.

The outlet CO, concentration (ycoz,out) is obtained from the reactor
sub-model (RM). With known ycozour, the carbonator efficiency ac-
cording to the RM (Ecarb = Erm) [21] can be calculated:
Eearp =1 - (_yCOZ.out/yCOZ,in) (1 *}’coz,m)/(l *}’coz,our) (65)
The sorbent conversion at the reactor outlet (Xcarp) is obtained from the
particle sub-model (PM) (see Part II [44]). The carbonator efficiency
(Ecarb = Epy) can then be calculated with a mass balance:

(Xcarb - Xcalc)FR = Ecarb Fco2 (66)

For the iterative calculations, it is useful to calculate the CO5 outlet
concentration and solve the model until the prediction from the particle
and the reaction sub-models converge. For this, we derived the following
equation from Eq. (66):

1~ Yeboin
- (Xcarb - Xcalc)FR/FCOZ

Yco2.0ut = 1- 1 (67)

The calculation logic is illustrated in Fig. 8. First, the inputs for the three
sub-models are specified. For the pilot testing, these were based on
empirical data from measurements and samples. For the parametric

/ Initial guess: € /

!

Particle sub-model®

/ Inputs /—>

\

Hydrodynamics sub-model

|

|

|

|

|

! |

|

(axial and radial) :
|

]

Solids distribution
* Kr

> Reactor sub-model

| ERM - EPM | < Error

Fig. 8. Calculation logic for the carbonator model. The model includes a hy-
drodynamics sub-model, a reactor sub-model, and a particle sub-model.
tDiscussed in Part II [44].
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Table 5

Inputs for the carbonator model.
Parameter Symbol Range Value (ref.) Unit
Constant values
Reactor height Hy — 8 m
Reactor internal diameter dr — 250 mm
Particle diameter dp 50 - 226.7 pm
Particle sphericity Dy - 0.67 -
Voidage at mf Emf — 0.54 —
Bed solid density Es,d - 0.3 -
Lewis constant Krewis - 8.0 st
Core-wall gas interchange Kew — 0.158 m/s
Solids volume ratio I3 — 1 —
Particle density of CaCO3 Pcacozp - 2710 [39] kg/m®
Particle density of CaO Pcaop - 1670 [44] kg/m>
Molar mass of CaCO3 Mcacos — 100 g/mol
Molar mass of CaO Mcao - 56.1 g/mol
Time-dependent inputs
Superficial gas velocity U 3.4-5.5 ()] m/s
Reactor temperature Tearb 550-700 (650) °C
Reactor pressure P 1.0-1.1 (1.1) bar
Reactor inventory Wearb 20-60 (50) kg
CO, input Fcoz 0.16-0.49 (0.5) mol/s
Inlet CO, concentration Ycoz,in 6.2-13.8 12) vol%yp,
Gas viscosity H" 39-41 (40) 10 ®Pas
Gas density Pg 0.39-0.44 (0.5) kg/m®
System age [44] 4 0-150 (50) —
CaS0O4 concentration [44] Xcaso4 0.00-0.10 0) mol%
Sample-dependent inputs
Solids density™ Psa 1.7-2.3 (2.0) g/cm®
Solids molar mass* M, 57-82 (56) g/mol
Sorbent circulation Fr 4-13 (10) mol/s
Reaction rate K, 20-130 (80) st
Inlet carbonation degree Xeale 0.00-0.14 (0.00) molcacos/molca

*Of potentially active solids.

study and sensitivity analysis (Section 4), the input parameters were the
mean operating conditions (reference values in Table 5), unless other-
wise stated. The particle sub-model, with the input of the CO3 concen-
tration (@*), gives the kinetic rate (K;), which is used as an input for the
reactor sub-model. The hydrodynamics sub-model gives the solids dis-
tribution that is used in the reactor sub-model to calculate the CO5
concentration profile and the CO, capture efficiency. The model is
solved iteratively until the predictions of the particle sub-model (Epyy)
and the reactor sub-model (Egy) coincide.

4. Results and discussion
4.1. Validation

In this section, the validation of our carbonator model is discussed.
The validation was performed mainly with experimental data from the
pilot tests in the 300-kWy, IHCaL plant in the year 2015, at the Technical
University of Darmstadt [64]. The experiments corresponding to the
data used for the validation were reported by Reitz et al. [2]. The IHCaL
process is similar to the CaL process in terms of carbonator operation.
However, due to the indirect calcination, the operating conditions in the
calciner are different than for the oxy-fired CaL. This has an influence on
the sorbent activity [28,112,113]; thus, it is discussed in the frame of the
development and analysis of the particle sub-model (Part II [44]).

4.1.1. Hydrodynamics sub-model

To obtain the appropriate constants for our model, we analyzed the
data from the pilot plant operation. The pressure (p) data was translated
into solids distribution (&) by balancing the forces in each height dif-
ferential segment of the carbonator (dz). Here, & represented the
average solid concentration in a reactor disc of differential height (dz).

13

The weight of the particles was considered equal to the drag force
generated by the upward-moving gas [37]. In mathematical form, the
equilibrium equation gives the following expression for &:

1 dp

— % (68)
(ps - pg)g dz

&= —

The pressure data was differentiated numerically using a central-
difference scheme [86]. The calculated values using stable operating
points are illustrated in Fig. 9. Fig. 9 displays the pressure (left) and
solids distribution (middle and right) for low-speed (up* < 2.6) and
high-speed (up* > 2.6), corresponding to turbulent and fast fluidization,
and high inventory (Wearp > 45 kg) and low-inventory (Wearh < 45 kg).
For all the balance points, the bed density is higher than the values
generally assumed in the literature for carbonator models (see Table 3).
In our work, we assume &4 = 0.3 from empirical data. This value is
slightly low for turbulent fluidization and slightly high for fast fluid-
ization considering the empirical data reported in Table 3. The complete
model was computed by modifying the bed voidage (& 4) according to
the superficial gas velocity with the correlations in Fig. 10, but the re-
sults were similar to those obtained assuming a constant value of &5 4 =
0.3. This last approach was preferred for simplicity.

Junk [114, p.113] also reported high values of & 4 when analyzing
data from a 1-MWy, CaL facility. He obtained an average value of &5 4 =
0.46 using empirical data, which is much higher than the values rec-
ommended in the literature for carbonator modeling (see Table 3). Only
after incorporating this input into his hydrodynamics sub-model, he
achieved good agreement with experimental results. Previous studies
[83] reported an increase in &4 with riser diameter (dr), reaching
asymptotic values for dr > 500 mm. This explains the higher values of ¢,
4 in the 1-MWy, facility (dr = 600 mm) [114] compared with those in the
300-kWy, plant (dr = 250 mm, our study).
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Fig. 10. Calculated solid volume fraction in the dense region using experi-
mental data from the stable operating points during the pilot tests.

The empirical values of solid concentration at the exit (&5 ou0) range
between 0.002 and 0.008. The calculations using Eq. (16) gave &, ~
0.002, which is coherent with the empirical data. We highlight that the
application of this equation in our work was mainly to comply with
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previous models for comparison purposes. However, since the correla-
tion of Eq. (16) was obtained in the frame of elutriation from captive
fluidized, the application in carbonator modeling is questionable. A
safer approach would be the integration over the complete particle size
distribution of a correlation derived for circulating fluidized bed oper-
ation (see, e.g., [115]). The assumption e: =0.01 (from [37,40]) is
somewhat incompatible with our experimental values since the satura-
tion concentration sets a minimum limit to the exit concentration. In
Fig. 9, the model predictions are indicated in red for our assumptions
and in black for those of Romano [40] (see Table 3). The exact model
results (middle) include the calculation of the bed height with Eq. (18)
and the utilization of the correlations of Fig. 10 and Fig. 11. For the mean
model results (right), we consider the average bed height throughout the
tests (Hq = 1 m) and the model constants reported in Table 3. In Fig. 9
(right), we highlight that using model constants from previous studies
can lead to significant inaccuracies in predicting the solids distribution.
This, in turn, affects the calculation of the carbonator performance in the
reactor model.

For all the balance points in this work, a dense region can be
distinguished. This corresponds to values of Hy > 0 obtained in the
model. For beds with very low inventory —lower than the ones from our
pilot-test balance points— the entire reactor becomes lean, thus estab-
lishing the pneumatic transport regime [35]. Mathematically, this corre-
sponds to Hy becoming negative when calculated with Eq. (18).
Throughout this work, our model predicts the pneumatic transport
regime when the hydrodynamics constants (see Section 3.1.2) are
inadequately chosen. The pneumatic-transport operation of a carbo-
nator for CO5 capture is disadvantageous, because of the low contact
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efficiency associated with this regime. If the hydrodynamic models
predict the operation in this regime, we recommend checking the hy-
drodynamics constants and the empirical data.

The variation of the solid volume fraction in the dense region (&)
with the operating conditions is illustrated in Fig. 10. In the region
corresponding to turbulent fluidization (left), &4 seems to increase
linearly with the dimensionless superficial gas velocity (up*). For fast
fluidization (right), ;4 adopts lower values and is not affected by up*.

Fig. 11 indicates the methodology to estimate the Lewis constant
(left), as well as the variation of this constant with the specific inventory
(right). The Lewis constant was calculated using a linear interpolation in
Eq. (11) and time-averaged data from pressure measurements. No
meaningful correlation between the velocity and the Lewis constant
(krewis) was found. For high specific inventory (>0.6 kg/mz), kiewis de-
creases with the bed height. For low inventory, the tendency appears to
be reversed, probably due to the operation close to the pneumatic
transport regime (i.e., the disappearance of dense bed).

4.1.2. Reactor sub-model
To validate the reactor sub-model, we consider the carbonator effi-
ciency (Ecarb), which is the main performance indicator for the reactor.
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The experimental values of E.,, are calculated with Eq. (65), using the
data of gas analysis at carbonator exit and the volume flow rates of the
gases entering the carbonator. In the model, E 1, depends on variables
that are only known from sorbent samples. Therefore, meaningful values
can only be obtained for the periods of time close to sorbent sampling.
Such variables are the carbonation degree at the carbonator inlet (X¢a1c)
and the sorbent molar circulation rate (Fr), among others. Since these
variables affect mainly the particle sub-model, they are discussed in Part
II [44]. The inputs for the carbonator model are listed in Table 5,
including their values. For the variable parameters, the range of varia-
tion is included, as well as the reference values used for the model an-
alyses in the following sections. Due to the low concentration of inert
species in the pilot plant [51], the volume ratio of potentially active
sorbent to solids was set to & = 1.

The values of E.,p, were calculated with our model for each sorbent
sample available. The calculation was performed using the time-
averaged values for the time-dependent parameters (see Table 5), over
a one-hour period until sampling time. This methodology assumes that
only the operational history before sampling influences the state of the
system at the moment of taking the sample. Since the sampling process
involved removing sorbent, it sometimes induced instabilities in the
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the literature of carbonator models. Number of balance points: 51.

system. In some cases, sorbent circulation was interrupted or reduced
shortly after sample collection, leading to transient losses in capture
efficiency (see Fig. 12, left). The experimental and model averages were
computed using the same one-hour time periods.

The validation procedure is illustrated in Fig. 12. The apparent
transient behavior of Fig. 12 results from the time-dependent input of
the CO2 concentration at reactor inlet. However, our model is steady-
state. The moment of sorbent sampling is indicated with a broken line.
A gray area indicates the time period for the time averaging, which
extends to two hours before sampling. The carbonator efficiency (Ecarb)
calculated with experimental data is plotted in black and the model
results are illustrated in red. The calculated values with average con-
ditions are indicated with a triangle (experimental) and a circle (model).
These last values are used for the model validation.
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For the balance points exhibiting unstable operation (see Fig. 12,
left), the model was not able to predict the exact values of Ecyp. This is
because of the nature of the model that does not consider transient ef-
fects such as short-time interruptions of the circulation. The mean
behavior can be captured with reasonable accuracy. For stable operating
points, the model predicts experimental E.,;p, with higher accuracy (see
Fig. 12, right).

The mean capture efficiency calculated with the carbonator model is
compared with the experimental results in Fig. 13. The simulation re-
sults agree with the time-averaged experimental data within the + 20 %
relative error for the majority of the balance points. The root-mean-
square error (RMSE) and the average error (MAE) are 8.2 % and 6.5
%, respectively. The parity values are evenly distributed on both sides of
the identity line and the bias modulus is less than 1 %.

The main source of error was the calculation of the deactivation,
which corresponds to the particle sub-model (see Part II [44]). Addi-
tionally, the values of X4 and K., had a considerable influence on the
model results. On the bottom-right corner of Fig. 13, we included the
model predictions assuming the set of assumptions for hydrodynamics
from Romano [40]. The simulation values of E,p were much higher
than those calculated from the empirical data, indicating that the set of
hydrodynamics assumptions typically used in the literature overpredict
our experimental results.

4.2. Inventory and fluidization regime

The fast fluidization regime is sometimes associated with a loss of
inventory. One possible explanation for this is that the onset of the fast
fluidization regime generates sudden increases in entrainment, which
are not always possible to counteract, thus causing an inventory loss. For
further testing and for the design of a commercial facility, this aspect
should be considered. For this, we suggest predicting the fluidization
regime in advance for the different operating conditions. This can be
done following the methodology from Section 3.1. If regime transitions
are expected in operation, control strategies should be studied and
implemented effectively. For this, the design of cyclones and coupling
elements is crucial.

During the different test campaigns in the 300-kWy, pilot plant, two
different particle sizes were tested (see Section 2). In this work, we
evaluated the operating points using the fine fraction. For this PSD, we
had more entrainment issues. In general, the operation with coarser PSD
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Fig. 14. Stability of the pilot plant in the turbulent fluidization regime for two limestone PSDs (left) and influence of the fluidization regime in the carbon capture

efficiency and the inventory (right).
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Specific inventory:

was characterized by higher stability. This can be explained by
analyzing the operation window of the turbulent regime in the Grace
diagram of Fig. 14. For the fine particles used in this work, the gas ve-
locities corresponding to the turbulent fluidization regime were
3.4-5.1 m/s, while for the coarser particles, the operating window was
3.6-6.1 m/s. On top of the wider range of stable operation, the carbo-
nator was designed to operate between 2.5 and 7.0 m/s [64]; thus, the
system with coarser particles operates closer to the maximum design
velocities, which improves the performance of the fluidization nozzles at
the bottom of the reactor.

During our experimental investigations, we obtained higher capture
rates operating in the turbulent fluidization regime (see Fig. 14, right).
For higher velocities, beyond the onset of fast fluidization, it was not
possible to achieve more than 75 % capture efficiency. Our model pre-
dicts the capture efficiency in this region with acceptable accuracy but
shows a slight positive bias. This may be caused by the loss of the contact
efficiency due to the transition into the fast fluidization regime that is
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not captured by the model, as k., is kept constant. The lower perfor-
mance cannot be explained by changes in the inventory.

Charitos et al. [29] compared two CaL test rigs. One of them was
operated in the turbulent fluidization regime (INCAR-CSIC), whereas
the other was operated in the fast fluidization regime (IFK). They
concluded that the operation in both regimes is possible but reported
that the gas-solid contact efficiency of the turbulent bed was 62 %
higher than that of the fast-fluidized reactor. Our results point in the
same direction.

Recently, Diego and Arias [43] reported better carbonator perfor-
mance for lower gas velocities, based on experimental results from a 1.7-
MWy, CaL pilot facility. They explained that the inventory reduction due
to increased entrainment was the cause of performance loss at higher
velocities. Nevertheless, with appropriate reactor design and coupling
devices (taller reactor, efficient cyclones, etc.) the high entrainment can
be compensated for. Our observation of a shift in fluidization regime
gives a plausible explanation for the significant entrainment increase
and the impaired reactor performance.

Regarding the influence of the inventory on the carbonator efficiency
(Ecarb), it is generally reported that high inventories increase CO; cap-
ture rates. We found this to be true up to a minimum threshold, after
which Ec,p is almost independent of the amount of sorbent in the
reactor. This is explained by the low contact efficiency in the dense re-
gion or bed, meaning that the lean region is responsible for most of the
CO; capture (see Fig. 7 and Fig. 16). As long as there is a minimum
amount of material to maintain a dense bed at the bottom of the reactor,
the lean region remains almost unaffected by the additional inventory.
Our observations from the reactor sub-model match the experimental
data well, which do not indicate any influence of the inventory in the
reactor performance beyond Wearh/Ar ~ 400 kg/m2 (see Fig. 15). A
similar behavior has been reported in previous experimental studies.
Diego et al. [43] observed a sharp decrease of CO5y capture capacity
below the 400-kg/m? threshold based on experimental data from a 1.7-
MWy, plant. Haaf et al. [97] indicated a good carbonator performance
for inventories between 400 and 500 kg/m? in a 1-MWy, CaL pilot plant.

A higher contact efficiency in the reactor means that sufficient CO»
capture may be achieved with lower inventories or shorter reactors.
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Lewis constant: kpewis = a ug (s71)

Fig. 17. Variation of the reactor performance with the Lewis constant (kpewis)
and with the solid concentration in the dense region (g, 4), for different reaction
rates (K;). Increasing these parameters has a negative effect on the carbon-
ation efficiency.
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Lowering the reactor inventories is desirable because of the associated
reduction in the pressure drop that the carbonator blower needs to
overcome. Shorter reactors imply lower investment costs. One objection
to operating in the turbulent fluidization regime is the lower entrain-
ment rates that may yield the sorbent circulation insufficient. Many
experimental investigations have proven the feasibility of operating
CaL-carbonators in the turbulent regime [25,26,29,116], but solid cir-
culation problems were reported in some of them [116]. If our hy-
potheses regarding the turbulent fluidization regime are correct, this
operational regime could offer advantages for CO; capture in the
carbonator.

The variation of the contact efficiency with the superficial gas ve-
locity is illustrated in Fig. 16. The results of this model using Eqgs. (44)
and (47) are displayed in red. The range of velocities achieved during
pilot operation is indicated with a red-shaded area. The model predicts a
high contact efficiency for the turbulent fluidization regime that de-
creases with the velocity. If in the transition into the fast fluidization
regime the constant k.., is reduced according to empirical data (see
Table 4), the contact efficiency is strongly reduced (not included in the
figure). With the appropriate modification of constants, our model may
be valid further into the higher regions of the fast fluidization regime.
Contrary to this, the model is not compatible with bubbling fluidization.
For this kind of operating regime, the reactor sub-model would have to
be modified (for this, see [38,65]).

The results for the lean region using Eq. (52) (black broken line in
Fig. 16) indicate an increase in the contact efficiency with the superficial
gas velocity. This is contrary to our observations of the experimental
data presented in Fig. 14. The equation relies on the assumption of a
constant decay factor for the contact efficiency (b) in the lean region,
which is independent of the velocity. This may explain the different
behavior.

The calculated contact efficiency in the dense region was signifi-
cantly lower than in the lean region. However, this does not necessarily
imply a low reactivity in the bed, as faster kinetics can be expected due
to the higher driving forces at the bottom of the reactor. The contribu-
tions of both the dense and lean regions not only depend on the contact
efficiencies but also on the CO5 concentrations and the effective resi-
dence times of gas-particle contact in each of them.

The variation of the reactor performance with the Lewis constant
(krewis = a up) and the solid concentration in the dense region (g, 4) was
analyzed using Eq. (50). The results are plotted in Fig. 17 for different
reaction rates (K;), which depend on the sorbent activity in the reactor.
The calculations yield higher reactor performance for lower values of
kiewis and & 4, which correspond to the fast fluidization regime. The
sensitivity to these parameters is higher as the sorbent becomes less
reactive, i.e., for lower K,. The values typically assumed for kyeyis and
&5, were much lower than the ones we obtained from our pilot data (see
Sections 3.1 and 4.1.1). Using these typical values in our model led to an
overestimation of the performance of our pilot plant.

Previous studies concluded that the carbonator performance has low
sensitivity to kpewis and & 4 [36,88]. This contrasts with our findings for
several reasons. Firstly, those studies utilize smaller ranges than we do.
We consider ranges corresponding to both fast and turbulent fluidiza-
tion. Secondly, it is often overlooked that as the decay constant (kpewis)
increases, the solid concentration in the bed also does. The combined
effect of increasing both variables can result in a performance loss of
more than 20 % in extreme cases. Lastly, the variation in sensitivity with
other parameters, such as sorbent reactivity, had not been discussed
before. As illustrated in Fig. 17, for lower values of K, the values
assumed for kiewis and & 4 will have a higher influence on the reactor
performance. Another parameter affecting the sensitivity is the coeffi-
cient k... Higher values of k..,y increase the sensitivity of the carbonator
performance to the parameters of the solids distribution (i.e., kpewis and
£5,d)-
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4.3. Upscaling considerations

If temperature, gas composition, and particle properties are kept
constant, the same gas velocities will yield the same fluidization regime
in the Grace diagram (see Fig. 5). This would indicate that there would
be no change in the fluidization regime from the scale-up.* For the
following discussion, the same hydrodynamics sub-model and hydro-
dynamics constants as in the previous sections are considered.

Since the models are sensitive to the diameter and the height of the
reactor, the influence of scaling up on the performance of the carbonator
needs to be assessed. In scaling up, we considered that the radial solids
distribution will change because of the dependency of the surface-area-
to-volume ratio with the reactor size (dr). When dr increases, the wall
layer becomes less important compared to the core, which is accounted
for in Egs. (54-57). This leads to a decrease in the core-wall contact area,
which previous models often neglect, resulting in an overprediction of
the reactor performance.

The variation of the carbonation efficiency with the plant scale, using
the carbonator model developed in this work, is illustrated in Fig. 18.
The reactor height (Hy) was assumed equal to 8 m up to a diameter of dr
=0.25 m. Above this value, Hy increased linearly, reaching a maximum
of 50 m as dr expanded to 10 m. For larger reactors, Hr was kept
constant due to practical operation restrictions [118,119]. The variation
of Hy with dr is illustrated in Fig. 18 (left). In Fig. 18 (left), we include
the dimensions of operational CaL pilot plants [10,12,15,64] and com-
mercial fluidized bed facilities [37, ch.2] [120,121] for comparison
purposes, using the hydraulic diameter for rectangular-section reactors.
The typical diameters for the pilot scale and commercial scale are
indicated with red (darker) and gray (lighter) areas, respectively.

We considered six scenarios with different sorbent age (y ~ Fg / Fo)
and circulation rate (Fr). The reference values in Table 5 were used as
input for the calculations, except for the parameters that were variated
for the upscaling study (dr, Hr, Fr, Fcog, and y). The results are presented
in terms of carbonator diameter (Fig. 18, middle) and CO5 mass flow
into the carbonator (Fig. 18, right). The results in Fig. 18 show a peculiar
trend for E.yp with the scale-up, decreasing up to dr ~ 1 m, increasing
beyond that, and decreasing again for dr > 10 m. The reason for this is
the varying ratio of Hy to d7. The results presented here should not be
taken as general rules, since the scale-up law used for Hr may not be
representative of scale-up conditions for every project. Instead, our re-
sults indicate that a variation of the carbonation efficiency with the
reactor geometry is to be expected, particularly due to scale-up. For
taller reactors, the carbonator efficiency is higher due to the increased
residence time with reactor height (Hr).

The influence of additional variables is illustrated in Fig. 19. Here,
five parameters were variated linearly within the boundaries reported in
Table G.1. The specific circulation rate was Fr/Fcoz = 10, and the sor-
bent age was y = 50. The rest of the inputs were specified from the
reference values of Table 5. The parameters that most affect the reactor
performance are the particle diameter (d,50) and the specific core-wall
exchange coefficient (k). The bigger the particles, the lower the car-
bonator efficiency. Furthermore, a wider particle size distribution (PSD)
may yield better reactor performance (see [52]). Higher values of kc.y
yield higher values of Ec,p, (see Fig. 7). The strong influence of k¢.,y in

4 Wang et al. [117] analyzed the fluidization regimes of circulating fluidized
bed (CFB) combustors using empirical data from various studies. They
concluded that this type of commercial boilers operates in a so-called bubbling-
entrainment bed regime, characterized by a bubbling dense bed and a fast-
fluidized freeboard. Contrary to CFB combustors, carbonators exhibit narrow
particle size distributions (PSDs) and do not utilize secondary combustion air.
Because of these differences, we do not expect a bubbling-entrainment bed
regime in commercial carbonators. The reader is referred to the work of Kunii
and Levenspiel [35] to adapt our model to bubbling-bed and pneumatic-
transport operation, if necessary.
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Ecarb indicates that the fluidization regime can be decisive in achieving
high CO4 capture rates. Carbonators operating in the turbulent fluid-
ization regime (higher k..,,) will perform better than those operating in
the fast fluidization regime (lower kc.y,).

5. Conclusion

In this work, a carbonator model has been developed, including
novel approaches to modeling hydrodynamics and reactor performance.
The validation was carried out using results from test campaigns in the
300-kWy, indirectly heated carbonate looping (IHCal) plant at the
Technical University of Darmstadt. The model was used to analyze
carbonator behavior and scale-up issues for carbonate looping (CaL)
technology.

19

Our findings regarding carbonator hydrodynamics fit the famous
Aristotelian expression stating that a minor mistake in the beginning
leads to a major mistake in the conclusions [122]. If reactor hydrody-
namics are not properly modeled considering riser characteristics and
operating conditions, the carbonator model may fail to predict the
reactor behavior accurately. However, simulation studies dealing with
carbonator hydrodynamics often select the model constants without
enough explanation. With our experimental data, we found that an error
in the constants for the axial solids distribution in the carbonator leads
to a considerable overestimation of the capture efficiency. A mistake of
this kind in the design of a commercial facility would have significant
economic implications.

In this study, we also found that carbonators operating in the tur-
bulent fluidization regime profit from higher gas-solid contact
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efficiency, meaning that sufficient capture can be achieved with more
tolerant specifications, enabling potential cost reductions. Nevertheless,
turbulent fluidized bed reactors exhibit lower entrainment rates than
fast-fluidized beds. Many studies proved the feasibility of operating
carbonators in the turbulent regime, but solid circulation problems were
reported in some of them. If these problems are solved, the operation in
the turbulent fluidization regime may become the preferred option for
carbonator operation.

Many of the modeling assumptions found in the literature of carbo-
nator models lead to overprediction of our pilot plant experimental data.
Our study presents guidelines for accurate carbonator modeling,
including a methodology for deriving model constants from empirical
data, improved gas-solid contact equations, and a thorough discussion
of fluidization regimes. If these guidelines are not taken into account for
upscaling carbonators, the first commercial plants may underperform,
even despite generous safety factors. Although we were able to validate
our model, more data is required to ensure that the model predictions
are still valid up to higher scales and for a wider range of operating
conditions. The radial solids distribution was not modeled in detail in
our study. Further work should assess whether this may affect the ac-
curacy of our model under different operating conditions, and if so,
improve the model to achieve a more detailed description of the radial
solids distribution. Additionally, there is still uncertainty related to wall
effects and particle attrition in larger carbonators. Therefore, further
experimental research in pilot and demonstration plants is still neces-
sary before the deployment of Cal and IHCaL technology on a com-
mercial scale can be realized without incurring significant risks.

CRediT authorship contribution statement
Martin Greco-Coppi: Conceptualization, Methodology, Software

(MATLAB), Validation, Investigation, Data curation, Visualization,
Writing — original draft, Writing — review & editing. Jochen Strohle:

Appendix A. Calculation of dense region height

W, B, .
A _ Huesq+ / &, + (&4 — €, )exp( — a(z — Hy))dz
Aepy Hy

The integral from Eq. (17) can be solved analytically:

/”l . e Hi+ (64— ¢€))

€, + (&4 — ¢, )exp( — a(z — Hy) )dz =

Hy " afl —exp(—aH)]
Thus:
Wearb . « 1 —exp(—aH)
ﬁ = Hgésq+ e, H + (6,0 — €,) — Y

The equation can be simplified using the solid concentration at exit:

Wcarb Esd — Esout *
F = T+Htes.d —H (es,d - 55)

s

Research Paper IV

Chemical Engineering Journal 500 (2024) 155119

Writing — review & editing, Supervision, Project administration, Fund-
ing acquisition. Bernd Epple: Supervision.

Declaration of competing interest

Martin Greco-Coppi, Jochen Strohle, and Bernd Epple have patent
“Apparatus and Method for Producing Lime” (No. 10 2023 114 354.9)
pending to Technical University of Darmstadt and Rheinkalk GmbH, and
patent “Apparatus and Method for Producing Lime and Cement” (No. 10
2024 109 181.9) pending to Technical University of Darmstadt.

Data availability

Data will be made available on request.

Acknowledgements

The work leading to these results has received funding through the
ACT program (Accelerating CCS Technologies, Horizon 2020 Project No.
691712) within the ANICA project (ACT Project No. 299653). Financial
contributions were made by the German Federal Ministry for Economic
Affairs and Climate Action (BMWK Project No. 03EE5025). The authors
would like to thank Diethelm Walter (Lhoist Germany Rheinkalk GmbH)
for providing the Messinghausen limestone samples, Paul Bickel
(Technical University of Darmstadt) for assisting in the data curation of
experimental results, Matteo C. Romano (Politecnico di Milano) for
sharing the MATLAB code from his carbonator model, Alina M. Greco-
Coppi for proof-reading this article, and the team of the University
and State Library Darmstadt for their help in gaining access to primary
sources. Finally, Martin Greco-Coppi extends special thanks to Juan
Carlos Abanades (Spanish National Research Council) for the fruitful
discussions on carbonator models.

(A1)

(A.2)

(A.3)

(A4

For high reactors (Hy>TDH), a simplified equation can be found setting & out ~ e;:

Wcarb Esd — €, *
~ S )
~ +H[85‘d - H1 (Es.d - Sx)
Ap,

s a

Since £, < &5.4:
Wcarb 1

Hy~-—— @ -
T A (ea-e) a

(A.5)

(A.6)



Research Paper IV 157

M. Greco-Coppi et al. Chemical Engineering Journal 500 (2024) 155119

Appendix B. Derivations of specific core-wall areas

The core-wall area in the dense region (Ac.w,q) is calculated using Eq. (22) and assuming & is constant throughout the dense region —in this
assumption, we followed [35].

Ac-w,d =T dc Hy (B]-)
Acwa = n83° dr Hy (B.2)
Thus, the specific core-wall area in the dense region (dc.w,a) i M3 erpnase/ Mieactor 15:

Aewa = 489° dt (B.3)

For the lean region, since § variates with the height of the reactor, the calculation of the area A..,, requires an integration:

-Hy
Acs = / 7 dei(z) dz B.4)
0

Using Eq. (22):

H
Acw) =nmdr / \/6(2) dz (B.5)
0

An analytical result can be found by considering the surface of a truncated cone. With this simplifying assumption:

Ac-w,l ~ [7[ (dc‘d + dc.out) /2 }Hl

Here, d. 4 and dc oy are the core diameter at the dense region and the reactor outlet, respectively. Using Eq. (22),

Acw1 7 0.5 7(89° + 8%3) dr Hy (B.6)

out

Dividing by the corresponding reactor volume, the specific core-wall area in the lean region can be found:

Aewy & 2(83° +805) dyt (B.7)

out

Appendix C. Governing differential equation of the reactor sub-model

From the point of view of the reactor (gas), the binding of CO; in the carbonator follows a first-order reaction, according to Eq. (33). Dividing by the
volume of gas, this equation can be expressed in terms of variation of concentration driving force with Eq. (32).

Ccoz = Ncoz / Veas (c.n
Ccoz — Ccoz.eq = Ncoz/ Vigas — Ceozeq (C.2)
d(Ncoz/Vigas — Ceoeq) /dt = d(Ceon — Ceozeq) /dt = dC/dt (C.3)

Assuming constant equilibrium concentration and constant gas volume, the equation simplifies to:

choz/dt = ngd@/dt (C4)

Using Eq. (C.4) in Eq. (33):
d€/dt = — (Vsa/ Vias) K:C (C.5)

The volume relation between the potentially active solids and the gas can be expressed as follows.

Vsa_'fvs_Atesgdz_esf%

= = C.6
Vgas Vga_; A[ Uy dt Up dt ( )

Here, the departure from the ideal plow-flow reactor is considered using a gas-solid contact efficiency (). Finally, using Eqs.(C.6) and (C.5) gives:

d€/dz = —n K, € £ &/u, (C.7)

21
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If &5 and 5 are constant throughout the height of the reactor, an analytical expression for the integral form can be found:

Cour = (SineXp( -nK. Treactor) (C.8)
Here, the characteristic time is:

Treactor = 565HT/uo (Cg)

Appendix D. Approximation of carbonator efficiency

1- @our/@in =1- (yCOZ,out *}’coz,eq)/(}’coz.in *)’coz,eq> (D.1)
The carbonator and the equilibrium efficiencies can be approximated as:
Ecarbeq = 1 — (.yCOZ.eq/.yCOZin) = (.Ycoz.in *.Ycoz.eq> /.yCOZin (D.2)

Eearp =1 — (yCOZ,out/yCOZ,in) = (yCOZ,in _yCOZ,out> /Ycozin (D.3)

Using Egs. (D.2) and (D.3) in Eq. (D.1), the following approximation is obtained:
1- Q:out/(s:in ~ Ecarb/Ecarb.eq (D4)

Appendix E. Contact efficiency of the lean region in Romano’s model

The final expression to calculate the contact efficiency in the lean region using Romano’s approach [40] can be obtained by solving the following
integral:

Int. — /OH' [ + (e — € )exp( —az)] [1 - (1 — ng)exp( — bz)] dz E1)

Integrating Eq. (E.1) yields:

H, e . &q—E 1—exp(— (a+b)H)
Int.=—|1-=2(1-7)——= (1 - E.2
ne =1 g - S gy LR (®2)
Integrating, using Eq. (10), an expression for the outlet concentration is found:
. . € . &g—E 1—exp(— (a+b)H)
Coue = € -Kn|l-2(1-7)——-=2(1- E.3
= Gaenp{ K121 - S5 (1 - TR ©3)
With
7 = EgH /up (E.4)
Appendix F. Correlations for core-wall exchange coefficient
Bi [107] recommends the following correlation from Patience and Chaouki:
ke-w d .
D—T4(¢ /dr) = Sc®® ReS”® [G,/(p, uo) |**® (F.1)
s
Using Eqgs. (54-56):
Ke-w Ge-wa = ke-w 4 dc d;> = d;* Dy S¢°° Re” [Gy/ (p o) |**° (F.2)
An expression for K.y, is:
Kew = d;? Dy Sc®® RV [Gy/(pun) | (F.3)

And for k.-
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-1 0.5 1 ,0.75 0.25
ke-w = 0.25 dc D, Sc Rep [Gs/(ﬂxuo)] (F.4)
Appendix G. Range of variation for the upscaling parametric study
The range of variation of the parameters considered in the calculations of Fig. 19 is displayed in Table G.1.
Table G1
Range of variation of parameters for Fig. 19.
Parameter Best case Base case Worst case Unit
Specific core-wall gas interchange coefficient ke-w 0.3 0.158 0.015 m/s
Inlet CO, concentration YCo2,in 0.18 0.12 0.8 vol%wp
Superficial gas velocity uo 2.5 4 5.5 m/s
Solid volume fraction in the dense region £,d 0.15 0.30 0.45 -
Mean particle size dp 50 127 227 327 pm
Lewis constant ki ewis 4 8 12 1/s
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Short Summary

In this work, we present a novel particle sub-model to predict the carbonation behavior of CaO for
CO; capture in a CaL process. The sub-model deals with sorbent deactivation and reaction kinetics.
We follow an original approach to non-ideal calcination and introduce a new calculation
methodology for sorbent aging that considers fluctuations in sorbent circulation and make-up
rates. The sub-model presented in this article is used in conjunction with the reactor model of
Research Paper IV to predict the CO, capture efficiency of a CaL pilot plant. The results of the
particle sub-model were validated with experimental data from thermogravimetric analysis (TGA)
and pilot tests at the 300-kWy, scale. Our study provides new insights for more accurately selecting
assumptions and better modeling sorbent behavior in CaL systems.
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Pilot testing

Carbonate looping (Cal) is a promising technology for CO5 capture from carbon-intensive processes. The per-
formance of CaL strongly depends on sorbent kinetics and carrying capacity. In this work, we present a novel
particle sub-model to predict the carbonation behavior of CaO for CO, capture in a CaL process. The sub-model
deals with sorbent deactivation and reaction kinetics. We follow an original approach to non-ideal calcination
and introduce a new calculation methodology for sorbent aging that considers fluctuations in sorbent circulation
and make-up rates. The sub-model presented in this article is used in conjunction with the reactor model of Part I

[1] to predict the CO; capture efficiency of a CaL pilot plant. The results of the particle sub-model were validated
with experimental data from thermogravimetric analysis (TGA) and pilot tests at the 300-kWy, scale. Our study
provides new insights for more accurately selecting assumptions and better modeling sorbent behavior in CaL

systems.

1. Introduction

The carbonate looping (CaL) or calcium looping process [2] has been
widely investigated for over two decades. Extensive experimental and
modeling results indicate the high potential of this CO, capture tech-
nology for decarbonizing power plants and industrial facilities [3,4]. Itis
widely recognized that the capture efficiency of the process is heavily
influenced by sorbent kinetics and carrying capacity, both of which
strongly depend on sorbent make-up and circulation rates [5-7]. Car-
bonator models are essential for linking these parameters to predict
reactor behavior and effectively scale-up CaL plants. However, experi-
mental and modeling results often exhibit contradictions across different
studies. Furthermore, previous assumptions are generally incorporated
into new models without critically assessing the studies on which they
are based. This issue is not consistently addressed when incorporating
particle sub-models into carbonator models.

Considering the interconnectedness of the carbonator and the
calciner is crucial for developing a comprehensive CaL. model. This is
especially true for the indirectly heated carbonate looping (IHCaL)
process, which uses an external combustor to generate the heat for
calcination [8]. Indirectly heating a calciner has been proposed previ-
ously, including the use of solar energy [9], fuel combustion [10], and

electricity [11]. Some indirect-heating methods involve the use of
conductive walls [10,12] and solid carriers [13]. The calciner in the
IHCaL plant at the Technical University of Darmstadt (TU Darmstadt)
uses heat pipes, which efficiently transfer heat via evaporation and
condensation of a working solid (i.e., sodium, in this application) [14].
The IHCaL with heat pipes provides the advantage of a high-purity
sorbent circulation stream, which is not contaminated by in-situ com-
bustion in the calciner, unlike in oxy-fueled CaL [15]. However, high
calcination temperatures should be avoided to prevent damaging the
heat pipes. Therefore, a precise model of the calciner’s influence on the
carbonator operation is required. Developing this model is the objective
of the current study.

Despite reported challenges in achieving high calcination efficiency
across various operating conditions, the impact of calcination degree on
carbonator performance is not fully understood yet. Rodriguez et al.[16]
identified low calcination efficiency as a possible cause for carbonator
performance drop in a 30-kWy, CaL test facility. Haaf et al. [17] reported
a reduction in calciner efficiency associated with low calcination tem-
peratures in a 1-MWy, CaL pilot plant using waste-derived fuels to fire
the calciner. Reitz et al. [18] disclosed difficulties in achieving high
calcination efficiencies in a 300-kWy, indirectly heated test rig. Rodri-
guez et al. [19] used a simplified CaL process model to explain that
lower calcination efficiencies affect carbonator performance by

* The first part of this work (Part I: Hydrodynamics and reactor model) is available at https://doi.org/10.1016/j.cej.2024.155119.
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Nomenclature

Latin symbols

A Constant for the make-up function of Fig. 7 (mol/s)

ag Area-to-volume ratio of the gas diffusion layer (m?/m?®)
C1; Co Variables for analytical integration in Appendix A (1/s); (—)
¢ CO,, concentration driving force (see Eq. (4)) (mol/m?)
¢ Equivalent CO, concentration driving force (mol/m?)

Cco2; Cco2,eq CO-2 concentration; for equilibrium conditions (mol/m?)

Dcozair  CO- gas diffusion coefficient in air (m?/s)

d, Particle diameter (m)

dp 50 Mass-median particle diameter (m)

E( Particle residence time distribution (1/s)

Ecarp Carbonator efficiency (%)

Seale Calcination efficiency (—)

fearb Degree of carbonation relative to the sorbent activity (Xy) (—)

Fcog; Fsoz Molar input rate into the carbonator of CO; of SO5(mol/s)

Fg; Fo Molar sorbent circulation rate; make-up rate (mol/s)

h Thickness of the CaCOj3 layer formed around CaO (m)

Hr Total reactor height (m)

k Sorbent deactivation constant for Eq. (26) (—)

k' Sorbent deactivation constant under the presence of
CaSO4 (-)

ky Diffusion-controlled rate (m3/m2/s)

ks K, First-order global rate constant for the particle sub-model;
reactor sub-model (1/s)

Ko Zero-order global rate constant for the reactor sub-model

(mol/m3/s)

kyi; kii; Ke; Ky First-order carbonation reaction constant for the
particle sub-model; average for the particle sub-model;
for the reactor sub-model; average for the reactor sub-
model (1/s)

ks First-order intrinsic kinetic constant for the carbonation in
the fast stage (m*/mol/s)

Ky First-order kinetic constant for the carbonation in the fast
stage (m>/mol/s)

Kgp First-order external diffusion constant (1/s)

M; Molar mass of component i (kg/mol)

M, Molar mass of the potentially active solids (kg/mol)

t . . .
n& s Nensos Molar inventory of CaSOy in the carbonator; in the

entire system (mol)

ng Total sorbent inventory in the system (molc,)

T carb Total sorbent inventory in the carbonator (molc,)

N Number of complete cycles or particle age (—)

P Pressure (Pa)

PV; PV, Pore volume of used sorbent; pore volume of fresh

sorbent (m3/g)
Dco2; Pcoz,in; Pcoz,eq Partial pressure of COy; at carbonator inlet; for
equilibrium conditions (Pa)

To; Ty Initial calcination rate (1/s); per unit of specific
surface (nm/s)

r(N) Fraction of particles that underwent N complete cycles
(particle age distribution) (—)

R? Coefficient of determination (—)

Repms  Particle Reynolds number at minimum fluidizing
conditions (—); Rep mf = dp U pg / 1

Sh Sherwood number (—); Sh = k, d,, /Dco2-air

Sc Schmidt number (-); Sc = v/Dcoz-air

S Sp; S¢  Specific surface area of aged sorbent per unit of mass (m?/ 2),
apparent volume (mz/cmg); and true volume (mz/cmf’)

Sy So,ps So,e Specific surface area of fresh sorbent per unit of mass
(mz/g), apparent volume (mz/cmg); and true volume
(m?/cm?)

t Time, residence time (s)

tiim;tim  Time until full carbonation (s); dimensionless (—)
T Temperature (of the carbonator) (K)

U Superficial gas velocity (m/s)

\%Y; True molar volume (m¥/mol)

w Angular frequency of the sine function of Fig. 7

(rad/s); w = 21/(507,)
Xcaso4; X0 X% . Molar fraction of CaSOy in the solid sorbent; in

the carbonator; in the system (mol%)

X Particle conversion (molcacoz/molc,)

Xearb Degree of carbonation after the carbonator (molc,coz/molc,)

Xeale Degree of carbonation before the carbonator
(molcacos/molca)

X, Residual activity after a high amount of cycles for Eq. (26)
(molcacos/molc,)

X, Residual activity constant under the presence of CaSO4
(molcacos/molc,)

Xn Activity of the sorbent after N complete cycles
(molcacos/molca)

Xy Average activity of the sorbent in the carbonate loop
(molcacos/molca)

Xni1 Average activity of the sorbent using TGA analysis of solid
samples from pilot tests (molc,cos/molc,)

Yi Volume concentration of gas i (vol%yyet)

Greek symbols

y Overall system age number (—); y ~ Fr/Fy

n Reactor gas-solid contact efficiency (%)

€ Emf Voidage; voidage at minimum fluidizing conditions (—)

& Solid volume fraction (also solid concentration or volume
fraction of solids) (—)

€ € Particle porosity of aged CaO (m3/mg); fresh CaO (m3/m§)

U Dynamic viscosity (Pa s)

v Kinematic viscosity (m?/s)

13 Volume ratio of potentially active sorbent (CaO and

CaCO3) to solids (—)

Pp,is Pri Particle density of i (kg/mg); true density of i (kg/m?)

Psa Particle density of the potentially active solids (kg/mg)

Ts Mean system circulation time (s)

Tscarb; 7 Mean residence time of the potentially active solids in the
carbonator (s); dimensionless (—)

Treactor ~ Reactor gas residence time (s)

7o Mean residence time of the particles in the system (s)

Abbreviations

BET Brunauer-Emmet-Teller (analysis)

BJH Barret-Joyner-Halenda (analysis)

CalL Carbonate (or calcium) looping

CFD Computational fluid dynamics

ED External diffusion

ID Induced draft (fan)

IHCal.  Indirectly heated CaL

PM Particle sub-model

PSD Particle size distribution

RM Reactor sub-model

RTD Residence time distribution

TGA Thermogravimetric analysis

TU Technical University (of Darmstadt)

Subscripts and superscripts

a Potentially active solids

calc Calciner (outlet)

carb Carbonator (outlet)

g Gas
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in Inlet

mf Minimum fluidizing conditions

out Outlet

) Particle or apparent (volume/density)
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s Solid (apparent density/volume)
syst System
t True density/ volume

reducing the amount of CaO available for CO; capture. Martinez et al.
[20] integrated Rodriguez et al.’s model into a CaL process model in
Aspen Hysys® and adjusted operating conditions to achieve 95 %
calcination efficiency. The deviation from ideal calcination resulted in a
slight improvement in sorbent activity, which seems to contradict the
system behavior observed during pilot tests. Atsonios et al. [21] inves-
tigated the influence of calcination efficiency on the carbonator under a
specific set of operating conditions. For this, they used a CFD model
coupled with an Aspen Plus® routine. They observed a significant
decline in the CO; capture rate when the CaCO3 content upstream from
the carbonator exceeded 4 mol%. However, they did not discuss how
varying the operating parameters, such as the sorbent circulation rate,
affects the carbonator’s sensitivity to calciner performance.

Sorbent deactivation increases the required make-up and circulation
rates, which affects fuel requirements and component dimensions
[22-24]. Sorbent activity decreases rapidly throughout the first
calcination-carbonation cycles and stabilizes slowly towards a residual
value that is normally smaller than 0.1. The cause of the deactivation is
thought to be the sintering of the sorbents and the associated loss of
porosity, which is enhanced by high calcination temperatures
[23,25-29]. Consequently, it is desired to operate the calciner at low
temperatures, which typically yield lower calcination efficiencies. The
overwhelming majority of sorbent deactivation models applied to CaL
systems rely on the assumption of stable operation over long periods of
time (e.g., [19]). However, this is usually not the case in pilot plant
operation, which poses challenges for the application and validation of
these models.

The objective of this work is to develop an improved particle sub-
model that can be integrated into system models of the CaL process,
alongside a reactor sub-model, for system analysis and upscaling. In this
study, our particle sub-model is coupled with the reactor sub-model
from Part I [1], which is compatible with circulating fluidized bed

(CFB) operation. Additionally, we provide guidelines for integrating it
with reactor sub-models suitable for other reactor types. For the devel-
opment of the sub-model and its validation, the results from pilot tests in
an [HCaL plant at TU Darmstadt are used. Our sub-model includes a new
methodology to consider the influence of calcination performance on
the carbonator efficiency. Furthermore, we introduce a novel approach
to modeling sorbent deactivation that predicts sorbent activity under
fluctuating operating conditions. In this study, we validate our model
using experimental data and discuss our main findings regarding sorbent
particle modeling.

2. Experimental
2.1. Pilot tests

Experimental data and results from pilot tests at the IHCaL plant of
the Technical University of Darmstadt [2] were used to develop and
validate the carbonator model. The pilot plant has a nominal scale of
300 kWy,, which corresponds to the amount of flue gas entering the
carbonator for COy capture [30].

Fig. 1 is a flow diagram of the pilot plant. The carbonator is the
reactor where the CO; capture occurs through the carbonation of CaO
(sorbent). It has an internal diameter of 250 mm and an internal height
of 8 m. In Fig. 1, the carbonator with its internal circulation path is
outlined in red. The carbonated sorbent flows into the calciner through a
cone valve, where the CO; is released as the temperature increases to
approximately 900 °C. The sorbent exits the calciner with a high content
of CaO and flows back into the carbonator closing the solid loop. A
sorbent sampling port is located at the cone valve. This enables the
determination of the carbonation rate of the sorbent downstream of the
carbonator using solid samples. Over 60 samples were taken throughout
the pilot tests in 2015. The time corresponding to each sample is
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considered a balance point for the analysis and the validation within our
study. A detailed description of the pilot plant is available elsewhere
[18,31-33].

Pilot plant data and results relevant to this study are reported in
Fig. 2. The CO4 partial pressure at the carbonator inlet varied between
10 and 15 kPa throughout the test campaigns (see Fig. 2.a). To inves-
tigate the deactivation of the sorbent through sulfation, SO, was injected
into the carbonator. The molar flow rate of injected SO, and the
calculated concentration of CaSOy4 in the solid streams is reported in
Fig. 2.b. These values, calculated using a molar balance (see Section
3.2.2), were validated against the composition of solid samples obtained
from the sampling point located at the cone valve.

The limestone used for the investigations came from a query in
Messinghausen, Germany. The mean particle size of the fresh material
was ca. 180 pm. This sorbent has been used in other pilot tests of our
research group [17,34,35]. The PSD of the fresh material and the spent
sorbent are reported in Part I [1], including a discussion on particle size
and attrition (see also Section 3). Information on the composition and
other properties of the Messinghausen limestone is available in previous
publications [1,15,31].

2.2. Sorbent deactivation

Thermogravimetric analysis (TGA) was used to characterize the
sorbent deactivation. The studied sorbent was the finely ground Mes-
singhausen limestone that had been used in the pilot tests (see Section
2.1). The analyses were performed using an STA 449 F3 Jupiter appa-
ratus from the company Netzsch [36]. It is a TGA device with two oven
systems. The oven system utilized in this work comprises an isolated
chamber that can be heated. The sample carrier is located within this
chamber, where a crucible with the sample to be tested is housed. The
temperature can be controlled by means of electrical heating elements
and a temperature sensor up to 1100 °C. In this oven, the input gases
flow from the bottom to the top and can be controlled with mass flow
controllers to set the desired atmosphere for the experimental tests. The
crucible and the sample are weighed to quantify the phase changes and
the heterogeneous reactions occurring in the sample. Before each test, a
correction measurement was run with the same operating parameters as
the actual test with the exception that the crucible was empty. The

(a) Gas composition at carbonator inlet
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results of the correction runs were subtracted from the raw data of the
actual tests to obtain the weight change caused only by the reacting
material in the crucibles.

The testing process to characterize the sorbent deactivation is illus-
trated in Fig. 3. It consisted in the cyclic calcination and carbonation of
limestone samples up to 50 cycles. This was achieved through successive
variations of the temperature and gas composition of the oven chamber,
where 20 mg of sample were located inside of a ceramic crucible.

The temperature and CO5 concentration were set to 650 °C and 10
vol% for carbonation, and 900 °C and 0 vol% for calcination. The CO,
concentrations correspond to the inlet concentrations of the carbonator
and the calciner (air fluidization) of the pilot plant, respectively. The
concentrations were chosen to match the operating conditions of the
pilot plant. Commercial calciners may operate with much higher CO,
concentrations [37], potentially leading to slightly different deactiva-
tion profiles for real operating conditions (cf. [28,38]). However, pre-
vious studies have shown that the CO; concentration during calcination
and the calcination times have a very modest impact on the cyclic
deactivation of limestone [39].

The carbonation time was 10 min. To prevent early calcination, the
CO, concentration was increased to 90 vol% during heating. The
calcination occurred very fast; thus, it was not necessary to maintain the
temperature. To reduce the test time, the calcination and the cooling
phase were made simultaneously. This phase had a duration of 17 min.
The total run time for each test was 46 h. The tests were performed twice
and compared for control purposes.

2.3. Sorbent kinetics

The same materials and apparatus of the deactivation tests (see
Section 2.2) were also used to evaluate the kinetic behavior of the sor-
bent. Each sample for these tests consisted of 3 mg of fresh Messing-
hausen limestone. The total volume flow of gas was set to 190 mL/min to
avoid external diffusion effects. The tests were performed with the
fraction of fine limestone with particle size 106-200 um.

We performed preliminary kinetic tests with different sample masses
and particle sizes to confirm that external diffusion and pore diffusion
were not influencing the reaction rate (see Section S1 of the supple-
mentary material). This allowed us to obtain the information of the

800

20

Campai gnl C3

Campai gnl C2

I I I I Can%paign C4

)

i PO, P z
< &
2>\5 =)
S 101 2
\?/ — COZ :/
s —H,0 2
> HH 2 N
—_ SO, J >

0 ] | | | | I | 0

01 02 03 04 05 06 07 08 09 10 11 12

10 (b) Molar flow rate of SO, into the carbonator (Fso2) and CaSO, concentration (casos) 15

Campaignl C2 Campaignl C3

_— FSOZ
= L0ag04 (carbonator)

—— LCas04 (system)

I I I I Can‘lpaign C4

Zcasos (mol%)

0 | | | |
01 02 03 04 05 06

07 08 09 10 11
Mar 2015

Fig. 2. Pilot tests at the 300-kWy, IHCaL plant: (a) gas composition at the carbonator inlet, and (b) molar flow rate of SO, into the carbonator (Fso2) and CaSO4

concentration (xcaso4) in the carbonator and the entire system.



Research Paper V
M. Greco-Coppi et al.

(a) Overview of a TGA sorbent deactivation test
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(b) Detail of one cycle
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Fig. 3. Cycle test to determine the deactivation behavior of the sorbents. The displayed results correspond to the Messinghausen limestone: (a) overview of the entire
test, (b) detail of one cycle. The region corresponding to the detail is indicated with a shade in Figure (a).

carbonation kinetics depending only on the chemical rate and the
product diffusion (cf. [40]). The results of the preliminary tests are re-
ported in the supplementary material (Fig. S1). Section 3.1.1 includes
the consideration of diffusion phenomena and reaction mechanisms in
the fluidized bed, which is relevant for applying the TGA results to the
CFB carbonator model.

CO; concentrations from 6 to 15 % were tested, with carbonation
temperatures of 650 °C and 700 °C. The carbonation and calcination
testing conditions were selected considering the operating conditions of
the pilot plant (Section 2.1). The input parameters of each TGA test are
reported in Table S1. The results of the kinetic tests were used for the
validation of the kinetic model (see Section 4.1.1).

3. Modeling

The carbonator model comprises three sub-models: the hydrody-
namic sub-model, the reactor sub-model, and the particle sub-model.
The particle sub-model is used to determine the global reaction rate
(K;), which is necessary to calculate the CO, capture efficiency in the
carbonator. In this section, the development of this sub-model is pre-
sented. The complete structure of the carbonator model, along with the
other sub-models, is explained in Part I [1].

In this study, we consider the particle size distribution (PSD) of the
used material because it is representative of the sorbent inside of the
carbonator during operation. The underlying assumption is that after
several hours of operation, during which attrition, fragmentation, and
entrainment occur, the particle size distribution (PSD) stabilizes and
remains relatively constant for the remainder of the pilot tests, which
lasted several days. This assumption is supported by observations from
previous pilot tests [41]. The PSD is obtained from solid samples
collected during the pilot tests (see Section 2.1), which were extracted
from the sampling port located at the cone valve (see Fig. 1). This aspect
is explained and discussed in Part I [1]. Considering the narrow
Gaussian PSD, we neglect the effects of the distribution, thus considering
all particles as having the same diameter (dp 50 = 227). Modeling or
analyzing the attrition and entrainment in the pilot plant is beyond the
scope of this article. A more detailed discussion of this aspect can be
found in Part I [1]. The reader is referred to the work of Haaf et al. [42]
to incorporate an attrition model to the carbonator model. An assess-
ment of attrition and entrainment in our pilot plant (see Section 2.1),
including PSD data and results from attrition tests, has been performed
by Reitz [33]. General considerations regarding attrition and fragmen-
tation of sorbents in Cal systems are available in the literature
[41,43-46].

3.1. The carbonation reaction

3.1.1. Reaction mechanism

The CO; capture from flue gases occurs through the carbonation
reaction, which is a heterogeneous reversible reaction that follows this
expression [47]:

COy(q) + CaOy;) 2CaCOs) )

An equilibrium correlation for this reaction (Eq. (2)) was obtained by
Garcia-Labiano [48] using data from Barin [49].

Dcozeq = 4.137 10" exp( — 20474 K /T) [Pa] (2

This expression is commonly used for modeling the carbonation-
calcination equilibrium in Cal applications [37]. We followed this
approach as well. For the carbonation to take place, the following in-
series steps need to occur (see [50,51,52]): (i) CO, mass transfer
through the gas film that surrounds the sorbent particle (external mass
transfer), (ii) internal diffusion of CO5 inside the pores of the solid (pore
diffusion), (iii) CO2 penetration and diffusion through the solid layer of
CaCOg3 that was formed by previous reaction events (product diffusion),
and (iv) COq reaction with CaO according to Eq. (1) (chemical reaction).
The first step is modeled using a gas—gas diffusion approach, but it is
generally irrelevant to the carbonation kinetics in CaL systems (see
Section 3.1.3). The second step can be neglected for typical operating
conditions of CFB carbonators for particle sizes of 70-400 pm [53]. This
is because of the large pores present in the deactivated sorbent, as
demonstrated by Grasa and Abanades [54]. To account for the third step,
we consider only the reaction kinetics on the chemically controlled fast
stage, in which the product diffusion is irrelevant. It is well known that
beyond this stage the kinetics are considerably slower (slow stage) due to
limiting product diffusion [40,55]. We assume that no further reaction
occurs beyond the fast stage, which is a reasonable assumption under
industrial operating conditions in CFB carbonators [7,56]. The end of
the chemically controlled fast stage is marked by a specific carbonation
degree, known as sorbent activity (Xy), beyond which the product layer
becomes thick enough to limit the reaction kinetics [57]. The value of Xy
depends on the number of complete calcination-carbonation cycles the
sorbent has undergone. For a thorough discussion on the effect of partial
calcination or carbonation on sorbent activity, the reader is referred to
the study from Rodriguez et al. [19]. The calculation of the sorbent
activity is discussed in Section 3.2. The fourth step (chemical reaction) is
modeled in Section 3.1.4.
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3.1.2. Reaction order

The carbonation reaction is considered first-order with the CO,
driving force up to at least 10 kPa [40,58,59]. However, there is no
consensus on whether or not there is a shift to zero-order kinetics beyond
this pressure level [5,60]. Grasa et al. [54] suggested that the first-order
dependency is maintained up to 100 kPa. Recently, Scaltsoyiannes et al.
[61] provided a considerable amount of data from TGA analysis that
points in the direction of a first-order reaction at least up to 101 kPa.
They used different CaO-based sorbents and reported the same behavior
for all of them when adjusting their model to consider the presence of
inert compounds.

Contrary to the intuition of Grasa et al. [54], Sun et al. [58] suggested a
shift to zero-order for CO, partial pressures starting at ~ 10 kPa. They
supported their assumptions with a dataset of around 15 pressure points
from 5 to 100 kPa, for two temperature levels (600 and 850 °C), and two
types of sorbent (Strassburg limestone and Artic dolomite) —totaling more
than 60 relevant runs. Results from Kyaw et al. [62] suggest zero-order
dependency for 20-101 kPa. Bhatia and Perlmutter [40] reported first-
order dependency with CO, concentrations up to 1.5 mol/m>® ~ 10 kPa.
On top of this, they presented a significant number of data points showing
that the conversion over time exhibited the same behavior when only the
CO; concentration was changed from 10 to 42 %, with all other parameters
remaining constant.

For the above reasons, we believe that a reaction order shift at
pressures higher than 10 kPa in the carbonation of lime cannot be
excluded. More experimental data and comparative analyses are
required to clarify the explained disagreement in the literature. In the
case of our operating conditions, the CO, partial pressure of the gas
entering the carbonator was ~ 10 kPa, meaning that a major part of the
reaction happens at pressures lower than the limit of reaction shift.
Because of this, we adopted a first-order model without shifting to zero-
order kinetics. The first-order conversion is described mathematically
with the following differential equation:

dx -

—=k ¢ 3
i 3
Here, X is the particle conversion (carbonation), k is the global reaction
rate for the particle sub-model, and € is the driving force. The driving
force (&) depends on the CO, concentration (Ccoz) and the equilibrium
CO; concentration (Ccoz,eq) according to the following expression [1]:

€ =Ccoz— Ccoz,eq “4)

Some previous studies (e.g., [63]) model the order shift in the reaction
for the particle sub-model but assume constant first-order dependency in
the reactor sub-model. This inconsistency leads to mistakes in the cal-
culations, such as mismatched units. For the modeling of the order shift,
both the governing equations for the particle sub-model and the reactor
sub-model should be modified. A method for including the order shift in
the reactor sub-model is indicated in Appendix A.1.

3.1.3. External diffusion

External diffusion (ED) effects in carbonators are commonly modeled
following Abanades et al. [64]. A diffusion constant (Kgp) is calculated
from the area-to-volume ratio of the gas diffusion layer (ay) and the
diffusion rate (kg) [23]:

Kep = kg ag 5)
Where, for a spherical particle,
a,=6/d, (6)

Here, d, is the particle diameter. Note that the units of Kgp are mg/ (mg s),
which is compatible with the reactor sub-model [1]. In our work, we utilize
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the mean particle diameter of the samples of the pilot tests (dp,50) —this is
not the same as the mean particle diameter of the fresh material—, which
was dp 50 = 227 pm [1]. The Sherwood' (Sh) and Schmidt (Sc) numbers,
which are defined in Egs. (7) and (8) [65, p.702], are used to obtain k.

Sh = kg dp/DCOZ-air (7)
Sc = v/Dcog-air ®

Here, Dco2.air represents the effective gas diffusivity of COy in air.
Abanades et al. [64] calculated Sh with a correlation introduced by
Turnbull and Davidson [66] for combustion of char and volatiles in
fluidized beds, based on the Frossling correlation [67]:

Sh = 2en; +0.95 (Repme/emr) " S ©)

This equation is sometimes wrongly reported in the literature, omitting
the voidage at minimum fluidization velocity (epy¢) dividing the Rey-
nolds number. Eq. (9) was developed by fitting data from fluidized
combustion and considers the diffusion of isolated particles. A detailed
analysis of the applicability of this equation to the carbonator operating
conditions is yet to be done. However, due to the relatively high Re (~
1), it is reasonable to assume that the concentration boundary layer
surrounding the particles is considerably thinner than the typical dis-
tance between neighboring particles. Consequently, the influence of the
particles on each other is neglected, as required for the application of Eq.
(9). A detailed study of external mass transfer in multiparticle systems,
including useful equations for obtaining Sh, was conducted by Scala
[68].

The overall rate constant (K,) for the reactor sub-model [1] can be
calculated considering the three in-series steps necessary for the
carbonation to take place [64,69] (see Section 3.1.1):

K = ((1/Kep) + (1/Ka) )" (10)

Here, Kgp is the external diffusion constant, which is obtained from the
external diffusion model, and K,; is the reaction constant for the
carbonation, which is calculated from the particle sub-model, with Eq.
(49). Note that in the case of an order shift for the reaction, the diffusion
remains first-order with the CO; concentration, thus Eq. (10) is no
longer valid.

Using Egs. (5)-(9), we find that the values of Kgp are more than two
orders of magnitude higher than those of K;; for all our balance points.
This indicates that external diffusion effects do not significantly impact
the carbonation of the sorbent. This has been observed previously by
Lasheras et al. [69]. If external diffusion effects become relevant (e.g.,
for much bigger particles), Eq. (9) may be used.

3.1.4. Particle conversion

It is well known that the CaO-carbonation kinetics are characterized
by an initial fast stage and a second, much slower, stage [40]. There is
general agreement that the shift in the reaction rate is due to the tran-
sition from a reaction-controlled regime to a regime controlled by the
diffusion in the product (CaCOs3) layer [7,47]. For engineering appli-
cations, the first stage is relevant, while the second, slower stage is
usually neglected for the purpose of CO; capture in the carbonator [56].
For this reason, we considered only the fast stage in our model.

The many definitions of density

! Note that previous works on carbonator modeling wrongly define the
Sherwood number. The correct definition is given in Eq. (7).
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For studies with porous reactants, there are two density definitions to
consider [65,70-72]. The (i) true density (p) —also real density, skeletal
density,” crystal density, or absolute density— is the “ratio of particle
mass to particle volume excluding all pores, closed or open, and surface
fissures” [72]. It can be measured through helium displacement; thus, it
is sometimes called “helium density”. The (ii) particle density (p,) —also
envelope density, buoyant density, or apparent density— is calculated
by dividing the mass of solid particles by the volume including particle
porosity and excluding the interstitial volume, i.e., the volume between
the particles. Normally, the displacement of mercury or a fine powder is
used to calculate the particle density. Throughout this work, the true
density is intended, except when noted explicitly. In case of ambiguity,
we use the subscripts ‘t” for true density (and volume) and ‘p’ for particle
density (and volume).

Model for the kinetically controlled fast stage

There are many particle models used for carbonation in the fast
stage. A systematic review on the subject was performed by Fedunik-
Hofman et al. [60]. Further information about different models can be
found in the work of Martinez et al.[5]. In our work, we use the grain
particle model from Nitsch [73], with the rate constant calculated ac-
cording to Grasa et al. [54] to account for the deactivation. This
approach is widely used for carbonator modeling [56,74-76]. With
these considerations, the differential equation for the conversion up
until the maximum carrying capacity has the following form:

ax
dt

=ke(1 — X)?%C a1

Here, k, is the first-order kinetic constant for the carbonation in the fast-
reaction stage in mg/molg/s, which depends on the specific active sur-
face area of the particle (Sp:

ke =k, S, 12)

Where S; is calculated with the following equation:
Se = Xy (1/h) (Varcacos/ Vicao) 13)

Here, S; is expressed in mgcﬁve/m?; Xy is the maximum achievable
conversion, dependent on the number of complete calcination-
carbonation cycles (N); k; is the intrinsic kinetic constant in the fast-
reaction stage; and h is the thickness of CaCO3 formed around CaO.
The intrinsic kinetic constant was found to be ks ~ 5.95 10 1%m*/(s mol)
[40,54,58]. The parameter h is approximately equal to 50 nm, according
to the measurements of Alvarez and Abanades [57]. The true molar
volumes (V) of CaCO3 and CaO are 36.9 cm/mol and 16.9 cm$/mol,
respectively [40]. With numerical values:

S¢ = Xn(43.7 10° m*/m?) a4

The specific surface area can also be expressed per unit of mass (S) and
in terms of particle volume (S,). The equivalences between these pa-
rameters are given by:

§ = St/PCao.t (15)
Sy =S(1—¢) (16)

Here, € is the particle porosity of CaO, in m3/rng, which establishes the
relation between the true and the particle density:

Pcaop = Pcaot(l — €) 17)

2 The skeletal density is the “ratio of the mass of discrete pieces of solid
material to the sum of the volumes of the solid material in the pieces and closed
(or blind) pores within the pieces” [72]. Strictly, this, and not the true particle
density, can be measured by penetration, since the gas cannot penetrate inside
of the blind pores.
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Other models in the literature propose different ways of obtaining k.
Abanades et al. [64] used the following expression [40], which was
followed by others [69,77]:

Se = Xu Sot =Xy Sop/(1 — €o) (18)

Here, S, is the initial specific surface area in mgctive/mg of fresh CaO,
and ¢ is the initial particle porosity of fresh CaO, which is generally
assumed ~ 0.5. In numbers, using So, = 17 mgcﬁve/crng [40,69], this
gives:

ky = ks Xy (34 10° m? /m®) 19

The models are equivalent (see Eq. (14)). If there is no data of sorbent
active surface, we recommend setting Sop = 17 mz/cmg (conservative
value) or applying Eq. (14) when a particle model of the form presented
in Eq. (11) is used. In our model, we follow this last approach because it
better predicts our TGA data and the data available in the open literature
(see Section 4.1.1). In summary, the expression we use to calculate k, is:

ky = k¢ Xy (1/h) (Vacacos/ Varcao) (20)

The conversion progress with time can be found by integrating Eq. (11).

In our work, we consider the influence of partial calcination by setting

the starting conversion equal to the average conversion of the particles

exiting the calciner (Xca1c). Thus, the lower boundary for integration is X
(t = 0) = Xcale, yielding:

3

X0 =1-[(1 X = E/3)t| s < tim

2D

X(t) = Xn; t > tim

Where t}i,, the time required to achieve the maximum conversion (Xy),
is given by:
tlim = (B/kx(s) [(1 - Xcalc)l/3 - (1 - XN)1/3 ] 3 Xcalc < XN

(22)

tim = 0, Xcalc > Xy

For Xcalc values higher or equal to the maximum conversion, tj, be-
comes zero and no CO; can be captured. If X4 is zero, Egs. (21) and
(22) become analogous to those found by Romano [56] assuming
complete calcination in the calciner.

Fitting constants

Despite intense study of CaL systems, there are only a few publica-
tions providing kinetic constants based on experimental data. Histori-
cally, the work of Bhatia and Perlmutter [40] has been one of the most
important references in this regard. They fitted a random pore model
using data from TGA, with particles having So, = 14-25 mz/cmﬁ.

Sun et al. [58] used CaO with an active surface area twice as large as
that analyzed by Bhatia and Perlmutter—but similar total pore vol-
ume—, as shown in Table 2. Under the same operating conditions, the
carbonation rates were very similar because the higher specific surface
of CaO in [58] compensated the slower rates per unit of surface area (r)
(see Appendix A.6).

In a recently published work, Scaltsoyiannes et al. [27] analyzed four
different CaO-based sorbents using a lab-scale fixed bed reactor. They
achieved good agreement between simulations and experiments using a
modified random pore model with the same kinetic parameters for the
different sorbents, thus demonstrating that the kinetic behavior is in-
dependent of the inert materials. Interestingly, their results match those
obtained by Grasa et al. [54] with a very different experimental set-up,
based mainly on TGA measurements. This confirmation, along with the
substantial experimental data reported in their work, establishes Scalt-
soyiannes et al.’s model as one of the most reliable for carbonation re-
action modeling in the fast stage.
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Fig. 4. Comparison of the initial reaction rate predicted by different models: Bhatia & Perlmutter [40], Scaltsoyiannes et al. [27], Grasa et al. [78], and Sun et al.
[58]. The shaded red area represents the complete range reported by Bhatia & Perlmutter [40].

In terms of industrial applications, the initial reaction rate (rp) is of
utmost importance in the characterization of the kinetic regime. Math-
ematically, ry is (see Eq. (11)):

r = d)(/dt‘t:[) (23)
If ro is known, a simple kinetic model can be used to predict carbonation
accurately in operating times and conditions relevant for CaL applica-
tions. Since it is generally accepted that ry is first-order dependent on the
specific active surface area, we studied the initial rate per surface r(,
defined as:

o =To/S: (24)
The results of r; obtained using the main particle models from the open
literature are presented in Fig. 4. Here, the work from Bhatia and Perl-
mutter [40], indicated with a solid black line, is taken as the reference
model —mainly due to historical reasons and considering its utilization
in many carbonation models. The engineers from the University of
Pennsylvania fit carbonation data using pressures of 2 and 10 kPa. They
indicated a mean value of ks = 5.95 1071% m*/(mol s), which is the
standard value for this constant, despite the considerable variation
throughout their experiments. To illustrate this variation, we included a
gray-shaded area representing the entire range reported by Bhatia and
Perlmutter.

For the range 600-700 °C, which is of interest for CaL applications,
the values from Scaltsoyiannes et al. [27] and Grasa et al. [78] are lower
than for the other models. As noted above, there is strong agreement
among them. Especially for higher temperatures, their kinetic rates are
close to the lower boundary of those measured by Bhatia and Perlmutter
[40]. The work from Sun et al. [58] presents reasonable agreement with
the other models for pressures lower than 15 kPa, but indicates much
slower values for higher pressures due to the reaction-order shift. The
main operating parameters and the experimental methods of the models
used in Fig. 4 are summarized in Table 1.

For the reasons presented above, we believe that the values from

Table 1
Main kinetic models: operating parameters and experimental methods.

Scaltsoyiannes et al. [27] are reliable within the range of their experi-
ments and may be used to obtain the constant ks. The corresponding
Arrhenius equation to obtain ks with this method is Eq. (25).

k;=6.08 10 (m*mol ' s7!) x exp[-22.1 (kJ/mol)/(RT)]  (25)
Since Bhatia and Perlmutter [40] fitted their data using pressures that
are more representative of the conditions inside our pilot carbonator,
we decided to use their model for our calculations and set ks = 5.95
1071% m*/(mol s) independently of temperature variations. This as-
sumes zero activation energy. Using this constant, the particle sub-
model agrees with empirical values from TGA tests (see Section
4.1.1) conducted on the same limestone that was used in the pilot
plant (see Section 2.1).

Specific surface area

The values of specific surface area and porosity of lime depend on the
calcination method and the properties of the limestone. Values for these
parameters corresponding to publications dealing with carbonation of
CaO are presented in Table 2. Higher values of surface area of more than
50 m?/g can be achieved. However, the calcination conditions necessary
for this are not feasible in CaL industrial applications. Borgwardt [79]
obtained calcines with S, ~ 104 m2/g. For this, he calcined high-purity
CaCOs at 700 °C. He indicated that active surface reduction is strongly
dependent on the calcination temperature and the amount of impurities.
In addition, the presence of CO, and HyO was found to catalyze the
sintering that reduces the active surface area of CaO [80,81].

Throughout the literature, surface areas per unit of volume are re-
ported either in terms of true volume or in terms of particle volume. In
some cases, it is not clearly stated which convention is used, leading to
mistakes in carbonator models due to confusion between S, and S,. We
hope that our work, especially the information in Table 2, will help
prevent inaccuracies in the future.

Surface areas of used-sorbent samples from our pilot tests (see Sec-
tion 2.1) were obtained through Brunauer-Emmett-Teller analysis (BET)
[82]. Values of S'~ 2 m?/g were measured for samples with activities of
~ 0.1 [33]. With equation Eq. (13), using the mean value of Xy, we

Reference T (°C) Pcoz (kPa) d, (pm) Sample size (mg) Experimental method
Bhatia and Perlmutter [40] 550-725 2;10* 74-8; 125-149 <13 TGA

Sun et al. [58] 500-845 3-100 38-45 <29 TGA

Grasa et al. [78] 550-750 10-100 50-75 2 TGA

Scaltsoyiannes et al. [27] 670-820 10-120 45-75 100 Fixed bed reactor

TGA: Conversion calculated through particle weight change.

Fixed bed reactor: Conversion calculated from the off-gas concentration and the known trace gas (Ar) mass flow.
" For fitting of k. Runs with pco, > 10 kPa, up to 42 kPa, were reported but were not utilized to estimate k.
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Specific surface area and porosity of lime. Experimental values and model assumptions.

Sources [limestone name] (conditions) Surface Area Porosity Method (equipment)
S'(m?/g) Sy (m*/cmy) S, (m?/cmy) e(m®/m}) PV (cm®/g)

Fresh sorbent (N = 0)

Bhatia and Perlmutter (1983) [40] Hg porosimetry (Micrometrics 910)
(0 % COy) 16 25 52 0.52 0.30-0.35
(10 % COy) 12° 19 40 0.53 0.30-0.35
(20 % CO5) 9" 14 29* 0.51 0.30-0.35

Garcia-Labiano et al. (2002) [48] (not specified)

[Blanca] 19.0 27.9% 63.5" 0.56 -
[Mequinenza] 19.4 20.7" 64.8' 0.68 -

Abanades et al. (2004) [64] 12 19.2 40 0.5 — From [40]

Fennell et al. (2007) [83] (Laboratory fluidized bed) BET, BJH. Samples sieved to separate from sand.
[Purbeck] 19-24 32-40" 64-80" - 0.19
[Cadomin] 38 63" 127% - 0.20
[Penirth] 39 65" 130" - 0.23
[Glen Morrison] 22 37" 74 - 0.22
[Havelock] 32 53 107" - 0.20

Sun et al. (2008) [58] [Strassburg] 29 48" 97¢ — 0.35 N adsorption (S); Hg porosimetry (PVy)

Bouquet et al. (2008), N =1 [84] 15 25" 50" — 0.14 BET-N, at 77 K (Micrometrics ASAP 2010);

Hg porosimetry

Grasa et al. (2009) [78]

[Imeco] 19* 35 65" 0.46 -
[Katowice] 24 42 75" 0.47 -

Lasheras et al. (2011) [85] 10° 17 34" - - From [40]

Martinez (2012) [86] Hg porosimetry (PVy) (Quantachrome Pore Master);
[Limestone A] 21 37° 70 0.478 - BET-N; at 77 K (Micrometrics ASAP 2010)
[Limestone B] 19 34" 63" 0.468 -

Scaltsoyiannes et al. (2021) [61] 17.0 35.9 56.7" - — BET-N, at 77 K; BJH (Autosorb-1 Quantachrome)

Used sorbent (N > 0)

Alvarez and Abanades (2005) [87] 0.6 1 2 — 0.15 Hg porosimetry. S estimated from PV.

(N =100)

Grasa et al. (2008) [54,56] (N > 100) 1.0 1.6 3.3 — — Eq. (13); X =0.075

Bouquet et al. (2008) [84] (N = 40) 8-10 13-17° 27-33" - 0.05 BET-N; at 77 K (Micrometrics ASAP 2010)

Pilot data [33] [Messinghausen] 1.4-2.3 2.3-3.8 4.7-7.7 0.5*% 0.002-0.004 BET, BJH; 0.03 < Xy < 0.21

This work 1.7 2.8 5.7 0.5* — Eq. (13); Xy = 0.13

BET: Brunauer-Emmett-Teller analysis [82] for S; BJH: Barrett-Joyner-Halenda analysis [89] for PV.

 They reported 40 m?/m?, but they meant 40 m?/cm?>,

¥ Our calculation with data reported in the reference using pcao: = 3.34 g/cm;3 € = 0.52[40].

" Assumption.

¥ They reported 1-2 m?/cm? for S, but in reality this range corresponds to Sy, (cf. [88]).
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Fig. 5. Sorbent deactivation for a batch of particles with the same number of
cycles (N).

obtained surface areas close to the ones measured through BET, namely
S'=1.7 mz/g (see Table 2). This supports the validity of the kinetic
model of Eq. (13) in terms of the reactivity of cycled particles.

3.2. Sorbent deactivation

Sorbent deactivation [55] is among the most influential parameters
affecting the carbonator efficiency [6,26,90]. Consequently, reliable
deactivation models are crucial for commercial deployment of CaL
technology. There are various models available in the literature [5,7,91]
to incorporate the effects of calcination-carbonation cycles in the
maximum achievable carbonation within the fast stage (Xy). We fol-
lowed the work of Romano [56] to model the deactivation, as its balance
between accuracy and complexity is suitable for our application.

3.2.1. Deactivation with cycles

The first step in simulating deactivation is to model the activity
decay of a batch of particles that have undergone the same number of
complete calcination-carbonation cycles, designated as particle age (N).
Grasa and Abanades [38] proposed a fitting function to obtain the sor-
bent activity (Xy), which is expressed in Eq. (26).

1

Xy=
YT a-X) T +kN

X, (26)
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Here, k is a deactivation constant, and X, is the residual activity after a
high amount of cycles (> 300). We obtained X, considering it equal to
the minimum activity from the sorbent samples obtained in the pilot
plant before the addition of SO (see Fig. 2.b). To obtain k, we fitted TGA
experimental data of cyclic tests (see Section 2.2) with Eq. (26). The
model results, compared with the data from TGA analysis for the first 25
cycles, are presented in Fig. 5. The values obtained for the fitting con-
stants are within the range of those reported in the open literature
[38,92], considering the variation in the carbonation temperature be-
tween 550 and 700 °C.

Some previous studies reported higher levels of residual activity X;.
Diego et al. [93] fitted a model using X, ~ 0.10 molc,co3/molc, with
empirical data from CalL pilot tests. Charitos et al. [94] indicated re-
sidual values of X, ~ 0.07 and X; ~ 0.10 for two pilot plants operating
with different types of limestone. On the other hand, Hilz et al. [95]
reported a carbonate content of 0.03-0.10 molcyco3/molc, in samples
taken from the carbonator outlet of a CaL pilot plant, which is consistent
with very low residual activities (X, < 0.03). The data from cyclic
calcination-carbonation of limestone from Barker [55] was fit with X, =
0.035 [24]. Our low X, may be explained by the carbonation conditions
in the pilot plant (see [24]).

3.2.2. Sulfation

The carbonator can be used to separate both SOx and CO; from the
flue gases, simultaneously [21]. This has the advantage of avoiding the
investment costs associated with a desulfurization unit for the removal
of SOx. The operating conditions of both the carbonator and the calciner
are favorable for the reaction of SOx with CaCOg (direct sulfation) and
CaO (indirect sulfation) [56]. However, SOx reacts with the active sor-
bent (CaO) and forms a stable compound (CaSO4) [96], thus reducing
the sorbent’s capacity to capture CO, (sorbent deactivation). The
deactivation not only occurs due to the consumption of CaO, but also
due to the blockage of pores caused by the formation of CaSO4, which
has a higher molar volume than CaO and CaCOs. Consequently, the
actual deactivation is considerably higher than the deactivation that
would be expected only from stoichiometry [97-99].

To investigate this issue, SO was injected into the carbonator during
the last part of the pilot tests (see Section 2.1). To calculate the con-
centration of CaSOj4 in the sorbent inventory, we performed the molar
balance for both the carbonator and the entire system. We assumed
complete conversion of SO into CaSO4 in the carbonator. The system

Lo E'/k
D Model
O Exp.
z
g N X7/ X:
'8 AN — — Model
N N
= N A Exp.
g 0.5 >
or N
z A _
— \A
O L
0 0.5 1

Sulfation level: zcaso4 (%)

Fig. 6. Deactivation enhancement through sulfation according to [56]. The
new deactivation constant (k') and the new residual activity (X;) are normalized
with the values without CaSOy, i.e., k and K,, respectively. The lines represent
the calculated values using Egs. (29) and (30), which were implemented in our
carbonator model. The markers (circles and triangles) indicate the experimental
data (exp.) from [99].
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balance for the S species, neglecting material loss, is:

d(nscfst04)/dt = F502 (27)
The carbonator balance gives:
d (ngsbm) /dt = Fsop — (Fr + FSO2)XEzrsbo4 + FRxScfstm (28)

Here, x&% ), and X%, are the molar fraction of CaSOy4 in the carbonator
and the system, respectively. The balance was solved numerically, using
a left rule and a time step of one second, corresponding to the interval
between data logs. The concentration values obtained are displayed in
Fig. 2.b.

We adopted the simple model from Romano [56] with data from
Grasa et al. [99] for the enhancement of the deactivation due to the
presence of SO, (see also [76]). The model quantifies the deactivation
due to the blockage of the pores caused by the formation of CaSO4. The
new deactivation constant (k') as a function of the mass fraction of
CaSO4 in the carbonator (xcasos4) is calculated with the following
equation:

K = k(1 + 29.6 Xcasoa) (29)
The new the residual activity (X,) is calculated with the following
piecewise function:

Xcasos < 0.5%

X, = X:(1 — 115 Xcasoa); (30)
Xcasos > 0.5%

X;_ = X,—(0577 —30.8 xCaSO4)§

These equations are illustrated in Fig. 6. The values of the constants in
the presence of CaSO4 are normalized using the corresponding values
without sulfation (i.e., Xcasoa = 0). The equations were obtained
through linear interpolation of the experimental data for xcas04 €qual to
0.5 % and 1.0 %. The experimental data is indicated with markers
(circles and triangles). The values obtained with Egs. (29) and (30) are
illustrated with lines.

3.3. Overadll system age

Previous deactivation models assume constant circulation and make-
up rates [91,100]. This may be sensible for the design of new facilities
but does not represent the real operating conditions in our pilot plant.
Furthermore, in an industrial facility, it may be useful to modify these
parameters to achieve different outcomes. For these reasons, it is
necessary to develop a model of the sorbent deactivation of the CaL
system with varying circulation and make-up molar rates. For the
modeling of the sorbent deactivation, we consider all the components of
the CaL system in which there is circulating sorbent: the carbonator, the
calciner, and the connecting elements (return legs, loop seals, and cone
valve).

To obtain the sorbent activity in non-steady-state CaL systems, we
use an overall system age number y —from the Greek word yijpag, i.e., old
age— that represents the overall deactivation history of the CaL system.
The variable y(t) represents the equivalent steady-state Fgr/F ratio for a
non-steady-state system with time-varying Fgr(t) and Fy(t). It is defined as
the constant Fr/Fj ratio that yields the same average sorbent activity
Xn(D) in a steady-state Cal system, assuming all other operating pa-
rameters remain unchanged. Over long-term operation with constant
operating parameters, y(t) converges to the actual Fg/F, ratio.
Mathematically,
dFR _ dFO

— =—=0= limy = Fg /F, 31

dr dr Hw}’ R / 0 (31)
In other words, y is asymptotically equal to the molar ratio of sorbent
circulation to make-up, as the operation times become very large, i.e.,
y ~ Fr/F,. This parameter y must fulfill additional requirements. Firstly,
the aging should be proportional to the circulation when no make-up is
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present, i.e., dy/dt < Fr. Secondly, when there is make-up and circula-
tion, the system age number (y) tends to the quotient of the circulation
and the make-up, i.e., Fr/Fy. Additionally, the molar inventory of the
system (n;) functions as the inertia for both the aging and the renewal of
sorbent. An expression of y that satisfies these requirements is:

d(t) _Falt) Foft) (0

dt  n(t)  ny(o) (32)

The rate of variation dy/dt depends on the circulation rate (Fg) and the
make-up rate (Fp), as well as the inventory (n,) that acts as a buffer,
dampening the variations of y. The presence of y multiplying Fy modifies
the equation so that the system age number is only reduced if Fr(t)/Fo(t)
<y (). If Fr(t)/Fy(t) > y (t), the system age number increases. Lastly, for
Fr(t)/Fo(t) = y(t), the system age number remains constant.

In our study, we adopt Eq. (32) to calculate y. We assume that our
system behaves like a steady-state system with Fr/Fy =y, in terms of the
activity of the sorbent (see Section 3.4). In the validation section
(Section 4.1.2), we show that Eq. (32) allows us to correctly represent
the deactivation behavior of our pilot plant, thus validating the
assumption.

If the molar flow rates and the molar inventory are constant and
y(0 s) = 0, an analytical expression for the integrated form of Eq. (32)
can be found:

7(t) = (Fr/Fo)[1 — exp( —t Fo /)] (33)

This expression, which is compatible with Egs. (31) and (32), was used
to analyze the behavior of the overall system age. For validation, Eq.
(32) was implemented using numerical integration, based on empirical
data for the time-varying Fg, Fo, and n;. The calculated y was used as an
input for the deactivation model to obtain the mean maximum
carbonation at the carbonator outlet at each time, i.e., Xy (t).

The average circulation time of a particle in the system (z;) is
calculated with Eq. (34):

Ts = ns/ F R (34)
During stable pilot-test operation, the molar inventory varied be-
tween 7 and 10 kmol, and the circulation rate was 4-11 mol/s. This
yields 75 ~ 19 min.

Fig. 7 illustrates the variation of y over time for different make-up
and circulation conditions. The time scale is normalized with ;.
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Fig. 7.a represents the start-up, during which, the system age number
increases until it stabilizes at the value corresponding to the Fr/F rate.
The reaction of the system to a sudden make-up reduction of 50 % is
illustrated in Fig. 7.b. Due to the reduced make-up rate, the system age
number gradually increases until it doubles its original value. The
behavior of the system for discontinuous make-up, simulated using a
sine function (red continuous line), is similar to the reference case with
continuous make-up (black continuous line), except for mild oscilla-
tions. The asymptotic value of Fr/Fy = 100 corresponds to typical
operating condition.

The results from Fig. 7 show that it would take up to several days to
stabilize the system in terms of sorbent activity after start-up (Fig. 7.a) or
significant make-up variation (Fig. 7.b). Using the definition of ,, Eq.
(33) gives:

7(t) = (Fr/Fo){1 — exp[ — (t/75) (Fo/Fr)] } (35)

In this exponential equation, the mean lifetime is the average residence
time of a particle in the system (z(), which corresponds to the average
time between its entry as make-up and its exit as purged or entrained
material. Mathematically,

To= Tls/Fo (36)

7(t) = (Fr/Fo)[1 — exp( — t/7) ] (37)
In other words, the time for the application of the changes in sorbent
activity (7o) is about two orders of magnitude higher than the system’s
characteristic time (z5), which indicates a slow response. Even though
the time required for stabilization is high, there is not much stability
penalty if the make-up is given discontinuously (see Fig. 7, red lines). In
the example, the period of the sine function representing the discon-
tinuous addition of make-up is 50 73 ~ 12 h. Yet, the corresponding
system age number shows very mild oscillations. This suggests that the
method of feeding make-up into the system does not significantly affect
stability, as long as, on average, the same amount of make-up is provided
over a period, such as a day or more. In a commercial facility, one would
expect a slow response of the activity to make-up variations. On the one
hand, this facilitates the control of the system, e.g., by allowing for
intermittent make-up feeding. On the other, the slow response may be
disadvantageous if fast changes are required, e.g., to adjust for partial-
load operation.

190 (b) Make-up reduction of 50 %
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40
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Fig. 7. Variation of the system age number (y) with the dimensionless time (t/7;) (a) after start-up at t = 0 s, and (b) after a sudden 50 % make-up reduction att=0s.
The red lines represent the behavior of a system with discontinuous or variable make up, computed as a sine function with a period of 50 7,, whereas the black curves
represent a system with constant make up. For the sine functions, the results were generated by solving Eq. (32) numerically. The curves with constant make-up were

obtained using Eq. (33).
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The model presented here fits the empirical data from sorbent sam-
ples well (see Fig. 12). During the pilot testing, the slow response of the
sorbent to make-up was not accounted for in the dosage strategy. This
resulted in strong variations of the mean system age number, as dis-
cussed in Section 4.1.2. In oxy-fired CaL facilities, the specific in-
ventories are normally lower than those in IHCaL plants [40,75,76]. For
these lower inventories, the response to make-up variation would
require several hours (calculated with Eq. (36)).

3.4. Residence time and particle age distributions

To obtain the particle residence time distribution (RTD) in the car-
bonator, we assume complete mixing of the solids in the carbonator,
including the return leg (internal recirculation, see Fig. 1). This
assumption is justified by the strong particle mixing and high rates of
solid recirculation typical of circulating fluidized beds [56]. Based on
the assumption of perfect mixing of particles, we obtain the RTD [50,
p-338] of Eq. (38), which provides the probability distribution of par-
ticles for each residence time in the carbonator.

E(t) = T;clarbexp( - t/Ts.carb) (38)
Where 75 carb is the mean residence time of the potentially active solids in

the carbonator, calculated as:

Ts,carb = Mg carb /FR (39)
Here ng carh is the number of moles of CaO and CaCO3 in the carbonator
and Fy is the molar flow rate of sorbent considering the internal circu-
lation as part of the carbonator.

In continuous operation, particles will undergo varying numbers of
calcination-carbonation cycles in the system and, consequently, will
have different carrying capacities. It is of interest to calculate the
average activity of the particles in the system and to estimate the sys-
tem’s behavior based on the contribution of each particle. Some models
use an average number of cycles for the calculations. A more accurate
approach is to include the probability distribution of the particle age,
r(N), in the calculations. Rodriguez et al. [19] derived the following
expression for this distribution, accounting for a reduction in the total
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Fig. 8. Comparison between the conversion (X.a;p) and the activity (Xy.1) from
pilot plant samples. The meaning and calculation of Xy.; are discussed in
Section 4.1.2. Data from [33].
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amount of complete cycles due to incomplete calcination and
carbonation:

_ FO(]- 7fcalc)
FO +FR fcalc

'N-1¢,N
& carbJ calc

FR (fcarbfcalc +F0/FR)N

r(N) (40)

Here, N is the number of complete calcination-carbonation cycles or
particle age, and fearp and feq1c are the extent of carbonation and calci-
nation per cycle, calculated with the following equations:

fcarb = (Xcarb - Xcalc)/()?N - Xcalc) (41)

fcalc = (Xcarb - Xcalc)/Xcarb (42)

The expression in Eq. (40) is only valid if the make-up and circulation
rates are kept constant throughout the entire operation of the plant.
During our pilot tests, however, these parameters showed considerable
variation (see Fig. 12.a); therefore, Eq. (40) cannot be applied using the
values of Fg/F. Instead, we use the definition of the system age number,
which implies that the system’s sorbent activity is equivalent to that of a
steady-state system with Fr/Fy = y. This gives the following particle age
distribution:
+ y’l)

l‘(N) _ <1 _fcalc
1+ chalc

The variation of y is very slow compared to the particle and gas residence
times in the carbonator (see Section 3.3). This allows us to neglect the
time-dependence of r(N) and implement Eq. (43) in our steady-state
carbonator model. Considering that the solid samples from the pilot
tests (see Section 2.1) where almost fully carbonated up to the maximum
capacity (see Fig. 8), the value of f.,1, was set equal to 0.95. The calciner
efficiency was set considering an average performance of feac = 0.8.

Using the particle age distribution, the mean parameters for the re-
action model can be obtained by adding the contributions of each par-
ticle group. The average activity is [7]:

'N—-1¢£N
carb J calc

(43)
(fcarb fcalc + }’71 )N

XN = Zoo:l‘(N) XN

N=1

44

Here, Xy is given by Eq. (26). To calculate the average conversion at the
carbonator outlet and the average kinetic constant, both, the residence-
time and the particle age distribution are used [56]:

Xeatp = X = f: r(N) / ) E()X(t,N,C") dt (45)
0

N=1

Here, X(t) is computed with Eq. (21), using an equivalent driving force

((S*) that depends on the CO, concentration in the carbonator. An
alternative expression for Eq. (45), suitable for numerical calculations is
presented in Appendix A.3. The expression to calculate the average re-
action rate is:

Eri = io: l'(N)

N=1

/ ) E(t) k(t,N,C") dt (46)
0

In Part I [1], the following first-order expression for the carbonation was
obtained:

dx -
Eﬂs.a/Ms.a =KC

(47)
Here, K, is the global reaction rate of the particle model, ps, is the
density of the potentially active particles (CaO and CaCO3), and M, is
the molar mass of the potentially active particles. The reaction rates of
the particle (k;;) and the reactor (K;;) sub-models can be related using Eq.
(47) and Eq. (3):

Kri = kri /)s.a/Ms,a (48)



Research Paper V

M. Greco-Coppi et al.

An expression for the average reaction rate for the reactor sub-model,
consistent with [56], can be obtained using Egs. (46) and (48):

ps,a

Ki =
ri Ms,a

S ) / B k(1 - X(EN, )Y de (49)
0

N=1

Eq. (49) can be integrated to obtain an expression that can be solved
numerically. The steps to do this, as well as the final expression, are
presented in Appendix A.4. To incorporate external diffusion effects, see
Section 3.1.3 (mainly Eq. (10)).

Some models use the average conversion to calculate the reaction
constant for the reactor model (K,):

Ki = (pya/Msa)ke(1 - X)*? (50)
Replacing k, for the expressions in Egs. (12) and (18):

— XnS, 1- —

K=k, N O,DPs,a/( 50)(1 —X)2/3 51)

Ms.a

Here, Xy is the mean activity of the particles, usually calculated with a
simplified expression from Abanades et al. [101, Eq.4]. Generally, Eq.
(51) is computed assuming that the sorbent properties correspond to
pure CaO, thus:

R, — kXXNSO.PpCaO,t(l B 7()2/3 (52)
MCaO
Many models [63,64,69,85,102] use Eq. (52), but the underlying as-
sumptions are not always indicated. For comparison purposes, we
computed the maximum conversion using this calculation method,
which resulted in a considerable overprediction of the sorbent activity
compared to the values measured from pilot-test samples. For this
reason, we used Egs. (44), (45), (46), and (49) for our model

calculations.

3.5. Calculation logic

The calculation logic of a carbonator model using the particle

(a) Overall calculation logic for the carbonator model
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sub-model developed in this study is illustrated in Fig. 9.a. The
calculation starts with an initial guess for the equivalent CO, concen-
tration driving force (CS*) and the inputs from Table B.1. The inputs for
the deactivation correlation (k, X;) may need to be adjusted based on
the type of sorbent and the operating conditions.

With the required inputs, the particle sub-model is used to simulate
the system and particle deactivation, as well as the carbonation reaction
(see Fig. 9.b). The main results from the deactivation model are the
system age number (y) and the particle activity (Xy), with the latter
depending on N. The main outputs from the reaction model are the
particle kinetic rate (k,), the global reaction rate (K;), and the particle
conversion (Xcarp). The value of Xc4rp is used to compute the carbonation
efficiency of the particle sub-model (Epy) based on a molar balance, as
explained in Part I [1]. The reaction rate is an input for the reactor sub-
model (see, e.g., Part I [1]). The reactor sub-model gives a corresponding
carbonation efficiency (Egy). If the prediction of both sub-models co-
incides within a tolerable error (Err), the calculation can be terminated.
Otherwise, a new value of € is computed, and a new iteration begins.
The model is solved iteratively using the bisection method of Bolzano
[103, p.53-59].

For the assessment of experimental tests using our model, fcap, and
fealc are inputs that can be estimated from empirical data. For the design
of carbonators, farb and feaic are obtained iteratively from Egs. (41) and
(42), where Xcq)c is an input from a calciner model (e.g., [37]).

4. Results and discussion
4.1. Model validation

In this section, the validation of the particle sub-model developed in
this work is presented. Relevant information on the validation procedure
of the entire carbonator model (see [1]) is also reported here. The
validation was performed using experimental data from pilot tests at the
300-kWy, scale (see Section 2.1) and TGA analysis from our experiments
(see Section 2.2 and Section 2.3) and from the open literature [40,54].
We considered three aspects for the validation: (i) validation of the re-
action kinetics using TGA data (Section 4.1.1); (ii) validation of the

(b) Calculation logic for the particle sub-model (this work)

Initial guess: €

| Deactivation model

System age number: Eq. (32)

Particle sub-model -
—detail on the right (b) —

f Inputs L‘V

i

Xy

Reactor and hydrodynamics
> sub-models
—discussedin Part I [1] —

| Reaction model

N

Particle kinetic rate: Eq. (20)

yes

Reaction rate: Egs. (10) and (A.17) |——7/

|__7/ Keaw' Epm

Particle sub-model

Particle conversion: Eq. (A.13)

End

Fig. 9. Calculation logic of a carbonator model: (a) overall calculation logic, adapted from [1]; and (b) detail of the particle sub-model developed in this work. The
reactor and hydrodynamics sub-models are explained in Part I [1]. The system age number (y) is calculated using Eq. (32) and the particle activity (Xy) using Eq. (26).
The particle kinetic rate (k,) is obtained with Eq. (20), the reaction rate (K,) with Egs. (10) and (A.17), and the particle conversion (X.,) with Eq. (A.13).
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Fig. 10. Validation of the reaction model using data from TGA analysis obtained using the sorbent from the pilot tests (Messinghausen), and data from the open
literature [40,54]. The results are compared for fresh sorbent (left) and aged sorbent (right). For all the runs, the CO, partial pressure was 10 kPa.
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Fig. 11. Validation of the reaction model using data from TGA analysis obtained using fresh Messinghausen limestone. Test results for different carbonation
temperatures and CO, partial pressures (Pcoz). The model results are illustrated with continuous lines and the experimental data is indicated with the

markers (triangles).

sorbent deactivation using results from pilot plant operation, which is
independent of the reactor sub-model (Section 4.1.2); and (iii) valida-
tion of the entire model using pilot test results (Section 4.1.3). For the
last aspect (iii), the overall model including the particle sub-model (this
work) and the reactor sub-model (Part I [1]) are validated using the
particle carbonation degree after the carbonator (Xcarp)-

4.1.1. Reaction kinetics

The reaction model was validated using data available in the open
literature [40,54] and our data from TGA performed on the Messing-
hausen limestone (see Section 2.3). Fig. 10 compares the model results
with the experimental data. The model calculations were performed
using Egs. (20), (21), and (22). For the fresh sorbent, Xy was set equal to
one, which gives an initial specific surface area of So; = 43.7 mz/cmf.
For the aged sorbent, Xy was adjusted to correspond with the end of the
chemically controlled fast stage.

To validate the fresh-sorbent kinetics, we used data from Bhatia and
Perlmutter [40] (see Fig. 10, left). It is not surprising that the model
correctly predicts their data, as we utilized the kinetic constant ks =
5.95 1071% m*/(mol s) suggested by them. There is a good correlation

14

between our TGA data and the model for the fresh sorbent in the kinetic
range for different conditions (see Fig. 11), especially for the tests at
650 °C. The differences in the maximum conversions are probably due
to the different calcination conditions (see Section 2.3 and Table S1).

We used the data reported by Grasa et al. [54] for the validation of
the kinetic behavior of the aged sorbent. The model represents the
experimental results accurately, as illustrated in Fig. 10 (right).
Although no kinetic data were available for our aged sorbent, the ac-
curate prediction of the surface areas (see Table 2) supports the validity
of this kinetic model for highly cycled particles. The validation of the
reactor model (see Section 4.1.2) further supports the assumptions made
for the simulations of the particle reaction.

4.1.2. Sorbent deactivation

In this section, the validation of the sorbent deactivation model is
discussed. Experimental data from pilot tests (see Section 2.1) were used
for the validation.

The sorbent carbonation rate after the carbonator (X¢orp) in the pilot
tests was obtained from sorbent samples using either TGA or weight-loss
measurements. Each sample corresponds to a balance point used to
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(a) Molar circulation rate (Fg) and molar make-up rate (Fy) throughout the pilot tests
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Fig. 12. Sorbent behavior throughout the pilot tests: (a) molar circulation rate and make-up rate, (b) system age number, (c) carbonator efficiency, and (d) sorbent
activity and validation of deactivation model. The markers represent discrete data from sorbent samples taken during the pilot tests. The gray markers correspond

to outliers.

validate our model. To obtain the average activity (Xy) of the sorbent
samples, the maximum carbonation degree was calculated through
calcination and carbonation in a TGA. Since the method added one
complete calcination-carbonation cycle to the sample, the acquired data
was Xy.1. There is less data for Xy,1 than for X .1, because the former
could only be calculated with TGA, which is more complex than the
weight-loss procedure. A detailed description of the methods used to
obtain these data, as well as the complete dataset for the sorbent par-
ticles, is available elsewhere [33]. The data of X¢ap, and Xy.1 from solid
samples is illustrated in Fig. 12.d with circles and triangles, respectively.

The molar make-up rate (Fp) and circulation rate (Fg) of the solid
sorbent are two significant operational parameters for Cal systems.
Fig. 12.a illustrates the variation of these parameters throughout the
pilot tests. The make-up rates (Fy) were calculated from loss-in-weight
measurements of the make-up feeding systems. Fresh material was fed
intermittently, partly in batches. Apart from the addition of fresh ma-
terial, sometimes, old material was fed back into the system to

15

compensate for the high material loss. This spurious make-up was
considered as Fy = 0 since it did not increase the activity of the system.
The high material loss was caused by high entrainment and low cyclone
efficiency. In the following tests campaigns, coarser particles were used,
thus reducing the entrainment and material loss considerably
[104,105]. On March 9, low-cycled particles were fed back into the
system. Since these particles were subjected to fewer calcination-
carbonation cycles than the average particles of the system, they were
computed as fresh make-up with a correction factor of 0.5 on Fy,
assuming CaO material properties. Some samples exhibit considerably
higher concentrations of CaCOj3 than the rest of the samples (outliers in
Fig. 12, illustrated with gray markers). These samples were taken while
make-up was being fed directly into the carbonator. Presumably, a high
amount of the sampled material consisted of fresh make-up. Since these
samples are not representative of the average sorbent properties in the
system at the sampling time, they were excluded from the validation.
The solid circulation rates (Fg) were obtained through mass and
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Fig. 13. Validation of the carbonator model using the carbonation rate at the
carbonator outlet (X¢ap). The model results are compared with the data from
solid samples from the pilot tests (this work). Neglecting the incomplete
calcination significantly reduces the accuracy of the model (ideal calcination).

energy balances of the carbonator, using the values of Xcap, from the
solid samples. The average carbonation rate of the solids entering the
carbonator (X.a1c), which is an input for our carbonator model, was
calculated from the mass and energy balances as well. A detailed
explanation of this balancing method, including a validation using
measurements of pressure drop in a loop seal, is available in the work of
Reitz [33]. The values of Fg for each balance point are indicated with
circles in Fig. 12.a. The continuous data set of Fr throughout the pilot
tests was obtained by linear interpolation of these values, as illustrated
in Fig. 10.a with a solid black line.

The system age number (y) at each time during the pilot tests was
obtained by solving Eq. (32) numerically. The inputs for the calculation
were the data of Fy and Fg from Fig. 12.a. The calculated values of y are
reported in Fig. 12.b. Evidently, y increases during periods of low make-
up and high circulation and decreases during periods of high make-up
and low circulation. The value of y variates between 20 and 160
throughout the tests, indicating instability in sorbent activity. Periods of
high input of fresh material (Fy) occur immediately after the sorbent in
the system has undergone significant deactivation. However, it takes
more than one day to restore the system’s activity, as seen in Fig. 12.b
and discussed in Section 3.3. This is an inefficient strategy to control
sorbent activity leading to underperformance, and energetic and eco-
nomic penalties in commercial facilities. If the activity of the CaL system
is predicted using the model developed in this work, particularly with y,
stable sorbent activities can be achieved, thus enhancing performance
and efficiency. This is especially relevant for IHCaL systems that have
high solid inventories and correspondingly slow responses to make-up
variations.

The validation of the deactivation model is illustrated in Fig. 12.d.
The mean sorbent activity (Xy) of the model was obtained by solving Eq.
(44) numerically. Hereby, the calculated values of y (see Fig. 12.b) were
the main inputs for the calculation. The model results are indicated with
a red continuous line in Fig. 12.d. The same calculation was performed
by starting the series of Eq. (44) at N = 2 (corresponding to N + 1),
yielding the model values of Xy, 1. These values of Xy, are displayed
using a black continuous line in Fig. 12.d. The calculated Xy is slightly
higher than the values of X4, determined from solid samples (indicated
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Fig. 14. Parity diagram comparing the carbonation efficiency calculated with
experimental data and computed with the reactor model. There is a slight
systematic overprediction of the carbonation efficiency for high CO, concen-
trations (pcoz,in > 14 kPa).

with circles). This indicates that the prediction is accurate because Xy is
the maximum threshold of Xcap. The model results of Xy,; fit the
empirical data (triangles in Fig. 12.d) reasonably well. The deviations
can be explained by the uncertainties in calculating the circulation and
make-up rates, as well as the variability in performance of the carbo-
nator and the calciner (fearb and feqle). Overall, our deactivation model
predicts the empirical data with reasonable accuracy, despite significant
variations in make-up and circulation rates.

Two alternative calculations of Xy 1 were performed for comparison.
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System age number: v ~ Fr/F,

Fig. 15. Prediction of the sorbent deactivation model for variating sorbent age.
The lines indicate the maximum activity predicted by our model, and the
models from Abanades et al. [7] and Rodriguez et al. [19]. We assumed fearb =
0.95 and feae = 0.8 for all of them. The results are compared with the
carbonation degree at carbonator exit (X.a») obtained from sorbent samples
during our pilot tests, displayed with circles. The gray circles correspond to
balance points with more than 100 ppmy,, of CaSOy in the solid stream.
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The first one was based on our deactivation model, but complete
carbonation and calcination were assumed for every cycle (i.e., fearb =
feale = 1). The corresponding results, plotted with a broken line in
Fig. 12.d, are slightly lower than the ones from the original calculation.
The second alternative calculation, illustrated with a dash-dotted line in
Fig. 12.d, was performed using the model from Abanades et al. [101]. It
resulted in a considerable overprediction of the activity. This indicates
that it is necessary to implement the particle age distribution (r) (see
Section 3.4) and the appropriate deactivation constants (see Section
3.2.1) to obtain accurate results.

At the end of March 9, SO, was added to the gas entering the car-
bonator to evaluate the influence of this contaminant in the capture
capacity (see Fig. 2.b). Around this time, many sorbent samples were
taken (see Fig. 12.d). There is some overprediction of the sorbent ac-
tivity, which may indicate that the deactivation due to formation of
CaS0O4 was higher than the one calculated with Egs. (29) and (30).

Overall, the carbonation degree of the particles at the carbonator
outlet was relatively low. This may be due to prolonged periods with
little or no make-up material added. Another possible reason is that the
calciner was operated near equilibrium, which likely caused multiple

100 T T T

Carbonator efficiency: Eeu, (%)

~
"\-\.\:Y~O.01 -
20F _FR/FCO2:15 cale :002_
_FR/FCO2 =10
— Fg/Foos =6
0 1 1 1
0 50 100 150 200

System age number: v ~ Fr/F

Fig. 16. Influence of the sorbent age in the carbonator efficiency (Ecap). The
different colors indicate different circulation rates, and the line type indicate
the calciner performance in terms of X .. Other input parameters are included
in Table B1.

(a) FR/FCOZ =15

(b) Fr/Fco2 =10
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recarbonation and calcination cycles within the reactor, accelerating
particle deactivation. During some periods of low X4, high carbon-
ation efficiency (Ecarp) could still be achieved due to the high circulation
rates (see Fig. 12.c).

4.1.3. Overall model

The validation in terms of sorbent carbonation rate at the carbonator
outlet (Xcarp) is illustrated in a parity plot (Fig. 13). Here, the values of
Xcarb from the model (simulation) are compared with those obtained
from solid samples from the pilot tests (experimental). Each circle rep-
resents one balance point. The solid line indicates the perfect agreement,
and the broken lines indicate the 20 % deviation boundaries. The model
values were calculated using the particle sub-model developed in this
study and the reactor sub-model of Part I [1]. For comparison, the same
calculations were performed neglecting partial calcination by forcing
Xcale = 0 (ideal calcination, white circles).

The predictions of our model agree with experimental data. For most
of the balance points, the simulation results are within the 20-% error
bounds. On the other hand, if the calcination degree of the sorbent
entering the carbonator is neglected (ideal calcination), Xc,b cannot be
predicted accurately.

4.2. Influence of COy partial pressure

The influence of the CO, concentration in our reactor model is
analyzed with a parity plot in Fig. 14. Here, the carbonator efficiency
(Ecarb) of the pilot tests is compared with our model predictions. Eq4yp, is
the ratio of CO; captured in the carbonator to the total CO entering the
carbonator [106]. The data is categorized according to the inlet CO,
partial pressures (Pcoa,in) Of each balance point. For pcoz,in higher than
14 kPa, there is a slight systematic error of overprediction in the model.
This may be the result of assuming first-order kinetics with CO, con-
centration (see Section 3.1.2). Sun et al. [58] reported that the reaction
kinetics is zero-order for partial pressures of pcoz < 10 kPa. Considering
that the mean reactor concentrations are still well below this limit, it is
reasonable that the influence of an order shift at 10 kPa would be
relatively low. One option to improve the accuracy of the simulations
could be to include the reaction shift in the reactor KL model. This was
beyond the scope of this work since the accuracy penalty of the
assumption of a constant reaction rate is relatively low. Nevertheless, it
may be relevant for the application of CaL and IHCaL carbon capture
from industrial sources with higher CO; concentrations in the flue gases,
such as cement and lime plants [31,107].

The equations for the zero-order model are included in
Appendix A.1. The expression we found is only valid if external diffusion
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Fig. 17. Variation of the carbonator efficiency (E.as) with the calcination performance (characterized by X.1c). Results are displayed for different specific circulation
rates (a—c) and different sorbent ages (y). Other input parameters are listed in Table B1.
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Fig. 18. Variation of sorbent activity with the calciner efficiency for different
particle ages. Here, the circulation rates are kept constant, thus allowing a
reduction in carbonation efficiency. The improvement in activity with low f .
is spurious since the CO, capture efficiency decreases with lower f.,.. Other
input parameters are available in Table B1.

effects are neglected, which is generally acceptable, as discussed in
Section 3.1.3. An appropriate model would have to consider that a
transition of the reaction order occurs inside the reactor, which requires
discretizing the reactor height, thus increasing the computational
complexity.

4.3. Modeling sorbent deactivation

Modeling sorbent deactivation accurately is crucial for obtaining
reliable predictions of carbonator performance. In Fig. 15, we compare
our model with two other models widely used in carbonator calculations
(e.g., [20,85,108]). The results of maximum activity (Xy) are plotted
against the system age number (y) calculated with Eq. (32). The sorbent-
sample data of carbonation degree at the reactor outlet (Xcap) is
included for validation.

The predictions of our model, illustrated in Fig. 15, constitute a
maximum limit for all the X ., points —only one point was slightly over
the predicted value of Xy. Considering that the carbonation degree of the
samples was very close to the maximum conversion calculated with our
model, it appears that our model accurately describes cyclic sorbent
deactivation. It should be noted that some balance points presented less
activity due to sulfurization. These points are shown in Fig. 15 (gray
circles), but the model predictions are not included.

The activity predicted by the other two models is significantly higher
and does not accurately represent the experimental results. This
disparity can be attributed to these models being fit using laboratory
operating conditions, which differ from those of our pilot plant. Our
model, on the other hand, was calibrated using data specific to the
conditions of this study. Therefore, the fitting constants should be
adjusted before applying the model to different operating environments
(e.g., with TGA data, see Section 3.2.1).

There have been many efforts to describe the influence of material
properties and operating conditions in the sorbent activity and deacti-
vation. However, no deactivation model currently exists that can
incorporate variations in operating conditions —such as calcination
temperature or carbonation degree— over long-term operating periods
for realistic full-scale applications. (cf. [5, p.283]). One possible way to
do this would be to modify Eq. (32), making y dependent on those pa-
rameters known to accelerate deactivation [24,27,92]. This should be
the subject of further investigation.

The influence of the system age on the carbonator efficiency (Ecarb) is
illustrated in Fig. 16, using the inputs from Table B1. As expected, fresh
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sorbent (low y) gives much higher values of Ecap. For low sorbent cir-
culation rates (Fg), fresher sorbent is required to maintain high E.4p. The
calciner performance has a significant influence on the COy capture.
This is discussed in Section 4.4.

Despite the mild calcination conditions in the IHCaL calciner, the
sorbent exhibited low CO3 carrying capacity (see Fig. 12.d) compared to
previous studies [35,94,109,110]. We used data from the solid sorbent
samples to fit the residual activity (X;) (see Section 3.2.1), which
allowed us to accurately predict the sorbent activity throughout the pilot
tests. The low value of this constant (X, = 0.019) can be explained by the
low carbonation temperatures and the operation of the calciner close to
equilibrium conditions (low T and high pco2) [18]. Criado et al. [92]
found that low carbonation temperatures (T) enhance the cyclic deac-
tivation of the sorbent. In our pilot tests, T varied between 550 and 700
°C during operation. Furthermore, Diego et al. [100] indicated that
particles undergo additional calcination-carbonation cycles inside of the
calciner if the operating CO, partial pressure is close to the equilibrium,
e.g., due to low calcination temperatures. This effect accelerates sorbent
deactivation. Another explanation for the low activity could be the
higher particle residence times in the calciner, compared to oxy-fired
CaL (cf. [79]). The issue of sorbent deactivation, especially in IHCaL
systems, needs to be further investigated with pilot experiments focusing
on the effect of calciner and carbonator operating conditions.

4.4. Influence of calciner performance

The influence of the calciner on the CO; capture efficiency (Ecarb) is
illustrated in Fig. 17, using the input values of Table B1. Here, the
carbonation ratio at the carbonator inlet (X,c), which coincides with the
carbonation ratio at the calciner outlet (see Fig. 1), is used as the indicator
of the calciner performance. For high circulation rates (Fig. 17.a),
incomplete calcination only affects the carbonator efficiency for highly
aged sorbent (y > 50). For medium circulation rates (Fig. 17.b), the effect
of the calciner performance is appreciable starting at y =~ 25. For very low
circulation rates (Fig. 17.c), high calcination efficiencies (X 4 < 0.01) are
critical for achieving suitable values of Ecap. In a nutshell, the sensitivity
of the CaL process to the calciner performance increases with the aging of
the particles and with lower circulation rates.

Atsonios et al. [21] used an Aspen Plus Gibbs reactor to take the
calcination into account for their Cal. CFD simulations. Assuming Fr/
Fco2 = 14, they observed a drop in CO5 capture efficiency for Xcq1c >
0.04. Our results confirm their observations for the case y = 50 (see
Fig. 17.a).

If the sorbent circulation rate is kept constant, there is an improve-
ment in the sorbent activity (Xy) for lower calciner efficiency (fcaic, Eq.
(42)) due to a reduction in the number of effective calcination-
carbonation cycles of the particles (see Fig. 18). This improvement is
spurious since it comes with a reduction in E.yp. Rodriguez et al. [19]
observed that, if Ecarp is maintained constant by adjusting Fg, the value
of Xy is reduced for lower f.,1c. They indicated that this effect is stronger
for higher sorbent make-up rates. Nevertheless, as shown in Fig. 17,
systems with more aged sorbent are more sensitive to f.,; thus, higher
make-up rates reduce the sensitivity to loss in calcination efficiency. In
summary, CaL systems experiencing calcination issues will benefit from
additional make-up.

Apart from the penalty in E.,;p, the destination of the spent sorbent is
to be considered for the design of the calciner. If the spent sorbent is to
be used as quicklime or as material for the production of cement clinker,
high calcination rates with mild operating conditions (e.g., low tem-
perature) are desirable [105]. In some scenarios, the specifications of the
spent sorbent may be stricter than the process constraints.

5. Conclusion

In this study, a deactivation and particle-sub model for CaL systems
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has been developed. The model incorporates a new methodology to
account for fluctuations in sorbent make-up and circulation rates. The
influence of the calcination in the capture capacity and the reactivity of
the sorbent is considered through a novel calculation procedure. The
model has been validated using results from TGA analysis and pilot tests
in a 300-kWy, IHCaL plant.

Our carbonation reaction model is based on previous studies. It
accurately predicts results from pilot tests with low CO; partial pressures
(pcoz ~ 5 kPa) and operating temperatures of around 650 °C in the
carbonator. However, there is still no consensus on the kinetic behavior
of the carbonation reaction for higher pcos. While some authors suggest
that the reaction becomes zero-order after 10 kPa, others report first-
order behavior up to at least 100 kPa. Although this is not a problem
for low CO; flue gas concentrations, it becomes relevant for industrial
applications such as carbon capture in the cement or lime industry,
where CO; partial pressures of 20 kPa or higher can be expected at the
carbonator inlet. The issue of the reaction order shift requires clarifi-
cation through experimental investigations. The methodology for
adapting our carbonator model for zero-order carbonation is included in
Appendix A.1. Further studies should compare our model predictions
with results from pilot tests using flue gas with higher pcoo, e.8.,
[31,111].

Sorbent deactivation was modeled using a novel calculation meth-
odology to predict the sorbent aging in long operational periods with
varying sorbent circulation and make-up rates. The deactivation con-
stants were adjusted to account for the operating conditions, the sorbent
properties, and the presence of CaSO4. Our model satisfactorily predicts
empirical results from pilot tests despite strong variations in make-up
and circulation rates. Furthermore, it is useful for optimizing the input
of fresh sorbent in Cal systems during operation, thereby ensuring
consistently high CO, capture rates without incurring increased costs
and efficiency penalties from excessive make-up.

This study could serve as a foundation for developing a more
generalized deactivation model capable of predicting sorbent activity
across different operating conditions and for various sorbents. To ach-
ieve this, our deactivation model should be advanced using more
experimental data from TGA and pilot tests. These tests should cover a
wide range of operating conditions, including various temperatures, CO»
partial pressures, and residence times in both the calciner and the
carbonator.

Our model has been used to evaluate the influence of the calciner’s
performance on the carbonator efficiency. We found that calcination
issues in CaL systems can be compensated for with higher sorbent make-
up and circulation rates, thus maintaining high CO5 capture efficiency.
This is particularly relevant for IHCaL facilities, where attaining high
calcination rates is challenging.

Despite having been developed and validated with data from the
IHCaL process, our model is applicable to other operating conditions,
including the better-known oxy-fired CalL. We propose the following
considerations to advance and adapt our model to a wide range of
applications:

e Current experimental efforts in pilot plants are focused on assessing
the influence of real flue gases —containing SOx, NOx, Cl, and solid
particles— in the long-term operation of CaL systems. The findings
from ongoing projects should be used to update our model to
different operating conditions, including CO, capture from cement
plants, waste to energy (WtE) facilities, and steel mills.

For larger particles (> 500 um), diffusion effects may become more
relevant. Some insights on modeling external diffusion are provided
in Section 3.1.3. A recent study [112] dealing with centimeter-scale
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sorbent particles may be useful to adapt our model for operation with
large particles.

o Our model relies on the assumption that the mixing of particles in the
reactor is good enough to consider it perfectly mixed. This is a
reasonable assumption for CFB carbonators, but not for other types
of reactors, such as fixed-bed, slow-moving (cf. [113]), or entrained-
bed (see [114]) carbonators.

o We considered that only the chemically controlled rate is driving the
carbonation kinetics, which is valid for CFB carbonators. However,
for higher residence times (e.g., fixed bed), carbonation in the
product-diffusion phase would occur, thus allowing for even higher
carbonation rates. A model describing this phenomenon has been
developed by Grasa et al. [115].

e To incorporate the effect of attrition, the reader is referred to the
work of Haaf et al. [42].

e It may be challenging to achieve high calciner efficiency under
realistic operating conditions for the IHCaL process, particularly
regarding the operating temperature limit to avoid damaging the
heat pipes (ca. 950 °C for our pilot plant, cf. [105,116]). This issue is
addressed in a recent study on calciner modeling [37] that considers
the particular case of the IHCaL calciner with a heat-pipes heat
exchanger.
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Appendix A. Demonstrations and derivation of equations
A.1. Governing equations for zero-order carbonation

For zero-order carbonation, the reaction can be described with the following differential equation:

= — Vsal\y Al
o V,aKoro A1

Note that here the units of Ko are (mol/m>)/s, which is different than for first-order carbonation. Considering the deviation from the ideal plug-
flow-reactor behavior, as in Part I [1], the following expression is obtained:

d

“t

= - ﬂKr.Oggs/uo (Az)

&

Eq. (A.2) can be solved by integration throughout the height of the reactor. If ¢; and 5 are invariant with the reactor height, an analytical expression
for the integral form can be found:

6out = (Sin - ﬂKr.OTreactor (A3)
Here, the characteristic time (zyeactor) iS:
Treactor = ggsHT/uo (A4)

Since the same reaction order applies to both the particle and the reactor sub-models, the equations derived to relate both sub-models, particularly
Eq. (48), are still valid. This is true since we neglect the diffusion, which is justified by the high CO5 concentration associated with the zero-order
carbonation. Without this assumption, the model would have to assume a zero-order dependency for the reaction and a first-order dependency for
the diffusion, making the analytical integration more challenging.

A.2. Verification of the aging function
To verify the aging function y(t), we first integrate Eq. (32) with t ranging from zero to +oo. For this, we consider that, at t = 0, y = 0; and that, for t

— o0, the system age number reaches an asymptotic value of y.

tim [ (Fx — Fo y)'d f/mi (A.5)
i R oY V= A nx(t) .

Now, we consider that Fg and F do not variate with time. Solving the integral and considering that the molar inventory (n;) is positive and does not
tend to zero:

lim( — In(Fr/Fo ~ 7) + In(Fx /Fo — 0) ] = + o0 (A.6)

Finally, solving for y gives:

}imy =Fr/F, (A7)
This is what had to be shown (see Eq. (31)).
A.3. Particle model — Calculation of average conversion (X)

To make the calculations simpler, we define the variables c; and c; and rewrite X(t) (Eq. (21)) as:

X(6,N,Cgpp) =1—(c2— 1 )% fort < tym (A.8)
a =ksSyG" /3 (A.9)
2= (1 — Xeq)'/® (A.10)

Furthermore, we define a dimensionless carbonator residence time (7) and a dimensionless tji, (fim) for the calculations as follows:
T = Tscarp C1 (A.11D)
Tiim = tiim €1 (A12)

X = X can be calculated using Eq. (45). Hereby, we consider that for t > tj;;, the maximum conversion, Xy, is achieved:

+ o tim 1 _ _ 3 + o e
X= Z r(N) 1-(@-at exp( - > de+ Z r(N)Xyexp <ﬂ> (A.13)
N N

0 Ts,carb Tscarb

Ts,carb

To solve this expression, tjip, is obtained with Eq. (22). The analytical solution to the integral is:

im ] — (c; — ¢1t)° t
/ 1-(c2—at) exp< , > dt —
0 Ts,carb Tscarb

Llim

= exp< -= ) (= 67° — 6timT™ + 6Co7° — 3ty T + 6CotimT — 3627 — Ty + 3Calum — 3¢ im + €3 — 1) + 67° — 6¢,7° +3¢27 — ¢ + 1

(A.14)
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If Xcq1e = O, then ¢y = 1, which gives:

Llim

= exp( - ) (= 67 — 6Tim?> + 672 — 3Tey T + 6TimT — 37 — Ty + 3t — 3um) +67° — 62°+ 37 (A.15)

A.4. Particle model — Calculation of average reaction rate (K;)

The average global rate is calculated by integrating Eq. (49). The reaction stops at full conversion, which occurs at tjip,. With this consideration, the
integral can be simplified:

—'7ps,a = tim _ ‘\“”‘ 2/3
K= 252" x(N) /0 E(t) k(1 — X(6,N,G"))¥? dt (A.16)

sa N—1

Replacing the residence time distribution E(t) (Eq. (38)), and the conversion function X(¢) (Eq. (21)) gives:

+ o tlim (CZ —c t)2
r(N)k, S / —————— ex <7
Ms.a N=1 ( ) s ON 0 Ts,carb P

Where the constants ¢; and c, are given by Eq. (A.9) and (A.10). The definite integral can be solved analytically:

I_<n' _ ps,a

)m (A17)

Tscarb

Lim —ct 2 t /t\ R R R R R R
/ ooy exp( - ) dt = —exp( - 2) [212 + (2tim — 2¢2)7 +?121m —2Ctim + €3 | + 272 — 20,7 + 2 (A.18)
0 Ts carb Ts carb T

If X a1c = 0, then ¢y = 1, which gives:

Blim 1o . - . 2 on
= —exp( =) [28 + (2Bim — 27 + Ty — 2him +1] + 27— 2741 (A19)

A.5. Calculation of initial reaction rates

Model of Bhatia and Perlmutter
The general equation for the reaction from Bhatia and Perlmutter [40] is:
1 ks Sy (Ccoz — Ceozeq) t

?[ T—¥In(1-X) — ]7 ) (A.19)

In explicit form:

1 ks So (Ccoz - CCOZ‘eq) ¥
Xl—exp{?{l—(l—l- 2(1 = <) t

2

} (A.20)

To obtain the initial reaction rate, we differentiate Eq. (A.20) and set X = 0, which yields:

Sop -
= =k, C (A.21)
x-o (1—¢€o)

ax
dt

Model of Scaltsoyiannes et al.
The reaction progress with the model of Scaltsoyiannes et al. [61] is described by the following equation:

X 3 T\2 Yr 7\3 Yr Yr

@ =gy e[ =1 ) |+ (1-0) (1 e[ - o145 (1.22)
Here, o, 7, and ¥ are dimensionless numbers. If the time is zero (t = 0), the dimensionless time 7 also becomes zero. Consequently,

dx| 3

| _3.4 (A.23)

dr|,_, o©

To obtain an expression in terms of known variables, we use the definition of 7 from [61], namely

_ TSt (A.24)

1—¢p
Using a variable change based on Eq. (A.24) and the definition of ¢ from [61], Eq. (A.23) can be rewritten:

dX| 6(1 - Eo) So.p

— =(—=—4+1 ) —"kC¢ A.25

d%0<¢%+'140 (A.25)
In general, since d, So,, > 100, we can approximate Eq. (A.25) with the following expression:

x| S kS (A.26)

dt|,., 1-¢o
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A.6. Comparison of reaction rates between two studies

In this section, exemplary results from two important studies on carbonation kinetics are compared to show that they are both in the same order of
magnitude. Bhatia and Perlmutter [40] use the equation from the Gavalas’ model [117] to obtain Sy:

= g
So=2(1- eo)/o r(l—i"%) (A.27)

The factor including the voidage indicates that Sy must be expressed in mz/mg, thus being Sy ,, With Bhatia and Perlmutter’s model for T = 650 °C,
Dco2 — Pcoz,eq = 10 kPa, and the surface corresponding to calcination with pure N reported by them (see Table 2):

dX/dt = kspp So(Ccoz — Ccozeq) = Kspp So (Pcoz *Pcoz.eq)/(R T) (A.28)

5.95101°(m*s'mol ') x 52.1 (10°) (m?/m?) x 10,000 Pa

—— =0.0404s7! (A.29)
8.314 (m3 PaK 'mol ') x 923.15K

dX/dt =
With Sun et al.’s model [58], for T = 650 °C, pco2 — Pco2,eq = 10 kPa, and X = 0:
dX/dt = McaoksS, (Pcoz - pCOZ.eq) (A.30)

dx/dt = 56(gmol™") x 29(m?/g) x 1.664 1073(mol m2s7!) = 0.062 57! (A.31)

Appendix B. Base case for carbonator modeling

The input parameters for the calculations of the carbonator model are included in Table B1. The values reported here were used for the sensitivity
analyses and model calculations of Section 3.5, unless otherwise stated. These values are based on the operating conditions of the pilot tests (see
Section 2.1). For the validation, the time-dependent inputs and sample-dependent inputs were adjusted with empirical data of the corresponding
balance points.

Table B1
Inputs for the calculation of the carbonator model, with data from [1], including the reference values and ranges corresponding to our pilot tests.

Parameter Symbol Range Value Unit

General inputs

Molar mass of CaCO3 Mcacos — 100 g/mol
Molar mass of CaO Mcao — 56.1 g/mol
Particle density of CaCO3 Pp,Caco3 - 2710 [40] kg/m®
Particle density of CaO Pp,Ca0 - 1670 kg/m°
Gas density g 0.39-0.44 0.5 kg/m>
Solids density* Psa 1.7-2.3 2.0 g/cm’®
Solids molar mass* M, 57-82 56 g/mol
Sorbent circulation Fr 4-13 10 mol/s
Sorbent make-up Fy 0-0.4 0.2 mol/s
CO3 input Fco2 0.16-0.49 0.5 mol/s
Reactor temperature Tearb 550-700 650 °C
Superficial gas velocity Up 3.4-5.5 4 m/s
Reactor pressure DPcarb 1.0-1.1 1.1 bar
Reactor inventory Wearb 20-60 50 kg
Inlet CO, concentration Yco2 6.2-13.8 12 vol%uyt,
Gas viscosity “ 39-41 40107 Pas
Gas density Pg 0.39-0.44 0.5 kg/m>
Equilibrium CO, partial pressure Pco2,eq - Eq. (2) kPa

Inputs for the particle sub-model (this work)
Deactivation model

CaSO4 concentration XCaSO4 0.00-0.10 0 mol%

Calcination efficiency Seale - 0.80 -

Degree of carbonation fearb — 0.95 —

Deactivation constant k - 0.569 —

Residual activity X - 0.019 -
Reaction model

Inlet carbonation degree Xeale 0.00-0.14 0.00 molcacoz/molc,

True molar volume of CaCO3 VM,caco3 - 36.9 em?/mol

True molar volume of CaO VMm,cao - 16.9 cemg/mol

Thickness of CaCO3 layer h — 50 [57] nm

Intrinsic kinetic constant ks — 5.95 10710 m*/(mol s)

Equivalent CO concentration driving force ¢ - (iteration variable) mol/m?

(continued on next page)
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Parameter Symbol Range Value Unit

Inputs for the reactor sub-model (PartI [1])
Reactor height Hp — 8 m
Reactor internal diameter dr - 250 mm
Particle diameter dp 50 — 226.7 pm
Particle sphericity 28 - 0.67 -
Voidage at minimum fluidizing conditions Emf - 0.54 -
Bed solid density £sd - 0.3 -
Lewis constant Kiewis — 8.0 st
Core-wall gas interchange coefficient (specific) kew - 0.158 m/s
Volume ratio of potentially active sorbent to solids £ - 1 —
Reaction coefficient (from particle sub-model) K, 20-130 80 st

#

Of potentially active solids.

Appendix C. Supplementary data

Supplementary data to this article can be found online at https://doi.org/10.1016/j.cej.2024.159041.

Data availability

Data will be made available on request.
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S1. Thermogravimetric analysis

The results of the tests used to assess the influence of diffusion effects in the thermogravimetric
analysis (TGA) are reported in Figure S.1. Here, the bars indicate the mean reaction rates, and the error
bands indicate plus/minus one standard deviation. Each test point was run three times. The runs used to
assess the influence of the sample mass (Figure S.1.a) had 190 NmL/min of gas and the original sample
particle size distribution. For the runs corresponding to the influence of the particle size (Figure S.1.b), the
mass was 3 mg, and the flow rate of gas was 190 NmL/min.

(a) Influence of the sample mass s (b) Influence of the sample particle size
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Figure S.1. Study of the influence of the sample mass and the sample particle size in the reaction rate for
thermogravimetric tests. The bars indicate the mean values obtained from three runs. The error bands represent the

standard deviation (= 1 SD). The red bands indicate the values of sample mass and particle size used for the kinetic
runs.

The TGA test conditions are reported in Table S.1.

Table S.1. TGA test conditions

Calcination Carbonation

Temperature (°C) COz2 partial pressure (kPa) Temperature (°C) COz2 partial pressure (kPa)
850 10 650 6

850 13 650 10

850 16 650 15

875 18 700 5

875 25 700 9

875 30 700 11
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Short Summary

In this work, we develop a novel calciner model for CaL processes by combining a particle sub-
model with a one-dimensional reactor sub-model. The model is validated with results from
experiments in two different pilot plants in the 300-kWy, and 1-MWy, scales. The predictions of the
model are interpreted using stochastic methods and dimensionless numbers. Furthermore, we
introduce a three-step approach to designing calciners for CO, capture. Calciners with oxy-fuel
combustion should be operated at 930-965 °C to achieve sufficient sorbent regeneration. Indirectly
heated calciners should operate at 950 °C to achieve high performance. Lower temperatures (e.g.,
900°C) are also possible if steam is used for fluidization. Considerations regarding particle

residence time are also discussed. Our guidelines are straightforward and enable the design of a
calciner with simple calculations.
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Scale-up

Carbonate looping (Cal) is a CO5 capture technology with the potential to efficiently decarbonize power plants
and carbon-intensive industries, such as cement and lime production. Many pilot tests have demonstrated the
feasibility of operating CaL in oxy-fuel and indirect-heating (IHCaL) modes. Still, there is no commercial facility
in operation or planning. To support the scale-up of the technology, reliable reactor models are required.
However, little progress has been made in calciner modeling in recent years. The available models are either too
demanding in terms of computation complexity or lack support from empirical data. In this work, we develop a
novel calciner model by combining a particle sub-model with a one-dimensional reactor sub-model. The model is
validated with results from experiments in two different pilot plants in the 300-kWy, and 1-MWy, scales. The
predictions of the model are interpreted using stochastic methods and dimensionless numbers. Furthermore, we
introduce a three-step approach to designing calciners for CO, capture. Calciners with oxy-fuel combustion
should be operated at 930-965 °C to achieve sufficient sorbent regeneration. For indirectly heated calciners, an
operating temperature of 950 °C is necessary for high performance, but lower temperatures (e.g., 900 °C) are also
possible using steam for fluidization. Considerations regarding particle residence time are also discussed. Our

guidelines are straightforward and enable the design of a calciner with simple calculations.

1. Introduction

Concern over rising atmospheric CO, concentration has driven many
researchers and engineers to develop processes for capturing anthro-
pogenic COy [1,2]. Amine-based absorption is regarded as the most
mature COj-capture technology [3,4]. However, it presents serious
challenges in terms of energy requirements (currently, ~ 4 GJ/tcoz),
solvent degradation, and solvent emissions [5]. This is why different
sorbents and alternative CO, capture methods, with the potential to
lower capture costs and energy penalties, are currently being widely
investigated [3,6].

The carbonate looping process is an emerging technology for CO,
capture based on the reversible gas-solid reaction between CO, and
solid particles (i.e., carbonation reaction) [6]. It has been studied for a
quarter of a century since its first proposal by Shimizu et al. [7]. The
sorbents suggested for the carbonate looping process include CaO (from
limestone), MgO (from dolomite), and synthetic materials such as doped
CaO [8,9]. The calcium looping (CaL) process is the carbonate looping
technology that uses calcium oxide (CaO) as the main sorbent for
capturing CO». It is the most prominent carbonate looping technology

* Corresponding author.
E-mail address: martin.greco@est.tu-darmstadt.de (M. Greco-Coppi).

https://doi.org/10.1016/j.fuel.2024.133931

due to its ability to achieve the highest CO, uptake per unit mass and
favorable kinetics [8]. As a result, the terms “carbonate looping” and
“calcium looping” are widely regarded as synonyms (cf. [8,10]). The
carbonation of CaO is a fast reaction that occurs at high temperatures (~
650 °C), enabling efficient CaL integration schemes through heat re-
covery and power generation [11-14].

The operating principle of the CaL process is illustrated in Fig. 1. The
off-gas enters the carbonator (left) where the CO, is captured via
carbonation of CaO. The decarbonized gas stream leaves the carbonator
toward the stack, where it is released to the atmosphere after recovering
heat (e.g., to produce steam) and conditioning (e.g., filtering). The
carbonated sorbent then flows into the calciner for regeneration (right).
Here, the CaCO3 generated by carbonation and the fresh sorbent are
calcined to obtain active, lean sorbent (CaO). The standard CaL uses an
oxy-fired calciner (top-right), which requires O3 and fuel for operation.
One advantage of the CaL process is its flexibility in terms of feed-stock
options (biomass, waste-derived fuels, coal) [15-17], as well as its
response to load changes [18]. Indirectly heating the calciner (bottom-
right) makes it possible to burn the fuels with air in an external
combustor, which has advantages in terms of energy-efficiency and
operating costs [19]. For indirect heating, the use of a heat-pipes heat
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Nomenclature

Latin symbols

A; Internal section area of the calciner (m?)

Co Preexponential factor for the adsorption rate (Pa—)

Cco2 Concentration of CO, (mol/m®)

d, Particle diameter (m)

DF Dimensionless driving force (—)

E, Activation energy for the adsorption rate (J/mol)

E. Activation energy for the kinetic rate (J/mol)

Ecale Calciner efficiency (%)

E(t) Residence time distribution (s™1)

f Form function (particle kinetics) (—)

fa Fraction of particles that exit the reactor before complete
calcination (—)

Fcoa Molar flow rate of CO, (mol/s)

Fy Molar flow rate of make-up CaCO3 (mol/s)

FEOZ’Om Maximum outlet molar flow of CO, (for full calcination)

(mol/s)

Fr; Fryo Molar circulation rate of calcium species w/o0 make-up; w/
make-up (mol/s)

Fintet; Finert; FISh - Molar flow rate of gas into the calciner: total; gases

other than CO,; fresh steam (mol/s)

G;s Specific solid circulation (kg/(m? s))
h Influence of CO, concentration on the reaction rate (—)
Hp; Hi  Reactor height (internal); reactor bed height (dense

region) (m)

ke k Particle kinetic rate; apparent kinetic rate (k = k. h) (1/s)

ky; ke Global reaction rate; mean k, (1/s)

ko Preexponential factor for the kinetic rate (1/s)

K, Reactor global reaction rate (mol/(m? s))

M; Molar mass of “i” (kg/mol)

n Number of active sites (L) occupied by each molecule of
CO,, chemisorbed (—)

n, Reaction order (—)

Nca Calciner molar inventory of calcium species (mol)
Nco2; Ncao Moles of CO5; of CaO (mol)

P Reactor pressure (Pa)

DPco2; Pcoz,in onz CO,, partial pressure; inlet; equivalent (Pa)

Dcozeq  Equilibrium CO, partial pressure (Pa)

Pcozoue  Outlet CO, partial pressure for full calcination (Pa)
Ry Universal gas constant; R, = 8.314 J/(mol K)

SR Steam ratio (kgnz0/kgco2)

t; t, Time (in the reactor); calcination time (s)

T Temperature (°C)

Ug; Up,oue  Superficial gas velocity; at the reactor outlet (m/s)
Vs,a; Vgas Volume of potentially active solids; of gas (m>

X Molar fraction of CaCO3 in calcium species (CaO and
CaCO3) (molcacos/molc,)

Xearb Fraction of CaCOj3 in the solids stream leaving the
carbonator (mean) (molcacoz/molc,)

Xearb Fraction of CaCOj3 in the solids stream entering the calciner
(mean) (molcacos/molc,)

Xeale Mean fraction of CaCOj3 in the calciner/leaving the calciner
(molcacos/molca,)

Z Distance to reactor bottom (m)

Greek symbols

a Reaction progress (—)

AFEO2 Maximum CO, formation in the calciner (for full
calcination) (mol/s)

& Mean solid volume fraction (—)

n Mean gas-solid contact efficiency (%)

0 Fraction of active sites occupied by CO5 (—)

I3 Volume ratio of potentially active solids (m3/m®%)

Ps.a Apparent density of potentially active solids (kg/m>)

o Standard deviation (normal distribution) (—)

T Mean (particle) residence time (s)

Tact Active (mean particle residence) time (s)

Dimensionless active (mean particle residence) time (—)

Subscripts and superscripts

calc Calciner

carb Carbonator

eq Equilibrium

inert Inert gas (H20, N, etc.)

in Inlet

out Outlet

s,a Potentially active solids

BFB Bubbling fluidized bed

CalL Carbonate looping (also calcium looping)
CFB Circulating fluidized bed

EGR Exhaust gas recirculation

IHCal.  Indirectly heated carbonate looping
RTD Residence time distribution

TU Technical University (of Darmstadt)

exchanger is the only concept that has been successfully demonstrated in
pilot tests [20]. Since no oxygen is required for the calciner, fluidization
can be achieved through exhaust gas recirculation (EGR), steam utili-
zation, or a combination of both (see also [21]). The flue gas generated
in the combustor is transferred to the carbonator for CO; capture. There
are different concepts for integrating IHCaL technology into different
industrial processes [11,22,23].

CalL technology has the potential to decarbonize industrial processes
with minimal penalties. This is especially true when synergies involving
spent-sorbent utilization and heat recovery are effectively leveraged. In
recent years, the application of CaL in the lime and cement industries
has been intensively studied due to the high CO5 emissions from the
calcination of CaCO3, which can only be avoided with carbon capture

[24]. Previous studies on oxy-fired CaL have reported CO, avoidance
costs' in the range of 30-39 €/tcozav for power plants [27,28], and
53-84 €/tcoz,av for cement production facilities [29,30]. These numbers
are low compared to the avoidance costs associated with MEA scrubbing
(approximately 100 €/tco2,av for cement plants) [29]. CaL has also been
proposed for industrial processes beyond cement production [31]. The
indirectly heated carbonate looping (IHCaL) uses an external combustor to
generate the heat for sorbent regeneration, thus eliminating the
requirement for pure O,. The IHCaL has the potential to further decrease
the cost of CO, capture to approximately 30 €/tco2,av for power plants
[27] and less than 50 €/tcoz,av for lime and cement production [19,32].

Since the beginning of the last decade, extensive experimental work

1 These and the following costs have been adjusted to the prices of March
2024 with the Chemical Engineering Plant Cost Index [25,26]. Where the
reference year was not available, the date of manuscript submission was used
for indexing.
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Fig. 1. Scheme of the carbonate looping (Cal) displaying two variations of
calciner operation: oxy-fired (top) and indirectly heated (bottom).

has been conducted in semi-industrial facilities [33]. The oxy-fired CaL
process has been demonstrated in many pilot tests. The major test fa-
cilities are located in Stuttgart (200 kWy,) [34-36] and Darmstadt (1
MWy,) [16,37], Germany; La Pereda, Spain (1.7 MWy,) [38,39]; and
Heping, Taiwan (1.9 MWy,) [40]. Firing various types of fuels in the
calciner was successfully demonstrated, including hard coal and lignite
[41], solid recovered fuels [42], and biomass pellets [17]. The
achievement of CO3 capture rates higher than 99 % in a CaL pilot plant
has been recently reported by Arias et al. [17]. Recently, Magli et al.
[43] conducted tests at a pilot facility built in situ at a cement plant in
Vernasca, Italy, which features a 105-m entrained-flow carbonator [44].
To date, the only pilot tests of the IHCaL process using a heat-pipes heat
exchanger [45] were performed at a 300-kWy, pilot facility at the
Technical University of Darmstadt, Germany [46]. These tests included
operating conditions relevant to power plants [20], and lime and cement
plants [47]. Recently, Hofmann et al. [48] operated the IHCaL facility by
co-firing propane with both dried lignite and refuse-derived fuel. Apart
from empirical data from semi-industrial facilities, reliable reactor
models are essential for interpreting experimental results and scaling up
CaL and IHCaL technology for commercial operation.

The carbonator is one of the main reactors in the CaL process. It has
been the object of considerable modeling work [49-55]. On the other
hand, only a few calciner models for CaL are available in the open
literature [56]. Ylatalo [57] studied a 1.7-MWy, oxy-fired pilot calciner.
They used a steady-state, three-dimensional (3-D) calciner model and a
steady-state, one-dimensional (1-D) process model. Their 3-D model
solves the fundamental balance equations of fluidized bed operation
using the control volume method. They also included semi-empirical
equations to describe solid entrainment, chemical reactions, and heat
transfer, thus reducing computational effort. Both the 1-D and 3-D ap-
proaches yielded similar results. However, they did not validate their
models with experimental data. Kanellis et al. [58,59] developed two 3-
D CFD models capable of predicting empirical results from a single
operating point of the IHCaL pilot plant at TU Darmstadt [20], namely
the pressure profile, the CO, concentration at the calciner exit, and the
COy production rate. They used two different modeling strategies,
obtaining similar results: their first model uses an Eulerian-Eulerian
approach (Two Fluid Model [60], TFM), and their second model uses
an Eulerian-Lagrangian framework (Dense Discrete Phase Model [61],
DDPM). In both models, the drag coefficient is calculated with a sub-grid
energy minimization multiscale (EMMS) scheme, and the calcination
kinetics are described with the changing grain size model (CGSM)
developed by Garcia-Labiano et al. [62]. Hoftberger et al. [45] modeled
the heat transfer with heat pipes in a bench test rig using semi-empirical
equations for heat transfer between fluidized beds and immersed heat-
ing surfaces [63]. Martinez et al. [64] developed a simple calciner model
based on a basic description of the fluid dynamics and a grain model for
the calcination [65]. This model is useful for preliminary calculations
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but does not include the effect of COy concentration gradients in the
calciner.

Despite commendable efforts in calciner modeling, the available
numerical studies are not sufficiently supported by empirical data from
relevant pilot tests. Moreover, existing detailed models are often too
complex, allowing for the computation of only a limited number of
operating points within a reasonable timeframe. Recently, Greco-Coppi
et al. [55] highlighted that poor calciner performance may limit CO,
removal efficiency by reducing the sorbent’s capacity to capture CO,
(see also [66,67]). This observation was based on a one-dimensional
carbonator model and the results of pilot tests. The commercialization
of carbonate looping technology requires simple yet precise design
guidelines for calciners, which still need to be developed.

The objective of this study is to establish a method to efficiently
analyze and design calciners for COy capture with carbonate looping
technology. For this, a new calciner model is developed based on data
from thermogravimetric analysis and observations from pilot-plant op-
erations. The model consists of two sub-models, which are connected
through a mass balance and are solved iteratively until convergence. The
results of the models are validated using empirical data from two
different pilot plants: a 300-kWy, IHCaL plant, and a 1-MWy, oxy-fired
CalL plant. Lastly, the model is processed using a stochastic methodol-
ogy and dimensionless numbers to generate guidelines for calciner
design without requiring complex calculations.

2. Experimental methods

In this section, the experimental tests used to obtain the empirical
data for the model development and validation are reported. The tests
were: (i) thermogravimetric analysis, (ii) pilot tests of the IHCaL process
with heat pipes (300-kWy, scale), and (iii) pilot tests of the oxy-fired CaL
process (1-MWy, scale).

2.1. Thermogravimetric analysis

To obtain the main kinetic parameters for the models, thermogra-
vimetric analyses (TGA) were performed at the Technical University of
Darmstadt using an STA 449 F3 Jupiter TGA from the company Netzsch
[68]. The analyzed samples consisted of 3 mg of the sorbent used in the
pilot tests, specifically Messinghausen limestone (98.3 wt% CaO; see
Table S.1). For the TGA tests, the particle size of the samples was
106-200 pm. The temperatures were varied between 850 °C and 875 °C,
and the CO; partial pressure was in the range 10-70 kPa. A more detail
description of the methodology of the tests is available in a previous
publication [55]. The main TGA results are included in Fig. 3 along with
the corresponding results from the particle sub-model. The results from
all TGA test points are available in the Supplementary Material (Figure
S.4).

2.2. Indirectly heated Cal pilot tests

The 300-kWy, IHCal pilot plant at TU Darmstadt [46] was
commissioned in 2015. It is the largest IHCaL plant ever operated.
Recently, this plant has been expanded with a gas tract to feed the
combustor’s flue gas into the carbonator [48]. The calciner of this pilot
plant is a bubbling bed fluidized with air. The height of the bed is
determined by the solid outlet, which is located 1.9 m from the bottom
of the reactor. The mean particle residence time was ca. 20 min
throughout the pilot tests. For the validation, the pilot plant tests re-
ported by Reitz et al. [46] were considered. The balancing of the system
to obtain the circulation rates and the carbonation rates after the
calciner (X 1) was performed according to Reitz [69]. The inputs for the
calciner model were obtained from one-hour averages of the operating
parameters, according to measurements from pilot tests (see [55]). The
calcination efficiency was computed from the X, values obtained from
solid samples and the X, values were calculated from mass and energy
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balances [69]. The temperature input for the reactor model was taken
from the temperature measurements in the reactor (see Supplementary
material, Figure S.1).

2.3. Oxy-fired Cal pilot tests

The 1-MWy, plant at TU Darmstadt was commissioned in the year
2011 [70]. The plant’s calciner is an 11-meter-high circulating fluidized
bed (CFB). The heat for the calcination is obtained through oxy-fuel
combustion in the calciner. A detailed description of the components
and capabilities of this plant can be found elsewhere [41,71]. The
relevant specifications of both pilot plants are summarized in Table 1.

3. Theory and calculation
3.1. The calcination reaction

The regeneration of the sorbent and the release of COz in a high-
purity stream (>95 vol-%gp) are carried out in the calciner. This oc-
curs through the calcination reaction (see Eq. (1)), which takes place
due to the increase in the equilibrium CO, partial pressure (pco2,eq)
caused by the temperature rise. The energy for the reaction is obtained
through the combustion of fuels, either in an external combustion
chamber (IHCaL) or in situ using pure oxygen (oxy-fired CaL).

CaCOs(s) & CaO (s)+CO,(g) @

The direction in which this reversible reaction takes place depends on
the operating temperature (T) and CO3 partial pressure. In this study, the
equilibrium CO; partial pressure (pcozeq) is calculated with the
expression from Garcia Labiano et al. [62], based on thermochemical
data from [73]:

—20474

T 127315 P2 &)

Pcozeq = 4.137 10" exp
In Fig. 2, this expression is compared with others from the literature. The
range of operation is displayed for the IHCaL pilot calciner, oxy-fired
calciners, and commercial CaL calciners (including IHCaL) as well.
The expression used by Silcox et al. [74], originally derived from [75],
gives equilibrium partial pressures approximately 3 % lower than those
obtained with Eq. (2). Historical correlations have been discussed by
Steiner [76], the most prominent of which are included in Fig. 2, using
their reported ranges of validity. Sometimes, correlations from Baker’s
data [77] are used in calciner studies. However, Baker’s tests were
conducted at high pressures (1-300 atm), which are not representative
of typical CaL operation.
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Fig. 2. Equilibrium CO; partial pressure for carbonation-calcination calculated
using the correlations from Garcia Labiano et al. [62], and Silcox et al. [74].
Historical correlations [76] derived from empirical data are plotted with
markers only for their range of validity.

3.2. Main operating parameters

In the present section, the main operating parameters and key per-
formance indicators (KPIs) of the IHCaL process are presented. The
sorbent carbonation degree (X) is defined in Eq. (3). The main molar
flows (F) of sorbent and CO3 in a CaL plant are illustrated in Figure S.2.

moles of CaCO;
moles of Ca

X 3

The sorbent molar flow rates are Fg, for the sorbent circulation between
the carbonator and calciner, and F; for the fresh make-up. We assume
that all solids exit the system in a single purge stream, located down-
stream of the calciner, with a molar flow rate of Fy. The make-up stream
consists of pure CaCOj3 unless otherwise stated. The total CO2 molar flow
rate into the carbonator is denoted with Fcos.

The molar flow rates of sorbent determine how many times, on
average, a particle cycles between the calciner and the carbonator. High
make-up rates (Fp) ensure high sorbent activity. Sufficiently high

Table 1
Plant specifications and operating conditions of the pilot facilities used to validate the calciner model.
Parameter IHCaL pilot tests [20] Cal pilot tests [72] Unit
Plant specifications (calciner)
Nominal thermal power — 300 1000 kW,
- BFB CFB -

Calciner operating mode
Calciner heat input
Fluidization type

Indirect (heat-pipes HX)
Air

Oxy-fuel combustion
O, + flue gas recirculation

Calciner cross section (internal) - 1.05 x 0.3 ?0.4 m

Calciner height (internal) H, 1.91 11 m

Operating conditions (calciner)

Temperature T 840-860 (average at outlet) 820-920 (average) °C

Solid circulation G 0.8-2.7 1.9-4.2 kg/(m?s)
Specific make-up Fo/A; 0-1.3 0.1-1.0 mol/(mzs)
Superficial gas velocity Uo, out 0.25-0.34 4.5-6.0 m/s
Carbonation at reactor inlet Xcarb 0.02-0.20 0.04-0.06 molcacos/molc,
Active time Tact 120-480 4-18 min

Inlet CO; partial pressure Pcoz,in 0 30-40 kPa
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Fig. 3. Results from TGA fitted with (a) a volumetric shrinking model (R3), and (b) a surface shrinking model (R2); for different temperature and CO, par-

tial pressures.

circulation rates (FR) are one of the requirements for capturing CO2 with
a high capture efficiency (> 90 %) in the carbonator. Since high molar
flow rates of sorbent are associated with increased energy requirements
and costs, a compromise is necessary [11]. Furthermore, high calciner
performance is required to ensure that sufficient lean sorbent enters the
carbonator to capture CO3 [54].

Apart from the flow rates and carbonation degrees, the calciner ge-
ometry, operating temperature (T), operating pressure (p), and CO5
partial pressure (pcoz) are necessary to simulate the reactor perfor-
mance. We use experimental data and results from the pilot tests for the
validation of our model. The instrumentation of the pilot plant, as well
as the methodology to obtain empirical results, are explained elsewhere
[20,54,55,69].

3.3. Key parameters and performance indicators

The calciner efficiency (Eca1c) is an indicator of calciner performance.
It is defined as the ratio of moles of CaCO3 calcined to the total moles of
CaCOs3 entering the calciner [64]. It is generally calculated using the

carbonation degree (X) upstream and downstream of the calciner, X,
and Xcq)c, respectively (see Figure S.2). Mathematically:

moles of CaCOj; calcined Xearb — Xeale )

moles of CaCO; introduced - Xearb

Ecalc =

For the calculations in the calciner, it is advantageous to consider the
mean conditions of the sorbent at the calciner inlet. For this, the average

carbonation rate at the inlet of the calciner, X .1, is defined:

Xearb = (Xeary Fr + Fy)/(Fr + Fo) )
To simplify equations, it is convenient to define the total active flow into
the calciner (Fg.o) as:

Fro =Fr+Fy (6)
Another useful parameter for the reactor model is the mean particle

residence time (7). It can be calculated considering the reactor molar
inventory (Ncy) and the molar flow:

7 = Nca/Fr+o )]
Previous works proposed an active mean particle residence time (zact) Or

active time of the calciner to interpret results from pilot plant operation
(see [20] and cf. [78]). This parameter is defined as:

Tact = T/Xcarb (8)

However, 7, alone is not a good explanatory variable of calciner per-
formance because it does not incorporate the effects of pcoz and T, which
are the main drivers of calcination. To address this issue, we develop two
dimensionless parameters for assessing the calciner operation, as
detailed below.

Dividing 7, to remove the influence of the solid inventory gives:
Tact/Nca = Xearb FR+0)’1 .This value can be related to the CO, formation.
A theoretical maximum CO; formation in the calciner (AFgy,) corre-
sponds to full calcination, according to: AFéO2 = Frio Xearb =
(Tact /NCa)’l. The maximum outlet molar flow of CO, (Féoz) can be
calculated by balancing the calciner:

Feo.out = Feozin + AF, 9

Using the inlet partial pressure of CO2 (pcoz,in) and the reactor pressure
(p), an expression for the maximum pcoz at the outlet (Pgoy o), COITE-
sponding to full calcination, is obtained:

. — 41
Pco2,out :p/{l + {XcaerRJrO/Finert - (1 —p/pcoz_in) ! ] } (10)

Here, Finer¢ is the molar flow rate of gas other than CO, entering the
calciner. The driving force for the calciner performance (DF) is defined
as:

DF = Pcoz.eq /pZOZ.out a1

In explicit form, from input variables:

14 ! 12)

XearnFrr0/Finert — (1 *P/pcoz,inY1

DF — Dco2,eq
p

The driving force (DF) determines the CO, formation at the calciner
outlet (see Eq. (11)). DF is a better fitting parameter than 7, for several
reasons. Firstly, it considers the input from X4, and Fgo. Secondly, it
incorporates the influence of gases other than CO,, such as air or steam
(Finert)- Thirdly, it depends on the calcination temperature (T), which is a
key parameter for calciner operation. This influence is not always clear
in the pilot operation because of the relatively constant time-averaged
value of T at the calciner outlet throughout the pilot tests.



204

M. Greco-Coppi et al.

Finally, we introduce a dimensionless active mean particle residence
time (1), or dimensionless active time, to assess the influence of the
particle residence time on the calciner efficiency. This parameter is
based on the ratio of mean residence time (z) to calcination time (t.),
which drives the calciner performance (see Eq. (27) and Figure S.4).
Using our particle model (see Section 4.1 and Eq. (19)), we define r;ct as
follows:

B T Tact
= =" 1
Tact 3Xcarb/ kc 3/ kc ( 3)

Here, 3 Xcarb/k. represents the calcination time (t,) without the function
h that accounts for the influence of the CO5 partial pressure, as this effect
is already incorporated with DF. The factor 3 depends on the form
function f (Eq. (18)) and should be adjusted if a different function f is
used. We recommend only using 7,

2t i conjunction with DF, as
explained in Section 5.4.2.

4. Modeling

In this Section, the development of the calciner model is discussed.
The model is composed of two main sub-models:

i. a particle sub-model, which considers the particle conversion and
reaction kinetics, and

ii. a reactor sub-model for the calculation of the CO, concentration
throughout the reactor height.

For all calculations, the reactor pressure is determined as the average
of pressure measurements. In cases where no pressure measurements are
available, we assumed p = 101.3 kPa. The temperature gradients are
neglected, meaning that a unique reactor temperature is considered for
the calculations. In the bubbling bed calciner, the coldest areas of the
reactor—approximately 50 °C lower than the mean reactor temperature
(see Figure S.1, middle)—can be considered inactive regions where no
calcination occurs. These regions effectively decrease the particle resi-
dence times. Since the mean particle residence times are much longer
than the calcination times for IHCaL operation, it is reasonable to
neglect the influence of the low temperatures in the coldest areas, which
are located far from the lean-sorbent outlet (see Fig. 14 for the influence
of the particle residence time). For the circulating fluidized bed (CFB)
calciner, this assumption is justified by the moderate temperature gra-
dients that primarily occur at the bottom of the reactor [72]. For the
bubbling bed calciner, the temperature at the sorbent outlet is used. For
the circulating fluidized bed, the maximum reactor temperature corre-
sponding to the temperature of the major part of the reactor (excluding
the bottom) is used.

There are good reasons to expect strong CO, partial pressure (pco2)
gradients in the vertical direction. Even though there were no in-bed
measurements during the pilot campaigns, the directionality of the gas
flow (upwards) let us expect a rapid increase of the CO, concentration
close to the inlet, as is typical of catalytic first-order reactors. Further-
more, results from three-dimensional modeling indicate exponential-
like CO2 concentration profiles along the reactor height for IHCaL
[58,59] and oxy-fired CaL [57] calciners, with lower CO; concentrations
at the bottom and higher at the top. To include the effects of pressure
gradients in our model, we introduce an equivalent CO, partial pressure
(Pcoo) that gives the same average conversion as the exact solution. The
value of pg, is calculated by introducing a one-dimensional reactor sub-
model (see Section 4.3) that allows for CO, concentration gradients in
the vertical axis. Lastly, p.o, is obtained by computing the reactor and
particle models iteratively, and by balancing the mass of the reactor
system.

The ranges of operating T and pco2 for the calciner during the pilot
tests and for the commercial plants are illustrated in Fig. 2. For the
IHCaL pilot tests [20], the operation temperatures were lower than 900
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°C, and good calciner performance was achieved for some balance
points. The relatively low temperatures were sufficient for the calcina-
tion because the fluidization was carried out with air; and, thus, the CO5
partial pressure was limited to approximately 30 kPa at the reactor
outlet. For industrial facilities, the calciner will be fluidized with CO5
and steam. From a thermodynamic and economic point of view, it is
desired to minimize the amount of steam. However, using steam lowers
the required calcination temperature, which is advantageous to avoid
failure of components (e.g., heat pipes) and agglomeration problems.
The optimization of the amount of steam and the operating temperature
is discussed in Section 5.4.2.

4.1. Particle sub-model

Different mechanisms limit the reaction rate of the calcination, but
there is no consensus on which are relevant for the modeling [79]. These
mechanisms include the heat transfer between the particle and the re-
action boundary layer, the internal and external mass transfer of CO,,
and the chemical reaction [80].

Khinast et al. [81] performed limestone calcination experiments with
low partial pressures (0-6.5 kPa) and small particles of limestone
(7.5-90 pm). They observed that particle size only limits the calcination
rate for fast kinetics corresponding to very low CO partial pressures
relative to the equilibrium CO partial pressure. Since high CO, partial
pressures are typical in calciners for CaL applications, the effect of mass
transfer related to particle size may be neglected. This is further sup-
ported by other studies that use much larger particle sizes up to ca. 2 mm
[62,65,82]. A more thorough discussion on reaction mechanisms is
available elsewhere [56,79]. The calcination kinetics of fine sorbent
particles (d, ~100-300 pm) can be reasonably modeled with the
following differential equation [79]:

d(Xcarb — Xeale (t) )/dt =k f(Xcalc (t) ); k= kc(T) h(Pcoz; T) a4
Here, k is the apparent kinetic rate; k. is the kinetic reaction rate con-
stant, which depends on the reaction temperature; f is the form function
that describes how the reaction rate variates with the reaction progress;
and h is the function describing the dependency on pco2 and pcoz,eq-
Using the reaction progress (@), Eq. (14) can be rewritten as:

da/dt = X71 a= (Xcarb - Xcalc (t) )/Xcarb (15)

carb

k. f h;

It is assumed that T is constant throughout the entire reactor; thus, pcoz,eq,
which depends on T, is also constant and is calculated using Eq. (2) (see
Fig. 2). The reaction rate, k.(T), is modeled with the Arrhenius equation:

k.(T) = koexp( — E./R,T) (16)

Here, E, is the activation energy, ko is the pre-exponential factor, and R,
is the universal gas constant. The function f(X,) is the mathematical
expression of the reaction mechanism, which is usually determined with
TGA analysis. This is achieved by keeping T and pco2 constant while
measuring the evolution of X with time and obtaining k (1/s) for the
best-fitting f. Different mechanisms have been proposed [79], but, until
now, the best procedure to select the appropriate one is to fit experi-
mental data.

The experimental TGA data (see Section 2.1) for the Messinghausen
limestone, which was the sorbent in the pilot tests (see Sections 2.2 and
2.3), is illustrated in Fig. 3. The best fit was achieved with a phase
boundary reaction mechanism with shrinking volume (R3, Fig. 3.a, Eq.
(17)); thus, it was adopted in our model. The shrinking surface mecha-
nism (R2, see Fig. 3.b) also provided a good fit. The complete dataset,
including quantitative data of the fit, is available in the Supplementary
Material (Figure S.3). The R2 and R3 mechanisms also fit the data from
limestone calcination in previous studies (e.g., [83], and [84] respec-
tively). The differential equation for the calcination with an R3 mech-
anism is:
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dajdt = X1 k. (1 —a)”*h a7)
Thus,
f= (1-a)? (18)

If the reactor temperature (T) and CO; partial pressure are constant, Eq.
(17) can be solved analytically. Considering a generic particle in a
reactor and integrating from O s to any time ¢, the following expression is
obtained:

t 3 3Xcarb
a(t)zlf(lfg), = i 19)

During the TGA tests (see Fig. 4), the calcination rate falls rapidly with
partial pressures close to the equilibrium (pco2/pcoz,eq = 0.5), and near
equilibrium (pco2/pcoz,eq ~ 0.8) there is no calcination. The points with
no calcination in the TGA tests are indicated with k. = Oin Fig. 4. A
similar behavior has already been described in the literature. Khinast
et al. [81] reported that the calcination rate decays exponentially with
increasing CO, partial pressure. Wang et al. [85] operated a fluidized
bed reactor in a 100 % CO, atmosphere at various temperatures and
observed a strong influence of the equilibrium CO, partial pressure
(Pco2,eq)- Valverde [86] saw that for pressures close to the equilibrium,
the reaction rates are slower than what lineal models predict. He
attributed this to an exothermicity related to a crystallographic struc-
tural transformation of CaO and proposed a model that allows for
negative deactivation energies. Dennis and Hayhurst [82] observed that
the calcination rates were lower at higher total pressures. They fitted
their TGA calcination data assuming the existence of a spurious pcoz,eq
lower than the pcog,eq obtained from thermodynamic data. Only after
introducing the spurious pcoz,eq, they achieved a good fit, but they could
not explain the physical significance of this assumption. Fernandez et al.
[87] observed a similar behavior in the calcination of cement raw meal.
In their work, they saw that the minimum temperature required to start
the calcination, for the same CO5 partial pressure, varied from one raw
meal type to another. Garcfa-Labiano et al. [62] performed calcination
TGA tests with limestone and dolomite under varying conditions of total
pressure and CO, partial pressure. They reported that a linear de-
pendency with pco2 — Pcoz,eq Underestimated the limiting effect of pco2
for high CO; concentrations. They proposed to model this effect with a
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Fig. 4. Calcination apparent kinetic rate (k = k. h) for different temperatures
and CO, partial pressures (pcoz). The circles represent the data from TGA-
analysis. The broken lines correspond to the fitted model. The corresponding
equilibrium temperatures are displayed for reference. It is noteworthy that
much lower pco» than the equilibrium CO- partial pressure is required to start
the calcination. The color of the markers and the lines indicate the temperature:
gray (darker) for 850 °C, and red (lighter) for 875 °C.
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Langmuir-Hinshelwood kinetic-type model along with a Freundlich
adsorption isotherm. This model considers that available active sites on
the CaCOj3 surface are required for the calcination to take place, due to
an adsorption—desorption process:

CaCO; +nL & CaO + nL(CO,) (20)

Here, n represents the number of active sites L occupied by each mole-
cule of CO, chemisorbed, nL(COs). Generally, n varies between 0 and 2
in the adsorption processes. Garcia-Labiano et al. [62] reported agree-
ment with their experimental data using n = 2. The same approach is
followed in this work.

The mathematical expression for h with the correction factor of the
Freundlich adsorption isotherm and n = 2 [62] is:

h= (1 - 9) <1 —Pcoz(t)/Pcoz.eq >; 0= Cpcoz(t)l/2 21

Here, c is an empirical constant that depends on T, according to an
Arrhenius-type model:

¢ = coexp( — E;/R,T) (22)

An alternative expression for h, used in a previous calciner model [64],
is included in the Supplementary Material (Eq. (S.1)). The data was
successfully fit with Eq. (21) (see Fig. 3). Our fitting constants, reported
in Table 2, are consistent with values found in the literature, e.g.
[62,88].

The expression in Eq. (21) along with a shrinking core model (Eq.
(19)) fit our TGA results (d, ~ 200 pm) and those from Garcia-Labiano
et al. [62], who tested limestone with particle sizes up to 2 mm, which
indicates that this model is applicable to a wide range of particle sizes.
The complete explicit equation of the reaction rate used in our model is
included in the Supplementary Material (Eq. (S.3)).

4.2. Residence time distribution

The total calcination at the exit of the calciner is calculated consid-
ering the contributions of each particle, weighed with a residence time
distribution (RTD) E(t):

Y rb Xca c *
AﬂgggL:/‘agugm (23)
Xcarb 0

Ecac =

Here, t is the residence time of a particle, i.e., the time until the particle
exits the reactor, and X..rp, is the average X value at the entrance of the
calciner, which can be calculated with Eq. (5). The conversion of a
particle after a residence time t can be calculated with Eq. (19).

Eq. (23) is solved assuming perfect mixing of the particles in the
calciner, which is an accepted assumption for modeling fluidized beds at
this level of detail, including calciners [7,49,64,89]. With this assump-
tion, the residence time distribution is:

E(t) = v 'exp( —t/7) 24)

Here 7 is the mean residence time of the particles in the reactor (Eq. (7)).

Table 2
Model constants obtained with experimental data from TGA analysis of Mes-
singhausen limestone (pcoz = 10-65 kPa; T = 850-875 °C).

Chemical reaction

E. (kJ/mol) 118
ko (1/s) 1.84-10*

Adsorption mechanism

E, (kJ/mol) _89
co (Pa %) 4.72.10 7




206

M. Greco-Coppi et al.

4.2.1. Calcination efficiency
The calcination efficiency is calculated using Eqgs. (23) and (24):

Eale = / ‘ (x(t)w dt+(1-f£,) (25)

Here, f, is the fraction of particles that exit the reactor before t, and are
therefore not fully calcined. Assuming perfect mixing of particles, f; is
calculated with Eq. (26) [64].

fa=1—exp(—t/7) (26)
Lastly, replacing with Eq. (19) and integrating gives:
Ecac = 6 fu(t/t.)> — 6(1/t.)* + 3(1/t.) 27)

The calcination time (¢.) is obtained from Eq. (19). Since this parameter
depends on the CO, partial pressure, which variates throughout the
reactor, the calculation of ¢ is performed using the value of p¢, from
the iteration with the reactor sub-model (see Section 4.4). Previous
studies used a simplification, which is compared to our model in Sec-
tions 4.2 and 4.6 of the Supplementary Material. The predictions of our
model and the simplified approach are illustrated in Figure S.3 and
Figure S.5. To achieve an efficiency of 90 % in the calciner, a mean
residence time of 7 = 2 t, is required.

The CO2 formation rate during calcination is largely constant and
independent of the carbonation rate of the particles entering the calciner
[65]. Particles leaving the carbonator with a low CaCOs content calcine
in a shorter time than fresh limestone particles fed as make-up (see Eq.
(19)). We use the average CaCOs content of the molar flow at the
entrance of the calciner (X.,;) in our calculations, which results from
the mixture of the make-up flow (Fp) and the sorbent recirculation (Fg)
according to Eq. (5).

4.2.2. Particle global reaction rate
For the reactor sub-model (see Section 4.3), we need to calculate the
global reaction rate k;, defined as:

ke = k(1 — a(t)*® (28)

This definition considers the kinetic constant (k) and the shape function
but omits the dependence on pcoz, h (see Eq. (21)). Since k, depends on
the particle residence time, an average reaction rate k. needs to be
computed. This is done by weighting k, with the particle residence time
distribution:

k — / k. E(t) dt 29)
0

Using Egs. (24) and (28), and considering that there is no reaction after

t:
te —

k. :/ ke(T)(1 = a(t:Peos) )2/3 M dt (30)
0

Replacing the reaction progress and solving the integral gives:
ke = ke(T) [2fa(e/8)” = 2(7/t) +1] @31)

The underlying assumption is that the kinetic rate determined with the
TGA tests is valid for the fluidized bed calciner. Dai et al. [90] observed
that the calcination of limestone particles of ~ 0.8 mm was chemically
controlled in a bubbling fluidized bed operating at 825-925 °C. It is
reasonable to expect that for smaller particles, the kinetic rate will be
chemically controlled, which supports the validity of applying Eq. (28)
in the reactor model.
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4.3. Reactor sub-model

The gas conversion is modeled considering the conversion rate of a
solid-catalyzed reactor. For this, we follow Kunii and Levenspiel [91,
p-2771. The molar rate of formation of COs (dNcoo/dt) is linearly
dependent on h, consistent with the particle sub-model (Section 4.1).
Mathematically, the CO, production in the calciner is:

dNeos / dt=V,, K h; [K]=mol / (M2 e S) (32)

Here, K, is a global reaction rate for the reactor sub-model, and V; , is the
apparent volume of the potentially active sorbent (i.e., CaCO3 and CaO)
[53]. For each mole of CO; generated, one mole of CaCOs is transformed
into CaO. Thus, considering the density and molar mass of the poten-
tially active sorbent (i.e., CaO and CaCOs),

dNCOZ/dt = dNCaO/dt = - Vs‘a (/)sAa/Ms.a) chalc/dt (33)

Using the definition of reaction progress a (see Eq. (15)) in this equation
yields:

dNcoz/dt = Vi (Pga/Msa) Xears  da/dt (34)

Lastly, comparing Eq. (32) and Eq. (34) with Eq. (17) gives an expression
that relates the reactor sub-model with the particle sub-model:

Kr = (ps.a/Ms.a)kc (1 — 0)2/3 (35)

Using Eq. (28), K, can be expressed in terms of the global reaction rate of
the particle model:

K = (psa/Msa)k: (36)

For the reactor sub-model calculations, we need the average global re-

action rate k,, which is obtained from the particle sub-model using Eq.
(31). The COg partial concentration profile is calculated based on the
rate of formation of N¢oa. The formula of Eq. (32) can be rewritten in
terms of CO; concentration by considering the gas volume (Vigys):

dCC02/dt = (Vs.a/Vgas) K. h (37)

To obtain an expression suitable for integration over the height of the
reactor, we neglect radial gradients and consider only the concentration
variation in the vertical axis. With this consideration, the relation be-
tween the volumes of the potentially active solids and the gas can be
written as [54]:

Via/Veas = (& &/uo) dz/dt (38)

Here, & is the solid volume fraction in the bed, while £ denotes the
fraction of potentially active solids to total solids in the reactor, ac-
counting for the presence of inert solids in the bed (e.g., ash, unburnt
fuel, sulfated sorbent) [53]. The free gas velocity (up) increases
throughout the reactor. The value of ug corresponding to the outlet
volume flow rate is used for the calculations since most of the CO5
generation (through calcination) occurs in the lowest part of the reactor.
Using Egs. (37) and (38), and introducing a gas-solid contact efficiency
() to account for the departure from the ideal plow-flow reactor [92],
the following differential equation is obtained:

dCco2/dz = K; h(pcoz; T) nesé/uo (39)

We could not find a sensible analytical solution for this equation using
the function h of Eq. (21). Instead, Eq. (39) was solved numerically by
dividing the bubbling bed into 10* cells of equal height, achieving
convergence with low computational effort (~ 1 ms).
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4.4. Model closure and programming

The model was implemented in MATLAB R2023b. For the compu-
tation of the entire model, we follow a similar approach to previous
works on reactor modeling (mainly [53,54]). This approach consists in
solving the particle and reactor sub-models iteratively until an equiva-
lent COy partial pressure (pgo,) that satisfies the mass balance is ob-
tained. This is achieved using the bisection method of Bolzano [93, p.
53-55]. The input for the particle sub-model is pq,. The input for the
reactor sub-model is K;, which is obtained from the particle sub-model
(Egs. (31) and (36)).

The convergence criterion is the minimization of the relative error in
the calculation of the CO, partial pressure at the reactor outlet (pco2,out)-
With the reactor sub-model (RM), pcoz,out is obtained using the universal
gas constant (R,) and the CO, concentration at z = Hg:

pg}gzour =Cco2(2=Hg) R, T (40)

With the particle sub-model (PM), pco2out is calculated using a gas
molar balance:

p
— (41)
1+ Finert/ (FCOZ,in + FR+OXcarb - Xcalc)

M _
Pcozout =

Here, X, is obtained from the calcination efficiency (Ecqc, see Eq.
(27)):

Xcalc = Xcarb(l - Ecalc) (42)
5. Results and discussion
5.1. Reactor sub-model

Fig. 5 illustrates the CO, partial pressure (pco2) across the carbo-
nator, obtained with the reactor sub-model for varying temperatures (T)
and reaction rates (K,). For these calculations, the reactor pressure (p) is
not an input; thus, the partial pressure is not limited by the total pressure
p. In the complete model, p is considered in the molar balance, limiting
the CO,, partial pressure to p (corresponding to 100 % CO5 atmosphere).
The gas—solid contact efficiency () is set to 10 %. This is a conservative
assumption (cf. [94]) that eliminates the complexity associated with the
estimation of 7. Such estimation would require the use of models based
on empirical constants, which vary considerably with the operating
conditions (e.g., [95]). The impact of 5 on the calciner performance is
considered in the analysis of results (see Sections 5.3.2 and 5.4). Fig. 5.a
shows that the inlet pcoy is zero, which is consistent with air fluidization
and corresponds to the IHCaL pilot tests (see Section 2.2 and Table 1).

(a) Air fluidization (IHCaL pilot)
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The behavior under partial steam fluidization is illustrated in Fig. 5.b.
The partial pressure profiles indicate an asymptotic behavior toward
maximum values pcoz. These values correspond to the saturation CO,
partial pressures that make ¢ = 1, which are lower than the corre-
sponding equilibrium CO5 partial pressures for each T. As expected,
higher temperatures allow for higher pcoz at the reactor outlet. The
reaction constant (K;) has a significant effect in the partial pressure
profile. Although we use a constant 7 in Fig. 5, we vary the value of K;.
Since both 5 and K, are products of the same term in the governing
equation (Eq. (39)), the influence of # can also be inferred from this
figure. The influence of the different parameters of the reactor model,
including 5, on the global reactor performance is discussed in Section 5.

As the efficiency in the calciner increases, the CO, partial pressure
profile becomes less pronounced because almost all the CaCOg inside of
the reactor has already been converted, thus having very slow kinetics
(low K}). In this way, the in-bed measurement of the concentration in the
calciner can be used to evaluate the performance of the reactor during
operation. In-bed concentrations close to the outlet concentrations may
indicate poor performance. On the other hand, lower CO, concentra-
tions in the bed are characteristic of higher calciner efficiencies. This
behavior is case-dependent and should be assessed by considering
whether combustion occurs, the inlet and outlet CO, partial pressures,
and, ultimately, the empirical values of the specific calciner being
evaluated.

5.2. Correlation of empirical data

In previous works, the calciner efficiency (E.q) has been correlated
with the active time (7, (see Eq. (8)). This may be useful for reactors
with very low inventories, in which the mean particle residence time is
in the order of magnitude of the calcination time (< 100 s). In the case of
the indirectly heated carbonate looping (IHCaL), the size of the calciner
is determined by the amount of heat pipes [22]. The reactor inventory
(Nca) does not influence E.y. for the operating conditions of the IHCaL
BFB calciner (see Fig. 6). The mean residence times (=~ 10 min) are much
larger than typical calcination times; therefore, the active time (7,¢) is
not a suitable explanatory variable for analyzing these systems. For the
same reason, the calciner performance is independent of the parameters
of the reactor sub-model, i.e., the reaction rates are generally high
enough for the typical gas residence times. The observations from the
pilot plant data are confirmed from the study of the model developed in
this work. Fig. 6 (right) shows the variation of the Ecy with the mean
residence time (7). The value of 7 only influences the model in high-
performance scenarios, where the rest of the parameters (e.g., Finert)
are highly optimized for enhanced calcination. However, even in those

(b) Steam and CO, fluidization (IHCaL industrial)
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Fig. 5. CO, partial pressure distribution across the reactor height using the reactor sub-model developed in this work. The results are displayed for (a) air fluidization
corresponding to pilot plant operation (pcoz,in = 0 kPa) and (b) industrial operation with CO, recirculation and partial steam fluidization (pcoz,in = 50 kPa). The
following values were assumed for the calculations: ¢ = 1; uy = 0.2 m/s; Hy = 1.91 m; n = 0.1, and ¢ = 0.3.
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Fig. 7. Fitting the pilot-plant data of calciner efficiency with the calciner active time (7,.) (left) and the specific driving force (DF) (right).
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scenarios, 7 becomes a limiting factor at about 7 ~ 1 min, where the
calcination efficiency is already higher than 95 %. Consequently, this
parameter can be safely ignored for 7 > 60 s. The influence of 7 on E¢,c is
further discussed in Section 5.4.

Previous studies [20] fit the calcination efficiency of pilot tests with
Tact- However, as discussed in Section 3.3, DF is a more appropriate
parameter to derive correlations. The data from the IHCaL pilot tests
(see Section 2.2) was fit for 7, (Fig. 7, left) and DF (Fig. 7, right). The
correlation in Fig. 7 (left) is only valid for our pilot plant operation at the
operating temperature of the campaign. In contrast, the correlation of
Fig. 7 (right) is more general and applicable for different operating
conditions and different plant sizes. The model developed in this work
allows to obtain more precise correlations for different operating
temperatures.

5.3. Validation

Validating our model across various operating parameters is essen-
tial to assess its applicability. Consequently, we compared the model
predictions with the results from two pilot plants.

5.3.1. 300-kWy, IHCalL pilot plant

The first validation, using data from the IHCaL pilot plant (see Sec-
tion 2.2), is illustrated in Fig. 8. Fig. 8 (left) illustrates the variation of
the calciner efficiency (Ecq) with the driving force (DF). Here, the
predictions of the calciner model are compared with the values obtained
from experimental data. Fig. 8 (right) is a parity plot of E¢y. comparing
the simulation results with those from experimental data. The model
predictions agree with the empirical values.

5.3.2. 1-MWy, oxy-fired CaL pilot plant

The second validation using data from the oxy-fired pilot plant (see
Section 2.3) is discussed in this section. Strohle et al. [72] analyzed the
performance of a calciner during long-term CO5 capture from flue gases
obtained through the combustion of pulverized coal. Compared to the
experiments used in Section 5.3.1, their operating conditions included
higher temperatures and much lower particle residence times. Due to the
higher dispersion of the empirical values, another approach was used for
the validation. This approach consisted in comparing the experimental
values with the results obtained from many runs of the model with
randomly generated input variables considering the reported operating
ranges (see Table 1). For the independent variables (T and ), a uni-
form distribution was used. The rest of the inputs were generated with a
normal distribution trimmed at the extremes to limit the values to those
of the operating ranges.

The results of the validation with the experimental results from the 1-
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MW, CFB plant are reported in Fig. 9. The values of 7, are ca. 10 times
smaller than those of the indirectly heated plant (cf. Fig. 7, left). How-
ever, there is a similar tendency, indicating the inaccuracy of using 7,
as the main correlation parameter for Ey). Furthermore, increasing only
the residence time (e.g., 100 times, see Figure S.6) does not change the
model’s predictions.

In Fig. 9, the results from the model runs are plotted alongside the
pilot results reported by Strohle et al. [72]. The model predictions align
reasonably well with empirical values. Due to the random inputs used in
the simulations, the model results exhibit dispersion, with most points
aligning in an exponential-like form similar to the experimental results
values.

5.4. Assessment and optimization

In this section, we assess the calciner performance for different
operating conditions and discuss calciner optimization. For this purpose,
we use the calciner model that has been developed and validated in this
study. Since there are several variables involved in our model, we use a
stochastic approach including only the ranges of variation which are
relevant for the different modes of operation. Four scenarios are
considered for the assessment: (I) pilot-scale (300 kWy,) indirectly
heated calciner (IHCaL), (II) pilot-scale (1 MWy,) oxy-fired calciner
(CaL), (III) commercial-scale indirectly heated calciner (IHCaL), and (iv)
commercial-scale oxy-fired calciner (Cal). The reactor types are
bubbling fluidized bed (BFB) for the IHCaL scenarios (I and III) and
circulating fluidized bed (CFB) for the oxy-fired CaL scenarios (II and
IV). For the stochastic analysis, the inputs are variated randomly using a
uniform distribution. The distribution boundaries and the main features
of the scenarios are reported in Table 3. The operating boundaries are set
according to the operating conditions and the geometries of the pilot
plants [15,72]. For the oxy-fired CaL plants, the volume ratio of active
particles (&) is in the range of 0.8-1.0 to account for inerts in the solid
sorbent loop [96]. In contrast, for IHCaL, we set £ = 1, corresponding to
the high purity of the sorbent due to the absence of combustion in the
calciner [11]. The height of the commercial BFB facilities is assumed to
be the same as that of the IHCaL pilot plant (see Section 2.2) to avoid
excessive pressure drops. The height of the oxy-fired commercial
calciner is 30-50 m, according to typical CFB reactor heights for in-
dustrial facilities [54]. For the reactor cross-sections we assume an
equivalent reactor diameter of 2-20 m for the CFB, and a depth of
5-100 m for the BFB, with a width of 3 m corresponding to 6-meter-
long heat pipes [22]. The CO; inlet partial pressures (pcoz,in) of the
commercial facilities are 50-100 kPa and 0-100 kPa for scenarios III and
IV, corresponding to exhaust gas recirculation (EGR) with oxy-fuel
combustion, and EGR with addition of steam, respectively. The
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Fig. 9. Model validation with results from the 1-MWy, oxy-fired pilot plant at TU Darmstadt: variation of the calciner efficiency with the active time (z,) for
operating points with and without sorbent circulation (left), and for low CO, concentration (ycogz,0ut = 43 vol%) and high CO, concentration (ycoz,out = 66 v0l%)
(right). Experimental values from [72]. No. of model runs: 1000. Standard deviation for the normal distribution: ¢ = 0.1.
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Table 3
Features and boundaries for the scenarios considered in the stochastic assessment.
Scenario
I I I v Unit
Main features
Reactor type BFB CFB BFB CFB —
Calciner heat input Indirect Oxy-fuel Indirect Oxy-fuel -
Fluidization Air 02 + EGR H20 + EGR 02 + EGR -
Scale 300 kW, (pilot) 1 MWy, (pilot) Commercial Commercial —
Parameters
Section area A 0.315 0.126 15-300 3.1-310 m?
Reactor height* H 1.91 11 1.91 30-50 m
Reactor temperature T 775-960 850-960 845-975 845-1000 °C
CO, inlet partial pressure Pco2,in 0 20-30 0-100 50-100 kPa
Volume ratio of active particles & 1.0 0.8-1.0 1.0 0.8-1.0 -
Gas-solid contact efficiency n 0.05-0.20 0.25-0.75 0.05-0.20 0.25-0.75 -
Mean solid volume fraction £ 0.4-0.6 0.1-0.3 0.4-0.6 0.1-0.3 —
Inlet superficial gas velocity Uo,in 0.02-0.10 4.0-7.0 0.02-0.10 4.0-7.0 m/s
Mean residence time T 120-1200 12-50 120-1200 12-50 s
*Hy for BFB, Hy for CFB.
(a) IHCaL pilot plant (BFB) (b) CaL pilot plant (CFB)
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Fig. 10. Stochastic analysis of four scenarios of carbonate looping operation. The calciner performance in terms of E., is plotted against the driving force (DF),
which is the main parameter determining the calcination efficiency. The color of the markers indicates the reactor temperature. No. of model runs per scenario: 1000.

temperature (T) range for commercial operation is extended and
accommodated for higher temperatures to exclude irrelevant results
—too low T yields Ecyc = 0. Lastly, the solid volume fractions (e5) and
gas—solid contact efficiencies (1) correspond to typical values of BFB and
CFB reactors [92,97].

5.4.1. Assessment of the calciner performance

The results of the stochastic analysis are reported in Fig. 10. The
model results are displayed for each scenario, for a total of 1000 runs per
scenario, using randomly generated inputs within relevant operating
conditions (see Table 3). Each sub-figure corresponds to one of the four
scenarios. The plots illustrate the variation of the calciner efficiency
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(Ecale) with the driving force (DF). Each marker represents one model
run. The color of the markers indicates the operating temperature ac-
cording to the color bar on the right. Due to the lower CO; concentration
in pilot plant operation (Fig. 10.a-b), higher calcination efficiencies can
be achieved at lower temperatures. This explains the lower operating
temperatures for the pilot plants (see also Table 3).

Fig. 10.a and Fig. 10.c correspond to the pilot plant and the
commercial-scale IHCaL scenarios. Due to the high residence time of the
bubbling fluidized bed (BFB), the dispersion of the results is relatively
low. This is particularly true for the cases that yield high performance
(Ecale > 90 %). A distinct threshold for the driving force is observed at
approximately DF = 2, beyond which the calciner exhibits high E.,c
across all potential inputs for the IHCaL facilities. The notable corre-
spondence between the model runs of Fig. 10.a and the experimental
results in Fig. 7 (right) constitutes additional evidence for the existence
of the threshold at DF = 2. Lastly, there is a connection between the
threshold and the observations from TGA tests (see Fig. 4).

The oxy-fired CaL facilities exhibit high dispersion in the region of
good performance (see Fig. 10.b and Fig. 10.d). This dispersion arises
because particle residence times (r) are short enough to reduce the
calciner efficiency. For commercial oxy-fired Cal facilities, DF is insuf-
ficient as a design criterion; the active time (7, should also be
considered, as discussed in Section 5.4.2.

5.4.2. Optimal design of a commercial calciner

In this section, we present a three-step guideline to design a calciner.
The design steps are: (i) select the type of reactor (oxy-fired CFB or
indirectly heated BFB), (ii) adjust the mean residence time (for oxy-fired
CFB) or the steam ratio (for indirectly heated BFB), and (iii) obtain the
optimum design temperature (7).

Greco-Coppi et al. [55] evaluated the influence of the calciner on the
carbonator efficiency for different operating conditions. From their
work, it can be concluded that X, should be limited to 0.01 to achieve
sufficient COy capture. Assuming Xcarp ~ 0.1 yields a calcination per-
formance requirement of Ecyc =~ 90 %. We assume this optimization
target for the calciner design.

Indirectly heated BFB calciner (IHCal)

The performance of a commercial IHCaL calciner for relevant oper-
ating conditions is illustrated in Fig. 10.c. As explained before, a high-
performance design should aim for DF > 2. Higher DF implies higher
operating temperatures, which increase heat losses through sorbent
heating and create tougher conditions for the heat-pipes heat exchanger.
Therefore, it is desirable to minimize DF. Thus, the optimal design sat-
isfies DF = 2.
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The variation of the driving force (DF) with the reactor temperature
(D) is illustrated in Fig. 11, depicting 400 model runs using pilot and
commercial IHCal. input boundaries (see Table 3). The values are
distributed to the left of a limit that corresponds with 100 %-CO,
fluidization. This limit is calculated by increasing pcoo2,in to the total
pressure p. Taking the limit in Eq. (12) yields a driving force that only
depends on T and p:

lim DF = pooseq /p (43)

Pco2,in—P

The continuous line of Fig. 11 (left) corresponds to the limit defined by
Eq. (43). By intersecting this curve with the optimization target DF = 2,
the optimal temperature for the calciner operation under pure-CO2
conditions is determined: T = 947 °C. In the absence of steam and with
only recirculated CO5 for the fluidization, this temperature optimizes
the calciner’s performance.

To lower operating temperatures, it is necessary to use steam for the
fluidization of the calciner. The steam requirement in terms of steam
ratio (SR) for different operating temperatures is illustrated in Fig. 11
(right). Here, DF = 2 for all the calculated points. To generate Fig. 11
(right), the calciner model was run 1000 times for each partial pressure.
The fresh steam input is calculated considering exhaust gas recirculation
(EGR). The following equation, derived from a molar flow balance, is
used for this purpose:

fresh __ 17 in out
Feam = Finet (1 = Pos/Po2)

(44)
The rest of the input parameters are varied randomly within the
boundaries of Table 3, scenario III. The steam requirement is indepen-
dent of the amount of CO- recirculated (EGR). The amount of EGR de-
pends on the free gas velocity (up) throughout the reactor to establish the
fluidized bed. The design point can be selected using Fig. 11 (right).

In summary, the following simple rules should be followed when
designing a commercial IHCaL BFB calciner. If fluidization is achieved
only with CO» recirculation (no steam), set T = 950 °C. To lower the
operating temperature, use steam with the steam ratio (SR) from Fig. 11
(right). Exhaust gas recirculation (EGR) can be used to increase the
fluidization velocity (up). Some possible set points are T = 900 °C with
SR = 0.4 kgnao/kgcoz, and T = 925 °C with SR = 0.2 kgyao/kgcoz. The
optimization rule (DF = 2) can be checked with Eq. (12). The design
process of an IHCaL calciner is summarized in Fig. 13 (right).

Oxy-fired CFB calciner (Cal)

Contrary to the IHCaL commercial facilities, the oxy-fired commer-
cial plants exhibit high dispersion of calciner performance for high

7hHZO / n:]'COQ,capt
(=]
(o]

0.4 ]

Note: DF = 2

Steam ratio: SR

900 950
Temperature: T' (°C)

0
850

Fig. 11. Influence of the operating temperature (T) in the performance of the IHCaL BFB calciner. The results on the left correspond to the influence on the driving
force (DF) based on 400 stochastic runs of the model using the pilot-scale and commercial-scale boundaries of Table 3. The high-pcog,in limit is calculated with Eq.
(43). The steam requirement per CO, captured at different operating temperatures to achieve high performance (DF = 2) is illustrated on the right, using random

inputs within the boundaries of Table 3 (scenario III) (5000 model runs).

13



212

M. Greco-Coppi et al.

100

0]
(=]
T

[=2]
(=]
T

S
(=)
T

@ 7.t > 7.5min
@ 5.0min < 7,y < 7.5min
@ 2.5min < T,y < 5.0min
O Tact < 2.5min

Calciner efficiency: E .. (%)
[\~
(=)

2.5 3.5 4 4.5 5
Driving force: DF = pco2,eq/ PE02.0ut

Research Paper VI

Fuel 388 (2025) 133931

100

0]
(=]

[=2]
(=]
T

S
(=)
T

@, >20

@15 <75, <20
010 <75, <15| 1
O <10

Calciner efficiency: E .. (%)
[\~
(=)

3.5 4 4.5 5
Driving force: DF = pco2,eq/ PE02.0ut

Fig. 12. Calciner efficiency for (a) variable driving force and active time (z,.), and (b) variable driving force and dimensionless active time (r;t). The results are

categorized into groups of different 7act. FOT 7ae > 5 and 7,

>15, a driving force threshold becomes clear. The results were obtained using our calciner model with

randomly generated inputs in the boundaries of Table 3 (scenario IV). No. of model runs: 5000.

Oxy-fired
CalL

Facility
type

Yes
= Steam?

N

0
T=950°C
T=925°C

SR=0.2
with DF =3 T=900°C
SR=04
T<965°C T=875°C
7>930°C SR =0.6
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values of DF. This difficulty can be solved by reintroducing the active
time (7ac0) or the dimensionless active time ().

Fig. 12.a illustrates the variation of Ey. with DF, categorizing the
active time (7,¢) of each set of inputs in four groups. From this diagram,
it becomes clear that 7, is causing the dispersion of the data. Once 7,¢¢
becomes higher than 5 min, a driving force threshold appears. Some-
thing similar had already been anticipated by Strohle et al. [72], who
concluded that a minimum 7,c; of 6 min was required in pilot plant
operations to obtain calciner efficiencies of 90 % or more. The threshold
that marks the onset of high-performance calciner operation (Ecac > 90
%) is DF = 3. For the relevant operating conditions, this is achieved with
T in the range of 930-965 °C. The exact value of T for any specific set of
inputs can be calculated by setting DF = 3 in Eq. (12). Fig. 12.b illus-
trates the variation of the calciner efficiency with the dimensionless
active time (z,). Our results in terms of 7, depend on the type of
sorbent, but the conclusions regarding ., are valid for sorbents with
different calcination kinetics.

From the above discussion, the pathway for the design of an oxy-fired
CFB calciner can be established (see Fig. 13, left). Firstly, the sine qua
non condition of 74¢ > 5 min (or more generally, T;ct >15) should be
verified. Otherwise, the inventory (Nc,) should be increased to achieve a

14

minimum 7, of 5 min. Secondly, calculate T by setting DF = 3 in Eq.
(12). For realistic operating conditions, T will be in the range 930-965
°C.

Generalized approach

We use the dimensionless active time (., see Eq. (13)) to achieve a
more generalized prediction of calciner performance. The dimensionless

parameter 7, accounts for the mean particle residence time relative to
the sorbent kinetics, making our results applicable across a broader
range of operating conditions, including various sorbents. Fig. 14 illus-
trates the influence of DF and 7, on the calciner efficiency (Ecac). For
> 100), DF = 2 provides
optimal performance. For lower specific inventories, 7,,, = 15 is effec-
tive with DF = 3. However, additional optimal combinations are
- .» the higher the

act?

calciners with a high specific inventory (7,

possible (see Fig. 14, right). In general, the lower the z
DF required to achieve high calciner efficiency.

5.5. Model scope and further design considerations

In this study, we neglected the influence of the particle size in the
particle model. This implies assuming that external diffusion effects and
heat transfer are not rate limiting, which is supported by sufficient
empirical data, as previously discussed (e.g., [62,82]). However, for
larger particles (> 2 mm), such effects may become significant and
should be considered before applying our model and conclusions. To
address this, our model should be extended to account for mass and heat
transfer effects in particle kinetics.

The kinetic model constants (see Table 2) were obtained for a specific
limestone type (Messinghausen) over a narrow temperature range
(850-875 °C), corresponding to our pilot tests. Given the variability in
reaction rates due to limestone composition reported in previous studies
[62,65], we recommend adjusting the kinetic constants to match the
sorbent used in each specific process when applying our model in
calciner design. Similarly, it is advisable to vary the TGA test tempera-
tures within a range relevant to the design.

We assumed that steam has no effect on calcination other than
reducing the CO2 partial pressure. However, previous studies suggest
that steam has a catalytic effect on the calcination of CaCO3 [98,99].
Further research should evaluate whether this catalytic effect signifi-
cantly impacts the design temperature of CaL calciners by adapting our
particle sub-model to incorporate the influence of steam on the kinetic
parameters. Similarly, other proposed strategies for decreasing the
calciner’s operating temperature may also be integrated in our model
[66].

In Section 4, we explain that our reactor sub-model model neglects
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Fig. 14. Calciner performance (Ecu) for varying DF and 7,

results but use different scales for 7, . No. of model runs: 5000.

temperature gradients. This assumption is justified by the good particle
mixing in CFB operating, and the high inventory of the BFB. However,
strong gradients may lead to increased deactivation of the sorbent due to
the recarbonation occurring in the calciner at low temperatures (cf.
[55,100]). The calciner design and operation should avoid local condi-
tions of pco2 and T corresponding to the carbonation region in the
equilibrium diagram (see Fig. 2). Furthermore, circulating fluidized
beds, which have lower specific inventories, may experience perfor-
mance issues due to lower temperatures in certain sections of the
reactor. In that case, the extension of our model to consider the influence
of the temperature profile inside of the reactor may be useful. One
approach to achieve this is presented in the work of Ylatalo et al. [57].

In our study, we used an indirectly heated calciner and an oxy-fired
calciner as the basis for the case analysis. We assumed the former
operates as a BFB and the latter as a CFB, based on the most relevant
pilot plants [20,37,38]. To evaluate alternative configurations, the
boundaries of Table 3 should be tuned accordingly, and the model rerun.
Depending on the reactor type, the reactor sub-model in Section 4.3 may
also need adjustment.

6. Conclusions

Within this work, a novel model of a carbonate looping (CaL)
calciner has been developed and validated. This model is composed of a
particle sub-model and a reactor sub-model. The particle reaction
modeling is based on the results of thermogravimetric analysis (TGA) on
relevant operating conditions for CO capture. A shrinking-volume-type
mechanism fits the calcination rate of the solid sorbents. The de-
pendency on COs partial pressure is first-order, with a correction factor
modeled with a Freundlich adsorption isotherm. The kinetic and
adsorption constants follow an Arrhenius-type dependency with tem-
perature. The particle sub-model fits the TGA data accurately and the
fitting constants are consistent with the literature values. A particle
residence time distribution (RTD) is used to account for the different
residence times of the particles in the reactor. For the reactor sub-model,
a one-dimensional discretization of the reactor in the vertical direction is
performed to include variations of CO2 concentration throughout the
height of the reactor. Our calciner model has been validated with
experimental results from two pilot plants with different operating
conditions.

The dimensionless driving force (DF) introduced in this study provides
a better fit for empirical results than other previously proposed pa-
rameters. For the indirectly heated calciner, the main results are
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using our calciner model and the scenarios III and IV of Table 3. The two sub-figures show the same

predicted by a simple fitting of DF. For the oxy-fired CaL, the perfor-
mance of the reactor is determined by DF and the mean particle resi-
dence time.

An important outcome of this work is a three-step guideline to design
CaL calciners for commercial operation, which has been developed using
stochastic methods. This guideline is suitable for a wide range of oper-
ating conditions and does not require iterative or complex calculations.
For indirectly heated calciners, the operating temperature should be set
to 950 °C to obtain sufficient sorbent regeneration under pure CO,
fluidization. The temperatures can be reduced using steam as fluidiza-
tion agent by more than 50 °C. For oxy-fired calciners, a minimum active
time (74c¢) of five minutes should be guaranteed, and the optimal oper-
ating temperature is found by setting DF = 3.

A more generalized design approach has been introduced, which
involves utilizing the dimensionless driving force (DF) and the dimen-
sionless active time (z,.,). This approach enables calciner design for CaL
systems without the need to run the full model. Furthermore, these
dimensionless numbers are useful for assessing experimental data. The
scope of our general guidelines is supported by validation performed
using results from pilot tests in two different facilities. Further research
should examine whether our conclusions are also applicable to different
sorbents and operating conditions.

Our results support the technical feasibility of commercial IHCaL
plants utilizing heat pipes. The next step in developing CaL technology
requires scaling up the technology. For the specific case of the indirectly
heated calciner, a demonstrator operating under industrially relevant
conditions (steam and/or CO; fluidization) is a necessary step before
commercialization. The model developed in this work could serve as the
basis for the design of such a demonstrator.
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1. Temperatures in the calciner during IHCaL pilot tests

The temperature input for the reactor model of the IHCaL pilot plant (see Section 2.2) was derived
from the temperature measurements in the calciner. The nearest sensor to the solid outlet was considered in
the calculations (outside, top sensor). To eliminate the influence of transient events, a smoothed temperature
curve was used, which was calculated using a moving average function. The temperature progression during
the pilot tests is displayed in Figure S.1, including the time-averaged temperature at the reactor outlet, which
was the input for the calciner model. The transient behavior is caused by load changes, interruptions of solid
circulation flow, and discrete make-up feeding. The temperature in the middle section, situated far from the
reactor outlet, was lower because the cold make-up input (approximately 20 °C) and the carbonated material
(approximately 650 °C) entered at this point.
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Figure S.1 Temperature variation in the calciner during the pilot tests at the 300-kWw IHCaL facility [1]. Darker curves
indicate higher locations in the reactor.

2. Sorbent composition

The sorbent utilized in the pilot tests and the TGA tests was Messinghausen limestone, with the
composition reported in Table S.1.

Table S.1. Composition of the Messinghausen limestone. Adopted from [2,3].

Component Mass fraction (wt.%)
CaCOs 98.3
MgCOs3 0.7
SiO2 0.7
AlOs 0.2
F6203 0.1

SOs3 <0.1




218 Research Paper VI

3. Scheme of the carbonate looping process

Figure S.2 is a simplified process diagram of the carbonate looping process featuring the molar flows
and carbonation degrees used throughout our study.

Make-up

CO,-depleted off-gas
¢
F R F R+0
/Ycarb \
— Xcalc _/
Fyp (
P
Off-gas w/CO, e CO, Gas

(EGR) (e.g., steam)

Figure S.2 Simplified process diagram of the Cal. process with main molar flows (F) and carbonation degrees (X).
4. Particle sub-model

4.1. Alternative h function
The influence of the concentration (h) is sometimes modeled as a monomial function with exponent
no [4]:

h =(Ceopeg — Coon (1)) (S.1)

The exponent n, is usually equal to 1 [4-6]. This is a simpler approach, which was applied in the
calciner model of Martinez et al. [7].

4.2. Reaction progress

The reaction progress with an R3 model, an R2 model, and a linear approximation is illustrated in
Figure S.3.
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Figure S.3 Total calcination of a particle with residence time t < t. of the exact solution of the models R2 and R3, and
the linear approximation.

4.3. Fitting of the form function

The complete fitting results for the form function (f) using results from TGA tests are reported in
Figure S.4. The quality of the fit was assessed with the root mean square error (RMSE). The values of RMSE
for each fit are included in the legend of Figure S.4.
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Figure S.4. Complete fitting results for the form function using results from TGA tests.

The following equation was used to fit the TGA data and obtain the constants k. and c:

k = kc (1 _pcoz/pcoz,eq

12

—C Pcoz

3/2

+¢ Peor / Pcoreq )

The TGA data and the fitting results are illustrated in Figure 4.

4.5. Complete equation for reaction kinetics

The final equation to model the reaction kinetics in our study is:

X ga.lrb kc

da/dt =

(l — 0()2/3 (1 —C Pcoa (f)l/z ) (1 ~ Pcon (t)/pCOZ,eq )
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(8.2)

(8.3)

The parameters k. and ¢ are obtained from the Arrhenius equations Eq. (16) and Eq. (22), respectively,
using the constants from Table 2.
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4.6. Calciner efficiency

4.6.1. Simplified calculation

Research Paper VI

Previous studies simplify the calculation of Ec.c by assuming a linear dependence of Xcaic with t for the
cases of partial calcination (t < t.), according to Eq. (S.4) [7].

X'carb - Xcalc (t)‘ = }carb t/tc
t<t,

(5.4

This is a conservative assumption, illustrated in Figure S.3. The corresponding error is illustrated in
Figure S.5. Replacing Eq. (S.4) into Eq. (23), gives:

Ecalc :f;z (T/tc)

4.6.2. lustration of the model results

(S.5)

The calculation of the calciner efficiency by integration of the particle residence time distribution
(RTD, E) and the particle conversion is illustrated in Figure S.5.a. The results of the calculations are
illustrated in Figure S.5.b. The linear approximation gives a lower Ecac than the exact solution.
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Figure S.5 Results of the reactor model for 7 = 2 t.. The calciner efficiency (Ecac) is only dependent on the calcination
time (tc) and the mean residence time (7).

5. Validation

The validation results of Figure 9 are replicated in Figure S.6 with higher residence times to assess
the influence of this parameter in the model. The results with higher residence times are similar to the

original results.
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Figure S.6. Figures analogous to Figure 9 except for the particle residence time (t), which was increased 100 times.
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6. Optimization of IHCaL. commercial plants

In this section, the auxiliary calculations for the optimization of IHCal. commercial plants are
included. The optimization consists in setting the driving force (DF) equal to 2. Using this condition in the
definition of DE the following expression for Fr.4o is obtained:

Fo_F 1 B 1 1
o 1= p/pCOZ,in 1-2 p/pCOZ,eq X carb

The methodology to obtain the optimized points consists in using Eq. (S.6) to calculate the circulation (Fr+o)
that makes DF = 2. To keep only the plausible values, the results that do not comply with 0.1 < Fr40/A: < 20
are discarded.

(S.6)
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Lime plays a crucial role in modern industry—essential in steelmaking,
construction, agriculture, and chemical manufacturing. However, its production
is inherently carbon intensive. To drastically reduce CO, emissions, efficient
carbon capture solutions are needed.

The Indirectly Heated Carbonate Looping (IHCal) process offers a
groundbreaking approach to capturing CO, from lime and cement production.
By leveraging synergies with existing industrial processes, IHCaL technology
minimizes energy penalties and economic costs. Yet, until now, key integration
challenges and modeling gaps have remained unaddressed.

This doctoral dissertation provides essential tools for effectively implementing
the THCaL process in lime production, from conceptual integration to detailed
process simulations and reactor modeling.

The author presents:

 Innovative process integration approaches for efficient CO, capture.

e Advanced reactor models based on experimental data.

 Strategies for heat recovery, power generation, and fuel optimization.
Insights on CO, capture and economics based on process simulations.
 Practical design guidelines for scaling up IHCaL technology.

Who should read this dissertation?

Researchers and engineers working on industrial decarbonization.

Professionals in the lime and cement industries seeking sustainable solutions.

Policymakers and experts shaping the future of low-carbon manufacturing.

Students in engineering, natural sciences, and energy sciences.

e Anyone interested in the challenges and innovations driving the transition to
a low-carbon economy.

This dissertation is a key reference for advancing IHCal. technology toward
commercialization and accelerating the decarbonization of lime production.

From the Foreword by Prof. Dr.-Ing Bernd Epple, Head of the Institute for Energy
Systems and Technology at the Technical University of Darmstadct.
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