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Abstract

Although separation performance for multistage distillation processes can be sufficiently predicted
within a margin of 25 % for most industrial applications, deviations of up to &80 % occur in
some cases. Such separation problems include foaming mixtures, mixtures with a high water
content or systems with an elevated mixture viscosity. To systematically address elevated
mixture viscosities in separation performance experiments, polymer-enhanced test mixtures
need to be used to achieve liquid viscosities greater than 5...6 mPas at operating conditions.
However, the plant setup conventionally used for separation performance measurements is not
suitable for such mixtures, since a bottom product purge is required to prevent the accumulation
of the non-volatile mixture component in the bottom section of the distillation column. This
purge results in separation performance experiments with partial reflux operating conditions,
which are rarely described in the literature.

Therefore, to systematically address separation performance at partial reflux operating
conditions, an alternative plant setup similar to a stripping column was developed in this work.
After commissioning and operational characterization, separation performance experiments
with both total and partial reflux operating conditions were successfully conducted using the
well-established test mixture chlorobenzene/ethylbenzene. Experiments were evaluated based on
McCabe-Thiele stage constructions to determine the number of theoretical stages and express
separation performance in terms of HETP. In addition, experimental results are compared to
the separation performance predicted with the Delft mass transfer model.

Compared to total reflux experiments, the HETP values obtained for partial reflux are about
2.7 times increased, indicating a substantially reduced separation performance due to a smaller
driving concentration potential which was not yet addressed in the literature. The effect of
partial reflux is even more pronounced when predicting the separation performance using the
Delft model. While experimental and predicted separation performances are in good agreement
for total reflux experiments, the Delft model underestimates HETP values for partial reflux
operating conditions by a factor of up to six. Although such an effect is generally assumed in
the literature, since most mass transfer models have been developed and validated using results
of total reflux experiments, the specific magnitude of the difference in separation performance

caused by the reflux condition has not been systematically investigated before.






Kurzfassung

Obwohl die Trennleistung von Rektifikationsprozessen fiir die meisten industriellen Anwen-
dungsfille mit einer Genauigkeit von etwa + 25 % hinreichend beschrieben werden kann, treten
in manchen Féllen Abweichungen von bis zu £ 80 % auf. Solche Trennprobleme umfassen u.a.
schdumende Stoffgemische, Stoffgemische mit einem erhohten Wasseranteil oder Stoffgemische
mit erhohter Viskositit. Fiir systematische Untersuchungen der Rektifikation viskoser Systeme
mit Gemischviskosititen von mehr als 5...6 mPas unter Rektifikationsbedingungen ist jedoch
die Verwendung von polymer-haltigen Stoffgemischen erforderlich. Um dabei eine Akkumula-
tion der nicht-verdampfenden Gemischkomponente im Kolonnensumpf zu vermeiden, ist eine
Ausschleusung von Sumpfprodukt nétig, sodass die iiblicherweise fiir Trennleistungsmessungen
genutzten Anlagenaufbauten nicht eingesetzt werden kénnen. Aus der Sumpfproduktausschleu-
sung resultiert zudem ein Anlagenbetrieb mit partiellem Riicklauf, welcher in der Literatur
bislang kaum beschrieben ist.

Zur systematischen Untersuchung des Einflusses von partiellem Riicklauf auf die Trennleistung
wurde im Rahmen dieser Arbeit daher ein alternatives Anlagenkonzept in Anlehnung an eine
Abtriebskolonne entwickelt. Nach Inbetriebnahme und Charakterisierung der Anlage wurden
erfolgreich Trennleistungsmessungen mit dem etablierten Stoffsystem Chlorbenzol/Ethylbenzol
sowohl unter vollstdndigem als auch unter partiellem Riicklauf durchgefiihrt. Die Auswertung der
Experimente erfolgte mittels Stufenkonstruktionen, um die Anzahl der theoretischen Trennstufen
zu bestimmen und anschliefend die erzielte Trennleistung in Form von HETP-Werten auszudrii-
cken. Dariiber hinaus wurde die Trennleistung mithilfe des Delft-Modells vorausberechnet und
mit den experimentellen Ergebnissen verglichen.

Bezogen auf die bei totalem Riicklauf erreichte Trennleistung ergeben sich fiir partiellen
Riicklauf um den Faktor 2,7 erhohte HETP-Werte, was eine stark reduzierte Trennleistung
aufgrund kleinerer treibender Konzentrationsdifferenzen verdeutlicht und bislang kaum in der
Literatur beschrieben ist. Der Einfluss partiellen Riicklaufs ist bei der Vorhersage von HETP-
Werten mittels Delft-Modell noch deutlich stirker ausgeprigt. Zwar werden fiir totalen Riicklauf
gute Vorhersagegenauigkeiten erzielt, jedoch unterschétzt das Delft-Modell die HETP-Werte bei
partiellem Riicklauf um einen Faktor von bis zu sechs. Da die meisten Stoffiibergangsmodelle nur
fiir totalen Riicklauf entwickelt und validiert wurden, wurde ein solches Verhalten zwar bereits
in der Literatur vermutet, die genaue Groflenordnung der Abweichung zwischen experimentell
ermittelter und vorausberechneter Trennleistung in Abhéngigkeit des Riicklaufverhéltnisses ist

bislang aber nicht systematisch untersucht worden.
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List of Symbols

Latin Symbols

symbol  unit meaning

a m?m—3 specific surface area, specific interfacial area

Acol m? cross-sectional area of distillation column

B kmolh~! molar flow rate of bottom product

cp Jkg 'K! specific heat capacity

ci - sensitivity coefficient of uncertainty component ¢

deol m column diameter

dyec m hydraulic diameter of a gas flow channel (packing
geometry)

dp m diameter of packing element

Dy; m?s7! mutual diffusion coefficient for binary mixture with
components ¢ and j

Dy m?s7! corrected diffusion coefficient for binary mixture with
components i and j

D kmolh~! molar flow rate of distillate

fa Pal® f-factor

F kmol h—? molar flow rate of feed

FD™'  kmolp kmoly! molar stream ratio

Fr - Froude number

g ms2 gravity of Earth (g = 9.806 65 ms~?2)

G kmol h~! molar flow rate of gas (in rectifying section)

el kmol h=? molar flow rate of gas (in stripping section)

h m height

h; Jkmol ™!, Jkg™! molar / specific enthalpy of component or mixture ¢
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symbol  unit meaning

I Jkmol™!, Jkg™! molar / specific enthalpy of component or mixture ¢
(as boiling liquid)
ny Jkmol ™!, Jkg™! molar / specific enthalpy of component or mixture ¢

(as saturated vapor)

hr, - liquid hold-up

Hypeq m height of packed bed

HETP m height equivalent to a theoretical plate
HTU m height of a transfer unit

i - iteration / summation variable

IQR same as quartiles interquartile range

j - iteration / summation variable

k ms! mass transfer coefficient

k - index, iteration / summation variable

K; - distribution coefficient of component i

l m length

L kmol h—? molar flow rate of liquid (in rectifying section)

n kmolh~! molar flow rate of liquid (in stripping section)

m - slope of equilibrium line

m; kg mass of 7

m; kg/h mass flow rate of component or stream

mp r'rLBl kgp kg]Sl stream ratio

M; kg kmol ™! molar mass of component or mixture 4

n - index, iteration / summation variable, exponent

n kmolh~! molar flow

N - number of data points, upper summation limit, number
of replicates, number of (considered) equilibrium stages

N - number of mixture components

Nye - number of samples used for Monte Carlo methods /

simulations

N, - number of packing elements
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symbol  unit meaning

N, - number of theoretical stages

Nihdee - number of theoretical stages (fractional stage considered)
NTSM - number of theoretical stages per meter

NTU - number of transfer units

p bar(a), mbar(a), Pa pressure

i Pa partial pressure of component i

) Pa vapor pressure of component 4

pgj ) Pa partial pressure of component 7 in phase j

q - feed condition

Q") same as - i-th quartile of - (Q1: 25 %, Q2: 50 %, Q3: 75 %)
R kJ kmol 1 K1 universal gas constant (R = 8.314kJ kmol 1 K1)
R kmol h~! molar flow rate of reflux

Re - Reynolds number

s(+) same as - standard deviation of -

Sc m channel side length (packing geometry)

Smc % success ratio of Monte Carlo methods / simulations
S kmol h™! molar flow rate of side stream

Sc - Schmidt number

Sh - Sherwood number

T K temperature

Ti(j ) K temperature of component 7 in phase j

U ms~! flow velocity

u(-) same as - standard uncertainty of -

ue(+) same as - combined standard uncertainty of -

UA same as measurand type A standard uncertainty

ug same as measurand type B standard uncertainty

U(-) same as - expanded uncertainty of -

v cm? mol ! (molar) volume

v m3h~! volumetric flow rate of component or stream i
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(continued)

symbol  unit meaning

w; kg; keror mass fraction of component 7

wy, m?m—2h~! liquid load

We m width of packing channel

We - Weber number

T depends on measurand i-th measurand / input (uncertainty quantification)

z; kmol; kmol;k liquid phase molar fraction of component 4, liquid phase

molar fraction of more volatile component in stream

T, kmol; kmol;i liquid phase molar fraction of more volatile component
on stage n

T same as @ arithmetic average of x

Yi kmol; kmolt’oi vapor phase molar fraction of component i, vapor phase

molar fraction of more volatile component in stream i

UYn kmol; kmol;olt vapor phase molar fraction of more volatile component

on stage n
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Greek Symbols

symbol unit meaning

;i - nonrandomness parameter in NRTL model

ar, ° effective liquid flow angle

ap ° angle of inclination (packing geometry)

(e3P - relative volatility of binary mixture

tan 3 - slope

Y - activity coefficient of component i

[ % relative deviation

oL, m thickness of liquid film

Op m sheet thickness of corrugated sheet packings

Agi; K interaction energy parameter in NRTL model

Ahyap  J kmol ™!, Jkg™! specific / molar enthalpy of vaporization

Ap mbar differential pressure

Apped  mbarm™! specific pressure drop

ATp K feed subcooling

Ax kmol; kmol gradient / difference of molar fractions in liquid phase
(driving concentration potential)

Ay kmol; kmol gradient / difference of molar fractions in vapor phase
(driving concentration potential)

€ depends on measurand absolute deviation

€p - void fraction (packing geometry)

n Pas, mPas dynamic viscosity

9 °C temperature

Dtr,col °C setpoint temperature of trace heating column

D h °C setpoint temperature of trace heating column head

A - stripping factor

ugj ) Jmol ™! chemical potential of component i in phase j

v - (external) reflux ratio

v - reboil ratio, stripping ratio

oL - gas/liquid friction factor




xviii

List of Symbols

(continued)

symbol unit meaning

m - mathematical constant 7

p kgm™3, gem ™3 density

o Nm™! surface tension

i - dimensionless association factor of component 7

i - fugacity coefficient of component ¢

Pe,L - fraction of cross-sectional area occupied by liquid film
Qp - fraction of surface area occupied by holes (packing

geometry)
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Subscripts
subscript meaning
0 x-intercept (o), y-intercept (yo)
1 mixture component 1, equilibrium stage 1
2 mixture component 2, equilibrium stage 2
3 mixture component 3, equilibrium stage 3
4 equilibrium stage 4
12 binary mixture with components 1 and 2
A at position A
b below packed bed
B bottom product, at position B
boil boiling
¢ packing channel, critical
CB chlorobenzene
D distillate
Delft calculated based on Delft model
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1. Introduction

Distillation, also known as rectification, multistage or fractional distillation, is one of the most
essential and widespread unit operations in the chemical process industry (Beneke et al., 2013;
Billet, 1979; Fair, 2001; Kister, 1992; Mix et al., 1978; Moran, 2017; Stichlmair et al., 2021; Weif},
1996). The underlying mechanism of distillation, separating a (binary) homogeneous liquid
mixture based on its relative volatility, dates back to around 1200 BCE in ancient Mesopotamia
where archaeological findings show simple distillation setups for perfume production (Levey,
1955). Detailed descriptions and illustrations of early distillation setups were presented by
e.g. (Fairley, 1907; Kockmann, 2014). Throughout history, the best known application of
a distillation process is presumably the alcohol enrichment of beverages. Distillation stills
comparable to modern setups were developed in the early 19th century: A continuously operated
distillation apparatus based on a vertical column was proposed in 1813. Mass transfer enhancing
column internals like packings or trays were firstly used in 1820 and 1822, respectively (Kister,
1992).

Several generations of improved structured packings have been developed since the late 1950s,
resulting in increased separation capacities and reduced costs which has led to the widespread
application of structured packings in both absorption and distillation processes (Mendes, 2011;
Spiegel and Meier, 2003). A mature understanding of the underlying mass and heat transfer
phenomena as well as improved mass transfer correlations was developed in the last decades.
According to (Schultes, 2013), the established models predict the separation performance for up
to 90 % of the relevant industrial processes with an error margin of around 25 %, but deviations
of up to 80 % are observed for the remaining applications. In the latter cases, column design
needs to be supported with experimental separation performance investigations.

Such separation performance experiments are commonly carried out with standardized binary
test mixtures under total reflux operating conditions and are widely discussed in the known
literature. Despite its widespread use in industrial and academic settings, the conventional
total reflux setup is not suitable for some specific use cases. As discussed by (Bocker and
Ronge, 2005; Bradtmoller, 2017; Gutperl et al., 2022), it cannot be used for test mixtures with
inert or non-volatile components which are, however, required to systematically investigate the
separation of viscous mixtures with viscosities greater than 5...6 mPas at operating conditions
(Bocker and Ronge, 2005; Bradtméller, 2017; Bradtmoller and Scholl, 2016; Manivannan et al.,
2019). Furthermore, total reflux conditions do not represent the conditions present in production
columns which require product draws and are thus operated with finite reflux ratios.

This work, therefore, focuses on an alternative methodology suitable for separation perfor-
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mance experiments with both finite and infinite reflux operating conditions. The developed
plant setup is derived from the approach presented by (Bocker and Ronge, 2005) and is similar
to a stripping column, inasmuch as product recycles are used to reduce the required amount of
feedstock, and the feed inlet is located above the packed bed. After successful plant commis-
sioning and characterization, the effect of reflux operating condition on separation performance
was systematically investigated using the proposed experimental approach.

To support method development and experiment evaluation, relevant fundamentals of mul-
tistage distillation and separation performance measurements with total and partial reflux
are summarized in chapter 2. As separation performance is commonly expressed in terms of
the height equivalent to a theoretical plate (HETP) or the height of a transfer unit (HTU),
a link between both concepts is presented to point out the characteristics specific to each
approach and to provide some background information addressing the question Which measure
should be preferred over the other?. Furthermore, best practices and recommendations for
designing and operating distillation plants for separation performance measurements are covered,
since such information is required to ensure a robust plant design and operation. Use cases
for which separation performance measurements at partial reflux are relevant are introduced
in chapter 3 to not only highlight the necessity of such experiments, but also to derive the
research hypotheses and objectives of this work. In addition, the developed plant concept,
the corresponding plant setup and the experimental procedures used for the separation per-
formance experiments, sample analyses and experiment evaluation are presented in detail. In
particular, separation performance is evaluated in terms of HETP values, which are calculated
based on the number of theoretical stages determined from McCabe-Thiele stage constructions
and predicted with the Delft mass transfer model. Experimental and predicted results are
compared to each other to address the applicability of the Delft model with respect to partial
reflux experiments. A consistent propagation of relevant uncertainties allows assessing the
robustness of the experimental results. Therefore, all calculation routines were implemented in
and fully automated using the Python programming language. The results obtained from plant
characterization and separation performance experiments with total and partial reflux operating
conditions are discussed in chapter 4. As partial reflux experiments are commonly considered
less sound than total reflux experiments, special attention is paid to the uncertainty components
related to the reflux condition. Furthermore, the proposed plant concept, experimental setup
and corresponding experimental procedures are evaluated based on the obtained experimental
results to not only identify potential improvements increasing the applicability and usability of
the presented methodology, but also highlight future research activities enabled by separation

performance measurements with partial reflux.



2. Theoretical Background and Literature
Review

2.1. Distillation and Separation Fundamentals

2.1.1. Equilibrium Thermodynamics

Mixture separation of binary mixtures is primarily based on the differing distribution coefficients
K; of each mixture component (Sorensen, 2014). The distribution coefficient, also abbreviated
as the K -value, of a given mixture component ¢ depends on both temperature and pressure and
is defined as (Kister, 1992; Sorensen, 2014):

molar fraction of component i in vapor phase  y;

2.1
molar fraction of component 4 in liquid phase — x; (21)

A high K-value indicates a high volatility, or tendency of the component to vaporize and
accumulate in the vapor phase, whereas less volatile components show lower K-values. For a
binary mixture containing components 1 and 2, its relative volatility a2 is defined as (Kister,
1992):

K _yia' _yiz oy (1-w)

Qg = = = 2.2
PTK geayt ypew an(L-yh) 22)

Equation (2.2) can be rearranged to express the vapor-liquid-equilibrium (VLE), so that y; is

calculated in terms of z; and aj2 (Kister, 1992; Sorensen, 2014):

12 - T1

1+ ((112 - 1) Tl (23)

Y1 =

This expression is often used in conjunction with zy-diagrams, which are also known as
equilibrium diagrams and are especially relevant for McCabe-Thiele stage constructions, see
section 2.2.1.2. As shown in figure 2.1, higher relative volatilities result in more convex
equilibrium curves with higher molar fractions present in the vapor phase than lower relative
volatilities. Therefore, binary mixtures with a high relative volatility require less separation

effort to obtain pure components than binary mixtures with low volatility (Kister, 1992).
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Figure 2.1.: Equilibrium curve in dependence of relative volatility a2, calculated according to equation (2.3)

However, for most mixtures, the relative volatility a9 varies with mixture composition and
temperature. To describe this behavior, different approximations have been established; a
detailed discussion can be found in e.g. (Kister, 1992). A simple approximation is based on the
geometrically averaged relative volatility @12 as given in equation (2.4) (King, 1980). o121 and
a2,11 represent the relative volatilities at minimum as well as maximum mixture composition

and an arithmetically averaged mixture temperature (King, 1980).
Q2 =\ /ai21 - Q121 (2.4)

The liquid phase is generally described by Raoult’s law which defines a relation between the
partial pressure p; of component 4, its vapor pressure p and its molar fraction z;. Deviations
from ideal behavior (v; = 1) are described by the activity coefficient v; which is a function of
temperature 7" and liquid phase composition z; (Kleiber, 2020; Sorensen, 2014):

pi =i pd - vi(T, ;) (2-5)

For the vapor phase, Dalton’s law provides a relation between partial pressure p;, molar
fraction in vapor phase y; and the total pressure pyot:

Di = Yi * Ptot (2.6)
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Similar to activity coefficients, nonidealities of the vapor phase can be expressed by fugacity
coefficients ;. According to (Sorensen, 2014) nonidealities become relevant at elevated operating
pressures of p > 7...10bar(a). Since all experiments presented in this work were conducted
with p = 100 mbar(a) an ideal vapor phase can be assumed, and thus fugacity coefficients are
not considered.

Inserting equations (2.5) and (2.6) into equation (2.2) expresses the relative volatility as a

function of activity coefficients ~; and vapor pressures p) (Kister, 1992; Sorensen, 2014):

1(T,z1) - p?
_ (@) 1 2.7)

12 =
Y2(T, 2) - Py

The activity coefficients needed to describe nonideal mixture behavior are commonly estimated
by using either g® models or equations of state (EoS)!.

¢® models are based on the relation between the excess Gibbs energy ¢g® and activity coefficient
~; (Gmehling and Kleiber, 2014):

E
gl
QE:Zwi'gE:RTZzi-ln'y,;<:>1n'yi:RZT (2.8)
For a pure liquid, the excess Gibbs energy g® needs to satisfy the following condition (Gmehling
et al., 2019):

gB(x; =1) = 0. (2.9)

For a binary liquid mixture with components 1 and 2, the Porter equation given in equa-
tion (2.10) fulfills this requirement. It is often considered as the simplest activity coefficient

model, because it contains only a single model parameter A:

gE

= =Anzx 2.10
RT 1 (2.10)

Due to its simplicity, the Porter equation can only be applied to a very limited number of
nonideal liquid mixtures, and thus more versatile approaches are required (Gmehling et al.,
2019). A general algebraic approach to describe nonideal binary mixtures using series expansion

was proposed by (Redlich and Kister, 1948a):

E
%:zlxg [AJrB(xl712)+C(x17x2)2+“.} (2.11)
Despite the versatility of equation (2.11), this approach is only applicable to binary mixtures
and the influence of temperature on the activity coefficient is neglected (Gmehling et al., 2019).

Therefore, improved activity coefficient models, such as the Wilson equation (Wilson, 1964), the

"EoS are not in scope of this work, and thus not elaborated further. Refer to e.g. (Gmehling and Kleiber, 2014;
Gmehling et al., 2019; Kleiber, 2020; Stichlmair et al., 2021) for details on EoS.
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NRTL model (Non-random two-liquid model) (Renon and Prausnitz, 1968) and the UNIQUAC
approach (universal quasichemical) (Abrams and Prausnitz, 1975), are commonly used today.
These models contain additional parameters which consider local concentrations around mixture

molecules and allow for an improved description of mixture nonidealities.

2.1.2. Continuous Distillation

Continuous multistage distillation operates under countercurrent flow conditions and can be

illustrated as a cascade of multiple equilibrium stages, see figure 2.2 (Vogelpohl, 2021).
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Figure 2.2.: Multistage distillation represented as a cascade of equilibrium stages, based on (Kister, 1992;
Sorensen, 2014; Stichlmair et al., 2021; Vogelpohl, 2021)

According to (Kister, 1992), each equilibrium stage operates in steady state resulting in



2.1. Distillation and Separation Fundamentals 7

constant vapor and liquid output streams. Since input streams are assumed being perfectly
mixed after entering the stage, equilibrium between the vapor and liquid output streams is
achieved instantaneously (Kister, 1992). The separation is accomplished by feeding vapor from
the reboiler to the bottom stage? N. As liquid from stage N comes into contact with the
vapor, partial condensation occurs. As a result, some liquid is vaporized due to the released
heat of condensation, whereby volatile mixture components are enriched in the vapor. This
condensation and vaporization continues throughout every stage, resulting in a purified vapor
stream leaving the top stage. The overhead vapor is then (partially) condensed and either
drawn from the system as the distillate or returned to the top stage as the refluz. Since the
reflux trickles down inside the column, it also provides liquid in each stage. Liquid leaving the
bottom stage is either drawn from the system as the bottom product, also referred to as bottoms,
or returned to the reboiler.

Using the system boundary drawn in figure 2.2 and assuming a steady-state operation, such
that there is no accumulation inside the system boundary, the molar balance of a continuous

distillation can be written as:
F=D+B (2.12)

Furthermore, the refluz ratio v is defined based on the molar flow of reflux R and distillate D
as shown in equation (2.13) (Kister, 1992; Sorensen, 2014). For a boiling liquid reflux, the reflux
ratio can also be expressed with the internal liquid stream L, since R = L (Schénbucher, 2002):

R L

V== 2.13
=D (2.13)

Equation (2.13) is also referred to as the external reflur ratio and takes values of v > 0
(Sorensen, 2014). Alternatively, the internal reflur ratio vin, with values of 0 < yipe < 1 is
described as (Sorensen, 2014):

L
Ving = el (2.14)

Similarly, the reboil ratio ', also known as the stripping ratio, is given based on the molar

flow of vapor G and the bottoms B (Kister, 1992; Sorensen, 2014):

,_ ¢
B

v (2.15)

2Throughout this work, stages are numbered from top to bottom (stage 1 at the top and stage N at the bottom
of the column) which is in accordance with e.g. (Kister, 1992; McCabe and Thiele, 1925; Sorensen, 2014).
However, numbering from bottom to top is also possible and can be found in e.g. (Kleiber, 2020; Stichlmair
et al., 2021). Furthermore, indices referring to a stage number indicate the stage where the designated flow
originates. For example, L, denotes the molar liquid flow leaving stage 4 and entering stage 5, whereas G4 is
the molar vapor flow from stage 4 into stage 3.
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Special attention should be focused on the feed stage. As shown in figure 2.2, stages above
the feed stage are called the rectifying section, while stages below the feed stage belong to the
stripping section. Furthermore, internal molar vapor flows G/ and G as well as liquid flows L’
and L depend on the feed condition g, which results in G’ #* Gor I/ #* L for most cases. The
feed condition is defined by the molar enthalpy at the bubble point hf, the molar enthalpy
as saturated vapor hf, the molar enthalpy at feed condition hr and the molar enthalpy of
vaporization Ahyapr (Billet, 1979):

]Li; - hF o h% — }LF

=1
= A H

(2.16)

General trends for the resulting flows of vapor G/ and G as well as liquid I/ and L are

summarized in table 2.1.

Table 2.1.: Feed conditions, based on (Billet, 1979; Sorensen, 2014; Stichlmair et al., 2021)

feed condition hp q vapor streams liquid streams
subcooled liquid hp < hj g>1 G >a I'>1L
boiling liquid hp = b g=1 G =0 I'>1L
wet vapor hi < hp < by 0<g<1 & <G L'>1L
saturated vapor hp = % q=0 G <G I'=1L
superheated vapor hy > hi; q<0 G <G I'<L

2.1.3. Multistage Distillation Apparatus

Multistage distillation is commonly performed in distillation columns. Since instantaneous
equilibrium can only be reached in theory, phase contact between vapor and liquid streams
inside the column needs to be intensified for which different types of mass transfer equipment,
column internals and accessory devices were developed in the past. While trays, unstructured
packings and structured packings are the most common types of mass transfer equipment used
for multistage distillation, this work focuses on structured packings only. Equipment design
and selection varies based on several factors such as feedstock properties, product specification,
operating conditions and process complexity, process efficiency, capacity and throughput, capital
expenses and operating costs as well as in-house expertise (Kister, 1992; Olujié, 2014). Detailed
discussions and comparisons of widely used mass transfer equipment as well as column internals
and accessories can be found in e.g. (Billet, 1979; Billet, 1995; Gérak and Oluji¢, 2014; Kister,
1992).

To ensure efficient column operation with respect to its capacity and an optimal mixture
separation, the gas load ug s and liguid load wy, need to be considered. The gas load is defined

as a superficial gas velocity uq, and thus based on the volumetric vapor or gas flow rate Vg
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and the cross-sectional area of the (unpacked) column A
Va
Ugs = —— 2.17
Gis Acol ( )

Alternatively, gas load can be expressed in terms of the f-factor fg based on superficial gas
velocity ugs and gas density pg:

fa =uas - p%° (2.18)

Similar to equation (2.17), the liquid load wy, is defined using the volumetric liquid flow rate
Vi:
Vi
wy, = 2.19
v Acol ( )

These loads depend on the column configuration and operation, and thus can vary along the
column height. In such cases, representative column sections should be considered. The valid

operating range for a given type of structured packings can be described based on the load
diagram (Kleiber, 2020):

Ap1 > Apz > Aps

flooding minimum wetting rate
Apy
~
‘m
g
]
T Ap2
o
3
Aps

wr, in m®m~2h~t

Figure 2.3.: Load diagram for structured packings, based on (Kleiber, 2020; Molzahn and Schmidt, 1975;
StichImair et al., 2021)

The lower limit of the operating region is defined by the minimum liquid load (Kleiber,
2020; Sattler, 2001) or minimum wetting rate (MWR) where the packing surface is not wetted
sufficiently and underwetting occurs (Kister, 1992). This results in a small effective mass transfer
area, and thus a poor separation efficiency. In contrast, at high liquid or gas loads, entrainment
increases successively, resulting in flooding or phase inversion which is considered the upper
boundary of the operating region (Billet, 1995; Kister, 1992; Sattler, 2001).

Depending on liquid load wy, and gas load ug g, the following operating regimes can commonly
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be identified for structured packings (Kister, 1992):

e Turndown maldistribution regime: At low column load, separation efficiency is reduced
due to the turndown limit of the packing and/or the liquid distributor. If proper liquid
distribution is ensured, the upper boundary of this region represents the MWR, of the
packing.

o Preloading regime: Separation efficiency is constant and independent of column load due
to a turbulent liquid film, good surface wetting and a good mass transfer. Most columns

are designed to operate within this region.

¢ Loading regime: The column transitions from normal to flooded operation. As the liquid
holdup increases, the separation efficiency reaches its maximum and drops thereafter due
to large entrainment. Even though maximum efficiency can be achieved in this region, it

is not commonly used in column design due to its proximity to the flood point.

¢ Flooding regime: Instable column operation and poor efficiency occur due to heavy

entrainment and flooding. Therefore, this region is avoided.

The achieved separation efficiency is related to the fluiddynamic conditions inside the packed
bed (Kister, 1992): With higher column loads, the effective interfacial area increases, and thus
mass transfer is enhanced, which improves efficiency. In contrast, an increased vapor load
decreases the residence time of the vapor phase, which in turn results in a decreased efficiency.
Since both effects are balanced for most corrugated-sheet packings, the overall efficiency is
widely independent of both the vapor and liquid loads, resulting in a constant separation
efficiency in the preloading regime. For some packings, however, a sloped relation between
column load and separation efficiency is observed as the decrease in vapor phase residence time
can dominate the increasing effect of enhanced mass transfer, resulting in an overall reduced
efficiency. Different types of packings, characteristic operating points and operating regimes as
well as their corresponding graphical representation in the efficiency diagram are discussed by
(Kister, 1992).

Proper column design and packing selection are vital for reliable plant operation and mixture
separation. This is especially true for demanding separation tasks where low specific pressure
drops or high turndown ratios with wide operating ranges are needed. To satisfy these require-
ments, several generations of structured packings have been developed (Meier et al., 1979; Spiegel
and Duss, 2014; Spiegel and Meier, 2003). As further improvements in packing performance
seem to be limited by conventional manufacturing processes, additive manufacturing is currently
evaluated to realize enhanced packing geometries with improved capabilities; see e.g. (Ashour
et al., 2022; Dejean et al., 2020; Neukaufer et al., 2022; Neukaufer et al., 2021; Sarajlic et al.,
2022).

Furthermore, improved or alternative distillation apparatuses are the subject of current

research activities which focus on process intensification, e.g. wetted wall columns (Reitze et al.,
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2020), dividing-wall columns (Kaibel, 2014; Kiss, 2013; Preifiinger et al., 2019), rotating packed
beds (Skiborowski and Gérak, 2022), cyclic distillation (Kiss and Maleta, 2018; Kiss et al., 2021;
Rasmussen et al., 2020) or microdistillation (Rieks et al., 2018; Sorensen et al., 2014; Wende
et al., 2021).

2.2. Separation Quantification

2.2.1. Number of Theoretical Stages

To quantify the separation effort required to achieve a desired distillate or bottom product
composition, the number of theoretical stages Ny is one of the most common approaches and
is based on the concept of equilibrium stages. Several methods estimating Ny, have been
established in the past, of which the Fenske equation and the McCabe-Thiele Method are referred
to as the most basic. In addition, the so-called MESH equations are especially relevant for

computational calculations and often considered as the basis for rigorous calculations.

2.2.1.1. Fenske Equation

For a cascade of equilibrium stages as already illustrated in figure 2.2, operated under total
reflux (B = 0kmolh™, D = 0kmolh~! and F = 0kmolh™1), (Fenske, 1932) derived a relation
between resulting distillate and bottoms compositions, the number of theoretical stages Ny,
and the relative volatility of the mixture aj2. The required assumptions are often simplified
to total reflux (v = 00), a constant relative volatility (a2 = const.) and a binary mixture, but
originally included (Fenske, 1932):

e continuous and adiabatic operation
o constant molar reflux and vapor flows (constant molar overflow)
e 1o heat of mixing

o ideal mixture (y; = 1)

constant relative volatility (o2 = const.)

total reflux (v = o0)

e binary mixture or multi-component mixture from which two key components are considered

(components 1 and 2)

If the conditions associated with these assumptions are fulfilled, the relation derived by
(Fenske, 1932) can be written as (Haan et al., 2020):

LD _  Nu TLB

2.20
zop 2 wap (2:20)
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Rearranging equation (2.20) gives the Fenske equation® as shown in equation (2.21):

N log [(1f2D) (1;5“)} _ log$S (2.21)

log a2 log a12

The Fenske equation is often used in early-stage column design and is especially relevant
for the Fenske-Underwood-Gilliland (FUG) or Fenske-Underwood-Gilliland-Kirkbride (FUGK)
shortcut methods to obtain initial estimates for the required number of theoretical stages, the
minimum reflux ratio or the position of the feed inlet (Sorensen, 2014).

Furthermore, equation (2.21) is commonly used to evaluate separation performance experi-
ments based on mixture composition. In such cases, the aforementioned assumptions should be
considered for test mixture selection, plant operation and data evaluation. For cases where the
assumption of a9 = const. is not fulfilled due to a dependence on temperature or composition,
Winn’s modification to the Fenske equation can be used to achieve improved results; see (Kister,
1992) for details.

2.2.1.2. McCabe-Thiele Method

(McCabe and Thiele, 1925) proposed a graphical method to determine the number of theoretical
stages required for mixture separation based on equilibrium diagrams. The following assumptions
were made (Kister, 1992; McCabe and Thiele, 1925; Sorensen, 2014):

1. A binary mixture is considered.
2. Complete equilibrium is reached on each theoretical stage.
3. The distillation column is operated in steady state.

4. Internal molar vapor and liquid flows in the rectifying and stripping section are constant,

a change only occurs at the feed stage.
5. Heat losses are neglected.
6. Heat of mixing is neglected.
7. Both mixture components show similar boiling points.
8. Both mixture components comply to Trouton’s rule?.

9. Separation is performed at constant pressure, pressure drops along the column are ne-

glected.

3Index 1, which denotes the more volatile or light key component, is omitted to improve readability, since the
equation is expressed in terms of component 1 only.

4(Trouton, 1884) investigated the ratio of enthalpy of vaporization and boiling point of different liquids
which resulted in the Pictet-Trouton rule: ASvap = AHyap Ty = 85...88Jmol ™' K™ (Atkins and Paula,
2006; Schonbucher, 2002). Since (McCabe and Thiele, 1925) assumed similar boiling points for the mixture
components, Trouton’s rule results in similar molar enthalpies of vaporization (AHvap,1 = AHyap,2).
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10. The temperature of feed stream is equal to the feed stage temperature.

11. Separation on feed stage occurs after the feed stream is mixed with fluids present on the

stage.
12. Total condensation of overhead vapors in condenser without subcooling.
13. The composition of overhead vapors is equal to the distillate composition.
14. Closed loop for utility steam in reboiler (no direct steam distillation).
15. All mixture compositions are expressed as molar fractions of the more volatile component.

In order to determine the number of theoretical stages graphically, three operating lines are
considered: rectifying operating line, stripping operating line and feed line.

The molar balance and component balance of the top section of the column are defined as:
G=D+1L (2.22a)
G y=D-zp+L-z (2.22b)

The rectifying section operating line (ROL), also known as enrichment line or top operating
line is obtained by rearranging equation (2.22b) and inserting equations (2.13) and (2.22a)
(Billet, 1979; King, 1980; Sorensen, 2014; Stichlmair et al., 2021):

*£x+2x
Z/G GD

:.L.-x+,D.-xD (2.23)
L+D L+D

v n 1
= ‘A ——
v+l vr1 P

By inserting z = 0 into equation (2.23), the y-intercept of the rectifying section operating

line is defined as:

1

—_— 2.24
v+1 D (224)

Yo,ROL =

The slope of the rectifying section operating line tan Sroy, is obtained from equation (2.23):

L v
Brop = = =
tan SroL S|

(2.25)
Similarly, an envelope over the bottom section of the column gives the following balances:

L'=G¢+B (2.26a)
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L' 2=G y+B-ap (2.26b)

Using equations (2.26a) and (2.26b) in conjunction with equation (2.15) results in the stripping
section operating line (SOL), stripping line or bottom operating line (Billet, 1979; King, 1980;
Sorensen, 2014; Stichlmair et al., 2021):

/7L/ o B o
TR
% B
B (2.27)
L'-B L' — B
v 1
:U’fl.iviy’fl.xB

With = = 0, the y-intercept of the stripping line is given as:

1
YosOL = 7 7B (2.28)

The slope of the stripping line tan Sgor, is obtained from equation (2.27):

I v
tan ===
BsoL o1

(2.29)

For further considerations, the overall component balance of a continuous distillation is

obtained by extending equation (2.12):
F‘])F=D~ID+B~$B (230)

The intersection of the operating lines is given by a balance around the feed stage. The
assumption of constant molar vapor and liquid flows in the both rectifying and the stripping

section (assumption 4) results in:

G =Ck == = const.
[fe =L =-- =L = const.
(2.31)
Gl:GZZU‘:G:const.
iy =1Lo=---= I = const.

This is also known as constant molar overflow (Kister, 1992; Sorensen, 2014). Therefore, the

balances over the feed stage can be written as:

F+Q +L=G+1 (2.32a)
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Foop—(I'=L)-2=(G-G")y (2.32b)
Inserting the feed condition g, see equation (2.16), into equation (2.32b) finally results in:
Foop—q-Fa=(1-¢q)-F-y (2.33)

Rearranging equation (2.33) gives the definition of the feed line (FL) or g-line (Sorensen,
2014):

=— - —F" 2.34

y= e (2.34)

In contrast to the rectifying or stripping operating lines for which the y-intercept was derived,

the x-intercept of the feed line is required to construct the McCabe-Thiele diagram. The
x-intercept (y = 0) is obtained from equation (2.34):

IO,FL = E (235)
q
Furthermore, the slope of the feed line tan Spy, is deduced from equation (2.34):

q
tan fpr, = —— 2.36
BrL -1 (2.36)
The McCabe-Thiele stage construction can be drawn, if any arbitrary point on each operating
line and the corresponding slopes are known (Kister, 1992). However, using the intersection
of each operating line with the diagonal as fixed points can simplify the construction. The

diagonal is defined as:
y—zo (2.37)

The intersection of the rectifying section operating line with the diagonal is dependent on
condenser operation. For total condensation, there is no external equilibrium stage® and the
intersection is directly defined based on equations (2.23) and (2.37) (Kister, 1992; McCabe and
Thiele, 1925):

r=y=——--Tp = XD 2.38

y G-L (2.22a) ( )

However, for partial condensation, an additional equilibrium between the remaining overhead
vapors and the condensate is established, and thus an external equilibrium stage must be
considered®. Since the product stream is withdrawn as a vapor stream with the composition

YD, «p is replaced with yp (Kister, 1992). Due to the external equilibrium stage, G1 =D and

5For total condensation, (Kister, 1992) denotes the condenser as stage 0.
SStage 1 is outside the column, stage 2 is the top stage inside the column.
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Lo = 0kmol h™ is assumed (Kister, 1992). For partial condensation, the intersection between
the rectifying section operating line and the diagonal is defined as (Kister, 1992; McCabe and
Thiele, 1925):
b
x:y:myl):yp (2.39)
The intersection of the rectifying section operating line with the diagonal is therefore defined
as x = zp for total condensation and x = yp for partial condensation, respectively (Kister, 1992).
The intersection of the stripping section operating line with the diagonal can be obtained from
similar considerations about the reboiler. Using equations (2.27) and (2.37) with equation (2.26a)
gives (Kister, 1992):
B
== —.rp = @
G-I B (2.26a) B

T=y (2.40)

Combining equations (2.34) and (2.37), the intersection between the feed line and the diagonal

is defined as:
r=y=azp (2.41)

Finally, a McCabe-Thiele stage construction can be drawn as shown in figure 2.4.
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Figure 2.4.: Exemplary McCabe-Thiele stage construction with 2 = 0.14 kmol; kmol,
2r = 0.56 kmol; kmol,,} and zp = 0.92 kmol; kmol,,., ¢ = 0.66, v = 2.4 and a2 = 3.0
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The number of theoretical stages Ny, is represented by the number of contact points of the
stages polyline with the equilibrium curve. For the example given here, the number of theoretical
stages is determined as Ny, = 5.

As thermodynamic equilibrium is established in the reboiler, an extra stage is provided. This
needs to be subtracted from the number of theoretical stages Ny, resulting in the number of

theoretical plates Ny p:
Ninp = Nen — 1 (2.42)

The McCabe-Thiele method can only be used, if the previously mentioned assumptions are
fulfilled. In particular, the assumption of constant molar overflow should be critically evaluated.
As shown in equation (2.31) it is a vital assumption for defining the component balances and the
derivation of the operating lines. As derived from Trouton’s rule, the constant molar overflow
assumption is based on similar molar enthalpies of vaporization for both mixture components.
Although being valid for most organic mixtures, aqueous or more complex mixtures show
differing molar enthalpies of vaporization, and thus do not fulfill this assumption (Kister, 1992).
In addition, a strong influence of the mixture composition on its boiling point may also result
in a varying molar overflow and should therefore be critically evaluated (McCabe and Thiele,
1925). Alternatively, more accurate results are obtained if the enthalpy balance is considered for
the stage construction. This method is known as the Ponchon-Savarit method, which is based
on enthalpy-concentration diagrams instead of equilibrium diagrams (Gmehling, 2003; Kenig
and Blagov, 2014; Sattler, 2001).

2.2.1.3. Stage-to-Stage Calculations and MESH Equations

As shown in section 2.2.1.2, the graphical approach by (McCabe and Thiele, 1925) is based
on the material/component balances (M), equilibrium data (E) and summation conditions (S)
of cascaded equilibrium stages. However, such graphical methods have become less relevant
since the late 1950s as (Amundson et al., 1959; Amundson and Pontinen, 1958) started using
computers to solve the underlying system of MESH equations, which is derived based on an

equilibrium stage as illustrated in figure 2.5.
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Figure 2.5.: Generalized equilibrium stage to derive MESH equations, based on (Gmehling, 2003; Steffen and da
Silva, 2017; Stichlmair et al., 2021)

As a generalized equilibrium stage n is considered, vapor and liquid side streams S(;,,L and
S’L)m a feed stream F), and heat flow Q'n are added to the equilibrium stage model introduced
in section 2.1.2.

With N; mixture components (i = 1...N;) and Ny, number of theoretical stages (n =
1...Nu), the resulting MESH equations are:

Material/component balances (M) [Ny, - N equations]:

0=Lp1- Tin—1+ e “Yint1 + E,- TiFn

(2.43a)
- (Ln + SLn) *Tin — (Gn + SG,n) *Yin
Equilibrium equations (E) [Ny, - Ve equations]:
yi,n
Ki,n (2:1) o = f(Tn7pn~, zi,n»yi.,n)
. in
(2.43b)
= 0=Yin— Kin Tin
Summation conditions (S) [2 - Ny, equations]:
N
Z Tin — 1=0
(2.43c)

Ne

Zyi,n -1=0

i
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Heat/enthalpy balances (H) [Ny, equations]:
0= Ln—l . hL,n—l + G7z+1 . hG,n+1 + Fn : hF,n + Q7z
- (Ln + SL,n) . hL,n - (Gn + SG,n) : hG,n (243d)

where hL,n = f(Tnapm Ii,n) and hG,n = f(Tnvpnvyi,n)

The resulting system of equations contains Ny, - (2 - N; + 1) equations (Gmehling, 2003).
Neglecting the heat/enthalpy balances (H) results in a set of MES equations and is practically
identical with the graphical approach of the McCabe-Thiele method (King, 1980). To solve the
set of equations defined in equations (2.43a) to (2.43d), several methods were developed in the
past; see (King, 1980; Kister, 1992; Seader et al., 2008) for details about calculation procedures,

iteration schemes, applicability, characteristics and selection of common methods.

2.2.2. Height Equivalent to a Theoretical Plate (HETP)

Several approaches to estimate the number of theoretical stages Ny, were introduced in sec-
tion 2.2.1. While the number of theoretical stages is generally applicable to all common types
of mass transfer equipment, the concepts of number of theoretical stages per meter (NTSM) and
height equivalent to a theoretical plate (HETP) are specifically established for packed columns.
Therefore, the separation performance of packings is often expressed by NTSM or HETP. Both
are defined by the packing height Hyq and the number of theoretical stages Ny, as proposed by
(Peters, 1922):
Hpea 1

HETP = = 2.44
N NTSM (244)

For experimental results, Ny, is obtained using the Fenske equation, see section 2.2.1.1, or
McCabe-Thiele stage constructions, see section 2.2.1.2.

Alternatively, existing datasets can be used to interpolate HETP. According to (Kister, 1992),
this results in very precise estimations, if data of the same or at least a very similar type of
packing are used to specifically cover effects poorly described by established mass transfer
models”. However, for modern types of packings, HETP datasets are often not publicly available,
see section 2.3. Alternatively, mass transfer models, see section 2.2.3, can be used to predict
HETP based on mixture properties and packing geometry.

Disregarding the evaluation or prediction method, HETP is commonly affected by various

factors related to experimental setup and plant operation, which are discussed in the following.

"Depending on the specific mass transfer model, established correlations lack a proper estimation of HETP
values for special separation problems like viscous distillation; see (Bradtmaller, 2017; Bradtméller and Scholl,
2015) for details.
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Packing geometry / column diameter A higher specific packing surface area results in an
increased separation performance and thus lower HETP. This is due to smaller channel sizes
and an improved distribution of the increased separation effective surface area (Kister, 1992).
According to (Billet, 1979), diameter effects become relevant for column diameters smaller than
300 mm. However, such effects were not observed by e.g. (Meier et al., 1979) or (Valenz et al.,

2013) for column diameters of 0.15m, 0.43m and 1.22m or 0.16 m, 0.25 m and 1 m, respectively.

Packing height / bed height For some packings, increased HETP values are observed with
increasing bed heights, which is particularly pronounced for smaller packing diameters. This is
commonly attributed to uneven concentration profiles due to liquid maldistribution (Zuiderweg
et al., 1987). In addition, end effects resulting from liquid dripping off the lower end of the
bed or related to the liquid distribution above a packing section may show a larger influence
for packed beds with lower heights (Billet, 1989; Kister, 1992). Furthermore, higher beds also
provide a higher number of theoretical stages from which a wider concentration spread between
top and bottom can generally be achieved. This should be considered for test mixture selection

and uncertainties in sample analysis.

Column load / operating regime Despite HETP depends on the column load and the operating
regime, a constant HETP is commonly reached in the preloading regime, see section 2.1.3. For
structured packings, the effect of liquid load may dominate the effect of vapor load (Kister,
1992). Wetting or, at extremely low liquid loads, underwetting can significantly influence HETP,

which is relevant if the liquid viscosity or surface tension depend on the mixture composition.

Vapor and liquid distribution Maldistribution of vapor or liquid has a negative effect on
separation performance (reduced effective area due to wetting issues, uneven concentration
profile, variations in local L G~ etc.) resulting in a higher HETP.

Reflux ratio Since separation performance is commonly evaluated at total reflux (L G1l= 1),
the influence of reflux ratio is rarely addressed in the literature. (Kister, 1992) claims that
HETP values at total reflux are similar to those obtained at partial reflux based on investigations
by (Billet, 1989; Eckert and Walter, 1964; Meier et al., 1979; Morris, 1960; Yuan and Spiegel,
1982). However, (Koshy and Rukovena, 1986) observed significant deviations in HETP for both
total and partial reflux. Since the influence of the reflux ratio on separation performance is a

core objective of this work, a more detailed discussion is provided in section 2.2.4.

Operating pressure Experimental results by e.g. (Bradtmoller, 2017; Bradtmoller and Scholl,
2015; Cmelikova et al., 2021; Meier et al., 2003; Meier et al., 1979)% show a small or even

negligible influence of operating pressure on HETP for vacuum and atmospheric pressure.

8The original publication by (Meier et al., 2003) was not available through established literature services, but
relevant data has been republished by (Diissel and Stichlmair, 2006).
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According to (Kister, 1992), this observation can be generalized for vacuum distillation with
operating pressures above around 70mbar(a), but does not apply for vacuum distillation at
lower pressures and high pressure distillation with pressures above ca. 14 bar(a). Furthermore,
the relative volatility aj2 may have a strong dependence on operating pressure (Ottenbacher
et al., 2011), which can indirectly affect HETP.

Mixture properties (Kister, 1992) claims that HETP has a relatively low dependence on
mixture properties for nonaqueous systems. However, investigations by (Bocker and Ronge,
2005; Bradtmoller, 2017; Bradtmoller et al., 2015; Bradtmoller and Scholl, 2015; Manivannan
et al., 2020; Tsai et al., 2008; Tsai et al., 2009) indicate a significant dependence on surface
tension and viscosity. The importance of relative volatility with respect to test mixture selection
was discussed by (Ottenbacher et al., 2011). For multicomponent or complex mixtures, HETP
may also be affected by miscibility gaps (two liquid phases) or inert mixture components if the

diffusion of key mixture components is hindered (Harrison, 1990).

Uncertainties in VLE Uncertainties in VLE are commonly elaborated in terms of the relative
volatility a2 and were discussed by e.g. (Coulson and Herington, 1948; Deibele and Brandst,
1985; Kister, 1992); see section 2.3.3 for details.

Concentration range The effect of concentration range was explicitly highlighted by (Otten-
bacher et al., 2011; Valenz et al., 2013) and addresses the aforementioned effects of packing
geometry, bed height, operating pressure and mixture properties in one single effect. Choosing
a suitable concentration range boils down to choosing a suitable test mixture and is important

for separation performance measurements.

2.2.3. Non-Equilibrium and Mass Transfer Models
2.2.3.1. Murphree Efficiency

Previously introduced concepts of separation performance are primarily based on equilibrium
thermodynamics and the concept of equilibrium stages. However, perfect equilibrium can only
be reached in theory, since rate effects limit the occurring mass transfer. These effects are
considered in non-equilibrium models and mass transfer models®.

(Murphree, 1925a; Murphree, 1925b) developed a basic approach to express the deviation
between the equilibrium composition y," and actual non-equilibrium composition y,. For the

vapor phase, the Murphree efficiency Eyig, which can also be interpreted as a pseudo-equilibrium

In addition to mass transfer models, other approaches like Computational Fluid Dynamics (CFD) or Hydrody-
namic Analogies (HA) are commonly used for non-equilibrium modeling. See e.g. (Kenig, 2022; Kenig and
Blagov, 2014) for a more detailed overview on column modeling approaches.
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(Stichlmair et al., 2021), is defined as (Seader et al., 2008):

Eyvic = w (2.45)
Yn — Yn—1

The Murphree efficiency for the liquid phase Eyr, can be defined similarly. Inserting Eyig and
By, into the equilibrium equation given in equation (2.43b) allows expressing non-equilibrium
conditions based on the MESH equations. This approach represents as a very basic, but robust
form of a rate-based model (Stichlmair et al., 2021).

2.2.3.2. The Concept of Transfer Units (HTU/NTU)

The concept of transfer units can be derived based on the two-film theory as illustrated in
figure 2.6. In the boundary envelope with differential height dh, mass transfer from the vapor
to the liquid occurs through the planar vapor/liquid interface, resulting in the differential molar
flow dn. Assuming continuous operation at steady state with perfectly mixed bulk phases, the
bulk concentrations y® and zP are constant (Kraume, 2020). Furthermore, there is a laminar
film on each side of the vapor/liquid interface. Inside each film, mass can be transferred only by

diffusion, which results in the linear concentration gradients in the vicinity of the interface.

G L
y+dy x
T T T
v | \ i !
1 . 1
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vapor dL, : liquid dh

1
1

Y z +dz
Figure 2.6.: Two-film theory, based on (Kenig and Blagov, 2014; King, 1980; Kraume, 2020)
Due to the thermodynamic equilibrium at the interface (denoted by superscript i), instan-

taneous mass transfer is assumed!? (Taylor and Kooijman, 2014). Therefore, mass transfer

resistances are present only in the vapor or the liquid film (Schonbucher, 2002).

101t should be noted that the profile of molar fractions illustrated in figure 2.6 shows a discontinuity at the
phase interface due to the equilibrium condition. Nevertheless, other measures such as partial pressures,
concentrations etc. can also be used if the equilibrium condition at the interface is described accordingly. A
detailed overview of HTU/NTU for different measures of composition is presented by (Seader and Henley,
2011). A continuous profile is obtained if activities a; (ag,; = aw,; at equilibrium) are used to represent the
driving potential (Sherwood et al., 1975).
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The (infinitesimal) molar flow dn through the interface results from the component balance

of the illustrated boundary envelope'!:

di=G-y—G-(y+dy) = -Gdy (2.46a)
=L-(x+dz)—L-z=Ldx (2.46b)

Equations (2.46a) and (2.46b) are valid if the molar flows (¢ and L are constant. In this
case, a constant bulk composition is assumed (assumption of constant molar overflow) which
is given for highly diluted mixtures (absorption and stripping) or distillation with equimolar
counterdiffusion and a constant molar overflow (Seader and Henley, 2011).

Furthermore, dn is expressed based on the film theory using the mass transfer coefficients of
the vapor and liquid film, kg and kg, as well as the separation effective specific interfacial area

aefr and the cross-sectional area of the (unpacked) column A, (Gmehling, 2003)'%:
div = kg acke (y° — ') Acor dh (216 —-Gdy (2.47a)

=k, aege (' — 2P) Aeor dh o Ldx (2.47b)

The height of the packed bed Hyeq is obtained by integrating equations (2.47a) and (2.47b)
(Gmehling, 2003; Kraume, 2020):

Hyea
Hypeq = / dh
0

G (|
= . / — - dy = HTUg-NTUg (2.48a)
kG aett Acol Jypouom ¥' — ¥
————
HTUq NTUq
L e 1 gru, NTU 2.48b
Tk, et Acol ./zmp d—a T b b (2.480)
HTUL NTUL

As highlighted above, equations (2.48a) and (2.48b) also define the height of a transfer unit
(HTU) and the number of transfer units (NTU), wherein indices G and L denote the vapor and
liquid phase, respectively. This approach can be applied without consideration of any specific
mass transfer equipment (Stichlmair et al., 2021). It is known as the concept of transfer units
and was proposed by (Chilton and Colburn, 1935; Colburn, 1939; Colburn, 1941).

To solve equations (2.48a) and (2.48b), the mixture compositions z' and y' at the phase

""The component balance refers to the light mixture component. However, the according index 1 is omitted in
both figure 2.6 and the following equations to improve readability.

2Gtrictly speaking, equations (2.47a) and (2.47b) are extended definitions of the mass transfer coefficients kg
and ki,. Since kg and ki, should commonly have positive values, the driving forces represented by Az = ' — 2
and Ay = 3 — ¢' need to be chosen accordingly (King, 1980).
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interface are required. However, these values are not known a priori. Therefore, equations (2.47a)
and (2.47b) are rearranged as (Gmehling, 2003):

y—y* _ b, _ L HTUg
zi—ab kg (248a) ¢ HTUL
(2.48b)

(2.49)

For small changes in vapor and liquid compositions, such as infinitesimal dy and dz, the
equilibrium curve can be linearly approximated due to its small curvature. In this case,
equations (2.46a) and (2.46b) are used to substitute the ratio L G~ with the slope of the
equilibrium line'® m (Katayama and Yoshida, 1968; Kraume, 2020):

—=—=m (2.50)

Commonly, neither relevant mass transfer resistances nor mixture compositions at the phase
interface can be measured individually. Therefore, all occurring mass transfer resistances are
fully attributed to either the gas film or the liquid film (overall mass transfer resistance), whereas
no mass transfer resistance is assumed for the opposing film. In this case, overall mass transfer
coefficients kog and kop, as well as hypothetical equilibrium compositions y°d and z°? are used
(Gmehling, 2003):

dn = koq Getr (yb - yeq) Acol dh = 76 dy (2'513‘)
= kor, Gege (2°9 — 2P) Aoy dh = Ldz (2.51b)

The relation between the molar fractions in the bulk phase (¥ and zP), at the interface (3!

and 2') and at hypothetical equilibrium (y°¢ and 2°9) is given as (Gmehling, 2003):

YO =y = (P — ) + (¥ — )

2.52
— ("~ y) +me (@ o) e

Considering countercurrent stripping and thus, a high dilution in both vapor and liquid,
equation (2.52) can also be illustrated using an equilibrium diagram (King, 1980)'* as shown in
figure 2.7.

The slope of the equilibrium line m can also be interpreted as the equilibrium constant K°@ (Kenig and Blagov,
2014; Kraume, 2020): y; = K*4 ;.

"In stripping, component 1 goes from liquid to vapor. However, the balance envelope considered in figure 2.6
assumes component 1 going from vapor to liquid which results in negative driving forces (King, 1980).
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Figure 2.7.: Relation between bulk (superscript b), interface (superscript i) and equilibrium (superscript eq)
molar fractions, point B: mixture composition in bulk, point I: mixture composition at interface,
based on (Gmehling, 2003; King, 1980; Kraume, 2020; Seader and Henley, 2011)

The overall mass transfer coefficients are defined by combining equations (2.47a), (2.47b),
(2.51a) and (2.51b) with equation (2.52) (Gmehling, 2003):

= 4+ — (253&)

1 1 1
—_— = 2.53b
koL k‘L + m kG ( )

To derive equations (2.53a) and (2.53b) based on equation (2.52), the slope of the operating
line is assumed to be constant, so that the slope of AI equals the slope of IC. However, as
illustrated in figure 2.7, this assumption is invalid for curved equilibrium lines. Therefore,
(Seader and Henley, 2011) use different slopes for these sections which results in adapted
equations (2.53a) and (2.53b). (Katayama and Yoshida, 1968) suggest considering the slope
of AC, instead of the distinct slopes of AT or IC, and claim that the errors resulting from this
procedure are insignificant'®. In general, deviations due to different definitions of the slope of
the operating line m are often considered negligible, since the linear approximation only spans

an infinitesimal segment of the equilibrium curve.

Similar to equations (2.48a) and (2.48b), the overall mass transfer coefficients ko and kop, can
be used to estimate the height of the packed bed Hyeq. This defines HTU,q, NTU,q, HTU,L,
and NTU,, as shown in equations (2.54a) and (2.54b), respectively (Gmehling, 2003):

Hpeq
Hpeq = / dh
JO

""However, (Katayama and Yoshida, 1968) did not provide any numbers to substantiate this statement.
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G /y(op 1
T A A —— 5 4y =HTUyq -NTUoq 2.54a
koG Gett Acol Sy rom ¥4 — Y° © ( )
HTUoc NTVog
L Thottom 1 d HTU NTU ( b)
=T A Tea _p 4T = oL * oL 2.54
KoL Geft Acol /mp xed — gb
————
HTUqy, NTUqr,

HTUg and HTUy, in equations (2.48a) and (2.48b) or HTU,g and HTU,y, in equations (2.54a)
and (2.54b) are commonly considered constant. However, this is not always valid and HTU,q
should not be pulled out of the integral to obtain more precise results for such cases (Sherwood
et al., 1975):

Ytop 1
Hypeq = / HTUqq By dy (2.55)

Ybottom

Furthermore, the stripping factor X is defined as (Edmister, 1957):

G
A=m— 2.56
L (2:50)
Combining the definitions of HTUg and HTUy,, given in equations (2.48a) and (2.48b), with
equations (2.53a) and (2.53b) as well as HTUyq and HTUgr, from equations (2.54a) and (2.54b),
allows deriving (Gmehling, 2003):

G
HTUoq = HTUg +m 7 HTUL = HTUg +\ HTUL (2.57a)

L 1
HTU,, = — HTUg+HTU, = — HTUg+ HTUy (2.57Db)
mG (2.56) A

Introspecting equations (2.57a) and (2.57b) as well as equations (2.54a) and (2.54b) shows
that the separation effective surface area acg, the mass transfer coefficients kg and kr, as well as
the slope of the equilibrium line m are required to estimate the separation effort based on the
height of a transfer unit HTU. The parameters acf, kg and ki, are commonly estimated based
on mass transfer models, see section 2.2.3.5. The slope of the equilibrium line m for a binary

mixture with constant relative volatility a2 is given as (Fair et al., 2008):

12

m= ———"™>
1+ (a2 — 1) m1]?

(2.58)

For a mixture with varying relative volatility a2, a geometrically averaged relative volatility
@19 should be considered according to equation (2.4). Depending on the desired calculation
accuracy and variations in a2 due to temperature and concentration, a2 and a2 g1 may be
considered segmentally along the height of the packed bed. Furthermore, if HTU,g and HTU,y,
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as defined in equations (2.57a) and (2.57b), depend significantly on variations in concentration
due to variations in the slope of the equilibrium line, equations (2.54a) and (2.54b) may also be
evaluated segmentally (Fair et al., 2008; Oluji¢ et al., 2007; Sherwood et al., 1975).

In addition, (Colburn, 1939) explicitly addressed the influence of variations in operating
conditions throughout a distillation column. The slope of the equilibrium curve in the rectifying
section is smaller than the slope of the operating line (A < 1), whereas the opposite is true in
the stripping section (A > 1). Therefore, larger HT U, are obtained in the stripping section
than in the rectifying section of a distillation column. The influence of the stripping factor A is
discussed in section 2.2.3.4 in which HETP and HTU/NTU are compared to each other.

As shown in figure 2.8, the integral for NTU,q given in equation (2.54a) can also be interpreted
graphically. However, to evaluate the corresponding integral, discrete values are commonly
integrated numerically or integrated (either analytically or numerically) after a polynomial

regression. A pure algebraic solution for NTU,q is presented in appendix E.1.

-1
1

5 in kmol;, kmol

1
Yy —y

NTU,q

y1 in kmoly kmol;{

Figure 2.8.: Graphical interpretation of NTU,, based on (Chilton and Colburn, 1935; Gmehling, 2003; Sherwood
et al., 1975)

2.2.3.3. Connecting HETP and HTU/NTU

As already shown in figure 2.2, multistage distillation can be interpreted as a cascade of
equilibrium stages and thus, the number of theoretical stages Ny, is commonly specified as
positive integers. Furthermore, HETP is often calculated with the number of theoretical stages
Nip, see equation (2.44), and is, as the term height equivalent to a theoretical plate (HETP)
implies, closely related to the concept of theoretical stages. Therefore, HETP can be interpreted
as a stepwise (discrete) approach to estimate or specify separation performance (Chilton and
Colburn, 1935). In contrast to HETP, the concept of transfer units can be seen as a continuous
approach, since the change in concentration along the column height is considered differentially
(Chilton and Colburn, 1935; Katayama and Yoshida, 1968). Therefore, (Katayama and Yoshida,

1968) claim HTU to be more theoretically sound than HETP which is also in accordance with
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(Graf, 2011).

Despite these fundamentally different approaches, a relation between HETP and HTU,g
can be established by evaluating equivalences in mixture separation on trays and inside a
packed section as discussed by (Katayama and Yoshida, 1968; Sherwood et al., 1975). Applying
equations (2.46a) and (2.46b) to a packed section with height h, liquid molar fractions zo (inlet)

and z3 (outlet) and vapor molar fractions y3 (outlet) and y4 (inlet) results in:

G (ys—ys) = L+ (w3 — m2) o Ko et (4 — y°%) Acol B (2.59a)

G (ya — y3)

<~ h=
koG aetr (Y — y°9) Acol

(2.59b)

The term y° — °? is unknown, but a suitable approximation can be derived using the
logarithmic mean of the driving potential which is applicable if the difference to approximate
is linear in the variable defining the driving potential (Sherwood et al., 1975). Applying the
logarithmic mean to the term y® — y°9 results in equation (2.60). Indices A and B refer to the

lower and upper end of the packed section.

b e _(ab _ e
Yb e = W —y ‘2;2 - ;Zq)A y*)s (2.60)
! [(yb - y%}

Considering a stage construction covering the equilibrium stages 2, 3 and 4, the terms
(y® — y°9) o and (y® — y°9)p can be determined according to figure 2.7:

W=y Va=ys—ys (2.61a)

" =y DB =vs —us (2.61b)

Combining equations (2.61a) and (2.61b) with equations (2.59b) and (2.60) results in (Sher-
wood et al., 1975):

G(ys—y3) In {u]
Ys — y2

h=
ko Geft Acol [(ya — y3) — (Y3 — y2)]

(2.62)

Furthermore, the slope of the equilibrium line as well as the slope of the operating line can
be expressed with the liquid and vapor compositions. To simplify rearranging equation (2.62)
later, the ratio of the aforementioned slopes is used and the stripping factor A is recalled from
equation (2.56) (Sherwood et al., 1975):

1

(y3 — y2) (v3 —x2)~" _ slope of equilibrium line m

(y4 —y3) (x3 —29)~1 ~ slope of operating line ~ j,G-1 (2.56)

(2.63)
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Equation (2.63) is expanded to obtain the following expression (Sherwood et al., 1975):

I ek (ys —y2) — (ya —y3) (2.64)
Ya— Y3 Ya— Y3

A—-1

Inserting equations (2.63) and (2.64) into equation (2.62) and factoring out HTUyg finally
results in equation (2.65). As the height h of the considered packed section is equivalent to the
height of a theoretical plate in the corresponding section of an arbitrary tray column (as also
represented by stage 3 in the corresponding stage construction), h can be replaced with HETP
(Sherwood et al., 1975):

G In A In A In X

TUoc = (HTUg +A HTUL) 5

HETP = =
A —1 (2.57a) -1

T = 2.65
koG Qeff Acol A=1 (2.54a) ( )

Equation (2.65) is only valid for A # 1. However, a simplified approximation can be derived
if the logarithmic mean is also satisfied for the driving potential in equation (2.54a) (Sherwood
et al., 1975):

HETP = 2 HTU, —— — 2 (HTUg + A HTU)

= 2.66
A+ 1 (2.57a) ( )

1
A+1

Since equation (2.66) is also valid for A = 1, which is given for an operating line parallel to
the equilibrium line and total reflux (L G~! = 1), it can be shown that HETP = HTU,q if
A =1 (Kister, 1992; Sherwood et al., 1975). Furthermore, the stripping factor A is equal to the

slope of the equilibrium curve m for total reflux (LG~ = 1):

a2 (2.67)

(256)  (28) [14 (cnz — 1) z1]
Disregarding whether HETP or HTU/NTU are used to estimate the required height during

column design, the total height of the packed bed Hyeq should be identical, since the separation

task is fixed. Therefore, equations (2.44) and (2.54a) are set equal (Fair et al., 2008; King,

1980):

Hyea = HETP-Ny, = HTUy,g -NTUyq (2.68)
(2.44) (2.54a)
Combining equations (2.65) and (2.68) describes the relation between the number of transfer
units NTU,q and the number of theoretical stages Ny, (Fair et al., 2008; King, 1980):

In A

NT = N,
Uoa th/\_l

(2.69)
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2.2.3.4. HETP vs. HTU/NTU

As already described in section 2.2.3.3, the use of HTU/NTU is often considered as more
theoretically sound than HETP (Graf, 2011; Katayama and Yoshida, 1968). (Graf, 2011) states
that HETP is often interpreted as a property or parameter solely attributed to the packing.
However, according to (Graf, 2011), this is a fundamental misconception, since separation
equipment (type of packing) and separation task (desired product specification) should be strictly
differentiated from each other and described by independent measures. With the interpretation
that HETP is a packing property, the number of theoretical stages Ny, describes the separation
task. The number of theoretical stages should not be interpreted as an independent measure
describing the separation task, since assumptions about the mass transfer equipment are implied.
However, according to (Graf, 2011), HTU and NTU properly distinguish between the separation
equipment and the separation task, respectively.

Contrary to (Graf, 2011; Katayama and Yoshida, 1968), (Kister, 1992) prefers HETP over
HTU/NTU, since HETP are generally easier to apply to multicomponent systems, can easily
be estimated based on stage-to-stage calculations and simplify direct comparisons with tray
columns. Furthermore, (Kister, 1992) does not see an improvement in design accuracy when
using HTU/NTU compared to HETP, but rather a significant increase in design complexity.
However, (Kister, 1992) admits that HTU provides easier analysis of mass transfer phenomena
and can mathematically be converted to HETP. In general, both HETP and HTU/NTU result
in equal or very similar column designs (Kister, 1992). This is evident in equation (2.68) where
NTU,q is related to Ny,.

For a more detailed discussion, the influence of the stripping factor A, which may considerably
change throughout distillation (King, 1980), is elaborated. Commonly, three different cases are
considered (Chilton and Colburn, 1935; Duss and Taylor, 2018; Graf, 2011; King, 1980; Koshy
and Rukovena, 1986; Seader and Henley, 2011):

1. A < 1: For high concentrations of the more volatile component, equation (2.58) gives
A — 1/ajs. Since LG™! = 1 is valid for high reflux ratios, both conditions result in
A — 1/aq2 and thus, A < 1. In this case, HTU,g < HETP and NTU,g > Ny, is obtained.

2. A~ 1: This condition is obtained for very low reflux ratios in the rectifying section (z1 —
1 kmol; kmoly}), very high reflux ratios in the stripping section (z; — 0kmol; kmol,t)
or symmetric separations'®. This case is also relevant for difficult separations for which
a1z = 1 can be assumed and equation (2.58) results in m ~ 1. Due to the narrow
operating region between the equilibrium and operating lines, the reflux ratio is close
to unity which can be represented as L G—! — 1. Therefore, the stripping factor ), as
defined in equation (2.56), does not vary significantly from unity and its exact value is
less important. Finally, HTU,q ~ HETP and NTU,g &~ Ny, are obtained disregarding

16(Chilton and Colburn, 1935; Koshy and Rukovena, 1986) use this term to describe a separation with product

compositions equidistantly spaced around z; = 0.50 kmol; kmol;}.
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the specific considerations. However, for easy separations with aqo > 1, case 1 or case 3

in which A is an important parameter for separation performance are obtained.

3. A > 1: According to equation (2.58), a high purity of the bottom product (z; —
0 kmoly kmol;lt) results in m — aq9. Furthermore, if total reflux is approached, L G — 1
is valid and thus, A — «aj2 is obtained. In this case, the inverse of case 1 is obtained:
HTU,g > HETP and NTU,g < N

As mentioned above, the stripping factor A is approximated with a9 for 1 — 0kmoly kmolt’oi
(case 3) or with 1/ajs for 1 — 1kmoly kmolL’o{ (case 1). The effects of molar fraction z
and relative volatility aqs on stripping factor A were briefly addressed by (Duss and Taylor,
2018) claiming an insignificant difference between a9 and A for a2 < 1.3. In addition to
the previously elaborated cases, (Chilton and Colburn, 1935) explicitly address the effect of
diverging and converging equilibrium and operating lines, which are given for ideal mixtures
with low relative volatilities and symmetric separations. In such cases, the aforementioned
cases 1 and 3 average out each other resulting in NTU,g ~ Ny, (Chilton and Colburn, 1935).
This is also valid for most separation performance experiments, since common test mixtures
and operating procedures satisfy these conditions (Chilton and Colburn, 1935). However, for
many industrial separations, NTU,g # Ny, is obtained (Chilton and Colburn, 1935) and thus,
HTU,q # HETP, see equation (2.68).

Since HETP is commonly estimated based on equation (2.65) or approximated by equa-
tion (2.66), HETP may change, even if HTU,g does not (King, 1980). Therefore, (King, 1980)
suggests calculating HETP for each equilibrium stage. A suitable procedure was proposed by
(Sherwood et al., 1975) in which the theoretical stages of the rectifying and stripping section
are considered independently of each other. Stages of the rectifying section are drawn from
top to bottom, whereas the opposite applies to the stripping section and fractional stages
are considered around the feed. The HETP for each stage is then calculated based on equa-
tion (2.65) or equation (2.66) and requires HTU,q. Since (Sherwood et al., 1975) suggest using
equation (2.57a) to estimate HTU,g, HTUg and HTUy, are needed in addition, but commonly
unknown!”. Finally, the column height is estimated by summing up the height increments along
the packed bed with each increment calculated according to equation (2.44).

(Fair et al., 2008) proposed a slightly different procedure where equation (2.69) is used to
convert the determined number of theoretical stages Nyp,'® into the number of transfer units
NTUqqg. The height of an overall transfer unit HTU,q is estimated with suitable approximations
or mass transfer models; see (Fair et al., 2008) for available approaches. With both HTU,g and

NTU,q known, equation (2.68) is used to calculate the total column height.

"HTU,q was introduced in section 2.2.3.2, since HTUg and HTUp are commonly inaccessible. However,
(Sherwood et al., 1975) guessed values for HTUg and HTUL which is an unreasonable approach if the
underlying mass transfer phenomena, and thus the resulting heights of transfer units, are widely unknown.
Nevertheless, estimating HTU,g by applying equation (2.54a) to each stage can be a suitable alternative.

18(Fair et al., 2008) do not explicitly state how to determine Ni,. Nevertheless, the established approaches
elaborated in section 2.2.1 should be suitable.
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2.2.3.5. Delft Mass Transfer Model

As shown in sections 2.2.3.2 and 2.2.3.3, mass transfer coefficients kg and ki, as well as the
separation effective interfacial area aeg are needed to describe separation performance. Many
empirical, semi-empirical and predictive mass transfer models to calculate kg, ki, and aeg have
been established in the past and are extensively discussed by several authors, e.g. (Bradtmoéller,
2017; Carrillo et al., 2000; Flagiello et al., 2021; Kister, 1992; Oluji¢ and Seibert, 2014; Orlando
et al., 2009; Stichlmair et al., 2021; Taylor and Kooijman, 2014; Wang et al., 2005a; Wang et al.,
2005b).

Since the Delft model was published and cited throughout several contributions, different
versions can be found in the literature. (Bradtméller, 2017) assumes that these variations
mainly arose from typing errors and republished a consistent set of equations for the Delft model
by (Oluji¢ et al., 2004; Oluji¢ et al., 1999; Oluji¢ et al., 2012) after re-evaluation. The Delft
model does not require any empirical factors and relies on packing geometry and operational
parameters only. As the predicted separation performance may be too conservative for narrow-
boiling systems like chlorobenzene/ethylbenzene (Oluji¢ et al., 2012), (Oluji¢ and Seibert, 2014)
published a revised version of the model to improve predicted separation performance for such

cases.

Packing and Flow Channel Geometry Considering the geometry of a single flow channel with
the width w, and the height hc, its corresponding side length s is defined as:

2
Se = % + hg (270)

With all channel dimensions known, the specific packing surface area ay, is given by:

ap=4—¢ (2.71)

we he

The fraction of cross-sectional area occupied by the liquid film flow on the surface of each
channel is determined by:

2
o = ——2 (2.72)

T we 425

According to (Olujié¢ et al., 2012), ¢, 1, was introduced to consider a potentially enhanced mass
transfer due to gas/gas interaction at crossing flow channels. Disregarding the specific packing
size, @c1, &~ 0.59 is obtained for corrugation fold angles of around 90° (Oluji¢ et al., 2012).
However, for narrow-boiling systems, such as chlorobenzene/ethylbenzene (CB/EB), (Oluji¢
et al., 2012) observed an underestimation of the separation performance as ¢, reduces the
influence of the turbulent vapor phase mass transfer according to equation (2.90b). Using the test
mixture CB/EB to investigate separation performance of a high performance packing, resulted in

a 70 % increase in vapor mass transfer coefficients kg, if @1, = 1 was used instead of ¢. 1, ~ 0.59
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for data evaluation (Oluji¢ et al., 2012). Therefore, (Oluji¢ et al., 2012) suggested using .1, = 1
to improve agreement between experimental and predicted separation performance in such cases.
The length of a gas flow channel . g is estimated using the inclination angle of the packing
sheets a, and the height of a packing element hy,:
h
lc,G = P (273)

sin o

Equation (2.73) can be derived based on geometry considerations disregarding the height of
a packing element. However, (Bradtmoller, 2017) suggests using an alternative approach for
small-scale columns as the length of a flow channel is rather limited by the diameter of the

packing element d;, than by its height:

dp

cos ap

leq (2.74)

Although the flow channels of a corrugated sheet packing are inclined at a packing-specific
angle, the liquid film tends to flow at an angle steeper than the channel inclination (Oluji¢ and

Seibert, 2014). The resulting effective liquid flow angle ay, is defined as:

cos (90° — o)

(2.75)
. We
sin (90° — ay,) - cos |arctan
2 he

a1, = arctan

Liquid and Gas Flow To describe the flow inside a packing channel, the superficial liquid
velocity ur, ¢ is calculated using the liquid mass flow my,, its density pr, and the column diameter
deol:

4. 1my,

ULs = %5 (276)
ST Ely o
Similarly, the superficial gas velocity uq s is defined as:
4-1g
e _ Jo 2.77)

uG75 = —a =
i) m-d - pa p%d

Since both liquid density pr, and viscosity nr, can be calculated based on the liquid mixture
composition, see appendices C.3.2 and C.6.1, the mean thickness of the liquid film Jy, is estimated

according to equation (2.78); g denotes the gravity of Earth (g = 9.806 65 ms~2):

1
o = (73 L ULs ) (2.78)

PL g ap sinag,

Using the channel dimensions h¢, s. and w, as well as the mean liquid film thickness ¢;, allows
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describing the hydraulic diameter of a gas flow channel dj, ¢ g:

(we he — 201, 5¢)*
we he

die,c = 5 705 (2.79)
We he — 201, S¢ 4 We he — 201, S¢ n We he — 201, S
2 he We 2 he
Assuming a fully wetted packing surface, the liquid holdup hy, is given by:
hy, = 01, ap (2.80)

Superficial gas velocity ugs, packing void fraction or packing porosity €, and channel

inclination angle «;, are used to define the effective gas velocity ug ef:

UGs

U, = 2.81
Goff (ep — h) sinay, ( )
Similarly, the effective liquid velocity ur, o is calculated as:
UL, 5
'U,Lyeff = > (282)

ep hy, sinayg,

The relative gas phase Reynolds number Reg ;1 is defined with the effective velocities ug et

and ur, eff:

pG (UG eff + UL eff) dhe,c

o (2.83)

ReG,rcl =

Relative Reynolds number Reg e1, hydraulic diameter gas flow channel dy, ¢ and mean film
thickness dy, allow calculating the gas/liquid friction factor &g,

B _ -2
SLdile 502 Oudicg 145
_ | el D 1 &G : 2.84
o [ * { 3.7 Regra 0\ 37 " Recm .

Effective Interfacial Area The separation effective interfacial area is quantified by combining
the Onda correlation with several correction terms. The correlation by (Onda et al., 1968) can

be written as shown in equation (2.85):

0.75
Qeff, Onda = p {1 —exp <1A45 (Z—f) Ref:} Fry 0 We%ﬁ)} (2.85a)
Rep,, = Zeths (2.85b)
ap L
U2 Q.
Frp, = -2 (2.85¢)
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2
Wey,s = : (2.85d)

As packing elements may consist of perforated sheets, equation (2.85a) overestimates the
effective surface area. To account for the fraction of packing surface area occupied by the

perforation holes, Q, is introduced for correction!®:

Qeff = (1 - Qp) Qeff,Onda (286)

To further improve the accuracy of equation (2.86) with respect to experimental results,
an empirically determined correction using a specific packing surface area of 250 m? m=3, an
inclination angle of 45° and an operating pressure of 1013 mbar(a) as references can be applied
(Oluji¢ et al., 2004). Considering all aforementioned corrections, the corrected effective interfacial

area deff,corr i finally calculated with equation (2.87).

sin45°\"
Qeff corr = Qeff (Sill o ) (2.873«)
ap Qaj, Qeff,Onda
n= (1 gm) (1= g5) + (555)
(2.87h)

+

1013 mbar(a) \ *° ar,
49— | ——= 1.2 -
v () (1o

Mass Transfer Coefficients The liquid phase mass transfer coefficient ky, is estimated based
on the liquid diffusion coefficient Dy, 12, see appendix C.8.1 for details about its calculation, the
effective liquid velocity ur, off and the hydraulic diameter of a gas flow channel dy, g as shown
in equation (2.88). Additionally, (Oluji¢ and Seibert, 2014) introduced a revised calculation
for ki, see equation (2.88b), to accommodate for an increased liquid film flow length which is
potentially underestimated by the original correlation using the hydraulic diameter dj, . ¢ as

shown in equation (2.88a).

Dy, 1o up e\ *°
kL original = 2 | ————— 2.88
L,original (71' O-9dh,c,G ( a)
Dy, 12ur g 05
kL,revised =2 | —F (288b)
Tep b sc

For the gas phase mass transfer coefficient kg, laminar and turbulent contributions, kg jam

and kg turb, are considered according to equation (2.89). The calculation routine to estimate

9The value of €2, depends on the packing type. (Oluji¢ et al., 2004) suggest Q, = 0 for unperforated packings
and €, = 0.1 for common types of perforated packings such as Sulzer Mellapak.
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the vapor phase diffusion coefficient D 12 is documented in appendix C.8.2.

kG = \/ k(Z}‘lam + k(Q},turb (289d’)

Sh, D¢
kG jam = ——m G2 (2.89h)
’ dh.c.G
Sha turb Da,12
kG,turb = ;7 (2.89C)
h,c,G
Gas phase Sherwood numbers Shg jam and Shg 1 are defined as?0:
1 dyc G 05
Shg Jam = 0.664 SC‘S} Reg rel l’ . (2.90a)
C,
Reg rel Sca &L% dhea H
ShG,turb = ¢ 0.5 2 1+ ( l’C’}’) (290b)
14127 (%“) (Scéfl> “

The gas phase Schmidt number Scg is calculated according to equation (2.91). For estimating

the gas phase density pg and gas phase viscosity ng see appendices C.3.3 and C.6.2.

nG
Scqg=—F7F— (2.91)
pc Da, 12
Separation Performance To finally determine separation effort or to evaluate separation
performance, the liquid and vapor phase mass transfer coefficients ki, and kg estimated from
equations (2.88) and (2.89a) are used to calculate HTUp, and HTUg, respectively. For this,
HTUpL and HTUg can be expressed as:

UL,s

HTUp, = ———
b kL Qeff,corr

(2.92a)

HTUg = — G5 (2.92b)
kG Qeff, corr
While the previously introduced equation (2.57a) allows estimating HTU, based on calculated
HTUy, and HTUg, equations (2.65) and (2.66) can be used to convert obtained HTU,g into
HETP.

20(Oluji¢ et al., 2004) use a value of 1.27 in the denominator of equation (2.90b), whereas 12.7 is used by (Oluji¢
et al., 1999; Oluji¢ et al., 2012). As 12.7 is used in both the older and the later publication, this value is
assumed to be correct and, therefore, also used in this work.
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2.2.4. Influence of Reflux Ratio

Since separation performance measurements are commonly conducted at total reflux (L Gt= 1),
only very limited data about the influence of reflux ratio are available. This seems to be
reasonable as experiments with partial reflux (L G! # 1) are commonly not focusing on
separation performance, but on column hydraulics (Cai, 2014). In such experiments, LG <1
and L G~! > 1 are used to simulate the operating conditions present in the rectifying section
and stripping section, respectively. Other investigations on the influence of reflux ratio have
focused on process optimization (Orlando et al., 2009; Shokrkar and Salem, 2008), small-scale
process development (Bittorf et al., 2019) or the characterization of Raschig rings by empirical
correlations (Hands and Whitt, 1951).

As discussed in section 2.2.2, (Kister, 1992) claimed that HETP values of total reflux
experiments are similar to those obtained at partial reflux conditions referring to investigations
by (Billet, 1989; Eckert and Walter, 1964; Meier et al., 1979; Morris, 1960; Yuan and Spiegel,
1982). However, this claim can only be generalized to a limited extent. (Eckert and Walter,
1964; Morris, 1960) conducted experiments with random packings, (Meier et al., 1979; Yuan
and Spiegel, 1982) used structured and gauze packings, (Billet, 1989) discussed data obtained
from both random and structured packings?!.

(Meier et al., 1979) presented characterization experiments for packings of type Sulzer
Mellapak 250.Y (Sulzer Chemtech, Winterthur/Switzerland). Although no detailed results on
the influence of the reflux ratio on the achieved separation performance are given, (Meier et al.,
1979) stated that an equal number of theoretical stages from total and partial reflux experiments
was obtained and thus no influence of reflux ratio was observed. (Yuan and Spiegel, 1982), who
worked with Sulzer gauze?? packings, mainly investigated the influence of liquid maldistribution
on separation performance. The influence of reflux ratio was addressed indirectly, as the relative
product rate D G~! was varied for given inlet vapor compositions. The data presented do not
indicate a clear influence of the reflux ratio, since both increasing and decreasing numbers of
theoretical stages were obtained for an increasing relative product rate. However, (Yuan and
Spiegel, 1982) showed that the influence of maldistribution on separation performance is less
pronounced at partial reflux conditions. Similarly, (Manning and Cannon, 1957) studied the
influence of liquid maldistribution with respect to channeling. Maldistribution was mimicked
with an adjusted reflux ratio to generate a liquid bypass in which no mass transfer occurs.
Although this approach may be generally comparable to experiments at partial reflux, (Manning
and Cannon, 1957) investigated a maldistribution of 1% which results in a reflux ratio very
close to unity and thus, may not be applicable to the investigations presented in this work.

(Eckert and Walter, 1964) conducted experiments on several factors affecting HETP such as

liquid distribution, reflux ratio and heat loss with different types of random packings. While

21The work by (Morris, 1960) could neither be retrieved through traditional literature services nor from the
publisher and was thus not reviewed for this work. The results by (Yuan and Spiegel, 1982) are only available
as a considerably shortened publication, the full version was also not available from the publisher.

22(Yuan and Spiegel, 1982) did not specify the exact packing type used for their investigations.
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the specific characteristics of random packings are only comparable to those of structured
packings to a limited extent, certain trends can be generalized for both packing types. The
results by (Eckert and Walter, 1964) show significantly increased HETP for increasing reflux
ratios, whereas increased HETP were also observed for very low reflux ratios. However, (Eckert
and Walter, 1964) state that these variations are within the commonly observed margin for
experimental HETP values. Since the liquid load increases with the reflux ratio, both findings
can also be explained based on the column load, see section 2.1.3: As the minimum wetting
rate may not be reached at very low reflux ratios, underwetting occurs and a low separation
performance is obtained. Higher reflux ratios result in higher liquid loads and thus improve
separation efficiency.

According to (Graf, 2011), separation performance should be attributed to the separation
equipment and thus expressed in terms of HTU. (Pigford and Colburn, 1950) elaborate the effect
of reflux ratio on HTU,g based on equation (2.57a). Since the slope of the equilibrium line m
is constant for a given concentration xj, a variation of the reflux ratio, and thus G I.fl, only
changes the relative importance of HTUg and HTUp, (Pigford and Colburn, 1950). However,
as described in section 2.2.3.2, HTUg and HTUy, are commonly unknown or not accessible
independently of each other. Therefore, the final effect of the reflux ratio on HTU,qg cannot be
generally predicted (Pigford and Colburn, 1950).

2.3. Separation Performance Measurements

2.3.1. Test Mixtures

As separation performance measurements are often evaluated using Fenske’s equation, the
associated assumptions for this equation need to be fulfilled by the test mixture, see section 2.2.1.1.
To limit the uncertainty in the calculated number of stages, (Coulson and Herington, 1948)
developed a basic set of requirements for test mixtures. However, (Coulson and Herington, 1948)
did not consider operational safety, chemical hazards or substance toxicity which are relevant
factors with respect to laboratory standards and regulations. Furthermore, relevant mixture
properties such as surface tension or viscosity were not taken into account.

To select a suitable test mixture, a non-exhaustive list of criteria can be obtained by sum-
marizing e.g. (Bradtmoller, 2017; Bradtmoller and Scholl, 2016; Coulson and Herington, 1948;
Deibele and Brandt, 1985; Manivannan et al., 2019; Ottenbacher et al., 2011; Schoenmakers
and Spiegel, 2014; Spiegel and Duss, 2014; Willingham and Sedlak, 1950):

« VLE is close to ideal (ideal gas law for vapor phase, Raoult’s law for liquid phase®?)

« available VLE datasets are thermodynamically consistent*

23This is especially relevant if Fenske’s equation is used for data evaluation, see section 2.2.1.1.
24The self-consistency of VLE datasets is discussed by e.g. (Coulson and Herington, 1948; Redlich and Kister,
1948b; Sosa et al., 2019; Wisniak, 1993; Wisniak et al., 2017).
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relative volatility is close to 1.10%

relative volatility is constant over the relevant concentration and temperature range

(relative volatility is constant along full column height)

mixture components have similar boiling points (narrow-boiling mixture)
there is no heat of mixing??

there is no volume change with mixing

if agg # const., a mixture composition at the left or right concentration end should be

used (diluted mixtures®®)

for azeotropic mixtures, the excess mixture component should have the higher boiling

point

mixture components are readily available with a high purity level (without high-boiling or

inert residues) for reasonable prices

mixture components are fully miscible over the relevant concentration and temperature

range
boiling points of mixture components are between 30 °C and 150°C

melting points of mixture components are below 40°C

mixture components do not thermally decompose in the relevant temperature range
racemic components should be avoided

mixture should not be corrosive or toxic

negligible influence of mixture composition on surface tension and viscosity in the relevant

concentration and temperature range27

mixture composition can be quantified with well-established approaches (e.g. density
measurements, refractive index measurements or gas chromatography) to ensure reasonable

uncertainties in concentrations and estimated separation performance

25(

Coulson and Herington, 1948) suggest a relative volatility of around or less than 1.10, but (Deibele and Brandt,

1985) show that the relative uncertainty of the calculated number of theoretical stages dramatically increases
for a1z — 1. (Bradtmoller, 2017; Bradtmoller and Scholl, 2016) suggest 1.10 < a1z < 2.0, (Manivannan et al.,
2019) propose 1.10 < a2 < 3. Furthermore, a higher relative volatility may require segmental data evaluation
due to significantly changing stripping factors; see section 2.2.3.2.

26For diluted mixtures, In aj2 & const. can be assumed. However, working with diluted mixtures results in higher
requirements for sample analysis to ensure reasonable uncertainties in estimated separation performance.

27 A varying surface tension or liquid viscosity affects the effective mass transfer area, see section 2.2.3. Special
cases, e.g. investigating viscosity dependent separation efficiencies, may require tighter requirements; see
(Bradtméller, 2017; Bradtméller and Scholl, 2016; Manivannan et al., 2019) for details.
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Since a single test mixture fulfilling the above requirements over a wide range of industrially
relevant operating conditions can hardly be identified, several test systems have been proposed.
Depending on the type of application and the desired investigation (multistage distillation,
absorption, desorption, separation performance, mass transfer, pressure drop, liquid holdup,
capacity ...), these include both organic and aqueous as well as gas/liquid systems.

Binary mixtures of liquids, predominantly used for separation performance measurements, are
identified based on the extensive literature review about separation efficiency data for structured
metal packings by (Bradtmoéller, 2017) as summarized in table 2.2. Although the underlying
review is non-exhaustive and only contains publicly available datasets until the year 2015,
chlorobenzene/ethylbenzene (CB/EB) and cyclohexane/n-heptane (C6/CT7) are identified as the
most widely used test mixtures. Using these test mixtures, several experimental results were

8 or industrial companies such as packing manufacturers

generated by either research institutions?
or plant operators. However, most of these datasets are considered confidential and are not

publicly available.

Table 2.2.: Common binary test mixtures, data summarized from (Bradtméller, 2017)

test mixture abbreviation reviewed literature references

cyclohexane/n-heptane C6/C7 15 46.9 %
chlorobenzene/ethylbenzene CB/EB 13 40.6 %
p-/ o-xylene - 3 9.4%
trans-/ cis-decalin - 1 3.1%
total 32 100.0 %

Relevant physical properties of the aforementioned binary test mixtures were summarized
by e.g. (Billet, 1995; Onken and Arlt, 1990; Ottenbacher et al., 2011) or are available from
databanks like DETHERM (DECHEMA, Frankfurt/Germany), Dortmund Data Bank (DDBST
Oldenburg/Germany) or DIPPR 801 database (Design Institute for Physical Properties, New
York). In addition, a large set of unpublished or confidential data is most likely held by both
industrial packing users and packing manufacturers. Regarding publicly available datasets,
(Onken and Arlt, 1990) provide an extensive collection of recommended test mixtures. Fur-
thermore, (Ottenbacher et al., 2011) discussed the physical properties of C6/C7, CB/EB and
p-/o-xylene as well as the resulting advantages and disadvantages in their use for separation
performance measurements. According to (Ottenbacher et al., 2011; Spiegel and Duss, 2014),
CB/EB should be preferred over the other test mixtures due to its nearly ideal VLE, a small
dependence of the relative volatility on both mixture concentration and operating pressure as
well as its relatively low boiling point.

All the test mixtures listed in table 2.2 and most of the mixtures recommended by (Onken

and Arlt, 1990) are binary mixtures of organic solvents with relatively low mixture viscosities

28Namely, Separation Research Program (SRP) and Fractionation Research Inc. (FRI) which conduct separation
performance experiments for their members, associated partners or industrial clients.
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at distillation operating conditions. Due to recent systematic investigations on the distilla-
tion of viscous systems, viscous test mixtures were developed in addition. (Bradtmoller and
Scholl, 2016) proposed the mixture 2-Methyl-2-butanol/2-Methyl-1-propanol (MB/MP), whereas
(Manivannan et al., 2019) chose cyclopentanol/cyclohexanol (CP/CH). These mixtures allow
viscosities of up to 5...6mPas at operating conditions. Nevertheless, reaching higher viscosi-
ties is unlikely for binary mixtures consisting of organic solvents (Bocker and Ronge, 2005;
Bradtmoller, 2017; Manivannan et al., 2019). Therefore, (Bocker and Ronge, 2005) enhanced
the standardized test mixture CB/EB by adding polybutadiene (PBD) as a viscosity-enhancing
polymer. Similarly, adding polyvinylpyrrolidone (PVP) to the viscous mixture MB/MP was
proposed by (Gutperl and Scholl, 2018). However, as shown in chapter 3, conducting separation
performance measurements with mixtures containing inert or non-volatile components requires

an alternative experimental methodology.

2.3.2. Experimental Procedures and Plant Setups
2.3.2.1. General Considerations and Total Reflux

Several authors, e.g. (Billet, 1995; Gérak and Schoenmakers, 2014; Kister, 1990; Kister, 1992),
have published design and operating recommendations as well as control strategies for industrial
distillation plants. However, the approaches established for industrial distillation plants may not
be applicable to performance test columns due to their differing modes of operation (Cai, 2014).

The specific procedures and plant setups used for column tests or packing characterization
experiments commonly depend on best practices individually defined by each testing facility.
A standardized procedure comparable to (VDI 2761 Part 2, 2020), which was established for
mass transfer investigations based on ab-/desorption, is not yet available for distillation. The
procedures used by SRP, FRI or packing manufacturers are commonly considered very sound,
but are either not published in detail or are not publicly available at all. However, an extensive
testing procedure was published by (Starkweather et al., 2014). Furthermore, several authors
cite a conference contribution by (Olujié, 2008) which summarized established testing procedures
and best practices. However, this literature reference could not be retrieved from any of the
cited online sources. Therefore, a brief overview of the core aspects from the reviewed literature

is given below.

Bed Height and Diameter Regarding the height of the packed bed, (Cai, 2014) suggested
installing an equivalent of 10...15 theoretical stages in total. Since shorter beds show better
separation performance due to a decreasing maldistribution, (Ottenbacher et al., 2011) recom-
mended bed heights equivalent to around 20 theoretical stages in total, whereas each single bed
should contain 10.. .20 stages. However, smaller bed heights should generally be preferred for
mixtures with high relative volatilities to prevent highly diluted and highly concentrated samples
(Starkweather et al., 2014). Since separation performance measurements should be conducted

in a similar concentration range to ensure comparable results (Ottenbacher et al., 2011; Valenz
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et al., 2013), initial mixture concentration, bed height and test mixture selection are related to
each other. Regarding the column dimensions, (Ottenbacher et al., 2011) proposed a diameter
of 0.4m for a packing with a specific surface area of 200m?m~2 and at least a 20-fold hydraulic
diameter for smaller packings. This is in accordance with (Billet, 1979) who claimed that wall
effects show a significant influence for column diameters of less than 300 mm, but contrary to
the findings of (Meier et al., 1979) or (Valenz et al., 2013) in which there was no influence of
diameter. (Schoenmakers and Spiegel, 2014) considered a column diameter of 50 mm as sufficient

and stated that using smaller columns with diameters of 30 mm or less should be investigated.

Vapor and Liquid Distribution While vapor distribution is considered a minor concern (Ot-
tenbacher et al., 2011), a proper liquid distribution is essential to achieve a representative
distillation performance. An extensive review on maldistribution was published by (Spiegel,
2018). However, the capacity of the distributors installed in the column needs to be higher
than the maximum capacity of the packing under investigation to prevent any limitations in
the vapor or liquid loads. A proper liquid distribution can commonly be achieved with drip
point densities of 100...150m~2 (Cai, 2014). (Ottenbacher et al., 2011) suggested 150 m~2
drip points for a packing of 500m? m~ to prevent maldistribution. A systematic approach to
estimate the required number of drip points based on the packing corrugation geometry was
proposed by (Cai et al., 2018). Furthermore, the liquid distributor should be placed directly on
top of the packed bed to mitigate liquid entrainment and should not cover more than 25...45%
of the cross-sectional area of the column (Cai, 2014; Ottenbacher et al., 2011), whereas larger
open cross-sectional areas may be required for low-pressure test systems due to higher vapor
loads. To mitigate end effects at the lower end of the bed, a liquid collector should be installed
around one column diameter below the packings (Ottenbacher et al., 2011) and can also be used
for liquid sampling (Cai, 2014). Similarly, liquid collection and redistribution may be required,

if the packed bed is split into several sections.

Reboiler, Condenser and Auxiliary Equipment The reboiler is considered as one of the most
common issues in distillation operation, and thus a proper design according to the required
vapor load and operating conditions is required (Cai, 2014). Since the liquid holdup inside the
packings changes with the column load, buffer tanks are required to regulate bottom liquid level
and reflux flow (Cai, 2014). However, such tanks are usually omitted if the surplus liquid can

be collected in the reboiler or the bottom section of the column (Cai, 2014).

Instrumentation The process parameters measured during plant operation commonly include
absolute column head pressure, differential pressure along the packed bed, temperatures and
flow rates (Cai, 2014). The column head pressure should be measured with suitable accuracy,
since it is used for column pressure control. Measuring the pressure drop along the packed
bed (or sections thereof) allows identifying the (local) column load regime and flooding in

particular (Ottenbacher et al., 2011). However, high accuracy pressure sensors with sufficient
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resolution may be required for small bed heights due to their low pressure drops. Furthermore,
pressure taps and pressure lines need to be installed properly??, since pressure measurements are
susceptible to fluctuations due to liquid droplets or blockages. Condensate inside the pressure
lines should be prevented with an inert gas purge?’. Temperature measurements around the
reboiler and the condenser are essential for closing the energy balances and should be carried
out with an accuracy suitable to close the energy balances within reasonable margins. Therefore,
(Cai, 2014) suggests calibrating all temperature sensors prior to the installation and to use
resistance temperature detectors (RTD) instead of thermocouples (TC), since the latter are
commonly less accurate. Furthermore, measuring liquid temperatures should be preferred over
measuring vapor temperatures as the latter is more difficult to perform reliably (Cai, 2014).
Nevertheless, temperature readings along the column are of less importance, since the according
temperature profiles can be sufficiently estimated with computer calculations based on the
mixture compositions (Starkweather et al., 2014). However, placing multiple temperature
sensors along the column circumference at the same axial position can be helpful to identify
potential maldistribution (Ottenbacher et al., 2011) which is especially relevant for columns
with larger diameters (Cai, 2014).

Operation and Control Although the full operating region of the installed packing is investi-
gated during separation performance experiments, the minimum load is often considered to be
20 % of the load at the flood point (Cai, 2014). Furthermore, total reflux operation is chosen to
avoid composition pinches and uncertainties in the reflux ratio (Cai, 2014). To ensure stable
plant operation, column pressure, reboiler level and, if applicable, tank levels are controlled by
manipulating reboiler and condenser duties (Cai, 2014). As the influence of a subcooled reflux on
the resulting separation performance is commonly considered negligible, the reflux is most often
not preheated (Cai, 2014). (Ottenbacher et al., 2011) suggest a maximum subcooling of 5... 10K
below the boiling point of the reflux mixture, (Eckert and Walter, 1964) found 3...5K to be
reasonable. However, for highly subcooled reflux streams, (Kister, 1992) recommends providing
an additional theoretical stage to ensure proper reflux preheating. Regarding the steady-state
operation, (Cai, 2014) distinguishes hydraulic and mass transfer steady state. Hydraulic steady
state is characterized by constant pressure drops, liquid holdups and flow velocities. It should
be reached 30...60min after column start-up and can be easily identified based on the pressure
drop readings (Cai, 2014). Mass transfer steady state is reached after 2...3h and characterized
by constant concentration and temperature profiles (Cai, 2014). However, temperature read-
ings are usually considered not accurate enough to evaluate steady-state operation, and thus

compositional analyses should be carried out to identify mass transfer steady state (Cai, 2014).

29Criteria about pressure tap placement and tap geometry are given by (Cai, 2014; Starkweather et al., 2014).
30An inert gas purge requires a pressure correction, see (Cai, 2014) for details. Alternative purging strategies are
elaborated by (Cai, 2014; Starkweather et al., 2014).
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Sampling and Sample Analysis Samples should be taken from suitable locations such as liquid
collectors and distributors, reboiler, reflux line, tanks, pump outlets etc. to ensure representative
samples (Cai, 2014). Samples from inside the packings can be drawn with bayonet or cross
samplers (Cai, 2014), but these approaches are often only applicable to columns with larger
diameters due to geometrical restrictions. Representative liquid sampling can be achieved
more easily than vapor sampling and should thus be preferred (Cai, 2014; Starkweather et al.,
2014). Nevertheless, vapor samples may be taken to obtain additional information about column
performance (Cai, 2014; Meier et al., 1979; Starkweather et al., 2014). While (Eckert and Walter,
1964) performed sampling from the reboiler (kettle type reboiler) and the distillate pot, (Meier
et al., 1979; Ottenbacher et al., 2011) took liquid samples directly below the packed bed, since
liquid from the column bottom may not be representative due to additional mass transfer below
the packed bed (end effect). According to (Kister, 1992), the FRI implemented a segmental
sampling technique to obtain a concentration profile along the packed bed which is used to
quantify the packing performance. Regardless of the specific sampling method, samples are
commonly taken in duplicate and analyzed by gas chromatography (Cai, 2014). Sampling lines
should be as short as possible to minimize the required purge volume; a diameter of 3...6 mm

is considered sufficient for most applications (Cai, 2014).

Balances While the column load can be estimated based on the energy balance of either the
condenser or the reboiler, the latter approach is commonly considered more accurate (Cai, 2014).
According to (Cai, 2014), both the individual and the overall energy balances should be closed
within £5 % to allow a systematic error analysis. Therefore, flow and temperature sensors (see
above) with an appropriate accuracy are required (Starkweather et al., 2014). To reduce heat
losses, suitable column insulation is recommended. (Bradtméller, 2017; Bradtmoller and Scholl,
2015) used a vacuum jacketed column, whereas the column used by (Eckert and Walter, 1964)
was equipped with an electrical trace heating and insulation. However, (Schoenmakers and
Spiegel, 2014) highlighted the trade-off between passive and active countermeasures to reduce
heat losses (insulation or vacuum jacket vs. trace heating), since a completely heat-neutral
operation cannot be reached with either of these methods. Regarding flow measurements of
utility streams, (Cai, 2014) suggested using Coriolis mass flow meters as their readings are
highly accurate and independent of mixture properties (density, temperature, composition
etc.). Regarding the mass balance, (Cai, 2014) claimed a maximum deviation of +£2 % to be
acceptable, whereas (Starkweather et al., 2014) specified +5% and +10% for very complex

mixtures, respectively.

Data Evaluation Prior to separation performance quantification, recorded raw data should
be reduced in order to verify steady-state operation (Cai, 2014). Furthermore, mass and
energy balances need to be within the tolerances given above. Multiple measures for separation
performance quantification were discussed in section 2.2. However, HETP are commonly used to

quantify separation performance for distillation, whereas HTU are preferred for ab-/desorption
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(Starkweather et al., 2014). A comparison of both concepts was given in section 2.2.3.4.
To improve the accuracy of the estimated separation performance, a stagewise or segmental
evaluation can be beneficial. In addition, the influence of an increase in internal reflux due to a
subcooled reflux stream or heat losses should be evaluated for both column performance and
hydraulics (Cai, 2014; Ottenbacher et al., 2011). Comparing the results obtained from separation
performance experiments with those obtained from comparable computer simulations allows
identifying experimental errors (Starkweather et al., 2014). Common sources of uncertainties in

separation performance estimations are discussed in section 2.3.3.

2.3.2.2. Partial Reflux and Non-Volatile Mixture Components

Investigations with partial reflux were already cited in section 2.2.4. However, except for (Eckert
and Walter, 1964), detailed descriptions of the plant setups employed are not provided in the
literature references.

To allow experiments with both total and partial reflux, (Eckert and Walter, 1964) split the
condensate into a reflux and a distillate stream. Disregarding the specific reflux ratio, the reflux
stream was preheated to a temperature of 3...5K below the boiling point and distributed
above the packed bed. In partial reflux operation, surplus distillate was fed into the reboiler
reservoir (kettle type reboiler). To quantify the separation performance, liquid samples were
taken from the distillate and the reboiler.

Furthermore, (Bocker and Ronge, 2005) investigated the distillation of viscous mixtures.
Since the test mixture CB/EB/PBD containing a non-volatile component was used for the
investigations, partial reflux operation and an alternative plant setup were required (Bocker and
Ronge, 2005). The procedure proposed by (Bocker and Ronge, 2005) is based on a stripping
column: The feed stream, which consists of CB/PBD, is distributed above the packing and
vaporized EB was fed to the bottom of the column to achieve a countercurrent vapor/liquid
flow. As the non-volatile PBD does not participate in the vapor/liquid mass transfer inside the
packed bed, an overhead vapor of CB/EB and a bottom product of CB/EB/PBD is obtained
(Bocker and Ronge, 2005). To quantify separation performance, the number of theoretical stages
was estimated based on McCabe-Thiele stage constructions for which liquid samples were drawn
from distillate and bottom product streams.

Regardless of the specific plant concept, experiments with partial reflux may result in
concentration pinches between the operating line and equilibrium curve. Furthermore, the
internal reflux can be significantly higher than the external reflux if condensation occurs inside
the column due to significant heat losses. In such a case, the operating line may even intersect
the equilibrium line (Bocker and Ronge, 2005). Therefore, a suitable (external) reflux ratio

needs to be chosen to ensure stable plant operation and a robust data evaluation.
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2.3.3. Sources of Uncertainties

As shown in section 2.2, separation performance can be quantified in terms of different measures.
Nonetheless, HETP values estimated based on the number of theoretical stages are used
most often. Recalling Fenske’s equation from equation (2.21) allows identifying the mixture
compositions zp and xp as well as the relative volatility a2 as relevant sources of uncertainties.

The influence of the uncertainty associated with oo was discussed by e.g. (Coulson and
Herington, 1948; Deibele and Brandt, 1985; Kister, 1992; Peacock, 1967; Zeck, 1990). For
aq2 = const., (Kister, 1992; Zeck, 1990) state that the effect of uncertainty on the resulting
number of theoretical stages may become insignificant, if mixtures with 12 > 1.5...2.0 are used.
However, since most test mixtures show lower relative volatilities, its associated uncertainty may
result in deviations of up to 20 % for the estimated number of theoretical stages (Zeck, 1990). If
the relative volatility depends on pressure or mixture composition, such that aq9 # const., the
uncertainties attributed to these parameters should be considered in addition.

Uncertainties in g and ap are related to both sampling procedure and sample analysis. The
influence of improper sampling can hardly be quantified as several assumptions and estimates
would be required (sample cross-contamination due to improper purge, influence of badly placed
sampling tap ..). The uncertainty in sample analysis is commonly attributed to both analysis
equipment and procedure (accuracy, calibration, robustness of analysis method ..) and can,
therefore, be quantified based on characteristic parameters of the laboratory procedure or
analysis method.

However, the uncertainty in sample or mixture composition is not only relevant to quantify
the separation performance but also required to estimate physical properties such as mixture
density, surface tension, viscosity or diffusion coefficients which may be used for further data
processing and evaluation. In such cases, the used property models as well as corresponding
scope and assumptions need to be evaluated carefully (Zeck, 1990).

Since separation performance is often related to the liquid or vapor load, uncertainties of
operational parameters, e.g. flow rates, temperatures, total pressure and pressure drops, need
also be addressed (Cai, 2014; Starkweather et al., 2014). General considerations about sensor
accuracy and precision were discussed in section 2.3.2.1. Uncertainties in operational parameters
commonly result from instrumentation and control equipment (pressure and temperature sensors,
pumps, valves, controllers ...). Information about accuracy and precision of instrumentation or
control equipment, which is required for uncertainty quantification, is commonly obtained from
the corresponding manufacturer’s specifications. However, additional uncertainties due to the
electrical or mechanical connections should be considered for some type of sensors (pressure lines,
cold junction compensation ...). To reduce the related uncertainties, (Cai, 2014; Starkweather et
al., 2014) suggest calibrating and checking plant instrumentation on a regular basis. Furthermore,
(Cai, 2014; Starkweather et al., 2014) consider an operating state falsely identified as steady
state or disruptions to a previously achieved steady state as additional sources of uncertainties.

Such cases should be mitigated by optimizing the operational procedure and can be excluded
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from further evaluation during data reconciliation. The uncertainty attributed to the reflux
ratio is usually not addressed, since most separation performance experiments are conducted
at total reflux. However, partial reflux increases the number of parameters to consider for
separation performance experiments. Depending on the plant concept used for partial reflux
experiments, this may require additional plant equipment of which the attributed uncertainties

need to be addressed as well3!.

31A detailed elaboration on deviations of reflux ratio and relative volatility with respect to the number of
theoretical stages, which is beneficial for column troubleshooting, can be found in (Kister, 1992).
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3. Alternative Method for Separation
Performance Experiments

3.1. Necessity for an Alternative Approach

Since most industrial multistage distillation processes are operated at partial reflux, total
reflux is only relevant for very few applications such as the start-up of batch distillation
columns (Edwards, 2013), the repetitive total reflux mode to separate trace components in
batch distillation (Edwards, 2013) or the reaction phase in reactive distillation (Lee et al.,
2000). Therefore, investigating the separation performance of mass transfer equipment at total
reflux, as elaborated in section 2.3, seems contradictory to its industrial relevance, but allows a
simplified experimental procedure and reduces associated uncertainties.

Nevertheless, (Wang et al., 2005a) pointed out that established mass transfer correlations
are developed based on results from total reflux experiments and suggested consolidating the
calculation models with partial reflux measurements. This is especially relevant, since partial
reflux operating conditions are required to investigate the separation performance for mixtures

with inert or non-volatile components. Applications with such mixtures include:

o viscous distillation with polymer-enhanced mixtures as described by e.g. (Bocker and
Ronge, 2005; Bradtmoller, 2017; Gutperl and Scholl, 2018; Gutperl et al., 2022)

o distillation with surfactant-enhanced mixtures to investigate the influence of mixture

surface tension on separation performance as discussed by e.g. (Berg, 1988)

o distillation of foaming mixtures which contain suspended particles or anti-foaming agents

as investigated by e.g. (Staud et al., 2023)

e recycling of complex feedstocks containing dissolved solids as relevant for e.g. polymer
recycling (Peters et al., 2019a; Peters et al., 2019b) or offshore oil and gas production
(Schlumberger, 2021)

A method suitable to conduct separation performance experiments for the aforementioned
model consolidation and process applications is not known in the literature. Development,
characterization and evaluation of a suitable experimental methodology are, therefore, the

subjects of this work.
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3.2. Research Hypotheses and Objectives

To systematically investigate the separation performance related to the applications given
in section 3.1 with respect to the theoretical background and literature review provided in

sections 2.2 and 2.3, the following research hypotheses and objectives are defined:

1. A binary liquid mixture with an additional non-volatile component, which does not
evaporate, is considered. Although this results in a ternary mixture, the correlations for
mixture separation and mass transfer are assumed to remain unaffected as the non-volatile
component is highly diluted and fully dissolvable in both liquid mixture components. By
assuming equimolar mass transfer from vapor to liquid and vice versa, the concentration
of the non-volatile component should, therefore, remain reasonably constant along the
entire height of the packed bed.

2. As the non-volatile component does not evaporate, it needs to be constantly fed into
the column and distributed above the packed bed. For this, the non-volatile component
should be premixed with a suitable liquid stream such as reflux or feed. Furthermore,
accumulation of the non-volatile in the bottom section of the column should be prevented

by a bottom product purge. This requires partial reflux due to the in- and output streams.

3. The plant concept to be developed should support both partial and total reflux to not
only increase operational flexibility but also to enable a reasonable comparability with

conventional separation performance measurements at total reflux.

4. A suitable reflux ratio for partial reflux experiments should be chosen so that concentration
pinches between the operating and equilibrium lines are prevented and a robust data
evaluation is ensured. However, material and component balances may limit the usable
reflux ratio due to concentration-dependent mixture properties. In such cases, a reasonable

trade-off between data and operational robustness needs to be achieved.

5. The separation performance obtained from experiments with the alternative plant setup
may be affected by both mixture-related effects and the operational behavior of the
distillation plant. Therefore, plant characterization and evaluation should be performed
with a well-known and established binary test mixture satisfying the requirements given

in section 2.3.1.

3.3. Distillation Plant

3.3.1. Development

Plant setup development was based on the plant concepts published by (Bocker and Ronge,
2005; Eckert and Walter, 1964), which were briefly described in section 2.3.2.2. Since the reflux

stream consists of condensed overhead vapors, the approach used by (Eckert and Walter, 1964)
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is widely comparable to the setups commonly used for continuous distillation. However, the
remaining distillate stream is not withdrawn as a product stream, but fed into the reboiler
reservoir (reboiler reservoir input stream). While no additional buffer tanks are required in this
approach, feeding the distillate stream, which is rich in the more volatile component, influences
the bottom mixture composition. The setup used by (Eckert and Walter, 1964) is not suitable for
partial reflux experiments with mixtures containing a non-volatile component as it is impossible
to add this component to the reflux stream. Furthermore, adding a bottom purge stream does
not seem to be reasonable as this would counteract storing surplus distillate in the reboiler
reservoir.

Contrary to the setup by (Eckert and Walter, 1964), the concept proposed by (Bocker
and Ronge, 2005) was especially developed in the context of investigating viscous distillation
with polymer-enhanced mixtures. Therefore, this plant concept can directly be used with
test mixtures containing non-volatile components. As already described in section 2.3.2.2,
(Bocker and Ronge, 2005) used two independent feed streams, which allows varying the slope
of the operating line. Although this prevents concentration pinches and ensures a robust data
evaluation, large feedstock volumes are required. Assuming operating conditions close to total
reflux, a feed mass flow of 20kgh™!, a plant start-up time of 1.5h and a minimum steady-state
operation of 2h, at least 70kg of feedstock are required for each input stream. Tanks of similar
capacity are needed to collect the product streams. Furthermore, an additional plant is required
to recover the feedstock components from the obtained product mixtures. Although (Bocker
and Ronge, 2005) claim that this effort is beneficial to achieve a short plant start-up, its is most
unlikely to be carried out with the laboratory infrastructure available at non-industrial research
facilities. Therefore, a plant concept suitable for separation performance measurements fulfilling
the criteria defined in sections 3.1 and 3.2 was developed by adding external recycle streams,

see figure 3.1a.
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(a) (b)

& &

Figure 3.1.: Stream arrangements of plant concepts for separation performance experiments with both total and partial
reflux; (a): stream arrangement of plant concept developed for own investigations, based on (Gutperl
et al., 2022); (b): stream arrangement of plant concept by (Eckert and Walter, 1964), based on (Eckert
and Walter, 1964)

The external recycle streams do not only reduce the required amount of feedstock but also
supersede the mixture recovery after each experiment. Comparing the stream arrangement
of the developed plant concept as illustrated in figure 3.1a with the stream arrangement by
(Eckert and Walter, 1964), which is depicted in figure 3.1b, reveals that both concepts only
differ in the flow direction of the reboiler input stream. While (Eckert and Walter, 1964) fed
surplus distillate into the reboiler which does not allow using mixtures containing non-volatile
components, the concept developed in this work uses a bottom purge to enable the use of such

mixtures.

3.3.2. Description

To simplify equipment and instrumentation tagging, the seven functional units listed in table 3.1
were defined. A simplified process flow diagram of the distillation plant is depicted in figure 3.2.
A detailed piping and instrumentation diagram can be found in appendix A.1, detailed equipment

and instrumentation lists are given in appendix A.2.



3.3. Distillation Plant 53

Table 3.1.: Functional units of distillation plant

tag description

100 column head section, overhead vapors and distillate

200 column main section and packed bed

300 column bottom section, reboiler and bottoms purge

400 underfloor weighing for product mass flow quantification
500 recycle tank

600 feedstock tank

700 vacuum generation and distribution

vacuum pump.
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Figure 3.2.: Simplified process flow diagram of distillation plant
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Distillation Column (functional units 100, 200 & 300)

The distillation column consists of four borosilicate glass column segments with a nominal
diameter of 50 mm (DN50) and a height of 700 mm each. Corrugated metal sheet packings of
type Mellapak M500.Y (Sulzer Chemtech, Winterthur/Switzerland) with a nominal specific

surface area of 500 m?2 m—3

are installed in two separate bed sections with a height of 1224 mm
each, resulting in a total bed height of 2448 mm. The packing geometry of the packing elements
was characterized in previous research activities, see (Bradtmoller, 2017; Bradtmoéller and Scholl,
2015) for details. Geometric dimensions relevant for this work are summarized in table A.1. The
column segments are arranged in pairs of two and stacked on top of each other with a column
coupling piece in between. While each column segment is equipped with a vacuum jacket and
reflective coating to reduce heat losses and internal condensation, the column head section
K101 and the column bottom section K301 as well as the coupling piece are single-walled, but
equipped with trace heatings and insulation.

To ensure a proper distribution of the liquid feed above the packed bed, a four-point distributor
(4970 drip points per m?, in-house design, see (Gutperl, 2016)) is used. Furthermore, a funnel-like
liquid collector and redistributor (single central drip point) is installed in the coupling piece to
ensure liquid redistribution between the bed sections. For liquid and vapor distribution inside
the packed bed, each packing element is rotated by 90°.

Using the binary test mixture chlorobenzene/ethylbenzene, f-factors of up to fg = 3.2 Pa’?
can be realized with a forced circulation shell and tube evaporator equipped with seven tubes
of 18 x 2mm in diameter and 1400 mm in length (W301). Wire matrix turbulators (full tube
length, hiTRAN Thermal Systems, Calgavin, Alcester/UK) are inserted into the reboiler tubes
to enhance the thermal performance and improve reboiler operation which is beneficial for
viscous distillation. Depending on the required heat duty, the evaporator is heated by circulation
thermostats WE301 and WE302 with a maximum heat duty of 2kWy;,, each. The reboiler setup
allows varying the gas load based on the heating utility temperature (setpoint for circulation
thermostats), the heating utility flow rate (gear pump P302) or the reboiler circulation rate
(gear pump P301). Reboiler circulation rate and heating utility mass flow are not measured due
to geometrical restrictions which did not allow the installation of suitable mass flow sensors.
Renolin Therm 320 (Fuchs Lubricants, Mannheim/Germany) is used as the thermal fluid for all
circulation thermostats. Depending on the operating mode, a two-point controller is used to
control the liquid level in the column bottom section based on level switch L301. Surplus liquid

is purged with gear pump P302.

Quantification of Product Mass Flows (functional unit 400)

Distillate and bottom product were intermittently collected in trace-heated product tanks B401
and B402, respectively, (in-house design, capacity ca. 3L) to quantity the product mass flows
by underfloor weighing (W401 and W402). To automatically dispose the collected liquid into
the recycle tank B501, the solenoid valves V401 and V402 are used.
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Feedstock and Recycle Tanks (functional units 500 & 600)

The (initial) feedstock is stored in the heat-jacketed tank B601. Feed mass flows of 2...20kgh™?
can be realized by gear pump P601 and are either controlled by Coriolis mass flow meter F101 or
controlled based on the total mass of the feedstock tank measured with scale W601. Depending
on the operating mode, the recycle streams are collected in the recycle tank B501 during plant
start-up. After steady-state operation is reached, collected liquid can cyclically be transferred
into feedstock tank B601 using gear pump P501. The annular heat exchanger W601 and a feed
line trace heating are used to preheat the feed stream. In- and outlet temperatures of W601
are measured by type T thermocouples. In addition, feed mixture density and temperature are
quantified by the Coriolis mass flow meter (D101 & T101).

Vacuum Generation and Distribution (functional unit 700)

Vacuum pump P701 allows vacuum operation with column operating pressures of p, >
40 mbar(a). The additional condenser W701 and cold trap B701 prevent remaining vapors from
entering the vacuum pump. Vacuum is distributed to the distillate line, tanks B401 and B402
as well as B501 and B601. Furthermore, nitrogen inertization can be carried out via the ball
valve H702.

Column Profiles

The temperature profile along the column is measured with 17 Pt100 class A temperature
sensors. Prior installation, all temperature sensors were calibrated, see appendix A.5. Pressures
at the column head and bottom sections are quantified by absolute pressure sensors (P201 &
P204), differential pressures for each bed were measured with differential pressure sensors (P202
& P203). All pressure lines directly connected to the column are inclined and equipped with
small heat exchangers to mitigate condensation droplets inside the pressure lines which may

affect the pressure measurements negatively.

Sampling

Each sampling point is equipped with two ball valves to allow liquid sampling during vacuum
operation. Liquid samples are directly taken from the distillate (H101 & H102), the column
bottom section (H301 & H302), the feedstock tank (H602 & H603) and the recycle tank (H502
& H503). Furthermore, an additional sample can be drawn from the liquid dripping of the
liquid collector installed in the column coupling piece using a syringe (inter-bed sampling).
However, to reduce the risk of disruptions due to septum ruptures during steady-state operation,
inter-bed sampling should only be done occasionally and the septum should be replaced after

each experiment.
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Data Recording

For an automated plant operation with different operating modes, process control and data
recording was implemented in LabVIEW 2015 (National Instruments Corp., Austin/TX).
Recorded process data are saved to CSV files (comma-separated values) and need to be
evaluated after the experiment is completed.

While the feed mass flow and weighing values are directly obtained from the devices via
their digital interfaces (RS232 or RS485), analog data acquisition is required for all pressure
sensors and most of the temperature sensors. To read analog signals, two data recorders, each
equipped with two data acquisition modules, are used in parallel which allows data acquisition
cycles of around 2...3s. Detailed information about the used data recorders and modules are

summarized in appendix A.4.

Operating Modes

To investigate the separation performance at both total and partial reflux conditions, two
different operating modes are implemented in the plant control software. However, the following
operating parameters are set by the operator regardless of the operating mode: operating
pressure, thermostat and trace heating temperatures, cycle duty for liquid level controller L301
(typically 50 %), setpoints for variable-frequency drives of reboiler circulation and thermal fluid
pumps, setpoint for control voltage of pump P302 (typically 5V), en-/disable stirrers S501
and S601. The stream ratio g mgl is calculated based on the measured mass flows, but not
controlled automatically. Therefore, the reboiler duty needs to be adjusted accordingly by the
operator. In partial reflux operating mode, distillate and bottom product streams are, as already
elaborated, drawn from the column, collected in the recycle tank B501 and cyclically re-used as
feedstock. According to the feed mass flow specified by the user, feed pump P601 is controlled
by the Coriolis mass flow meter F101. Furthermore, pump P302 is activated automatically to
control the liquid level measured by level switch L301. Solenoid valves V401 and V402 are
actuated cyclically to measure the bottoms and distillate mass flows by weighing tanks B401
and B402. Recycle tank B501 is emptied by pump P501 as soon as a liquid level is detected
by L501. Since no bottom product is purged from the column bottoms section in total reflux
mode, the according liquid level needs to be manually controlled by the operator. Furthermore,
valve V401 is constantly kept open and recycle tank B501 is bypassed, such that any distillate
is directly collected in the feedstock tank B601. In order to achieve total reflux operation, the
feed mass flow is controlled by scale W601, whereas mass flow meter F101 is only used for
quantification. In addition to the total and partial reflux operating modes, simulated total reflux
can be obtained by setting rhp 7?1,51 = 1 in partial reflux mode. Although the underlying column
mass balances for conventional total and simulated total reflux are the same, both operating
conditions may differ due to the control structures implemented in the plant control system.
Therefore, simulated total reflux allows investigating the transition between total reflux and

partial reflux operating modes.
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Start-Up and Shutdown

To simplify start-up and shutdown, additional plant equipment is installed. Before plant
intertization and start-up, remaining liquid needs to be drained from all sampling taps as
well as the vacuum pump and vacuum distribution system (H701 & H703). Ball valve H702
allows nitrogen intertization. Furthermore, the column bottom section filling line (V601 &
V301) can be used to redirect the feed stream into the reboiler and column bottom section.
This is especially useful to prefill the according equipment with feedstock mixture for reboiler
preheating and a reduced start-up duration. Since semi-automatic filling is supported by the
plant control system, manual start-up preparation tasks can be done in parallel. Similarly, a
semi-automated plant shutdown procedure allows emptying the column bottom section. The
reboiler thermostats are shut off and the liquid is pumped into the recycle tank B501. The
shutdown procedure needs to be stopped manually prior pump P302 runs dry. After all liquid
is collected in tank B501, pump P501 can be used to transfer the liquid into the feedstock tank
B601.

3.3.3. Operation

3.3.3.1. Operational Characteristics

To discuss the operational characteristics of the proposed plant concept, constant molar overflow
and a boiling liquid feed are assumed. Combining the stream arrangement of the proposed plant

concept illustrated in figure 3.1a with the nomenclature introduced in figure 2.2 results in:

[ %

[ %

Figure 3.3.: External and internal streams of proposed plant concept

The feed mass flow 7ip and the slope of the SOL need to be defined for plant operation. While
the former is directly available as an operational parameter, the latter is specified indirectly.
Recalling its definition from equation (2.29) and applying the streams from figure 3.3 defines
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the molar stream ratio £ D1
L F
t = — ) = 3.1

msor o @~ b 31
The molar feed flow F' and the molar distillate low D can be calculated from the mass flows

mp and mp as well as the molar mass of the according stream:

mp

F= 2
e (3.2a)
. mp
D= 2b
Mp (3.2b)
F  1p Mp
= 3.2
D ip Mg (3.2¢)

Equation (3.2¢) is important for experiment planning and plant operation. According to
equation (3.1), F D1 is required for data evaluation. However, the molar stream ratio is not
accessible during an experiment as the molar masses Mp and Mp depend on the according
mixture composition. Corresponding molar fractions x; are unknown during plant operation,
since the distillation plant is not equipped with in- or online sample analysis and mixture
compositions are determined offline. Therefore, only mp r'nBl is available for process control.
Using g /r'nBl during plant operation and F D! for experiment evaluation may result in a
notable deviation which can be determined based on equations (3.2c) and (C.1).

Considering a binary mixture results in:

F g Mp 1 apMi+(1—ap) My _ sw ap (My — My) + M,
mp ap M+ (1 —xp) My~ p xR (My — M) + My

D rhp Mp

(3.3)

Using equation (3.3) to define two non-linear optimization problems allows estimating the
minimum and maximum deviation between £ D=1 and rip mgl according to equations (3.4)
and (3.5):

ap (My — My) + My

min oV = M) + My

st. 0<zp <1, (3.4)
0<zp<1

o (M) — My) + My
TR (J\Jl — J\/fg) + Mo

st. 0<azp<l1, (3.5)

0<zrp<l1
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Assuming a binary mixture of chlorobenzene and ethylbenzene, equations (3.4) and (3.5) were
implemented in Julia and solved with the optimizer Ipopt'. Required molar masses are given in
table C.1, interpreted calculation results are summarized in table 3.2.

Table 3.2.: Molar mass ratio Mp My " as factor of proportionality between stream ratios FD™" and mp mgl for
binary mixture CB/EB

unit minimum maximum
Mp Mz* - 0.94 1.06
at xp kmol; kmol;} 0.00 1.00
at xp kmoly kmolg){ 1.00 0.00

The resulting deviation can be interpreted as £ 6 %. To validate the optimization results,
equation (3.3) was solved analytically and equal results were obtained, see figure 3.4. In
experimental investigations, however, molar fractions xp and zp substantially differ from
z; = 0 kmoly klrnol;)lt or ; = 1 kmoly kmol;ﬂt. Therefore, smaller deviations are to be expected
typically. Similar considerations for a ternary mixture containing a non-volatile component are
shown in appendix A.6.2.
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Figure 3.4.: Molar mass ratio Mp M ! in dependence of distillate (zp) and feed () molar fractions

For a ternary mixture with a non-volatile component (component 3), the stream ratio defined

in equation (3.2c) is restricted by the component balance of the non-volatile mixture component.

'The non-linear optimization problems were implemented in Julia (Bezanson et al., 2017) using the JuMP
modeling language (Lubin et al., 2023) and solved with the Ipopt optimizer (Wéchter and Biegler, 2006). The
according code is attached in listing A.1.
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Since the non-volatile component does not evaporate and entrainment is neglected, it is only
present in the feedstock and the bottom product. Therefore, w3 p = 0kgs kgt’oi is assumed for
its distillate mass fraction. Similar to the overall component balance of a continuous distillation
column, see equation (2.30), the component balance for the non-volatile component is defined
as:

mg - w3 = mp - w3 p + mg - w3.B (36)

The bottoms mass fraction of the non-volatile component may be limited by the resulting
physical properties of the mixture?. For such cases, the minimum stream ratio is derived by

inserting w3 B = W3 B,max iNto equation (3.6) (Gutperl et al., 2022):

(@) _ W3, B,max (3 7)

mp W3 B,max — W3,F

Introspecting equation (3.7) with respect to ws r allows deducing operational characteristics
regarding total and partial reflux as shown in table 3.3. To improve readability, the according
units [y T'nT_)l] = kgp kg];l and [F D™!] = kmolp kmolBl are omitted throughout all elaborations

presented in this work.

Table 3.3.: Effect of reflux condition on stream ratio mg mg‘ and feed mass fraction of non-volatile component w3 F,

[ 105 = kep kep' s [ws.r] = ke ket
desired reflux condition resulting stream ratio as per equation (3.7) only valid for
partial reflux mp m];l >1 w3 p >0
total reflux mp mgl =1 w3r =0

Strictly speaking, partial reflux does not only cover rp mgl > 1 but also 0 < rhp mgl <1
However, w3 ¢ 11;37]13 max < 0 is required to satisfy equation (3.7) for 0 < 1y m]gl < 1. In contrast
to the concept of (Bocker and Ronge, 2005), see section 2.3.2.2, the proposed plant setup is,

therefore, only applicable to reflux conditions of mp 77'1,51 > 1.

3.3.3.2. Identifying Steady-State Operation

As discussed in section 2.3.2.1, both hydraulic and mass transfer steady state, which are
commonly identified based on compositional analysis, need to be reached for reliable separation
performance results. Since the test distillation plant is not equipped with an inline sample
analysis, this would require sampling and offline sample analysis during plant start-up. However,

the amount of liquid drawn from the test plant should be as small as possible, since the total

2For viscous distillation with a polymer-enhanced mixture, the maximum bottoms viscosity may be limited by
the reboiler (minimum circulation rate, maximum viscosity for circulation pump, flow regime, reduced heat
transfer etc.). However, similar considerations are valid for applications with non-volatile mixture components
in general.
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reflux experiments were carried out with small feedstocks of around 2.5 kg and disturbances on
developing column profiles should be prevented.

Depending on the plant setup and operating conditions, reaching steady state takes several
hours. Therefore, a wide range of plant start-up durations can be found in the literature: While
(Eckert and Walter, 1964) reported 30 min for their experiments and (Bocker and Ronge, 2005)
were able to reach steady state after around 60 min, steady state was reached after several hours
in the experiments conducted by (Bradtmoller, 2017). Furthermore, (Schoenmakers and Spiegel,
2014) state that start-up durations of up to 12h are common for miniplant-scale distillation
plants and may be prolonged to several days for setups with small recycle streams.

Since mass transfer steady state does not only result in constant composition profiles, but
also constant product compositions, the density measured by the feed Coriolis mass flow meter
(instrument tag D101) is related to the composition of the mixture fed to the column. Although
the density of the feed mixture varies due to fluctuations in feed temperature and the accuracy
of the inline density reading of &2kgm™3 (Krohne, 2016) is not sufficient for an inline mixture
analysis, the obtained density readings are suitable to identify steady state as shown in figures 3.5
and A.1.
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Figure 3.5.: Identifying steady-state plant operation using inline feed density measurements and offline sample
analyses, steady state was reached around 7h after plant start-up, data records were arithmetically
averaged every minute and smoothed with a Savitzky-Golay filter using a window size of 42 data
points and a second-order filter polynomial, error bars are omitted as the associated uncertainties
are negligible, see tables D.5 and D.6 for uncertainties

3.3.4. Experimental Investigations

Limited by plant characteristics and equipment, the separation performance experiments were
conducted with the nominal operating conditions shown in table 3.4. Actual operating conditions

as well as experiment results are tabulated in appendix F.1.



62 3. Method for Separation Performance Experiments

Table 3.4.: Parameter space of separation performance experiments

process parameter symbol unit nominal value

feed mass flow r kgh™! 4;6;9; 12; 14
stream ratio mp mgl kgp kgB1 1.0; 1.1; 2.0; 3.0
operating mode ? total reflux; simulated total

reflux, partial reflux

head pressure Ph mbar(a) 100

feed temperature Vg K 1...3 < Ip poil
trace heating column head Dtr.h °C 68

trace heating column couplings V¢ col °C 70...72
initial feedstock composition TP initial  Kmolcp kmolt_O{ 0.5
mass of feedstock my kg 27...56°

2 Operating mode is given in experiment designator: simulated total reflux (5zz), partial reflux
(6zz), total reflux (7zz).

b To ensure stable plant operation, used feedstock mass depends on operating mode.

Since distillation experiments at total and partial reflux were performed, the stream ratio
mp 7'n]31 or F'D™! is the most relevant operating parameter. As discussed in sections 2.3.2.1
and 3.3.1, uncertainty in separation performance may increase with higher £ D~! due to the
additional operating parameter and potential composition pinches between operating line and
equilibrium curve. While associated uncertainties heavily depend on the specifications of
process sensors and laboratory equipment and can be reduced by selecting suitable devices and
laboratory routines, composition pinches can only be mitigated by choosing a lower stream ratio
F D™, The relevance of potential concentration pinches with increasing F' D! is illustrated in
figure 3.6.
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Figure 3.6.: Effect of molar stream ratio £/ D" on concentration pinches illustrated in equilibrium diagram,
constant bottoms composition with g = 0.35 kmolcs kmolfot assumed for all cases, mean relative
volatility of @12 = 1.19 chosen according to figure C.6

Therefore, most of the partial reflux experiments were conducted with rhp mgl = 1.1 resulting
in a molar stream ratio of F D~! &~ 1.1; see table 3.2 for factors of proportionality to expect.
Furthermore, experiments with ' D~! ~ 1.0 were performed at total reflux and simulated total
reflux to compare the operating modes and address the transition from total to partial reflux
operating conditions.

While all experiments were performed at nominal head pressures of p, = 100 mbar(a), the
stream ratio mmp mgl, which affects the slope of the operating line, was changed by either varying
the feed mass flow g or varying the distillate mass flow® 7ip. Therefore, liquid load wy, and
f-factor fq were also affected.

To reduce condensation due to a subcooled feed stream, the feed was preheated to ap-
proximately 1...3K below its boiling point. As the boiling point of the feed depends on its
composition, the exact feed subcooling was determined as part of the experiment evaluation.
The trace heating at the column head was set to 68°C to avoid uncontrolled reflux*. Similarly,
trace heatings of column couplings and column bottom were set to 70...72°C.

Although (Eckert and Walter, 1964) suggest total reflux operation during plant start-up to

3While feed mass flow 7mp can directly be set via the plant control system, distillate mass flow mp can only be
set indirectly by changing the reboiler duty.
“Boiling points at p, = 100 mbar(a): 63°C (chlorobenzene), 65°C (equimolar mixture), 67 °C (ethylbenzene).



64 3. Method for Separation Performance Experiments

ensure a complete wetting of the packing surface, the desired nominal operating parameters
were directly set upon start-up and, if necessary, only adjusted slightly to mitigate potential
disruptions during plant start-up.

An equimolar mixture of CB/EB was used as initial feedstock. Liquid samples were drawn
from distillate, bottoms and feedstock around 30 min after steady state was reached. Although
possible, no inter-bed samples were drawn to prevent potential septum ruptures and disturbances
during steady-state plant operation. Each sampling tap was fully purged prior sampling to
prevent cross-contamination. At least three samples, each with a volume of around 5 mL per

sample, were taken from each sampling point at intervals of 10...15 min.

3.4. Sample Analysis

(Onken and Arlt, 1990) suggest using gas chromatography, refractive index or density analysis
to determine the composition of the binary mixture CB/EB. While a dedicated analysis method
is required for gas chromatography, a refractive index or density analysis is commonly easier to
perform. The latter method of analysis is especially suitable as the pure component densities
of chlorobenzene and ethylbenzene considerably differ from each other, which allows sufficient
determination of the sample composition with readily available laboratory equipment.

Therefore, sample analysis was carried out with a DMA 4100 M digital density meter (Anton
Paar Germany, Ostfildern/Germany) at a nominal measuring cell temperature of 20°C. Each
sample was analyzed as drawn from the distillation plant. Furthermore, an autosampler Xsample
530 (Anton Paar Germany, Ostfildern/Germany) was used for automated sample injection and
density measurements. Measurement data and device status information were automatically
collected and stored in a local databank using the lab execution software AP Connect (Anton
Paar Germany, Ostfildern/Germany).

Prior to the sample analyses, the density meter was checked according to the device cali-
bration procedure and the manufacturer’s recommendations. To determine the composition
of the samples drawn from each sampling point, a density/composition calibration curve was
determined prior to the plant experiments. While the obtained calibration curve is elaborated
in appendix C.3.1, the system calibration procedure and obtained uncertainties associated with

the sample analysis are discussed in appendix D.2.2.

3.5. Data Processing and Evaluation

Data processing and evaluation are fully automated using the Python programming language
(Python, 2022). The underlying procedures, which are described in this section, are exemplarily

illustrated based on experiment 604-2°. Software usage and the implemented data evaluation

5Experiment designators are formatted as <experiment number>-<run number> Therefore, 604-2 represents
the first replication (2nd run) of experiment 604. In addition, operating mode is contained in experiment
designators: simulated total reflux (5xx), partial reflux (6xx), total reflux (7xx)
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workflow is briefly documented in appendix E.5. Uncertainty quantification for relevant data
can be found in appendix D.2, details about the bracket notation used to report quantified

uncertainties in this work are given in appendix D.1.4.

3.5.1. Liquid Samples

As elaborated in section 3.3.4, multiple liquid samples were drawn from the distillation plant
during steady state. To reduce minor fluctuations during steady state affecting mixture
composition as well as density and to ensure representative results, measured sample densities
were arithmetically averaged for each sampling point. A representative sample composition
was determined for each liquid mixture (distillate, bottoms or feedstock) based on its averaged
sample density and subsequently used for further experiment evaluation.

While further information about operating conditions are required for most parts of the data
evaluation, the molar mass of each liquid sample is directly calculated based on its composition
as shown in appendix C.2. An exemplary evaluation of liquid samples for experiment 604-2 is

summarized in table 3.5.

Table 3.5.: Exemplary evaluation of liquid sample compositions for experiment 604-2, associated combined standard
uncertainties rounded to one significant digit, see appendix D.2.2 for details about uncertainties in mixture

analysis
sampling point  sample no. PL.i PLi T M;
gcm ™3 gem™  kmolgp kmol;oi kg kmol !

distillate (D) 1 1.01490(6)

2 1.016 40(6)

3 1.01580(6) 1.0157(8) 0.660(3) 110.39(2)
bottoms (B) 1 0.94270(6)

2 0.94220(6)

3 0.94250(6) 0.9425(3) 0.353(1) 108.423(7)
feedstock (F) 1 1.006 90(6)

2 1.00810(6)

3 1.00760(6) 1.0075(6) 0.627(2) 110.18(2)

3.5.2. Operating Data and Operating Parameters

As already mentioned in section 3.3.2, all operating parameters and sensor readings were
recorded during each experiment and saved to CSV files for later processing. Most relevant
sensor readings used for experiment evaluation and calculation of process parameters are listed
in table 3.6.
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Table 3.6.: Sensor readings and process parameters used for experiment evaluation

sensor tag process parameter symbol unit
F101 feed mass flow 2 Ty kgh™!
P201 head pressure Ph mbar(a)
P204 pressure below bed Db mbar(a)
T101 feed temperature Ur °C
T102 head temperature In °C
T214 temperature below bed I, °C
‘W401 mass of distillate tank B401 MB401 kg
‘W402 mass of bottoms tank B402 MB402 kg

2 for partial and simulated total reflux operation

Although steady-state operation is generally characterized by constant operating parameters,

potential outliers in the recorded data were removed based on the interquartile range (IQR):
IQR = Q3 — Q1= Q9% — Q2% (38)

Values below Q1 — 1.5 - IQR and above @3 + 1.5 - IQR are commonly considered as outliers
(Bartolucci et al., 2016). An exemplary comparison of original and IQR-filtered steady-state time
series with calculated arithmetic means for experiment 604-2 is given in appendix E.2. After
outlier removal, the time series were reduced into a single characteristic value by calculating the
corresponding arithmetic mean over a time interval of 30 min prior the first liquid sample was
drawn from the distillation plant®. The arithmetic mean T of an arbitrary parameter z with K

readings is defined according to equation (3.9):

1 K
T= KZrk (3.9)

While this approach was applicable for continuously recorded process parameters like head
pressure, temperatures and feed mass flow, the determination of product mass flows based on
the readings recorded from scales W401 and W402 required an alternative evaluation routine.
Although the according product mass flows were automatically calculated based on a moving
average and recorded by the plant control system during each experiment, later data inspection
showed that more precise values are obtained if a linear function, whose slope represents

the according mass flow, is fit to the respective time series datasets. For this, orthogonal

SStrictly speaking, steady-state plant operation implies constant operating conditions and the obtained results
should, therefore, not depend on the specific time interval considered for data evaluation. However, to avoid
potential disturbances due to liquid sampling, recorded data were evaluated over a time interval of 30 min
before the first liquid sample was taken.
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distance regression (ODR)" was used to incorporate the uncertainties associated with the scale
readings. The obtained improvement in mass flow determination was especially useful to reduce
deviations in the overall mass balance for experiments with small bottom product mass flows of

mp < 1kgh™!, since the plant control system estimated these values as 7hp ~ 0kgh™?.

To calculate the mass flows 7hp and rhp by regression, start and end timestamps of each
interval during which liquid is collected in the respective product tanks were identified by
calculating the difference between two consecutive scale readings. Depending on the number of
weighing cycles during the steady-state phase of each experiment, multiple mass flow estimations
were performed by regression. Similar to the directly measured operating parameters, potential
outliers were removed by IQR and the product mass flows representative for each steady state
were finally obtained as the arithmetic averages of the filtered datasets. Identification of weighing
cycles and the improvement in mass flow determination associated with the aforementioned

regression-based approach are illustrated in figure E.2.

For characteristic operating parameters like liquid load wr, gas load ugg or f-factor fg,
which depend on pressure, temperature and composition, (Ottenbacher et al., 2011) suggest
to use column averaged values of the respective column conditions for the calculations. For
total reflux experiments, such averages are readily determined using corresponding operating
conditions and mixture compositions above and below the packed bed. While the liquid reflux
and overhead vapors are equal in composition for conventional total reflux experiments, the
liquid feed entering the column and the vapor leaving the packed bed differ in compositions for
the partial reflux experiments conducted in this work. Although gas/liquid interaction above
the bed should be negligible, the difference in composition could result in a mass transfer which
cannot be quantified easily. This effect can even increase, if the feed is subcooled resulting in
an additional partial condensation of the vapors. In such a case, the external feed does not
only affect the liquid compositions at the inlet section but also influences gas and liquid loads.
Therefore, to define representative mid-bed operating conditions and liquid compositions for
the partial reflux experiments performed in this work, the potential mass transfer and partial

condensation occurring at the feed inlet section are not considered.

This simplification does not only result in I/ = L ~ F and ¢/ = G = D, as already introduced

in equation (3.1), but also allows defining the following mid-bed conditions (index mb):

TF + TB

Tmb = 2 (3104)
Yoty = ypt+ys _2ptaB (3.10b)
2 2
Oy + 0
S % and Ty = Omp + 273.15K (3.10¢)

"Data were fit with scipy.odr, which uses an adapted Levenberg-Marquardt least squares algorithm; see (Boggs
and Rogers, 1990; Virtanen et al., 2020).
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Pmb = % (310[1)

The liquid load wr, is calculated with the column diameter d.j, feed molar flow F , liquid
molar mass My, and liquid density pr:

" 3 4 MF
L = - .
(2.19) Acol ™ déol PL

(3.11)

The required liquid density py, is calculated according to appendix C.3.2 using the mid-bed
composition xy,p and temperature T,p,. Liquid molar masses My, and My are calculated as
shown in appendix C.2 using x,, and xp, respectively. The conversion of the recorded feed
mass flow iy into its corresponding molar flow F' was introduced in equation (3.2a).

Similarly, the molar mass Mg and density pg of the gas phase as well as distillate molar flow
D are used to calculate the f-factor f¢ according to equation (3.12). The gas phase density pg
is approximated with the ideal gas law as shown in appendix C.3.3 using mid-bed composition
Ymb, mid-bed temperature T;,, and mid-bed pressure py,,. For obtaining the molar distillate
flow D from the recorded mass flow 7hp see equation (3.2b).
4  MgD

0.5
fa = ugs-pg = :
(2.18) m-d2, PP

(3.12)

As already discussed in section 2.1.3, separation performance may vary depending on the
operating regime. Therefore, the specific pressure drop Appeq is calculated in addition to the
liquid load wy, and f-factor fq to evaluate the operating regime®. The specific pressure drop of
the packed bed Appeq is calculated based on the pressure below and above the packings, py, and
Ph, as shown in equation (3.13). Since the density of the gas phase pg is known, the measured
pressure drop Apmeas = Pb — Ph is corrected by the hydrostatic pressure of the gas phase as
suggested by (Cai, 2014). g denotes the gravity of Earth (g = 9.80665ms~2).

Apmeas Pb — Ph
A - — =2 7 _ 3.13
Pbed Hied PG Y Hoed PG Y ( )

To assess a potentially subcooled feed stream, its boiling point TF poj is numerically determined
according to appendix C.12. For this, head pressure py, is used, since the feed inlet is located at
the top of the column. As the feed temperature Ty is known from the recorded plant data, the

feed subcooling ATy is calculated as:
ATy = T poit — I (3.14)

With both Ty poi and Tr known, the corresponding enthalpies, hf and hy, are estimated as

8For Mellapak-type packings, flooding is commonly defined at a specific pressure drop of Appea = 12mbarm™*
(Lockett et al., 2006).
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specific heat capacities, ¢p 7 = f(T¥ boit, #F) and ¢pr = f(TF, 2F), according to appendices C.4

and C.5. Feed condition ¢ is then calculated using the already introduced equation (2.16).

3.5.3. Material Balances

Both mass and molar balances are evaluated for each experiment. Similar to the molar balance
of a continuous distillation, which was introduced in equation (2.12), the mass balance is given

as:
mg = mp + mp (315)

As elaborated in section 3.5.2, only mass flows g, mp and 7hp are directly determined from
recorded operating parameters. Nevertheless, corresponding molar flows F', D and B can be

calculated based on the molar mass M; of each stream:

mg mp

F = = 3.16
(3.2a) ]\/Ip (C.1) TF - ]WCB -+ (1 — 11:) . JMEB ( a>

. mp mp

D = — = 3.16b
(3.2b) Mp (1) ap - Mo + (1 — zp) - Mg ( )
= i (3.16¢)

a Mp (C:1) rp - Mcp + (1 - ,T,‘B) - Mgg

Disregarding whether the mass or molar balance is considered, both absolute and relative
deviations of each balance, € and §, were related to the feed flow. The respective deviations of

the mass balance are, therefore, calculated according to equation (3.17):

e =1y — (mp + mp) (3.17a)
5= & _ "= (iptie) o+ i (3.17b)
mg mg mg

Analogously, equation (3.18) applies for deviations in the molar balance:
e=F—(D+B) (3.18a)

s_E_F-(+B) _ D+B
I F a F

(3.18b)

3.5.4. Separation Performance
3.5.4.1. Using Theoretical Stages

As already discussed in section 2.2, separation performance is most often expressed in terms

of HETP values. For this, the number of theoretical stages Ny, is commonly calculated with
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the Fenske equation which is only valid for total reflux operation and relies on distillate and

bottoms molar fractions xp and xp, respectively.

Since experiments with both finite and infinite reflux ratios need to be evaluated in this work,
an alternative approach is chosen for separation performance evaluation. As already defined in
equation (2.44), HETP values are calculated based on the height of the packed bed Hpeq and
the number of theoretical stages Ny, which is obtained from stage constructions according to
(McCabe and Thiele, 1925), see section 2.2.1.2. To quantify the uncertainty associated with Ny,
Monte Carlo simulations (Monte Carlo methods, MCM) are used due to the iterative calculation
scheme inherent to the stage constructions. A brief overview of uncertainty quantification with

MCM is given in appendix D.1.2.

Since plant design and operation are comparable to those of a stripping column, bottom
product and feedstock compositions, represented by the molar fractions zp and zp, are used for
the stage constructions. Furthermore, the stripping operating line introduced in equation (2.27)
is considered as the only operating line. As elaborated with equation (3.1), the slope of the
operating line is approximated with the molar stream ratio F D', This approximation seems
especially feasible, since the constant molar overflow assumption is fulfilled due to similar molar
enthalpies of vaporization for chlorobenzene and ethylbenzene, see table C.1. As already shown
with equation (3.3), the molar stream ratio £ D! is calculated based on the feed and distillate
mass flows, mp and rp, as well as the according molar masses, Mp and Mp. The calculation of
the molar masses is based on the composition of the samples taken from the respective mixtures

according to section 3.5.1.

If stripping and equilibrium lines get very close to each other, their positions and progressions
are very important for a resilient data evaluation and may result in unprocessable datasets
for extreme cases. In such cases, the uncertainty of both experimental data and VLE data
becomes decisive. While used VLE datasets were carefully selected and calculated as elaborated
in appendices C.12 and C.13, the associated uncertainties could not be assessed, since required
information are not stated in the used data sources. Although not further investigated, actual
uncertainties associated with the VLE are considered less important as all experiments are
evaluated based on the same set of parameters. Therefore, associated uncertainties are considered
systematic and should cancel out each other when comparing experimental results. However, the
combined standard uncertainty associated with the mid-bed operating pressure u.(pmp), resulting
from fluctuations during plant operation and pressure sensor specifications, is propagated through

numerical VLE calculation using the aforementioned MCM.

Although the feed subcooling of 1...3K in the experiments of this work is commonly
considered negligible and a liquid boiling feed is assumed in such cases, significant improvements
in experiment evaluation were obtained if feed subcooling was taken into account, inasmuch as
a higher number of successful Monte Carlo runs could be achieved. Therefore, feed condition
q, see equation (2.16), is calculated for all experiments and used to determine the slope of

the feed line. Calculating the required molar enthalpies was already discussed in context of
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equation (3.14), used correlations can be found in appendices C.4 and C.5.

To calculate the stage constructions, the liquid molar fraction x;s determined from the
intersection of the feed line with the stripping line is used. However, depending on the
uncertainties associated with the operating conditions and mixture compositions, the intersection
point can be located above the equilibrium curve. Although being mathematically consistent,
such cases are thermodynamically invalid and excluded from further evaluation based on a
constructability check according to appendix E.4. Although performed MCM cover Nyi¢c =
1-10° sets of pseudo-randomly sampled input parameters for each experiment, excluding
thermodynamically invalid parameter sets reduces the number of samples used for data evaluation,
which in turn affects the reliability of the estimated result distributions used for uncertainty
propagation. As the reduced number of underlying samples is especially relevant for edge cases,
the success ratio Syc is introduced to quantify the ratio of successful (valid) and total number

of Monte Carlo simulations:

NMC,success

3.19
Nye (3:19)

Smc =
For parameter sets passing the constructability check, stage constructions are performed
top to bottom, starting at x;s. The corresponding vapor molar fractions, required to obtain
the stage contact points on the equilibrium curve, are calculated by combining Raoult’s law
with Dalton’s law, see equations (2.5) and (2.6), and numerically solving for y; as elaborated
in appendix C.13. Similarly, for a known y;, stage contact points on the stripping operating
line are obtained by solving for z;. This iterative approach results the polyline of the stage
construction indicating the number of theoretical stages Ny, used to estimate HETP as already
introduced in equation (2.44).
Although Ny, is commonly determined and interpreted as an integer number, a fractional stage
at the bottom of the column is considered for the calculations of this work. The interpretation

of such fractional stage is illustrated in figure 3.7:

N—lﬁ

YN+1

Figure 3.7.: Fractional equilibrium stage to determine Nty dec

Since the molar fraction of the more volatile component in the liquid stream exiting the last

stage v is smaller than the experimentally achieved bottoms composition zp, only a fractional
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part of the last equilibrium stage is considered. Assuming Ny, theoretical stages are obtained

from a McCabe-Thiele stage construction, N dec is calculated according to equation (3.20):

— —T
UNTYB N, 4 YN PB

Nindec = Ntn — 1+ o
YN — YN+1 YN — TN

(3.20)

This approach is similar to the one presented by (Sherwood et al., 1975) in which fractional
stages are taken into account around the feed inlet. It is used to not only increase the robustness
of the obtained results, but also to emphasize the continuous characteristic of packed bed
columns. Since HETP values are consistently calculated with the corresponding decimal number
of theoretical stages, an explicit distinction between the integer and decimal number of theoretical
stages should commonly not be required for further results discussion. However, in cases in
which integer and decimal number of theoretical stages need to be distinguished explicitly, the
according values are denoted by Ny, and Nip dec, respectively.

Figure 3.7 also allows illustrating the driving forces available for mixture separation. Consid-
ering an arbitrary stage n, the liquid and vapor driving concentration potential of this stage,

Az, and Ay, are defined as:
Axy = Tp_1 — Tp (3.21a)

Ayn =Yn—1 —Yn (321b>

Depending on the progression of equilibrium curve and stripping operating line, the driving
potentials Az, and Ay, may substantially differ between individual stages (small vs. large
stages). Therefore, corresponding values are aggregated into overall liquid and vapor driving
potentials, Azg,y and Aygyy, based on the corresponding arithmetic averages along a stage

construction with IV stages:

Atae = L3 A, — Aty 70— (3.220)
™ N " Nth Nth ’
N
1 Aysep  y*(zr) — y*I(zB)
AyYgry = — Ay, = — = 3.22b
e = 37 2 A0 = N (3220)

The McCabe-Thiele stage construction created for experiment 604-2 is shown in figure 3.8.
Even for a small molar stream ratio of £ D! = 1.1, the relevance of concentration pinches
between stripping operating line and equilibrium curve gets noticeable, since small stages are
obtained in the upper part of the column.

In addition, the relevance of a fractional equilibrium stage at the bottom of the column is
apparent as the bottoms concentration represented by zp is only marginally lower than the
molar fraction of the liquid stream leaving stage 12 (xp & x12). This is even more obvious, if

Nih,dec is considered instead of Nyy,. Obtained results for N, Ny dec and corresponding HETP
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are exemplarily summarized in table 3.7.
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Figure 3.8.: Exemplary McCabe-Thiele stage construction for experiment 604-2, uncertainties and ensemble of
solutions obtained from Monte Carlo simulations not illustrated to improve readability

Table 3.7.: Number of theoretical stages Ny, and HETP determined based on McCabe-Thiele stage constructions
for experiment 604-2, uncertainty quantification integrated into data evaluation workflow according to
appendix D.2.1 and table E.3

experiment evaluation Nin HETP

- m
without fractional stage 13.37(62) 0.1831(87)
with fractional stage 12.89(56) 0.1900(83)

3.5.4.2. Using the Delft Mass Transfer Model

In addition to the HETP obtained from equilibrium stage constructions, HETP values are
predicted using mass transfer correlations. For this, HTU,q is calculated with the Delft model,
see section 2.2.3.5. To be consistent with the separation performance evaluation based on
equilibrium stages, mixture separation is considered between the composition of the feed mixture
and the bottom product. Therefore, the mid-bed vapor composition yyp, temperature Ty, and

pressure ppmp, as defined in equations (3.10b) to (3.10d), are used throughout the calculation



74 3. Method for Separation Performance Experiments

of required physical properties. However, in contrast to equation (3.10a), the effect of feed
subcooling is considered for mid-bed liquid composition and thus, the liquid molar fraction
at the intersection between feed line and stripping line zjs is used to define the representative

mid-bed liquid molar fraction zuypjs:

Tmb,is = iZT‘B (323)

To determine the height of a liquid side transfer unit HTUy, based on equation (2.92a),
both the original and the revised correlation are used to calculate mass transfer coefficients
kL original a1d KL revised, See equation (2.88). Similarly, the height of a gas side transfer unit
HTUg is calculated according to equation (2.92a) using mass transfer coefficients kg original
and K revised t0 potentially obtain a better agreement between the predicted and measured
separation performance. Correlations for mass transfer coefficients used in data evaluation are

given in table 3.8:

Table 3.8.: Delft mass transfer correlations used for data evaluation, see section 2.2.3.5 for details

phase mass transfer coefficient calculated with
original correlation revised correlation
liquid ~ kp, original: €quation (2.88a) ki revised: equation (2.88b)
vapor kg original: €quation (2.89a) with ¢, kG revised: €quation (2.89a) with ¢cp, = 1

according to equation (2.72)

Using equation (2.57a), HTUp, and HTUg are combined into HTU,g, which in turn is
converted into HETP according to equation (2.65). The stripping factor A, required for
equations (2.57a), (2.65) and (2.66), is obtained from combining equation (2.56) with the molar

stream ratio F' D1
; D
A= m% = m— (3.24)

To determine the slope of the equilibrium curve m, equation (2.58) is used with the mid-bed

composition Ty js:

m=—— M2 (3.25)
1+ @12 — 1) Zaanis]

Inserting xp and ;s into equation (2.4) allows calculating the geometrically averaged relative

volatility @2 required for equation (3.25):
@12 = /ana(ep) - a12(Tis) (3.26)

Relative volatilities ai2(2p) and aj2(zis) are calculated according to equation (2.7). Required
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vapor pressures p) and pJ are numerically estimated based on mid-bed pressure py;, as well as
mixture compositions zp and zjs according to appendix C.12.

As already mentioned, HETP is obtained from HT U, using equation (2.65), which is only
mathematically valid for A # 1. For such cases, an approximation mathematically valid for A = 1
was introduced in equation (2.66). As indicated by the ratio HETP HTU;é and illustrated in
figure 3.9, resulting deviations are expected to be small for A — 1. However, as m = 1 is hardly
achieved in total reflux experiments due to variations in mixture composition or operating
conditions, an exact value of A = 1 seems very unlikely. Therefore, the HETP approximation
given in equation (2.66) is less important for experiment evaluation and thus, not used in this

work.
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Figure 3.9.: Comparison of equations to calculate HETP from HTU,g, exact form: HETP<HTU;G1 =
In(A) (A — 1)~ approximation: HETP-HTU } =2 (A +1)7"

3.5.4.3. Comparing Theoretical Stages and Transfer Units

As described in sections 2.2.1 and 2.2.2, expressing separation performance in terms of the number
of theoretical stages Ny, or the height equivalent to a theoretical plate HETP is strongly linked
to the concept of equilibrium stages. To achieve vapor-liquid equilibrium between the outlet
streams of each stage, relevant mass transfer phenomena are neglected and an instantaneous
mass transfer is assumed. Contrary, mass transfer is considered in the concept of transfer
units wherein mass transfer correlations are used to describe relevant mass transfer-phenomena
occurring in both the vapor and the liquid phase. Due to their conceptual difference, both

approaches are sometimes considered independent of each other. Nonetheless, as evaluating
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separation performance of existing separation equipment should result in equal or at least very
similar results, both concepts can be linked to each other as elaborated in sections 2.2.3.3
and 2.2.3.4.

Using equation (2.65), HTU,g determined with the Delft model are converted into HETP and
compared to the corresponding results obtained from the McCabe-Thiele stage constructions.
A similar comparison is carried out based on equation (2.69), which links NTU,q and Ngy,.
In addition to converting Ny, into NTU,q with equation (2.69), NTU,q is also calculated by
integration according to equation (2.54a). The respective graphical representation of NTU,g
was already introduced in figure 2.8. Since both VLE and stripping operating line are given
as discrete data points, NTU,qg is determined by numeric integration using the composite
trapezoidal rule?. Using the obtained HTU,q and NTU,q, the height of the packed bed Hyeq,
required to perform the mixture separation achieved in each experiment, is predicted according
to equation (2.68) and compared with the height of the packed bed installed in the distillation
column of the experimental setup.

In addition, HETP and HTU,q as well as Ny, and NTU,q are directly compared to each
other. For this, the case study of varying stripping factors A is recalled from section 2.2.3.4.
Since (Duss and Taylor, 2018; Koshy and Rukovena, 1986) originally defined these cases for
total reflux experiments (A = m G L™, LG~ =1 = X = m, see equation (2.56)), a variation
of A\ solely originates from a change in the slope of the equilibrium curve m, which itself
results from changes in liquid composition or operating pressure. Furthermore, as separation
performance experiments are commonly conducted under total reflux conditions using a narrow-
boiling binary mixture with an equimolar mid-bed liquid composition, a difficult symmetric
separation is used to investigate separation performance experimentally'?. Depending on the
operating and mixture conditions, such separations can be represented by A ~ 1 (case 2 defined
in section 2.2.3.4). Therefore, HTUy,g ~ HETP and NTU,g ~ Ny, is commonly obtained
for separation performance experiments at total reflux, which does not allow addressing the
applicability of HETP vs. HTU,g and NTU,qg.

However, for partial reflux experiments, the slope of the operating line offers an additional
degree of freedom, which in turn allows varying the stripping factor A without changing the slope
of the equilibrium curve m and, depending on the operating conditions, does not necessarily
result HTU,g &~ HETP and NTU,g =~ Ny,. Due to the used plant setup, the experiments
conducted in this work, only cover operating conditions with A < 1, which is represented by the
cases 1 and 2 elaborated in section 2.2.3.4. Although this can be considered as a data bias in
experimental results, obtained data are used to discuss HETP vs. HTU,g and NTU,q, as the

relationship enabling this particular comparison is unique to partial reflux experiments.

“Numeric integration is performed with numpy.trapz; see (Harris et al., 2020). An approach for algebraic
integration is given in appendix E.1.
19The terms symmetric separation and difficult separation were introduced in section 2.2.3.4.
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4. Results and Discussion

In contrast to conventional separation performance experiments conducted at total reflux,
additional effects inherent to the characteristics of the proposed plant setup need to be considered
for the experiments of this work. This is especially relevant for the results obtained from partial
reflux experiments, since the slope of the operating line offers an additional degree of freedom and
thus, increases the number of uncertainty components to consider. Therefore, plant operating
conditions and their associated uncertainties will be addressed in the first section of this chapter,
while separation performance is discussed in the second section. Finally, a method evaluation
highlighting potential improvements for the developed plant concept, its apparative realization
and the data processing procedures based on the identified plant characteristics and the discussed
results is provided in the third section of this chapter.

As already highlighted in section 3.5, relevant uncertainties are quantified based on ap-
pendix D.2 and the data evaluation workflow summarized in table E.3. Although uncertainties
are consistently propagated, quantifying individual uncertainty contributions does require not
only individual uncertainty components, but also corresponding sensitivity coefficients, which
are not available based on the implementation used in this work!. Therefore, uncertainties
associated with the experimental results are discussed without addressing individual uncertainty

contributions.

4.1. Plant Operation

4.1.1. Molar Stream Ratio as an Additional Degree of Freedom

The external feed stream required for partial reflux offers an additional degree of freedom, which
is expressed in terms of the molar stream ratio F D~! representing the slope of the operating
line, see equation (3.1). However, varying the slope of the operating line may cause a substantial
source of uncertainty which is discussed in the following.

The combined standard uncertainty associated with the molar stream ratio is denoted by
uC(F D_l) and illustrated in figure 4.1. In accordance with expectations, the smallest uncertainty
is obtained for £ D! = 1.0 in total reflux operating mode. The determination and control of
feed mass flow are directly coupled to the distillate mass flow in this operating mode. Therefore,

this observation is related to the underlying control loops of the plant control system, inasmuch

'ndividual uncertainty contributions are accessible using the uncertainties package, see (Lebigot, 2017) for
details, but not explicitly exported in this work.



78 4. Results and Discussion

as D! = 1.0 is strictly enforced by controlling the feed flow based on the liquid level of
feedstock tank B601 and measuring the resulting mass flow with flow meter F101, which reduces

the number of uncertainty contributions affecting the molar stream ratio £ DL
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Figure 4.1.: Combined standard uncertainty associated with molar stream ratio £ D~*

For partial reflux operation, the range of associated combined standard uncertainty increases.
Although the largest spread in uncertainties is observed for simulated total reflux (F D=1 = 1.0),
its spread decreases with increasing F D™, However, this trend may be biased due to the low
number of experiments performed for £ D1 =2.8 (N =1) and F D~! =3.0 (N = 2).

While the molar stream ratio £ D! is essential for experiment evaluation, it is not accessible
during plant operation and calculated using the corresponding mass flows, mp and mp, as
well as liquid mixture compositions, zr and zp, according to equation (3.2c). Furthermore,

! using the ratio of

equation (3.2¢) links the molar stream ratio F' D~ to the stream ratio iy mp
the molar masses of distillate and feed streams Mp My L In this context, a maximum deviation
between rnp 1! and F D' of £6% (Mp My' = 0.94...1.06) was derived in section 3.3.3.1.
However, deviations of less than +6% are expected, since liquid molar fractions zp and
zp substantially differ from z; = 0kmolcg kmolt’oi or z; = 1kmolcpg kmolt’o{ for separation
performance experiments. The results obtained from the conducted separation performance
experiments consolidate this assumption, inasmuch as a maximum value of Mp My 1 =1.0029(57)

was determined for experiment 627-2.
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4.1.2. Column Load and Operating Regime

Regardless of the specific operating mode, liquid load wy, and f-factor fg are linked to each
other by the corresponding column-internal flows and a suitable stream ratio. Therefore, both
measures can be considered equivalent such that any liquid-vapor ratio, e.g. g mgl, FD 'or
wy, fg 1 can be used to describe plant operation. In this work, column load and plant operation
are described based on the f-factor fg and the molar stream ratio ' D! to ensure a consistent
presentation of results and comparability with literature references. However, fg and F D!
can be converted into the aforementioned measures using the corresponding mass or molar flows
as well as mid-bed temperatures and compositions as shown in appendix A.8.

The relation between liquid load wy, and f-factor fq is depicted in figure 4.2. Corresponding

combined standard uncertainties, uc(wy,) and uc(fg), are illustrated in figures F.2a and F.2b,

respectively.
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Figure 4.2.: Relation between liquid load wy, and f-factor f¢ in dependence of molar stream ratio F"D’l,
indicated uncertainties are combined standard uncertainties w.(-)

The data shown in figure 4.2 indicate an approximately linear relation between liquid load wr,
and f-factor fg. As can be seen, the slope increases with higher molar stream ratio F D!, This
observation is similar to trends reported by (Cai, 2014) who published data points illustrating
the relation between capacity factor? and liquid load wy, for total and partial reflux.

Since separation performance is substantially affected by the operating regime in which

2Capacity factor Ca: Ca = fa (pL — pG)_], see (Cai, 2014) for details.
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experimental investigations are carried out, the specific pressure drop Appeq is evaluated.
As briefly discussed in section 3.5.2, the flood point of Mellapak-type packings is commonly
defined at a specific pressure drop of Appeq = 12mbarm~!. Furthermore, (Cai, 2014) states
that 20 % of the load at the flood point is commonly considered as the minimum liquid load.
Using these limits results in an operating window of Appeq = 2.4...12mbarm™!. As shown
in figure 4.3, all experiments were approximately conducted within this range, inasmuch as
Apped = 1.42(80) mbarm™! and Appeq = 12.16(80) mbarm™! are obtained as minimum and
maximum specific pressure drop, respectively. Furthermore, recorded data do not show the
abrupt increase in specific pressure drop characteristic for reaching the flood point. This is
especially confirmed as (Bradtmoller, 2017) achieved flooding at fq =~ 3.2 Pa’® with a similar

plant setup at total reflux. The specific pressure drops of all experiments are tabulated in
table F.2.
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xtotal reflux, (Bradtmoller, 2017)  +total reflux, (Bennett and Pilling, 2003)
Figure 4.3.: Specific pressure drop Apped in dependence of f-factor fc and molar stream ratio I D!, literature

data for dcol = 50 mm (Bradtméller, 2017) and dcoi = 1 m (Bennett and Pilling, 2003), indicated
uncertainties are combined standard uncertainties uc()

4.1.3. Material Balances

To assess plant control loops and plant operating modes, the mass balance of each experiment
is assessed during data evaluation. The mixture compositions obtained from sample analyses
allow deriving the molar balance corresponding to each mass balance according to section 3.5.3.

Deviations in both mass and molar balances are expressed in absolute as well as in relative
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numbers, see figures F.3 and F.4. Obtained results are summarized in table 4.1. Although a
maximum deviation of up to 20 % occurred for three experiments with molar stream ratios of
FD'=11FD ' =20and FD ! = 3.0, more than 75% of all experiments conducted in
this work satisfy the maximum deviation ranges proposed by (Cai, 2014; Starkweather et al.,
2014).

Table 4.1.: Deviations in mass balance

deviation within reference satisfied by number of experiments

+20% - 38 100.0 %
+5% (Starkweather et al., 2014) 35 92.1%
+2% (Cai, 2014) 30 78.9%

Furthermore, the deviations illustrated in figure F.3 do not indicate any systematic relation
with respect to column load or molar stream ratio. Therefore, the used plant instrumentation and
implemented plant control loops are considered appropriate to perform separation performance
experiments with both total and partial reflux.

However, in total reflux operating mode, the feed stream is controlled by the weight of
the feedstock tank B601 and recorded by the flow meter F101. Therefore, mp EX mp and
mp < 0kgh~! are assumed for data evaluation resulting in ¢ = Okgh~"! for the total reflux
experiments.

In addition to mass balances, the molar balances illustrated in figure F.4 are considered to
address the consistency of molar in- and output streams, since they affect the molar stream
ratio F D!, Similar to the observed deviations in mass balance, no systematic relation between
the operating conditions and the occurring deviation in molar balance was identified. This
observation is consolidated by the uncertainties associated with the in- and output streams
illustrated in figure F.1 from which no correlation is apparent.

It is worth noting that the molar balances are also affected by the mixture composition of
each stream. As uncertainty quantification for mixture analysis shows small uncertainties, see
section 3.5.1, the effect of respective uncertainties on molar balances is considered less important
and thus, not explicitly addressed in this work. However, compositions of in- and output streams

are illustrated in figures F.5 and F.6.

4.1.4. Mid-Bed Conditions

As suggested by (Ottenbacher et al., 2011) and elaborated in section 3.5.2, separation performance
is evaluated based on representative mid-bed pressures, temperatures and compositions. These
mid-bed operating conditions are calculated according to equation (3.10) and discussed in
the following sections. Mid-bed operating pressures pyp and mid-bed temperatures ¥y, as

well as their associated combined standard uncertainties ue(pmp) and uc () are tabulated in
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table F.2.

4.1.4.1. Pressures, Temperatures and Feed Subcooling

As shown in figure 4.4a, a slight increase in mid-bed operating pressure pyp is observed for
increasing f-factors fg. According to equation (3.10d), mid-bed operating pressure is obtained
as the arithmetic average of head pressure py, and the pressure below the packed bed py,. Since
a setpoint of p, = 100 mbar(a) is used for all experiments and kept constant by the plant
control system, variations in py,p solely result from varying pressures py,, which originate from
variations in mixture composition below the packed bed and the fluiddynamics inside the bed.
A comparison of head and bottom pressures, py and py, is given in figure F.11.

The progression of the mid-bed operating temperature 9,1, which is illustrated in figure 4.4b,
is similar to the plot obtained for mid-bed pressure pp,. Underlying values and associated
combined standard uncertainties are listed in table F.2. Analogous to the mid-bed operating
pressure, the mid-bed operating temperature is calculated as the arithmetic average of head
and bottom temperatures, ¥, and 9y, see equation (3.10c). Neglecting potential heat transfer
originating from the trace heating at the column head, neither 9, nor ¥, are controlled.
Therefore, the mid-bed temperature ¥, is directly affected by ¥y, and 9}, which are shown in
figure F.13.

Since head and bottoms temperatures, 9}, and ¥, are addressed for the mid-bed operating
temperature Y., it is convenient to discuss the feed subcooling in this context. The feed subcool-
ing ATF is calculated according to equation (3.14). Feed inlet temperatures ¥r and feed boiling
points Jp poil are illustrated in figure F.12, resulting feed subcoolings are shown in figure 4.5.
Obtained values are within the range ATy = 0.13(67) ... 2.83(67) K, such that a maximum differ-
ence between the corresponding liquid molar fractions of s — zp = 0.0008(13) kmolcp kmolt’o}D
is obtained. As the associated combined standard uncertainties of xjs — xp are consistently larger
than the nominal values, the calculated differences in feed composition due to feed subcooling

are assumed to be negligible?.

3Although assumed negligible, considering feed subcooling in terms of the feed condition g improved the
robustness of the separation performance based on Monte Carlo methods.
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4.1.4.2. Mid-Bed and Feedstock Compositions

Separation performance measures heavily depend on the obtained mixture separation and the
corresponding concentration spread between two representative sampling points. However, the
positions of sampling points are strongly related to the used plant setup. As highlighted, the
plant setup used in this work comprises a product recycle which is used as the feedstock mixture.
The feed inlet is positioned above the packed bed substituting the conventional reflux stream,
see figure 3.3. In contrast to the conventional plant setup, the composition of distillate and
feed /reflux streams are thus not equal to each other. As a result, mid-bed liquid and vapor
compositions, Zyp and ymp, also differ from each other (21, # ymp). Suitable definitions for
both zyp, and ym, were addressed with equations (3.10a) and (3.10b). Due to the negligible
difference between the composition of the feed inlet mixture xy and the calculated mixture
composition at the intersection zjs elaborated in section 4.1.4.1, zr = xjs and Ty, ~ Ty js is
deduced. Therefore, further discussions focus on Zyp and Y1, only. Achieved compositions of
feed and product streams are shown in figures F.5 and F.6.

To achieve a symmetric separation problem, equimolar mid-bed fractions (zmp = Ymp =
0.5kmolcp kmol;){) are commonly recommended for conventional separation performance ex-
periments. For this, the initial composition of the mixture used for the separation performance

experiments needs to be chosen appropriately. In contrast to the conventional approach, an



4.1. Plant Operation 85

equimolar initial feedstock mixture was used in this work. As the feedstock composition changes
until separation steady state is reached, z,, # 0.5 kmolcg kmol;i and ymp # 0.5 kmolcp kmolt’oi
are achieved in steady state. The specific values depend on the occurring separation performance
which itself is affected by the molar stream ratio F D~'. Although the molar stream ratio was
varied within the range FD'=10.. .3.0, obtained mid-bed liquid compositions z,,;, and

vapor compositions yy, are mostly within the range 0.45...0.62 kmolcp kmolt’oi, see figure F.9.

Compared to partial reflux operation, consistently higher mid-bed molar fractions z}, and
ymb are achieved in total reflux experiments. The higher mid-bed compositions originate from
the missing bottoms recycle resulting in zp = zp and thus, xy,p, = ymp. In contrast, zp < xp is
obtained for partial reflux as the bottoms recycle added to the distillate stream is rich in less
volatile component lowering the concentration of the more volatile component in the resulting

feed mixture. The parity plot given in figure 4.6 consolidates this observation.
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Figure 4.6.: Parity plot of molar fractions of chlorobenzene in liquid stream (2zmy) and vapor stream (Ymb) at
mid-bed position, indicated uncertainties are combined standard uncertainties uc(»)

Furthermore, figure 4.6 shows higher mid-bed vapor compositions for increasing molar stream

ratios F D1, In particular, the illustrated data indicate a linear relation between 2,1, and Yy,
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which can also be derived from equations (3.10a) and (3.10b): ymp = mp + 0.5 - (zp — zF).
While the slope of the linear function is equal to unity and constant for all experiments, the
y-intercept depends on the concentration spread between distillate and feed (zp — zr). Both
zp and zp depend on the achieved separation performance and thus, are affected by the molar
stream ratio £ D=1,

All vapor mid-bed compositions yy,p, presented in figure 4.6 are within a margin of +5 % with
respect to the corresponding liquid composition z,,,. However, data points below the parity
line are not feasible, since mixture compositions must satisfy zp < zr < xp. Except for the
experiment with z,p = 0.6224(33) kmolcp kmol;oi, this is valid for all experiments within the

indicated combined standard uncertainties uc(zmp) and ue(Ymp)-

4.2. Separation Performance

4.2.1. Using Theoretical Stages
4.2.1.1. Data Evaluation with Monte Carlo Methods

As presented in section 3.5.4.1, McCabe-Thiele stage constructions were used to determine the
number of theoretical stages Ny, for each experiment. Since this approach generally involves
numeric and iterative calculation routines, uncertainties are propagated with Monte Carlo
methods (MCM). Although mathematically consistent, thermodynamically invalid combinations
of parameters may be drawn from the underlying probability distributions and passed to the
McCabe-Thiele stage construction routine. To restrict data evaluation on thermodynamically
valid parameter sets, invalid sets are excluded from further data processing as elaborated in
section 3.5.4.1 and appendix E.4. To quantify the fraction of successful/valid stage constructions,
the success ratio Syic was introduced in equation (3.19). Evaluating Syic for each experiment,
allows identifying two edge cases: While Syic = 100 % represents experiments for which all
McCabe-Thiele constructions created with random samples from the respective parameter
distributions are valid, Syic &~ 0% indicates that almost all the generated sets of parameters
passed to the McCabe-Thiele stage construction routine result in invalid stage constructions.
Such cases are consistently obtained for parameter combinations in which the intersection
between stripping line and feed line is located above the equilibrium curve, see figure 4.7.
Tllustrations of the MCM solution space for each experiment are given in appendix F.2.4,
corresponding success ratios Syic can be found in table F.4.

As discussed in section 3.5.4.1, a low success ratio Syc results in a substantially reduced
number of samples used for uncertainty propagation. Furthermore, the probability distributions
of the input parameters used for the McCabe-Thiele stage constructions depend on the operating
conditions. Therefore, as shown in figure 4.8, the number of successful stage constructions is
also related to the operating conditions. For all f-factors fg investigated in this work, success
ratios of Syc > 99 % are obtained for molar stream ratios of D! < 1.1.

In contrast, all experiments with F D=1 > 1.1 show substantially lower success ratios of
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Figure 4.7.: Constructability of McCabe-Thiele stage constructions, exemplary illustration for experiments 604-2
(a), 626-1 (b) and 628-1 (c); filled areas: convex hulls containing solutions space of MCM; lightgray:
equilibrium curves, bottoms compositions, stripping lines and feed lines; darkgray: intersections of
feed lines with stripping lines; top: McCabe-Thiele diagram within 0.25...0.7 kmolcp kmol;i; bottom:
zoomed view to highlight intersections of feed lines with stripping lines; Syic: success ratio for MCM

Suce < 83%. The largest spread in Sy between replicates? is identified for F D1 = 2.0 at
fa ~ 1.3Pa% and FD™! = 3.0. Although not exhaustively investigated due to a limited
accessibility of intermediate values used in MCM, it is assumed that the large spread in success
ratio Syic is related to the pseudo-random samples drawn from the probability distributions of
the operating parameters, since respective experiments do not substantially vary in feed and
bottoms compositions, xr and zp, see figures F.5 and F.6, as well as head pressures py,, see
figure F.11. While figure 4.5 indicates a slightly higher feed subcooling ATy compared to the
other experiments, for which similar success ratios are obtained throughout conducted replicates,
the feed subcooling ATg of the respective replicates are within their associated combined
standard uncertainties and resulting liquid compositions at the intersection ;s are also similar,
see figure F.5. Since substantial variations in the input parameters for the McCabe-Thiele
stage constructions are very unlikely, the only effect which cannot be directly evaluated is the
generation of random samples passed to the MCM. The large spreads in success ratio Syc for
the experiments with F D™ = 2.0 at fg ~ 1.3Pa’ and F D! = 3.0 are, therefore, considered
indicating a high sensitivity with respect to the pseudo-random sampling for the respective

combination of operating parameters.

“Except for FF D™! = 2.8, each experiment was replicated once (N =2).
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Figure 4.8.: Success ratio Snic of McCabe-Thiele stage constructi_on_s created during Monte Carlo simulations

in dependence of f-factor fc and molar stream ratio ' D!, indicated uncertainties are combined
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4.2.1.2. Considering Fractional Equilibrium Stages

Considerations for a fractional equilibrium stage at the end of a stage polyline were introduced
with equation (3.20) and figure 3.7. This approach is supported by table 3.7 providing an
exemplary comparison of the number of theoretical stages Ny and Ny dee for experiment 604-2.
Both Ny, and Ny gec as well as their associated combined standard uncertainties uc(Ny,) and
Ue(Nih,dec) are aggregated from the distributions of the respective values determined by MCM.
As illustrated in figure 4.9, considering fractional stages results in smoother density distribution
functions, which in turn affects both its arithmetic mean and the standard deviation of the
mean®. This improvement in experiment evaluation and uncertainty quantification is especially
relevant for experiments with a low success ratio for which estimation and associated combined
standard uncertainties are calculated based on a smaller number of valid samples.

As shown in the parity plot given in figure 4.10, considering a fractional stage at the end
of the calculated stage constructions consistently results a lower number of theoretical stages.
Although this observation can readily be deduced from equation (3.20), figure 4.10 indicates

that the resulting differences between Ny, and Ny dec are smaller than — 10 % for most cases.

5As described in appendix D.1, the arithmetic mean of a distribution is used to determine an estimation
of a measurand and the standard deviation of the mean is interpreted as its associated combined standard
uncertainty.
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Figure 4.10.: Parity plot of number of theoretical stages obtained with and without considering fractional stages,
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uncertainties uc(-)
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However, the difference between Ny, and Ny dec increases with a decreasing number of
theoretical stages and deviations of around — 20 % are obtained for experiments with Ny, < 4.
Therefore, considering fractional stages allows reducing systematic deviations in separation
performance estimation. This is especially relevant for experiments in which a low number of
theoretical stages is obtained from the McCabe-Thiele stage constructions.

Since fractional stages are consistently used in the further discussion of results, N dec and
Ny, are not explicitly distinguished in the following sections.

4.2.1.3. Number of Theoretical Stages and HETP

To express the experimentally determined separation performance in terms of HETP values,
the height of the packed bed Hypeq and the number of theoretical stages Ny, are used according
to equation (2.44). Furthermore, a fractional stage is considered in the McCabe-Thiele stage
constructions used to determine Ng,®. Since all experiments of this work are conducted with
an identical bed height, Hypeq can be interpreted as the constant of proportionality for the
inverse proportionality between Ny, and HETP. Therefore, general trends in separation efficiency
presented in this section are initially discussed based on the number of theoretical stages Nyy,.

As elaborated in section 3.3.2, the alternative plant setup used in this work supports both
total and partial reflux operation. According to the research hypotheses and objectives, this
is to allow a reasonable comparability with conventional separation performance experiments.
In particular, the transition from total to partial reflux operation with respect to separation
performance is addressed with simulated total reflux experiments.

An exemplary comparison of McCabe-Thiele stage constructions from experiments with similar
column loads at total reflux, simulated total reflux and partial reflux is given in figure 4.11.
While total and simulated total reflux experiments slightly vary in mid-bed liquid molar fractions
Zmb, both the concentration spreads achieved by mixture separation Azgep (Asep = Tis — TB)
and the resulting number of theoretical stages Ny, are similar. However, a substantially smaller
concentration spread and a smaller number of theoretical stages are obtained for the exemplary
partial reflux experiment with a molar stream ratio of £ D~1 = 2.0.

Although subject to further discussions, these observations indicate a good comparability
between total and simulated total reflux experiments and consolidate the conclusion deduced
from the material balances, see section 4.1.3.

To generalize the exemplary comparison provided in figure 4.11, the number of theoretical
stages as well as liquid mid-bed concentrations @ and concentration spreads Azgep of all
experiments are discussed as a function of operating parameters. As shown in figure 4.12, the
number of theoretical stages Ny, obtained for total and simulated total reflux experiments
(F D~' = 1.0) are very similar and not affected by the f-factor for fg < 2.4Pa%’. A similar

observation applies for the partial reflux ratio experiments with a molar stream ratio of

GAlthough the symbol Nip dec Was introduced for cases in which fractional stages are explicitly considered, Niy,
is consistently used throughout further discussions which is in accordance with sections 3.5.4.1 and 4.2.1.2.
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Figure 4.11.: Exemplary McCabe-Thiele stage constructions for experiments with similar column loads at total (a),
simulated total (b) and partial reflux (c), tabulated results are aggregated from MCM
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FD!= 1.1, as a constant value of Ny, ~ 12.5 can be identified within indicated combined
standard uncertainties. Despite not investigated due to a limited reboiler duty, an increasing
trend in Ny, similar to the data for F D=1 = 1.0 is expected for f-factors of fg > 2.6 Pa’5.
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e partial reflux, ' D~! = 2.751(62) * partial reflux, F D=1 = 3.018(19)

Figure 4.12.: Number of theoretical stages Ny, in dependence of f-factor fo and molar stream ratio FD",
indicated uncertainties are combined standard uncertainties uc/(+)

However, a considerably smaller number of theoretical stages is obtained for experiments with
F D=! > 1.1. In particular, the number of theoretical stages decreased to about 15...75 % of the
value determined for experiments with £ D~! < 1.1. A similar trend was indicated by figure 4.10,
giving a range of Ny, = 2.08(98)...8.8(2.0) for ' D! > 1.1 and Ny, = 10.14(95) ... 14.78(81)
for FD™1<1.1.

Since the molar stream ratio ' D! affects the slope of the stripping line, see equation (3.1),
and a higher number of theoretical stages would generally result from a more inclined stripping
line, the decrease in the number of theoretical stages with higher molar stream ratios £ D~! might
seem contradictory. This conclusion is only valid, if constant feed and bottoms compositions,
zr and xp, are assumed. However, as shown in figure 4.11, higher molar stream ratios result
in lower concentration spreads Axgep. Since this effect dominates, an overall decrease of the

number of theoretical stages occurs for increasing £' DL,

The effects and relations highlighted above show that several parameters need to be considered

to consistently discuss separation performance in terms of the number of theoretical stages Nyy:
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Molar stream ratio F' D~!: Describes plant operation with respect to column load, slope

of the stripping line and deviation from total reflux operation.

f-factor fg: Describes column load; also used in evaluation of conventional separation

performance measurements.

Mid-bed compositions xyp: Describes the "position” of the separation and thus, the
"position” of the corresponding stage construction (symmetric separations are commonly

preferred, see section 2.2.3.4).

Concentration spread Azgep: Describes the change in composition achieved by mixture

separation (AZgep = Tis — TB).

Driving force Azq,y: Describes the mean difference between input and equilibrium com-
positions of each stage along the full McCabe-Thiele stage construction which results in

Azgry = Azgep N1, see equation (3.22a).

The molar stream ratio F D™! and the f-factor fa are varied as independent variables as part

of the parameter studies, introduced in table 3.4. Mid-bed compositions z,, concentration

spreads Azgep and the number of theoretical stages Ny, are considered as dependent variables.

While the mid-bed compositions x,,, obtained from total reflux experiments are consistently

higher than those from partial reflux experiments, no substantial deviation between simulated

total and partial reflux experiments is observed, see figure F.9a. Therefore, as illustrated

in figure 4.13, Ny, is considered to be independent of the mid-bed composition z,, for the

experiments performed in this work”.

"As elaborated in section 2.2.3.4, a dependence of Ny, on @y is expected for mixture separation in the
concentration edges (zmp < 0.5 kmolcp kmolfot or Tmp > 0.5 kmolcp kmol;&), which are not covered by the
experiments of this work.
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Figure 4.13.: Number of thgo;etical stages Ny, in dependence of mid-bed liquid molar fraction 1, and molar
stream ratio F' D!, indicated uncertainties are combined standard uncertainties uc()
The exemplary comparison of McCabe-Thiele stage constructions depicted in figure 4.11
indicated a substantial reduction of concentration spread Azgep for an increasing molar stream
ratio F D1, As shown in figure 4.14, this trend is consistent throughout all experiments

resulting in three distinct clusters of results:

1. D~ = 1.0: Only slight variations in Ny, and Atgep are observed for total and simulated
total reflux experiments. Data indicate a linear trend in Ny, with increasing Axgep.
F D~ = 1.0 represents the smallest slope of the stripping operating line investigated in
the experiments which is equal to the diagonal line. Therefore, large driving forces result
for the upper equilibrium stages which does not only improve mixture separation, but also

results in high concentration spreads.

2. FD~! =1.1: Neither Ny nor Az, vary substantially which results in a narrow cluster

of values. Obtained results overlap within the indicated combined standard uncertainties.

3. F D! > 2.0: While only small variations in Azgep are observed, Ny, vary by a factor
of up to 4.5 which indicates a pronounced sensitivity. This supports the assumption of

Axgep dominating the effect of F D! on the resulting number of theoretical stages.
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For each cluster, the concentration spreads Azge, and the number of theoretical stages Ny, are
aggregated as arithmetic averages as summarized in table 4.2. In addition, arithmetic averages
for the driving concentration potentials Az, illustrated in figure F.10 are calculated. Since
Ay = Agep Nt?, see equation (3.22a), obtained trends are similar to those of Az, already

illustrated in figure 4.14b, but inversely proportional to Nyy.

Table 4.2.: Arithmetic averages of concentration spread Axgep, number of theoretical stages Ny, and driving concen-
tration potential per stage Azqcp, indicated uncertainties are combined standard uncertainties wuc(-)

cluster with Agep N Azgry
kmolcp kmol;O{ - kmolcp kmol;){
FD1=10 0.4726(26) 12.64(26) 0.037 39(80)
FD1=11 0.2699(23) 12.32(48) 0.02192(87)
FD1>20 0.0356(11) 4.66(49) 0.007 65(84)

The discussed results show a substantial dependence of the number of theoretical stages
Ny on f-factor fg and molar stream ratio £ D!, A consistent comparison of Ny, and thus
separation performance, is easily possible if one of the mentioned operating parameters is kept
constant (fg = const. with ' D=1 # const. or fg # const. with ' D~ = const.). Assuming
that conventional separation performance experiments with £ D~! = 1 can be interpreted as
F D! = const. allows applying already established data evaluation and interpretation routines
if generalized accordingly.

However, considering variations in both f-factor fg and molar stream ratio £ D! requires a
suitable adjustment, normalization or conversion of the results. This is especially relevant, if
the obtained number of theoretical stages Ny, or the separation efficiency in general, should be
compared with separation performance determined from conventional separation performance
experiments. Although experiments conducted in this work cover parameter studies for both fg
and F D’l7 obtained experimental results do not allow deriving a suitable correlation to correct
for effects caused by these parameters due to a lack of data in relevant regions of result space®

as illustrated in figure 4.15.

8The set of outcomes or results is commonly called sample space. However, the term result space is used here to
explicitly distinguish the set of results from the set of input samples.
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Figure 4.15.: lllustration of missing data in result space of number of theoretical stages Niy; lightgray: regions
investigated in this work, highlighted hulls contain results abstracted from figure 4.12; darkgray:
no results available in this work, regions not investigated; solid lines: curves proposed based on
experimental results; dashed lines: assumed curves indicating set of functions

Compared to the number of theoretical stages Ny, the HETP values presented in figure 4.16
show inverse trends due to the inverse proportionality given by HETP = Hyeq Ntil. Therefore,
the affecting factors discussed for the number of theoretical stages Ny, apply accordingly.

Corresponding to the small number of theoretical stages Nyp,, high HETP values are obtained
for F D1 > 2.0. A detailed evaluation of the HETP values determined for FD-1 < 1.1 indicates
similar trends between corresponding datasets, see figure 4.16. Due to the combined standard
uncertainty associated with each value, determined values can be considered constant for f-factors
of fg < 2.3Pa% and a decrease in HETP is observed for higher f-factors which is common for
miniplant-scale columns and primarily caused by wall effects. Using a very similar plant setup,
(Bradtmoller, 2017) obtained a comparable decrease in HETP for f-factors of fg > 2.5 Pal®
and attributed this observation to an increased stagnation of liquid between packing elements
and column wall when reaching the loading point at fg ~ 2Pa%° and transitioning to the flood
point at fg ~ 3.2Pal?.

The separation performance achieved under total reflux operating conditions is consistently
higher than the results by (Bennett and Pilling, 2003; Bradtmoller, 2017). In particular, the
HETP values by (Bradtmoller, 2017) are around 10 % higher than the values of this work.
Although the plant setup of this work is very similar that used by (Bradtmoller, 2017), the
used procedures differ in liquid sampling and the evaluation of operating conditions, which may
explain the observed systematic offset.

As indicated by the error bars given in figure 4.16a, HETP values calculated for experiments
with £ D! > 2.0 are associated with considerably large uncertainties of u, = 0.06...0.55 m
which primarily originate? from the combined standard uncertainty associated with the number

of theoretical stages uc(Ngp)-

9The effect of the combined standard uncertainty uc(Hped) is neglected as all experiments were conducted with
the same bed height resulting in uc(Hpea) = const.
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Figure 4.16.: HETP determined from McCabe-Thiele stage constructions in dependence of f-factor fg and molar
stream ratio ' D™'; (a): overview for all investigated molar stream ratios £ D™'; (b): zoomed view for
1.0< FD! < 1.1; literature data for dcoi = 50 mm (Bradtméller, 2017) and deoi = 1 m (Bennett and
Pilling, 2003); indicated uncertainties are combined standard uncertainties uc(-)
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The combined standard uncertainties uc(Nyy,) illustrated in figure 4.17 do not indicate any
obvious correlation with f-factor fg or molar stream ratio F D~!. However, to calculate the
combined standard uncertainty u.(HETP), not only the uncertainties associated with the number
of theoretical stages and the bed height, uc(Nin) and ue(Hped), but also the corresponding
sensitivity coefficients ¢;, see equations (D.8) and (D.10), are required. While a higher number
of theoretical stages results in a small sensitivity coefficient, the inverse applies for a small
number of theoretical stages. Therefore, small combined standard uncertainties u.(HETP) are

obtained for small HETP values.
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Figure 4.17.: Combined standard uncertainty associated with number of theoretical stages N¢n in dependence
of f-factor fc and molar stream ratio F D', indicated uncertainties are combined standard
uncertainties uc(-)

4.2.2. Delft Mass Transfer Model

In addition to the HETP values calculated using the number of theoretical stages obtained
from McCabe-Thiele stage constructions, HETP values are also estimated based on the Delft
mass transfer model according to section 3.5.4.2. As the separation effective surface area aeff corr
and mass transfer coefficients, kr, and kg, provide fundamental information about vapor-liquid
interaction, their corresponding values are discussed first.

Since the corrected separation effective surface area et corr is affected by the fluiddynamics
inside the packed bed, corresponding values depend on the operating conditions. The effects of

f-factor fg and molar stream ratio FD'on et corr are illustrated in figure 4.18.
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Figure 4.18.: Separation effective surface area acss,corr determined with Delft model in dependence of liquid load
wr, and molar stream ratio F' D!, indicated uncertainties are combined standard uncertainties
ue(-)

Obtained results indicate the expected increase of the corrected separation effective surface
area Geft,corr With liquid load wy, and are within the range e corr ~ 213(3)...278(4) m?m~3.
This equals 41...55% of the calculated specific area of the installed packing elements (a, =
508(5) m? m~3, see equation (2.71) and table A.1) indicating that only a fraction of the installed
surface area is used for mixture separation. Nonetheless, the estimated separation effective
areas are in good agreement With aeff corr ~ 200...280m?m~3 as reported by (Bradtméller,
2017) for a similar plant setup and operating conditions. Furthermore, clusters of data points
with small variations for each liquid load wr, can be identified. Investigating equation (2.87)
shows that aefrcorr Only depends on packing geometry and the separation effective surface area
Geff,Onda estimated with the Onda correlation. As the molar stream ratio F D! and liquid
load wy, fully define plant operation with respect to the material balance, and since acgt,onda is
calculated based on the superficial liquid and gas velocities, ur s and ugg, as well as physical
properties of liquid and gas phase, see equation (2.85a), variations within each cluster are caused
by variations in the mixture composition resulting from the achieved mixture separation.

Liquid and vapor phase mass transfer coefficients, kr, and kg, illustrated in figure 4.19 are

calculated with the original and revised correlations of the Delft model according to table 3.8.
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Figure 4.19.: Liquid phase mass transfer coefficient kL in dependence of liquid load wi and molar stream ratio
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ratio D' (b), values determined with original and revised correlations of Delft model, indicated

uncertainties are combined standard uncertainties wc(+)



102 4. Results and Discussion

Disregarding the specific correlations, both liquid and vapor phase mass transfer coefficients
increase with the column load due to higher superficial velocities which promote the vapor-liquid
interaction at the phase interface and thus, improve mass transfer. Estimated liquid mass
transfer coefficients are within the ranges of kp, original = (1.401(19) ... 2.224(28))- 10~*ms~ ! and
ki revised = (0.938(12) ... 1.483(18)) - 10~*ms~'. Noting the non-linear relation between liquid
phase mass transfer coefficients k1, and the liquid load wr,, the increase of A1, original and K, revised
over wy, is equivalent to around 58 % each. However, using the revised correlation results in
reduced liquid mass transfer coefficients of around 67 % of the values predicted with the original
correlation due to the increased liquid flow path length considered in the revised correlation,
see equations (2.88a) and (2.88b). ki, original a0d AL revised estimated in this work are close to
the range of kp, revised & (0.9...1.3) - 107*ms~! reported by (Bradtméller, 2017) for a similar
plant setup and operating conditions and the ranges of kr original = (1.2...2.2) - 10~*ms~! and
KL revised &~ (0.8...1.2) - 10~*ms ™! reported by (Oluji¢ and Seibert, 2014) using a different type
of packing and column diameter, but same test mixture and operating pressure'®.

While the revised Delft model predicts lower liquid mass transfer coefficients, an increase
in vapor phase mass transfer coefficients is observed as illustrated in figure 4.19b. Estimated

L and

gas phase mass transfer coefficients are within kg original = 0.03228(72)...0.0675(18) ms™
kG revised = 0.0456(11) ... 0.1015(29) ms~!. The effect of f-factor fq on kG original and kG revised
corresponds to an 2.09 times and 2.22 times increase, respectively. Using ¢y, = 1 in the
revised calculation approach results in a higher contribution of the turbulent gas mass transfer
coefficient kg ¢yt and thus, increases the resulting vapor phase mass transfer coefficient kq revised
by 41...50%. In contrast to kg original, the non-linearity between kg and fq is less pronounced
for kq revised- Although not strictly resulting from the underlying correlations, an approximately
linear relation between kg and fg is often reported in the literature, see e.g. (Bradtmoller, 2017;
Oluji¢ et al., 2012; Oluji¢ and Seibert, 2014). Despite this discrepancy with the literature, which
is particularly pronounced for kq original, Predicted vapor phase mass transfer coefficients are
comparable to kg original ~ 0.020. . .0.064ms™! and kG revised = 0.035.. .0.120ms~! reported
by (Oluji¢ et al., 2012)!! as well as kg original ~ 0.030...0.068 ms™! reported by (Bradtméller,
2017).

Using the presented liquid and vapor phase mass transfer coefficients, kp, original and K, revised as
well as kg original and kG revised; HTUr, and HTUq are calculated according to equations (2.92a)
and (2.92b). Since estimated values HTUy, and HT U, and thus also HETP, depend on whether
the corresponding mass transfer coefficients are calculated with the original or the revised
correlations of the Delft model, the index notation given in table 4.3 is introduced to distinguish

respective results.

19(Oluji¢ and Seibert, 2014) investigated the separation performance of packing Montz-Pak B1-500 (Julius
Montz, Hilden/Germany) with a nominal specific surface area of a;, = 500m*m~% at p = 0.1 bar(a), a column
diameter of dco1 = 0.59m and a bed height of Hpeq = 3.43m.

M (Oluji¢ et al., 2012) investigated the separation performance of high performance packing Montz-Pak B1-500MN
(Julius Montz, Hilden/Germany) with a nominal specific surface area of a, = 500m?m~2 at p = 0.1 bar(a), a
column diameter of dcoi = 0.588 m and a bed height of Hyea = 3.49 m.
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Table 4.3.: Index notation for separation performance predicted with Delft model, see table 3.8 for correlations used
to calculate mass transfer coefficients k1, and kg

index kL kG

1 kLyoriginal kG,originaI
2 kL,original kG,revised
3 kL,revised k(} ,original
4 kL,rcviscd kG,revised

HETP values calculated from HTU,qg and stripping factor A are illustrated in figure 4.20.

Since HTU,g and HETP are proportional to each other with In A (A — 1)~ as the corresponding

factor of proportionality, see equation (2.65), HTU,q are not explicitly discussed here; respective

values can be found in figure F.18.
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Figure 4.20.: HETP predicted with Delft model in dependence of f-factor f and molar stream ratio F' D™, see
table 4.3 for index notation of HETP, indicated uncertainties are combined standard uncertainties

()

Although uncertainties are transparently propagated with the uncertainties package according
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to appendix D.2.1, initially calculated combined standard uncertainties associated with the HETP
values of F D™! = 1.0 seem unreasonably large, see figure F.19. The respective uncertainties
are particularly surprising, since total reflux operation is commonly used to reduce potential
uncertainty contributions, see section 2.3.3. Detailed inspection of calculated uncertainties
indicated that the largest uncertainty contributions originate from stripping factor A, bottoms
composition zp and distillate composition zp. However, as shown in figures F.6 and F.15,
uncertainties associated with these parameters are reasonable and should not cause such large
combined standard uncertainties. Although not exhaustively evaluated, it is assumed that the
unreasonable uncertainty contributions result from correlations between input parameters and
high sensitivity coefficients. However, correlated parameters commonly result in second- or
higher-order uncertainty components which are commonly much smaller than the first order
contributions of uncorrelated inputs. Therefore, combined standard uncertainties u.(HETP)
indicated in figure 4.20 were recalculated without considering potential correlations in input

parameters as part of the data post-processing routine.

Independent of the used mass transfer correlations, an increase of HT Uy, and thus HETP,
is observed for an increasing f-factor fg. As increasing f-factors fq cause higher superficial
gas and liquid velocities, ug ¢ and ur, the height of the corresponding transfer units, HTUg
and HT Uy, also increase according to equations (2.92a) and (2.92b). This finally results in
larger HTU, as per equation (2.57a). Using the original correlation to calculate the liquid
phase mass transfer coefficient and the revised correlation for the gas phase mass transfer
coefficient (HETP2: ki, original and kG revised) consistently predicts the smallest HETP and
thus, the highest separation performance. In contrast, the lowest separation performance is
predicted with AL revised and kg original in terms of HETP3. While the predicted values are similar
within each series of HETP for molar stream ratios of £ D~ < 1.1, slightly increased HETP
values are predicted for FD1>20 In particular, HETPy = 0.1523(24)...0.1896(30) m
and HETP3 = 0.2168(30) ... 0.2848(38) m are obtained for F D' < 1.1, whereas HETPy =
0.1777(29) ... 0.1928(32) m and HETP3 = 0.2559(37) . . . 0.2830(40) m are predicted for £ D! >
2.0.

The observed effects of kL original and AL revised as well as kg original and kq revised 00 HETP are
in accordance with (Oluji¢ et al., 2012; Oluji¢ and Seibert, 2014). As elaborated, an increased
flow path length is considered for kp, revised Which, in comparison to &p, original, results in a reduced
liquid mass transfer coefficient and thus, causes a higher HTUy,. In contrast to HTUy,, smaller
HTUg are obtained with the revised calculation approach. Since ¢ 1, = 1 is used instead of
e, = 0.59, the gas phase mass transfer coeflicient kg revisea is larger than kg original, Which
in turn lowers HTUq. Therefore, HETP; < HETP3 is obtained according to equation (2.65).
Underlying HTUy, and HTUg are illustrated in figures F.16 and F.17.

For increasing molar stream ratios £ D™, a gradually increasing HETP, representing a
decrease in separation performance, is observed. As shown in table 4.4, the cause of the reduced

separation performance, which is especially observed for F D=1 > 2.0, can be derived by relating
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the discussed observations to the corresponding terms of equation (2.65).

Table 4.4.: Chain of causations for the effect of molar stream ratio ¥ D~! on HETP

FD! A InA(A—1)"1 HTUgq HTUL HTU.q HETP
T 1 T I T 1 T

4.2.3. Comparison of Theoretical Stages and Transfer Units

Since HETP values are determined based on both equilibrium- and rate-based approaches, the
respective results allow a direct comparison of both approaches. Further elaborations cover
the number of transfer units NTU,q to determine the height of the packed bed Hypeq using the
height of a transfer unit HTU,q predicted with the Delft model. In addition, the comparability
of HETP and HTU,g is addressed.

To distinguish HETP values calculated from the number of theoretical stages from those
predicted with the Delft model, the symbols HETPgtages and HET Py, are introduced. Further-
more, depending on whether the original or revised correlations are used to estimate liquid and
gas phase mass transfer coefficients, HETPpgjg is annotated with index 1, 2, 3 or 4 according
to table 4.3. A comparison of experimental and predicted HETP values is given in figure 4.21.

Disregarding the specific mass transfer correlations, the rate-based model overestimates
separation performance for molar stream ratios of FD1>20 considerably, as experimental
HETP values are up to 6.2 times the predicted values. While HETPpeyg,; shows the smallest
deviation between predicted and experimental HETP values for F' D! > 2.0 with a factor
of up to 4.2, the HETP values are considerably overestimated for FD1<1.1. Considering
FD-! < 1.1, the smallest deviation between HETPpqyg and HETPgtages is obtained with
HETPpeig 4. Corresponding predictions are mostly within a margin of 425 %. This observation
is in good agreement with the +20...30 % margin reported by (Schultes, 2013) who evaluated
the prediction quality of several mass transfer models with respect to industrial applications. In
addition, (Schultes, 2013) reported that experimental and predicted separation performance
differ by a margin of £80...90% for some edge cases. Although not explicitly stated in
the literature, it is assumed that these margins refer to conventional separation performance
experiments with total reflux.

Nonetheless, the differences between predicted and experimental separation performances
observed for F' D™! > 2.0 even exceed the extended margin of +80...90% by a factor of
approximately 3.4 and are not sufficiently covered by the effects already illustrated in table 4.4.
This may indicate a systematic error in data evaluation or a limited applicability of the Delft
mass transfer model for the partial reflux experiments conducted in this work. Since both
partial and total reflux experiments are evaluated with identical calculation routines and
reasonable results are obtained for £ D! < 1.1, a systematic error is unlikely. However, a

limited applicability of the Delft model for partial reflux experiments may result from the data
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sets used for model development, since the model was originally validated against separation
performance experiments conducted with Montz-type packings at total reflux (Oluji¢ et al.,
1999). Although later model improvements presented by (Oluji¢ et al., 2004; Oluji¢ et al.,
2007; Oluji¢ et al., 2012; Oluji¢ and Seibert, 2014) comprise substantial adaptations to increase
the prediction accuracy and applicability for other packing types, partial reflux operation has
not been addressed. Nevertheless, this should not be considered as a drawback specific to
the Delft model. Since separation performance is commonly quantified based on total reflux
experiments, available data are strongly biased towards total reflux operation. Therefore, this
operating mode is not commonly considered in model development or validation and thus,
corresponding separation performance at partial reflux is presumably overestimated by most of
the well-established mass transfer models.

Furthermore, the observed discrepancy may also be related to the characteristic operational
behavior of total and partial reflux experiments. As discussed, the molar stream ratio affects the
column-internal streams and thus, the superficial liquid and gas velocities, ur, s and ugs. In the
Delft model, see section 2.2.3.5, such effects are considered with respect to the fluiddynamics
and mass transfer coefficients. However, total and partial reflux experiments characteristically
differ from each other with respect to the column loads. While the liquid and gas flows are
equivalent to each other in total reflux experiments (F' D=1 = 1), partial reflux operating
conditions (F D! # 1) allow a variety of values for the stream ratio. Due to this additional
degree of freedom, the superficial liquid and gas velocities, ur, s and ugs, can vary over a wide

range, which may not be represented in the data used for model development and validation.



108 4. Results and Discussion

Although rarely discussed in the literature, this interpretation of the obtained results is in line
with (Wang et al., 2005a) claiming that conventional separation performance experiments at
total reflux conditions do not allow assessing the effects of gas and liquid loads on separation
performance independently of each other.

The last part of the result discussion focuses on predicting the height of the packed bed Hpeq
required to achieve the observed mixture separations. For this, the height of a transfer unit
HTU,g and the number of transfer units NTU,q are required according to equation (2.68). As
highlighted, none of the used sets of mass transfer correlations allows predicting HTU,g within
a reasonable margin over the full range of experiments. However, as discussed in the context of
figure 4.21, using the revised correlations for liquid and vapor mass transfer coefficients (index
4) results the most suitable prediction of separation performance for F D! < 1.1. Therefore,
the corresponding height of a transfer unit HTU,q 4 is used for further discussions. The number
of transfer units NTU,q is calculated using the definite integral given in equation (2.54a) or
the number of theoretical stages Ny, and the stripping factor A according to equation (2.69).
Obtained results are denoted by NTU,q integration and NTUqq stages, respectively.

To ensure a consistent propagation of uncertainties, the integration for NTU,q integration Was
performed as part of the MCM used to estimate the number of theoretical stages Ny, with
McCabe-Thiele stage constructions. As described in section 3.5.4.1 and appendix E.4, thermody-
namically invalid combinations of input parameters were excluded from further processing. As
this reduces the number of samples contained in the resulting distribution and affects its corre-
sponding standard deviation, potential correlations between the combined standard uncertainty
ue(NTUoG integration), MCM success ratio Syic and molar stream ratio F D! are investigated
based on figure 4.22. Illustrated data indicate a strong relation between the combined standard
uncertainty ue(NTUyq,integration), Success ratio Sy and molar stream ratio F D’l, inasmuch
as e (NTUqq integration) increases for a decreasing number of successful Monte Carlo simulations

and reasonable uncertainties are exclusively obtained for ' D=1 = 1.0 with Syc ~ 100 %.
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Figure 4.22.: Combined standard uncertainty associated with NTU,q integration in dependence of MCM success
ratio Snc and molar stream ratio F D', left: overview for all investigated molar stream ratios
FD’I, right: zoomed view for Syic & 100 %

To achieve a clear indication about the applicability of equilibrium- and rate-based evaluation
approaches, corresponding results should be strictly separated. In general, NTU,q is defined
by the concept of transfer units, which does not consider equilibrium stages. However, calcu-
lating NTUyq stages according to equation (2.69) depends on Ny, and thus, is related to the
McCabe-Thiele stage constructions. In contrast, using the integral for NTU,q integration defined
in equation (2.54a) allows determining NTU,q independently of equilibrium stages. Calculating
NTUoqG,integration requires the bulk concentration of the vapor phase, which is commonly de-
scribed by the equations of the operating lines and VLE data, see figure 2.7 and appendix E.1.
Disregarding whether NTU,q is calculated by integration (NTUyq integration) O based on the
number of theoretical stages (NTUqq stages), Obtained results should generally be similar to each
other. As shown in figure 4.23, this is given for molar stream ratios of £ D~ < 1.1, such that
obtained results are within a margin of +5%. In contrast, NTU,q integration ad NTUqq stages
differ by a factor of up to 9.6 for F D=1 > 2.0.
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Figure 4.23.: Parity plot of NTU,q, integration and NTUqG stages, error bars indicating combined standard
uncertainties uc(-) are omitted to improve readability

To identify the reasons causing the substantial differences observed for ' D! > 2.0, relevant
equations, related assumptions and simplifications were reviewed from the original literature
published by (Chilton and Colburn, 1935; Colburn, 1939; Colburn, 1941; Peters, 1922). Since
no assumptions or restrictions regarding total or partial reflux conditions were found in the
literature references, equations (2.54a) and (2.69) are considered to be valid for both operat-
ing modes. As discussed by (Chilton and Colburn, 1935), a substantial difference between
NTUoqG,integration and Nip, and thus also NTUqg gsrages; may occur for certain operating condi-
tions for which NTUqq integration Provides a more resilient or conservative column design. As
shown in figure 4.23, NTUqq integration 2 NTUog stages is obtained for all experiments conducted
in this work. Although using NTU,q integration instead of NTUyq stages certainly results in a

conservative column design, a design margin this large seems unreasonable.

The relation between transfer units and equilibrium stages is often discussed as a function of
stripping factor A. Since F' D=1 = 1 applies for total reflux, the stripping factor A is equal to the
slope of the equilibrium curve m and variations in the stripping factor are solely attributed to the
molar fraction z1, see equation (2.67). However, partial reflux experiments allow investigating
the effect of stripping factor A at a constant molar fraction ; as the molar stream ratio F' D~*

can be varied. To ensure that the stripping factor X is primarily affected by F D™, potential
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variations of the slope of the operating line m need to be addressed based on the mean relative
volatility @2 and the mid-bed liquid molar fraction z,. As illustrated in figure F.9a, constant
mid-bed liquid molar fractions )}, can be assumed for all partial reflux experiments of this
work. Potential effects caused by variations in relative volatility @2 can also be considered
negligible, since similar concentration spreads Az, are observed for each molar stream ratio
FD™, see figure 4.14, and the dependence of relative volatility a2 on liquid molar fraction x;
is small for the test mixture used in the experiments, see figure C.6. Furthermore, to address
the comparability of equilibrium- and rate-based approaches based on the effect of stripping
factor A, the general cases A < 1, A ~ 1 and A > 1 were introduced in section 2.2.3.4. Although
partial reflux experiments with F' D! #1,or LGt # 1 in general, would enable a systematic
comparison of the aforementioned cases, only A < 1 and A &~ 1 are addressed in this work due
to the characteristics inherent to the used plant setup.

As shown in figure 4.24a, the experiments were performed with stripping factors of A =
0.3282(21)...0.9997(67). Associated combined standard uncertainties are smaller than the
marker size for most of the data points and explicitly illustrated in figure F.15. While potentially
biased due to the smaller number of experiments, calculated values indicate less variation in
X for increasing molar stream ratios  D~1. As a similar trend is observed for the f-factor fq
and liquid load wy,, see figure 4.2, this observation can be attributed to the control loops of the
plant control system allowing a slightly more stable plant operation for £ D=1 > 1.1. Although
the stripping factor A is commonly discussed for comparability of equilibrium- and rate-based
approaches, the nonlinear term In()\) (A — 1)~ illustrated in figure 4.24b seems to be more
relevant since it can be interpreted as a factor of proportionality between HETP and HT U,
see equation (2.65), as well as between NTU,q and Ny, see equation (2.69).

Putting the results discussed in this section into perspective indicates a good agreement
between equilibrium- and rate-based approaches for total reflux operating conditions (F D=
1.0). As elaborated in section 2.2.3.4, this behavior is not only commonly known in the literature,
but can also be derived from equations (2.65) and (2.69) if symmetric mixture separations are
investigated. Therefore, both approaches are often considered interchangeable and discussions
about which approach should be preferred over the other arise. According to the experimental
results obtained for F D=1 = 1.1, both approaches describe the achieved separation performance
in good agreement with each other for a small deviation from total reflux conditions. However,
obtained data indicate substantial deviations between the experimentally determined and
predicted separation performance for higher molar stream ratios of F D~! > 2.0. As discussed,
these differences are most likely due to the model not covering partial reflux operating conditions.
Furthermore, large deviations between NTUyq integration @nd Ny, are observed for partial reflux
operation. Therefore, the applicability of NTU,g and Ny, as well as suitable extensions for
established mass transfer models with respect to partial reflux operation should be addressed in

future activities.
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4.3. Method Evaluation and Future Improvements

In addition to the general applicability of the method developed and used in this work, the

following method components described in chapter 3 are evaluated in this section:
1. plant concept
2. apparative realization of plant concept and experimental method
3. data processing

For this, not only the best practices for separation performance presented in section 2.3, the
experimental results discussed in sections 4.1 and 4.2, and the identified plant characteristics,
but also results from separation performance experiments at elevated viscosities by (Gutperl
et al., 2022) are used.

4.3.1. General Applicability

Experimental results show substantially reduced HETP values for increasing molar stream
ratios F' D=1 Therefore, disregarding the specific apparative realization of the plant concept
proposed in section 3.3.1, separation performance should only be compared for a single constant
molar stream ratio. This is especially relevant, if mixtures containing non-volatile components
are used in separation performance experiments, since the material balance of the non-volatile
component limits the range of suitable molar stream ratios ' D=1 as shown in section 3.3.3.1.
Although choosing a high £ D! allows higher concentrations of the non-volatile component,
the obtained results indicate substantially decreased success ratios Syc for increasing F D1,
see figure 4.8. As claimed in the research hypotheses and experienced during the experimental
investigations, this results in a trade-off between stable plant operation, robust data evaluation
and the maximum allowed concentration of the non-volatile mixture component. In particular,
the range of FD™!'=1.0...2.0 seems suitable for separation performance experiments using
the standardized test mixture CB/EB and symmetric mixture separations. Molar stream ratios
of F D™! > 2.0 result in a less robust plant operation and thus, limit data evaluation. If the
proposed plant setup is used to assess the separation performance of viscous mixtures as shown
by (Gutperl et al., 2022), it is, therefore, advised to conduct baseline experiments without
non-volatile mixture components prior to the actual separation performance experiments at
elevated viscosities to distinguish the reduction in separation performance related to F D= > 1

from the reduction caused by the increased mixture viscosity.

4.3.2. Plant Concept

While the proposed plant concept was successfully realized with the setup presented in section 3.3
and thus, successfully used to conduct separation performance experiments at both total and

partial reflux conditions, its operational flexibility and the range of potential use cases can
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be extended by implementing some adaptations. Although the bottom product and distillate
recycles substantially reduce the required amount of feedstock mixture compared to the approach
used by (Bocker and Ronge, 2005), they also link the corresponding mass flows, rhp and mp,
to the feed mass flow rhp due to the underlying mass and component balances. As discussed
in section 3.3.3.1, this results in rhp mgl > 1. However, partial reflux operating conditions
also include the operational region of g mgl < 1, which is commonly used for hydraulic
investigations, see (Cai, 2014), and cannot be realized with the plant concept proposed in this
work. Although decoupling the in- and output streams generally allows iy mgl < 1, this
would result in the approach presented by (Bocker and Ronge, 2005) and thus, also entail the
drawbacks inherent to this setup. Nonetheless, the operating region of mp r'ngl < 1 can also be
realized with g < 0kgh™!. This case would be similar to the plant concept used by (Eckert
and Walter, 1964), see figure 3.1b, inasmuch as surplus distillate is fed into to bottom section of
the column with a bottom input stream. Therefore, adapting the plant concept proposed in this
work to support not only rg > 0kgh™!, but also g < 0kgh~! would allow a more flexible
plant operation with both total (£ D~! = 1) and partial reflux (F D! # 1). Combining this
adaptation with a variable feed inlet position, would result in a universal plant concept suitable
to address various aspects of separation performance measurements and packing characterization,

e.g. feed inlet position, reflux ratio, feedstock composition, column hydraulics etc.

4.3.3. Plant Setup and Experimental Method

In addition to the general improvements regarding the proposed plant concept, the experimental
investigations also allowed identifying improvements specific to the distillation plant used for
the separation performance experiments.

As discussed in section 3.3.3.2, plant start-up and reaching steady state took up to 7h.
Although (Schoenmakers and Spiegel, 2014) state that start-up times of around 12h are quite
common for miniplant-scale distillation columns, the plant start-up time can substantially
be reduced by removing product recycle tank B501. This not only decreases the total liquid
hold-up volume of the distillation plant, but also increases mixing between the feedstock and the
product recycle mixture. While this apparative adaptation can easily be realized by connecting
valve V402 with the feedstock tank B601, it was not carried out during the parameter studies
conducted in this work to prevent potentially caused side-effects on comparability of plant
operation and experimental results.

Furthermore, presented results indicate that the uncertainty associated with the molar stream
ratio is especially relevant for partial reflux experiments with F D! > 2.0, see e.g. figure 4.7
and appendix F.2.4. Although the overall mass balance is satisfied within the margins suggested
in the literature for most of the experiments conducted in this work, see table 4.1, the gravimetric
estimation of distillate and bottoms mass flows based on scales W401 and W402 as well as tanks
B401 and B402 should be replaced by suitable Coriolis mass flow meters. This would not only

further reduce the total liquid hold-up of the distillation plant and thus, increase the mixing of
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the product recycles with the feedstock, but also improve measurement accuracy and simplify
data evaluation. Similarly, scale W601, which is used to measure the feedstock mass, should be

replaced by a liquid level sensor.

In addition to the improvements for measuring the in- and output mass flows of the distillation
plant with respect to operating conditions and material balance, the energy balances should be
assessed. In particular, flow meters and temperature sensors should be retrofitted to reboiler
W301, feed preheater W601 as well as condensers W101 and W701 to evaluate the corresponding
heat duties; see (Cai, 2014) for information about the accuracies of corresponding sensors.
However, upgrading the heat-jacketed tanks B501 and B601 with similar instrumentation does
not seem feasible, as it was already suggested to remove the first and the heat duty of the second
could easily be compensated by using heat exchanger W301 instead of the heated jacket of the
tank. Furthermore, heat flux sensors could be applied to the column head, column segments
and column coupling pieces to evaluate a heat-neutral plant operation and to assess the heat

duty of the trace-heatings installed at the column head as well as the column coupling pieces.

As mentioned in section 3.3.4 and apparent from figure 4.3, plant operation at partial reflux
conditions is limited by the maximum reboiler duty. Since figure 4.3 indicates operational
reserves with respect to specific pressure drop, and thus column loads, thermostats WE301 and
WE302 should either be replaced by a more powerful device or steam should be used a heating
utility, since higher gas loads are required to extend the investigated parameter space. This is
especially useful to fill the missing data regions highlighted in figure 4.15 which in turn should
allow deriving a data-driven model to describe the relation between separation performance
and partial reflux operating conditions. In particular, separation performance experiments with
molar stream ratios of 1.1 < FFD~! < 2.0 at f-factors of fg < 1.5Pa%® and F D~! > 1.1 at
fa > 1.5Pa%® are suggested based on figures 4.12 and 4.15.

To monitor plant operation at higher column loads and to detect flooding, differential pressure
sensors P202 and P203 as well as corresponding pressure lines should be used. Although all
pressure lines have been checked and re-done during plant commissioning, obtained sensor
readings remained unreasonable. Therefore, as shown in equation (3.13) and table 3.6, specific
pressure drops Appeq were calculated based on absolute pressure sensors P201 and P204. However,
using differential sensors P202 and P203 would not only allow measuring the individual pressure
drop of the upper and lower section of the packed bed, but should generally result in more
accurate readings due to the more suitable measuring ranges of the respective sensors. To
further decrease the uncertainty associated with the sensor readings and to check for potential
sensor malfunction, it is suggested to re-calibrate all pressure sensors. Although not explicitly
observed during the experiments, adding a nitrogen purge gas seal as described by (Cai, 2014;
Starkweather et al., 2014) is recommended to prevent condensate in the pressure lines and

increase the reliability of the pressure readings.

Additional adaptations can be made with respect to liquid sampling and sample analysis.

Since the estimation of separation performance focuses on the installed packings, liquid samples
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should be taken from the liquid trickling out of the packed bed rather than from the liquid
in the column bottom section. Although rarely used in this work, the septum based sampling
tap for inter-bed sampling should be replaced by a ball valve lock to prevent leaks caused by
potential septum ruptures and increase operational stability. Furthermore, smaller sampling
taps are recommended to achieve smaller sampling purge volumes and thus, reduce the total
liquid volume drawn from the column as well as disturbances in steady-state plant operation.
This is especially relevant for the total reflux experiments in which small feedstock volumes
were used. In addition, vacuum sampling is suggested to not only simplify liquid sampling
substantially, but also allow drawing samples from the gas phase. Disregarding the specific
sampling approach, sample analysis should be performed with gas chromatography instead of
density measurements. Although (Onken and Arlt, 1990) consider density or refractive index
measurements suitable for the test mixture CB/EB, the effect of impurities cannot be addressed
with such analyses. As elaborated in appendix D.2.2, mixture effects caused by impurities were
neglected in this work. However, depending on the specification of the used chemicals and the
type of impurities present in the test mixture, related effects may not be negligible. Furthermore,
the density measurements used in this work require a rather large sample volume of about 5 mL
due to the used autosampler. Performing mixture analysis with gas chromatography instead
would not only allow detecting mixture impurities and reduce uncertainties, but also reduce
the required sample volume substantially which in turn mitigates disturbances on steady-state

operation and mixture separation caused by sampling.

Although being not suitable for mixture analysis with respect to separation performance
evaluation, feed and distillate lines should be equipped with inline refractive index or inline
density measurements. Since respective sensor signals correlate with mixture composition,
trends in mixture composition can be monitored during plant operation to detect mass transfer
steady state, see section 2.3.2.1. If the measured refractive index or density is calibrated against
mixture composition, liquid molar fractions of feed and distillate stream, xr and zp, could be
estimated continuously. This would not only allow calculating the molar stream ratio ' D~
during plant operation, but also enable a direct control of F D! instead of rip 7'n51 which

reduces the deviation between desired and achieved operating conditions.

Operational reliability should considerably be increased by improving the hard- and software of
the used plant control system to reduce sporadically occurring device communication errors and
system crashes. Using robust soft- and hardware would also allow increasing plant automation
and enable an unattended operation, so that the supervision related to plant start-up and steady-
state operation is reduced. This seems especially feasible as plant start-up can take up to 7h,
whereas separation performance evaluation in steady state only takes around 0.75...1.50h. In
addition, extending the plant control system with a data interface would allow performing online

data evaluation, automated design of experiments or experiment planning and co-simulations.

With the proposed improvements for the plant control system and the increased degree of

automation resulting from the respective adaptations, the experimental effort related to a more
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refined experimental approach becomes feasible. This is especially useful, if variations in mid-bed
composition should be reduced by additional experiments to determine the steady-state feedstock
composition resulting from the initially unknown separation performance. Since variations in
mixture composition between different experiments could be mitigated based on this approach,
this would also allow investigating the effect of mixture composition on separation performance
systematically.

In conclusion, various aspects should be addressed to further increase operational stability
and reduce uncertainty contributions as well as experimental effort, so that both usability and
applicability can be substantially improved, resulting in even more robust experimental results

and insights.

4.3.4. Data Processing and Evaluation

Since data processing is inherently coupled with the obtained results, the used approaches
cannot be assessed independently of the results, and no reference values are available for an
objective comparison. Therefore, potential improvements are derived based on the general
characteristics of the data processing routines.

As elaborated in section 3.5.4.1, the separation performance is evaluated in terms of HETP
values, which are estimated based on the number of theoretical stages Ny, obtained from
McCabe-Thiele stage constructions. As this approach does not consider the energy/enthalpy
balances, only material, equilibrium and summation equations are covered (MES vs. MESH
equations, see section 2.2.1.3). However, to improve data evaluation with respect to temperature
profiles according to (Starkweather et al., 2014), see section 2.3.2.1, and to account for heat
losses, the enthalpy equations should be considered. This would also allow assessing the column-
internal streams stage- or segment-wise, so that segment-wise mass transfer coefficients can be
calculated, if the set of MESH equations is extended with a rate-based calculation approach as
illustrated by e.g. (Kister, 1992; Seader et al., 2008). In addition, solving the MESH equations
in matrix notation should increase calculation performance, since optimized solvers can be used
instead of the manual iteration scheme implemented in the current data evaluation routine.

Disregarding whether the MES or MESH equations are solved, choosing a more efficient
iteration scheme is especially beneficial for the uncertainty propagation based on Monte Carlo
methods. Although runtimes were substantially reduced by parallelized calculations, see
figure E.3, using an even higher CPU count to further increase parallelization seems unfeasible.
Therefore, future performance optimizations should address more efficient data types, optimized
data structures and compilers. The current implementations can be improved by substantial
refactoring as well as the extensive use of NumPy data types and functions, resulting in decreased
execution times with the Numba Just-In-Time Compiler; see (Lam et al., 2015) for details.
Depending on the results of code inspection, review and refactoring as well as the identified
performance bottlenecks, a complete re-write in a more performant programming language like

Julia, see (Bezanson et al., 2017), may be appropriate. Furthermore, the limited flexibility of
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the current data evaluation caused by its monolithic architecture and the stringent data flow
within the evaluation routines, can be reduced by switching to a data pipeline design pattern as
independent parts of data processing (sample analyses, operational parameters, equilibrium-
based and rate-based separation performance) are separated from each other. This does not
only allow executing these routines independently of each other, but also mitigates evaluating
the same experiment multiple times upon changes or errors in downstream data processing.
Regardless of these implementation and workflow details, future changes should include a
sensitivity analysis to determine the uncertainty contribution of each uncertainty component,
so that individual sensitivity coefficients as well as primary uncertainty contributions can be
identified and specifically addressed by improving the plant setup with respect to instrumentation
and equipment. Since this also results in an increased amount of data, the data structures used

to export and store results need to be adapted accordingly.
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To investigate distillative separation performance with both total and partial reflux operating
conditions, an alternative plant concept was developed in this work. Such setup is required to
conduct separation performance measurements with mixtures containing non-volatile compo-
nents, e.g. polymer-enhanced test mixtures to assess the effect of mixture viscosity on separation
performance as discussed by (Bocker and Ronge, 2005; Gutperl et al., 2022). In contrast to
the experimental approach presented by (Bocker and Ronge, 2005), the alternative concept
proposed in this work comprises product recycles to eliminate external mixture re-processing
and to reduce the required amount of feedstock. However, as the feed stream containing the
non-volatile mixture component needs to be distributed along the entire height of the packed
bed, the feed inlet is located above the packed bed similar to a stripping column. Due to the
product recycles, the column internal flows are related to the feed and distillate stream. This
characteristic relation is described by the molar stream ratio F D!, which also defines the
slope of the operating line and thus, is representative for the reflux condition (total reflux:
F D! = 1, partial reflux: D! > 1). As the molar stream ratio is limited by mass and
component balances, suitable values depend on the maximum concentration of the non-volatile
component in the bottom product.

The developed plant concept was realized using a miniplant-scale distillation column with a
nominal diameter of 50 mm equipped with corrugated metal sheet packings of type Mellapak
M500.Y (Sulzer Chemtech, Winterthur/Switzerland) and a total bed height of 2448 mm. After
plant commissioning, systematic investigations on operational behavior as well as separation
performance at total and partial reflux were successfully performed with the well-established stan-
dardized test mixture chlorobenzene/ethylbenzene at a constant head pressure of 100 mbar(a).
To address the transition from conventional separation performance experiments with total reflux
to experiments with partial reflux, a simulated total reflux operating mode was implemented in
addition to the total and partial reflux operating modes. The separation performance achieved
in total and simulated total operating modes are not only in good agreement with each other,
but also in good agreement with observations by (Bradtmoller, 2017) using a very similar plant
setup at total reflux.

Separation performance was quantified with HETP values determined based on the number
of theoretical stages obtained from McCabe-Thiele stage constructions. To account for the
stream arrangement of the used plant setup, separation performance was evaluated using the
concentration spread between feed mixture and bottom product. Furthermore, a fractional

equilibrium stage at the end of the stage polyline was considered to obtain more robust results.
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Uncertainties associated with mixture compositions and operating conditions were consistently
propagated through data processing and evaluation using the law of propagation of uncertainty.
Since this approach is not suitable for the stage constructions due to its inherently iterative
calculation scheme, Monte Carlo methods were used to propagate uncertainties alternatively.
However, propagating unconstrained uncertainty distributions can result in thermodynamically
invalid parameter combinations. Respective cases were excluded from further evaluation by a
validity /constructability check. To evaluate the number of valid/successful stage constructions
performed as part of the Monte Carlo simulations, the success ratio Syic was introduced. Since
the number of successful constructions affects the uncertainty distributions of the obtained
results, corresponding values were discussed with respect to not only operating conditions, but
also success ratio. Preheating the feed stream allowed a consistent feed subcooling of around
1...3K. Considering the feed condition in the stage constructions resulted in slightly inclined
feed lines and small deviations between the measured feed composition and the calculated
composition at the operating line intersection. Although the effect of feed subcooling on
separation performance is thus negligible, a considerable increase in the Monte Carlo success
ratio was achieved. The experimental HETP values for experiments with molar stream ratios of
F D! = 1.1 are very similar to those obtained for F D~ = 1.0 and mostly within the associated
combined standard uncertainties. In particular, HETP values of 0.1656(92)...0.211(19) m were
determined for F D~! < 1.1 and are in good agreement with results reported by (Bradtmoller,
2017). However, for an increased deviation from total reflux conditions, a substantially reduced
separation performance was observed in the experiments of this work, since HETP values of
0.277(62) ... 1.17(55) m are obtained for £ D=1 > 2.0 due to smaller driving forces.

In addition to the HETP values determined with McCabe-Thiele stage constructions, the
Delft model was used to predict HETP based on mass transfer coefficients. For this, both
the original and the revised set of mass transfer correlations were considered. Comparing
the separation performance predicted based on the revised correlations for both liquid and
vapor mass transfer coefficients with the experimental HETP values results in a difference
of £25% for F D~! < 1.1. Since predicted and observed separation performance commonly
differ by about £20...30% (Schultes, 2013), obtained results indicate a good prediction for
the respective molar stream ratios. However, for higher molar stream ratios of FD!> 2.0,
experimental and predicted HETP values substantially differ from each other and exceed
the margin reported by (Schultes, 2013) by a factor of approximately 3.4. This difference
most likely originates from the experimental datasets used to develop and validate the Delft
model, inasmuch as the model does not cover partial reflux experiments. Although not further
investigated in this work, such differences between the experimental and predicted separation
performance are to be expected for most of the established mass transfer models, since separation
performance at partial reflux conditions is rarely covered by the established mass transfer models.
Furthermore, the equilibrium- and rate-based approaches were compared based on the obtained
HETP and Ny, as well as HTU,q and NTU,q. As the term In(\) (A — 1)~! can be interpreted
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as a factor of proportionality between HTU,g and HETP as well as between NTU,g and
Ny, it was used to compare the corresponding separation performance measures. While
In(A) (A —1)~! = 0.9536(16) ... 0.9011(61) is obtained for molar stream ratios of F D~' < 1.1,
a range of In(\) (A —1)~1 = 0.4925(26) . .. 0.3314(19) is determined for # D~' > 2.0. Therefore,
HETP ~ HTU,g and Ny, ~ NTUyq result for F D' < 1.1. Similarly, HETP < HTU,g
and Ny, > NTU,q are deduced for F D=1 > 2.0. As indicated by the results, the differences
between HETP and HTU,q as well as Ny, and NTU, are negligible for total reflux experiments.
Therefore, separation performance determined by equilibrium- or rate-based approaches are
commonly considered equal. Although both observations are already known in the literature
and can also easily be derived from the underlying equations, discussions about whether the one
or the other should be preferred arise. Although the experimental results of this work indicate
a pronounced dependence of separation performance on reflux condition, obtained data did
not allow deriving a correlation to describe the underlying relation. Furthermore, adapting the
established mass transfer models for partial reflux operation may increase their prediction quality.
In addition, experimental results should be compared to alternative modelling approaches like
the concept of Hydrodynamic Analogies, which (Bolenz et al., 2021) extended to partial reflux

operating conditions.

Future activities should thus cover systematic investigations of partial reflux operating
conditions to extend the results of this work. In particular, experiments with molar stream
ratios of 1.1 < F D1 < 2.0 at f-factors of fg < 1.5Pa%% and F D~! > 1.1 at fg > 1.5Pa%®
are recommended to address the currently empty regions in the result space. To achieve
such operating conditions and to increase operational stability as well as to reduce associated
combined standard uncertainties, extensive improvements for the methodology developed in
this work were presented. These include suitable adaptations of the proposed plant concept,
the used experimental setup and the data evaluation routines. Potential improvements on the
plant concept mainly focus on partial reflux operating conditions with FD'< 1.0, so that
the alternative plant concept becomes applicable to the full operating range (F D! < 1.0,
FD'=10and FD! > 1.0). Improvements suggested for the plant setup are to reduce
the total liquid hold-up of the distillation plant, the plant start-up duration and the combined
standard uncertainties associated with the recorded operating parameters. To achieve higher
reboiler duties and, thus, allow higher column loads and molar stream ratios, replacing the
thermostat of the reboiler is suggested. Furthermore, improved liquid sampling and sample
analysis procedures to decrease systematic deviations and uncertainties affecting the separation
performance evaluation were described. Future improvements on data evaluation routines should
not only include a sensitivity analysis to identify the most important uncertainty contributions,

but also focus on reducing the corresponding execution times.

By implementing the presented improvements, the quality of future results is expected to be
improved considerably. It is worth noting that reliable benchmark or reference experiments with

well-known test mixtures under variation of mixture composition and reflux condition are a
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mandatory prerequisite for future separation performance experiments with non-volatile mixture
components, since the effects of reflux condition and mixture properties (e.g. composition,
increased viscosity etc.) on separation performance are superimposed and thus, can only be
indirectly assessed during experiment evaluation. Using this adapted procedure, the experimental
results presented by (Gutperl et al., 2022) could not only be extended with further experiments,
but also re-evaluated to systematically address viscous distillation with polymer-enhanced test
mixtures.

Recalling the considerably reduced separation performance for increased molar stream ratios
of F D1 > 2.0, and the fact that none of the evaluated measures allows expressing separation
performance universally for both total and partial reflux conditions, raises the following question:

What is separation performance for partial reflux conditions after all?
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A. Distillation Plant

A.1. Piping and Instrumentation Diagram
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A.2. Equipment, Sensors and Instrumentation

intentionally left blank



127

(1205 e % Irewyong) ,
(F00z 1% %0 91M0[Q) 4

ssowxpIy goays g {(1°g) uoryenba sos ‘eare soeyms Sunped oymads v (g dp g9 — [ = 92 sesodoid (10g D1NO)
{I0M STY Ul pasn (FO0g T 10 Nwdg) Aq oanfea ,

- - - 55200 1—WN do UOISUd) dORLINS

- - - q 10 - @B so[0Y Aq pardnooo eare 9dRLINS JO UOIIORI]

- - - eGL6°0 - ] OO} PIOA
LT°0 €0F wmipowt 57 o do a[Sue uue
1o c0F wmipsuw 99 wrux oy WSy [puueyd
10 ¢ 0F wnrpaur 6 wu °m TIpIM [ouueyd
28070 ST'0F auy ¥ wru dp I9JOUIRIP JUITD[D
180 STF 981200 A109A [4us urur dy STy JUSWS[

sjuowale Suroed

180 G I1F 981800 AIoA 16 wur ©2p IojoureIp

Uwnjod uore[1Isip

A)UTe)IO0UN PIRPUR)S  9OURID[O)  SSB[D 9OURID[O)  ON[RA [RUIIOU  JIUN  [OQUIAS 1939ureTRd

A.2. Equipment, Sensors and Instrumentation

(1661 '1-89.2 OSI NIQ) 4od se ssouessjoy psuisse ‘(210 ‘43||Qwapelg) Aq elep A13swoss ‘suoiresyoads Sunjoed pue uwnjo) 'y 9|qe



A. Distillation Plant

128

fwewiog /w9 L0 ‘q HOT-4H INCT-VAL Oui[ pooy uredp OATRA TTRq Y09H
Awewzon) /un £ ‘(1 OT-AH INCT-VAL }01spody Surdures aAlRA TlBq  €09H
Aweurion) /usn Q) ‘q YoT-AH INCI-VAL }oo)spesy Surdures QATRA [[Bq 209H
Aweurton) /ueldQ ‘g foT-AH INCI-VAL jue) Y00ISpasy QATRA [[Bq 109H
Aweurton) /uelL ‘g foT-AH INCTI-VAL o[o4oax Jurjdures QATRA [[B( €0SH
Awewwron) /usLQ ‘q JoT-AH INCTI-VAL o[o4oar Jurpdures QATRA [[R( 20SH
Awewion) /us L ‘q YoT-AH INGTI-VAL yue) ool QATRA [R( T10¢H
Awewion) /us L ‘q YoT-AH INGTI-VAL yue) Su0330¢ ureIp QATRA [R( COVH
fwewion /w9 L0 ‘q AOT-4H INCT-VAL xnpox perjred yuey 9IeHISIP OATRA TTRq COVH
Awewion) /usn Q) ‘q YoT-AH NCT-VAL XNPJoI 810} YUR) dIR[IISIP aATeA TRq T0VH
fuewiog /un L0 ‘q HOT-4H INCT-VAL oul[ swojj0q uteIp OATRA TTBq Y0€H
Auewwion) /zurey ‘ JAD 91/CTVAd UOT}098 WI0JJO( UTWN[OD UTRID aATeA Teq €0SH
Aueurion) /zurey ‘ JAD TP61ES 019998 Wojj0q ummjod Surdures dATeA [T C0SH
Aweurton) /zurey ‘ JAL) STAAd 011998 W0Yj0q uwmod Jurdures QATRA [[B( 10eH
Awewmon /zurey ‘IAD TV6IEMS ayeqsip Surfdures aAfeA [leq  ZOTH
Auewton) /zurey ‘IAD S1aAd oreqysip Surdures QATRA [R( 10TH
Awewmon /zurey ‘IAD $0/98LO-IN dexy p[oo qwey  T0Ld
Awewron) /zurey LRI T0€ ‘TAV AU} {o0ISpasy Auey 1094
Aweuwion) /zure]y ‘YRLIOIIO T0E ‘LAY ey o[2£d01 yuey 10cgd
asN0Y-UL - MOp SSew Swo03joq SUNSem IOOpIopun yuey wovd

2SNOY-UL - MO} sseur 93e[[IsIp SunSem IoopIepun yuey 1079

JoInjoejnuett epow uorydrosep A1089700 Sey

jue|d uoneyisip jo uswdinb3 :'g'y ajqel



129

A.2. Equipment, Sensors and Instrumentation

Aweuion) /wssnequio() peq ‘wamjeny-qNA  SO-V/SI0STIEASHA w0110 WWN[0d dul] SUI[Y /SUI] PIJJ  dA[RA Pajenjoe TO9A
Auweunion) /ussnequio() peq ‘uaImjeuLry-(NH SO/CT062TEAZO  MOJ SSeW U010 SUIYSIOM I0O[IOPUN  JA[RA PIjenjor TOVA
Auweurion) /ussneyquio() peq ‘uaImjeuLIy-(NH SO/CT062TEdZO  MOp SSeW 9e[[IISIP SUIYSIOM I0O[IOPUN  JA[RA Pajenjor TOVA
Auweurtor) /uesneuAd() peq ‘UeInjeuLry-qNH S0/S10631edEHA aur] o8ind swo)0q  dARA PIjENIOR T0EA
Auewnion) /ussnequio() peq ‘UaImRIY-(NH SO/S10621£ATOHA 01100 W0Y)0( UWMN[0D dUT] SUI[  SAJRA PIjenjOR T0EA
Auwewnion) /uane)g ‘OfIOM - I 1e131p 07 AT Y00)Spody ResRaiets T09S
Awennion) /uame)g ‘ofI0M -V I w0z M o10£001 Io1I1)S 10SS
ATRULION) /WINIIOAN ‘PURIGNNORA ourep $00¢ Od wmnoea dumd 10.d
Awerion) /uauemym,y ‘wodwm g 18uzIonpg Z-INA-SF0-0£0€ Po9j dumd 109d
PURDSINS(]/URRY] ‘IOPIOA umouyun I9JsureI) a[2£da1 dumd 10¢d
PUR[DSINS(]/URRY ‘IOPIOA 20°0€€ SOA Ayrrin Suryeat] I9[10GR1 dumd coed
AueurIon) /WIOYIIOA ‘ISULIRJ-D[0)) Jd0E8T-7Z dAL 98md woy30q dumd zoed
PUR[DSINS(] /URRY] ‘IOPIOA G0'00€T SOA UOTIR[NOI I9[I0(a1 dumd 10ed
Auewion /zurey ‘AAD GGTLENS UOI}098 W0}}0q wumed - [0gM

Auewton) /zurey ‘{IAD 2612eMS ooo1d 3urdnoo uwmyoo
Auewion) /zurey ‘{IAD GRTZEMS Poq payped pue UoTIN0S UTRTH uwnjoo 1023
Awewion) /zurey ‘{IAD UMOUyUN TUOTID9S Peay| Twnjod 10T
T0LE wp payosboquy dexy proo urerp OATRA TTRq €0LH
Arery/ozzosog ‘19957 T¥9¢ Xourquuijy TOTYRZI1ID)UT WO OATRA TBq ¢0LH
Auwewwion) /zurey ‘ JAD STTAd JONLIISIP WNNDA UTRID aATeA Teq 10.H
Aweurion) /usn Q) ‘q JoT-AH INCT-VAL j[urey ¥003ISpasy [puuny SuIly dATeA [Rq GO9H
JaInjoejnuett Ppow uorydrosap A1089700 Sey

(panuiiuoo) jueid uonejsip jo uswdinby g y ajqeL



A. Distillation Plant

130

Aueurior) /SmquayO
‘NeqUAUTDSRIIRY] ION] 1939 SO07-0D UOTINLIISIP TNNIRA I9STDPTOD 109850410 TOLHM
Auweurion) /1peqeag ‘oqemp VIN Ioyeatard urear)s pasy yejsouray)  ZO9HM
Aueurion) /1peqeag ‘oqemp AN yue) Y003ISpasy yejsoumtoyy)  TO9HAN
Aueurion) /1peqeag ‘oqemp ag yue) o[o£oa1 JeISOULIDYY  TOCHA\
Aueurion) /oqnispey] ‘OYee}] OULIOYT, 6g-1d II XueoyJ I9[10qa1 yejsoutoy)  gOEHM
Aweurior) /oUNIs[IRY] ‘OYeRH OULILYT, 6g-1d II XueoyJ I9[10qaI yejsouroy)  TOEHM
Auewton) /zurey ‘IAD ¢/OVOAH UOTINLIISIP WNNORA  IOFURYDXS JeaT] TOLA
2SNOY-UL - Tojeorord Treor)s padj  I9FURIPXD Jeor] TO9A
2SNOY-UL - I9[I0GAT  TOSURTOXD AT N
patfioads jou uwmnjod aulf arnssexd  1e8ueipxe jear] €0TM
payfidads j0u uwm[od auly amsserd  IoSueToxa Jea] 20TM
2SNOY-UL - uwmnjoo aur] amssald  10SurYOX Jeor TOTM
Aueurion) /zurey ‘ JAD 1/0GTDHH J9SUOPUOD PRAY UWN[0D  IOFURYDXD 1B TOTM
JaInjoejnuet [Ppow uordrosap A1089700 Sey

(panunuod) jueld uone|jisip jo wawdinbg :g'y djqel



131

A.2. Equipment, Sensors and Instrumentation

AuemLIoN) /RPOIUT|IRI

‘BIoqrIor) ruyoejssouLmyerodus], TZSAM LM argoxd uwmnjoo Vossep ‘001¢d - F0TL
AURULIOY) /RPOIUTIRIA

‘Broqeror) rurpajssourmjerodwa], TTSAM LA orgoad uwmjod Vossep ‘0010d - €0%L
AuRULION) /RPOIUTIIRI

‘SIoqrIor) ruyoojssouLmyerodwa], TZSAM LM argoxd uwmnjoo Vossep ‘001rd ¢0TL
AURULIOY) /RPOIUTIRIA

‘BroqrIon) Yruyoojssounmjerodway, TTSAM LA orgoad uwmod Vossep ‘0010d TOGL
AURTLION) /RPOIUTIRI

‘BIoqrIor) ruyoojssourmyerodwa], TZSAM LM 9)R[[1ISIP Vv ssep ‘0013d €01.L
AURULIOY) /RPOIUTLIRIA

‘BroqrIon) Yruyoojssounmyerodway, TTSAM LA prOY uwmod Vossep ‘0010d GOLL

TOTA U2 papvaboqur 40suas unyniaduwia) 0063 d  T0TL

PURIOZ}IMG /TORUINY] ‘TOSNRH-+SSOIPUH TLOINd S-Teqeio)) W0))0q UWN{0d ('sqe) amssoxd  Fogd

AweuIon) /UoRy[IYag ‘I9qRISILY) YHHA yeIId poq payped Temor (yip) emssoxd  gogd

AweuLIon) /UoRy[IYag ‘I9qRYSOLY) YOHHA yed1a peq peyped teddn (yip) emssaxd  gogd

PUR[IOZ}IMG /ORUINY] ‘I1OSNR-+SSOIPUT] 1LOINd S-Teqeio)) peot uwmjod ('sqe) amssoxd  Togd

Aweurtor) /uassy ‘0OTU0I}09[0 WL 11€STM Sue) 001spad]  (Yogims) [0ad] pmbrp 10971

Aweurtor) /uassy] ‘OTUOII09[0 WL T1ESD sue) o[oAda1  (YoyIms) [0ad] pmbil  T0GT

Aweuror) /uassy ‘OTUOI}09[0 WL 1CISN wo)joq uwmnjod  (Y41ms) [eao] pmbip 1€
Luewwton /Smasmq

SISO dUYOTS] ) 00F DAIN/€0S-007¢ ssewndQ MO} pavj SHOMOD mop ssewt 10T

TOT U pagnibojua yuawainsvows figrsuap Aysuop 101

JoInjoejnuett Topow uorydrosep odAy Sy

a|dnodowuayy 1| ‘91N|osqe S ‘[elIUSIMIP P ‘UOIBIUSINIISUI PUE SIOSUSS :'EC'Y d|qe)



A. Distillation Plant

132

AURULIOY) /RPOIUTIRIA

‘Broqeron) ruypajssounmyerodwa], TTSAM LA se3 U01)0( UWnNjod Vossep ‘0010d GOEL
AuRULION) /RPOIUTIRI

‘BIoqrIor) ruyooejssouLmyerodwa], TTSAM LA pmbiy woj30q UWM[0d Vv ssep ‘00Tdd TOSL
AURULIOY) /RPOIUTIRIA

‘BroqrIon) Yruyoojssounmyerodway, TI8AM LA orgoad uwmod Vossep ‘0010d PIGL
AURULION) /RPOIUTIRI

‘BIoqrIor) ruyoejssourmyeroduwa], TTSAM LA argoid uwmnjoo V ssep ‘00Tdd €1GL
AURULIOY) /RPOIUTIRIA

‘Broqrron) Yruyoojssounmjerodway, TTSAM LA orgoad uwmod Vossep ‘0010d GIGL
AuRULION) /RPOIUTIRI

‘Sraqeren) Yrurpajssourmyeoduy, TT8AM LM s[goad uwmjos V ssep ‘00Tdd TTEL
AURULIOY) /RPOIUTLIRIA

‘BroqrIon) Yruyoojssounmyerodwoy, TISAM LA orgoad uwmod Vossep ‘0010d - 0TGL
AURTLION) /RPOIUTIRI

‘BIoqrIon) ruyoojssourmyeroduwa], TZSAM LM argoxd uwmnjod Vv ssep ‘0013d - 6021
AURULIOY) /RPOIUTLIRIA

‘8IoqrIon) Yruype)ssourmieodusy, TTRAM LA argoid uwmnjod V ssep ‘0013 80ZL
AURTLION) /RPOIUTIRI

‘BroqrIor) ruyoejssourmyerodwa], TZSAM LM orgoxd uwmnjod Vv ssep ‘0013d L0CL
AURULIOY) /RPOIUTLIRIA

‘8IoqrIon) Yruypejssourmierodusy, TTSAM LA argoid uwmnjoo Vossep ‘00T 90ZL
AURULION) /RPOIUTIRI

‘BroqrIor) yruyojssourmyeroduwa], TZSAM LM argoxd uwmnjod Vv ssep ‘00T3d - G0CL

JaInjoejnuett [opowt uordrosop odAy Sey

(panunuod) ajdnodowuayy :)| ‘9INj0Sqe Sge ‘|e1jUIaIP JIP ‘UOIIRIUSWNIISUI PUE SIOSUSS :'C Y d|qe]



133

A.2. Equipment, Sensors and Instrumentation

AURULIOY) /RPOIUTIRIA
‘Broqrron) yruyoojssounmjerodwa, TTSAM LA TOTINLIJSIP WNNOeA Vossep ‘0010d TOLL
Aweunrtor) /rerpur
‘ I9TUTJOULIDT] T, BULISY T, T-00T-CZ0TT-L o jonpoid 1yesrprd pesy T ssep ‘T, od£) DT, G09.L
Aweuwior) /rerpury
‘IO[UNJOULIOY ], RULIOY T, 1-001-220TT-LININ ut jonpoad 1eyeayprd pesy T ssep ‘T, 0dA) DI, F09L
Awetion) /re[pury
‘ I9[UTJOULIDY] ], BULISY T, 1-00T-2Z0TT-LY mo Surjeay 1ojeorprd pesy T ssep ‘T, od£) DT €09.L
Aweurior) /rerpury
“IO[RJOULID], RULT, 1-00T-¢Z0TT-LININ ur guryesay wyeatprd paoy T ssep T 9dA) DT, Z09L
Awetion) /re[pury
“ISURIOULIS], RWIBYT, V-0011d-005-00L-08097-MHIN Hue) qo03Spoad) V sseP ‘00Tdd TO9L
Aweurion) /rerpury
“IO[LOULIDY ], RULDYT, V-0011d-004-00L-08097-MUIN ey oLt V ssepP ‘00THd TOSL
Awetion) /Te[pury
‘IO[UNJOULIOY, ], BULIOY T, 1-001-220TT-LY aur] 98md swojjoq T sse ‘T, odAy DI, L0EL
Aueurion) /ypeqpeSUaDUOIN
NIUYRYEBNY pun -sSON DL 69¢-G07 jno Suryeay wirogax | ssep ‘3 2d&y DI 9OEL
AwennIon) /(oeqpRISUSTDUQIN
NTuoe)P8ey] pun -ssajN DI, 692-G0F ur Suryeay Ioloqer T ssep 3 odAY DI, GOEL
Auweurion) /ypeqpeSuaDUOIN
TupageSey] pun -sso]y DI, 692-G0% 1o jonpord mroqer T ssep ‘3 odAy DT, F0EL
AwennIon) /oeqpRISUSDUQIN
NP8y pun -ssaN DI, 692-G07 ut jonpoid Ioloqar T sse ‘3 odA) DT, €0l
JoInjoejnuett [opowt uorjdrosep odAy Sey

(panunuod) ajdnodowuayy :)| ‘9INj0Sqe Sge ‘[e1jULaIpP JIP ‘UOIIRIUSWNIISUI PUB SIOSUSS :'C Y d|qe]



A. Distillation Plant

134

Auewnion) /woySiag

“UOTYRUIOINBALIISIIPU]

23 YIUYDT)SAG 09 SAS TLI (reuruizeg SurySrom)
Aoy /usSuifeg ‘UYOg 79 UL G'0300T8d e} q2035poady oreos  T09M
Auewnion) /woySiag
‘ToryRIIOINRALIISNPUT
23 YIUYDoT)sAG 09 SAS TLI (reuruizeg SurySrom)
Auweurion) /usgurreq ‘uyog 2y WY ¢ 03M001SA Jure) o[0Ad01 areds  TOSA\
Aweunion) /uaBuryjor) ‘snriojreg I-AHOE-TATMD T SOIqUIO)) MO SSeul Su0330q 3urySom IOOIopun a[eds  ZOTA\
Auweurior) /usgurpeq ‘uyog 2y WY T°0M9T g3 MO sseul 9)e[[1IsIp SulySom I00gIopun a[eds  TOVAA
JaInjoejnuett [opowt uordrosop odAy Sey

(panunuod) ajdnodowuayy :)| ‘9INj0Sqe Sge ‘|e1jUIaIP JIP ‘UOIIRIUSWNIISUI PUE SIOSUSS :'C Y d|qe]



A.3. Sensor Measuring Ranges and Accuracies

135

A.3. Sensor Measuring Ranges and Accuracies

Table A.4.: Sensor measuring ranges and accuracies, accuracies of temperature sensors given in relevant temperature

range only, [9] = °C, [n] = kgh™', [p] = bar(a) or

[p] = mbar

tag measuring range accuracy literature reference
D101 400...3000kgm~—3 +2kgm 3 (Krohne, 2016)
F101  0...130kgh™'  (0.001 -7iv + 0.00741kgh~1) (Krohne, 2016)
P201 0...2bar(a) ° +1.5mbar(a) © (E+H, 2004)

P202 5...25mbar ¢ +0.025 mbar © (VEGA, 2014)
P203 5...25mbar ¢ +0.025 mbar © (VEGA, 2014)
P204 0...2bar(a) ® +1.5mbar(a) © (E+H, 2004)
T101 —40...150°C +1K (Krohne, 2016)
T2  —50...250°C £(0.15K +0.002 - [9]) (DIN EN 60751, 2009)
T103  —50...250°C £(0.15K +0.002 - [9]) (DIN EN 60751, 2009)
T201 ~50...250°C £(0.15K +0.002 - [9]) (DIN EN 60751, 2009)
T202 —50...250°C £(0.15K + 0.002 - [9]) (DIN EN 60751, 2009)
T203 —50...250°C £(0.15K +0.002 - [9]) (DIN EN 60751, 2009)
T204 ~50...250°C £(0.15K + 0.002 - [9]) (DIN EN 60751, 2009)
T205 —50...250°C +(0.15K + 0.002 - |9]) (DIN EN 60751, 2009)
T206 —50...250°C +(0.15K + 0.002 - |9]) (DIN EN 60751, 2009)
T207 —50...250°C +(0.15K + 0.002 - |9]) (DIN EN 60751, 2009)
T208  —50...250°C £(0.15K +0.002 - [9]) (DIN EN 60751, 2009)
T200  —50...250°C £(0.15K +0.002 - [9]) (DIN EN 60751, 2009)
T210  —50...250°C £(0.15K +0.002 - [9]) (DIN EN 60751, 2009)
T211 —50...250°C £(0.15K -+ 0.002 - [9]) (DIN EN 60751, 2009)
T212 —50...250°C £(0.15K -+ 0.002 - [9]) (DIN EN 60751, 2009)
T213 ~50...250°C £(0.15K +0.002 - [9]) (DIN EN 60751, 2009)
T214 ~50...250°C £(0.15K +0.002 - |9]) (DIN EN 60751, 2009)
T301 —50...250°C +(0.15K + 0.002 - |9]) (DIN EN 60751, 2009)
T302 —50...250°C +(0.15K + 0.002 - |9]) (DIN EN 60751, 2009)
T303 —40...375°C +1.5K (DIN EN 60584-1, 2014)
T304 —40...375°C +1.5K (DIN EN 60584-1, 2014)
T305 —40...375°C +1.5K (DIN EN 60584-1, 2014)
T306 —40...375°C +1.5K (DIN EN 60584-1, 2014)
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Table A.4.: Sensor measuring ranges and accuracies, accuracies of temperature sensors given in relevant temperature
range only, [J] = °C, [rn] = kgh™', [p] = bar(a) or [p] = mbar (continued)

reproducibility: 0.5g

(Kern & Sohn, 2021

tag measuring range accuracy literature reference
T307 —40...125°C +0.5K (DIN EN 60584-1, 2014)
T501 —50...250°C +(0.15K + 0.002 - |9]) (DIN EN 60751, 2009)
T601 —50...250°C +(0.15K + 0.002 - |9]) (DIN EN 60751, 2009)
T602 —40...125°C +0.5K (DIN EN 60584-1, 2014)
T603 —40...125°C +0.5K (DIN EN 60584-1, 2014)
T604 —40...125°C +0.5K (DIN EN 60584-1, 2014)
T605 —40...125°C +0.5K (DIN EN 60584-1, 2014)
T701 —50...250°C +(0.15K + 0.002 - |9]) (DIN EN 60751, 2009)
‘W401 < 16kg readability: 0.1g (Kern & Sohn, 2021)

reproducibility: 0.1g (Kern & Sohn, 2021)

linearity: £0.31g (Kern & Sohn, 2021)
‘W402 < 30kg readability: 1.0g (Sartorius, 2014)

reproducibility: not specified

linearity: not specified
W501 < 100kg readability: 0.5g (Kern & Sohn, 2021)

reproducibility: 0.5g (Kern & Sohn, 2021)

linearity: £1.5g (Kern & Sohn, 2021)
W601 < 100kg readability: 0.5g (Kern & Sohn, 2021)

)
)

linearity: £1.5¢g

(Kern & Sohn, 2021

2 zero stability: 0.000057 - Muominal = 0.000057 - 130kgh~! = 0.00741kgh~!

b measuring span: 0...1.5bar(a), nominal range: 0...2bar(a)

< specified as: £0.001 - pspan = £0.001 - 1.5 bar(a) = 1.5mbar(a); including reproducibility, linearity and

hysteresis; long-term stability and temperature-induced drift are not considered; see literature reference

for detailed specifications
d

measuring span: 5...25mbar, nominal range: —25...25mbar

¢ specified as: £0.001 - prominal = £0.001 - 25 mbar = 0.025 mbar; including reproducibility and hysteresis;

linearity, long-term stability and temperature-induced drift are not considered; see literature reference

for detailed specifications
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A.4. Data Acquisition

To read analog signals of pressure sensors and temperature sensors, two data recorders (349704
Data Acquisition Unit, Keysight Technologies, Santa Rosa/CA) with two multiplexer modules
each (34901A 20-Channel Multiplezer, Keysight Technologies, Santa Rosa/CA) were used. The
accuracy specifications of the channel configuration used for data acquisition are summarized in
table A.5 and include all relevant components attributed to signal processing, signal conversion

and, in case of thermocouples, cold junction compensation (Keysight Technologies, 2020).

Table A.5.: Accuracies of data acquisition modules used for analog sensor signals, specifications as per (Keysight
Technologies, 2020)

channel configuration used range accuracy
resistance thermometer n/a +0.06 K
thermocouple type T n/a +1.0K

current measurement (DC) 100.0000 mA +(0.0001 - Ireading + 0.004 mA)

A.5. Temperature Sensor Calibration

To reduce deviations and uncertainties in temperature sensor readings, used temperature sensors
were calibrated against a reference sensor (ISOTECH 930-14-61/P795, Dostmann electronic,
Wertheim/Germany) prior installation!. Deviations of the reference sensor with respect to an
external reference standard are listed in table A.6. However, the deviations of the reference
sensor to the external reference standard were neglected to simplify calculations according to
GUM annex H.3 (BIPM et al., 2008a).

Table A.6.: Temperature readings of reference temperature sensor as per calibration certificate

test temperature indicated deviation expanded standard
temperature uncertainty (k = 2)
°C °C K K
200.000 199.90 —0.10 0.05
150.000 149.950 —0.050 0.03
100.000 99.983 —0.017 0.03
50.000 49.997 -0.003 0.03
0.000 —0.019 —0.019 0.03

*Sensor T101 was not calibrated as it is integrated in the Coriolis mass flow meter F101. Furthermore, sensors
T604 and T605 were retrofitted after plant commissioning and thus, are also not covered by the calibration.
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The calibration was performed in two batches over a nominal temperature range of 40...130°C
covering all relevant operating conditions. Starting with 40 °C, the temperature was increased
with increments of 10 K, whereby each temperature level was held stationary for 10 min.

Recorded reference and calibration sensor readings were arithmetically averaged over each
stationary temperature level. The according values used to derive a linear calibration curve
for each temperature sensor are summarized in tables A.7 and A.8. The standard deviation of
the calculated averages, which can be interpreted as the standard uncertainty, see appendix D,
of each temperature reading, are not considered. Calibrations were calculated with the GUM
Tree Calculator (Hall, 2022) which supports uncertainty quantification for linear calibrations
according to GUM annex H.3 (BIPM et al., 2008a).

Estimated linear regression parameters are listed in table A.9. Evaluating the regressions of
all temperature sensors over the full temperature range showed a maximum standard uncertainty
of 0.14 K.
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A.6. Stream Ratio

A.6.1. Binary Mixture

The optimization problems defined in equations (3.4) and (3.5) were solved with the following

code:

Listing A.1: Non-linear optimization problem to estimate deviation in stream ratio for binary mixture CB/EB
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A.6.2. Ternary Mixture with Non-Volatile Component

As discussed and validated in section 3.3.3.1, two optimization problems can be defined to
estimate the deviation between the stream ratios F D=1 and rip 7%1,514

Since the non-volatile component (component 3) does not evaporate and entrainment is
neglected, x3p = 0kmols kmol[oi is assumed. Extending equation (3.3) results in:
E g Mp 1 wipMi+ (1—21p) Mo

. L Al
D mp Mp mp xip M+ zoF Me + 237 M3 A1)

Investigating viscous distillation with the test mixture CB/EB/PBD, (Gutperl et al., 2022)
reached mixture viscosities of 20mPas with polymer feed mass fractions of wsr ~ 2.6 -
1072 kg, kgt_ot. Assuming a molar mass of Mz &~ 200000 kg kmol ™ and an equimolar mixture of
the volatile components, the according polymer mass fraction is z3 ¢ ~ 1.46 - 107> kmols kmolt_ob

Therefore, the optimization problems are:

1D My + (1 — xl,D) Ms
x1F My + xop Mo + 238 M3
st. 0<mp<l,

min

0<mp<l, (A.2)
0<mzp <1,
0<a3p<1.46-1075

T1F +XoF + T3F = 1

.’L’LD ]M] + (1 - CEI,D) ]\12
x1F My + 22 M2 + 235 M3
st. 0<zp<l1,

max

0<mp<l, (A.3)
0<zor <1,
0<a3p <1.46-1075,

T1F +2TofF +23Fp =1

The optimization problems defined in equations (A.2) and (A.3) were implemented in Julia
(Bezanson et al., 2017) using the JuMP (Lubin et al., 2023) modeling language and solved with
the optimizer Ipopt (Wéchter and Biegler, 2006). Obtained results are summarized in table A.10.

The corresponding code is given in listing A.2.
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Table A.10.: Molar mass ratio Mp MP?1 as factor of proportionality between stream ratios F D! and rp m,;l for
ternary mixture CB/EB/PBD

unit minimum maximum
Mp Mg! - 0.92 1.06
at x1p kmoly kmolt_oi 0.00 1.00
at 1 p kmol; kmolyt 0.9993 0.00
at zop kmoly kmol; 7.08 1071 1.00
at z3p kmols kmol 146 -107° 0.00

In contrast to the experiments with the binary mixture CB/EB, an asymmetric deviation
is obtained for CB/EB/PBD. While the maximum deviation of +6 % remains the same, a
lower limit of —8% is obtained due to the influence of the polymer. However, as discussed in
section 3.3.3.1, smaller deviations should typically be obtained during experimental investigations,

since the molar fractions z; substantially differ from z; = 0 kmol; kmolt_ot or z; = 1 kmoly kmolt_ot.

Listing A.2: Non-linear optimization problem to estimate deviation in stream ratio for ternary mixture CB/EB/PBD




146 A. Distillation Plant

A.7. ldentifying Steady-State Operation

As discussed in section 3.3.3.2, steady-state plant operation was identified using the inline
density measurement of the feed mixture (sensor D101) which allowed to reduce the number of
drawn liquid samples considerably. The suitability of this approach was tested for three different
feed mass flows of 4kgh™!, 9kgh™' and 14kgh™! during the first plant experiments in which
liquid samples were taken from the feedstock tank during plant start-up. Sample composition
was determined as described in section 3.4 and compared to the readings from sensor D101.
The obtained trends are shown in figure A.1.
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Figure A.l.: |dentifying steady-state plant operation using inline feed density measurements and offline sample analyses;
(a): low feed mass flow, steady state was reached around 7h after plant start-up; (b): medium feed mass
flow, steady state was reached around 5.5h after plant start-up; (c): high feed mass flow, steady state
was reached around 4.5 h after plant start-up; data records were arithmetically averaged every minute
and smoothed with a Savitzky-Golay filter using a window size of 42 data points and a second-order filter
polynomial, error bars are omitted as the associated uncertainties seem negligible, see tables D.5 and D.6
for uncertainties
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A.8. Relations between Stream and Column Load Ratios

As mentioned in section 4.1.2, plant operation can be fully described with any liquid-vapor
ratio, such as rmp 77'151, FDlor wr, f(; 1, and any liquid or vapor column load. Since the molar
stream ratio ' D! represents the slope of the operating line for the McCabe-Thicle stage
constructions, see equation (3.1), it is used throughout data evaluation and discussion. However,
to illustrate the equivalence of the aforementioned ratios, corresponding relations are derived in
this section.

The relation between the molar stream ratio 2 D~! and the stream ratio mp 7'n51 was
introduced in equation (3.2c¢):

F 7ﬁF J\fD
L_me Mo 2
D mp Mg (3.2¢)

The relation between iy mgl and F D~ given in equation (3.2¢) is illustrated in figure A.2.

T T T T T T T T 7T

3.0

1.5

1.0

| 1 | 1

1
1.0 1.5 2.0 2.5 3.0
FD7!

etotal reflux, F D=1 = 1.0000(14)  ®partial reflux, F D=1 = 1.005(25)
e partial reflux, F D=1 = 1.108(12) e partial reflux, F D~! = 2.008(11)
e partial reflux, F D=1 = 2.751(62) * partial reflux, F D~! = 3.018(19)

Figure A.2.: Relation between stream ratio iy T'ngl and molar stream ratio FD", indicated uncertainties are
combined standard uncertainties uc/(+)
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The liquid load wy, is recalled from equation (2.19). Substituting the liquid volumetric flow
rate results in:

143 T
N 019) Aeol o1 Acol A9
Analogously, the f-factor fq is expressed as:
fa (1) UG P’ = pcﬁz‘id = ﬁ (A-5)
Combining 7ig, = rp and rg = mp with equations (A.4) and (A.5) allows deriving:
wy _w p’_ F Me o (A6)
fo  mp pL B2) D Mp pL

The relation between wy, fél and F' D~ is illustrated in figure A.3.

8.0
n TOf |
T L $ |
&
- 6.0 |- |
7'8 I |
E 50) . |
g L ,
=
~ 4.0r i
Lo
3 | .
g
T 3.0 .
- . N
2.0 T | | | | | | | | | | | | | | | | |

1.0 12 14 16 18 ‘ 2.‘0 ‘ 22 24 26 28 3.0
FD™!
etotal reflux, F D=1 = 1.0000(14)  ®partial reflux, F D=1 = 1.005(25)
e partial reflux, F D=1 = 1.108(12) e partial reflux, ¥ D~! = 2.008(11)
e partial reflux, F D~! = 2.751(62) * partial reflux, F D~! = 3.018(19)
Figure A.3.: Relation between column load ratio wr, f{;l and molar stream ratio FD’], indicated uncertainties
are combined standard uncertainties uc(-)
The required molar masses M; are estimated according to appendix C.2. To calculate the
mixture densities, mid-bed conditions are used. The mid-bed temperature Ty, is defined
in equation (3.10c). The liquid density py, is calculated as shown in appendix C.3.2 using

the mid-bed liquid molar fraction zy,, from equation (3.10a). Similarly, the mid-bed vapor
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molar fraction ymp, see equation (3.10b), is used to estimate the gas density pg according to

appendix C.3.3.
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B. Chemicals

Chlorobenzene and ethylbenzene were supplied by Acros Organics, Geel/Belgium, and used
without any further purification. For each lot, a certificate of analysis was retrieved from the
supplier, see (Acros Organics, 2022). The purities of the chemicals used for the experimental

investigations are listed in table B.1.

Table B.1.: Chemicals used for separation performance experiments, purities as per certificate of analysis (gas
chromatography), water content (coulometric) only specified for ethylbenzene

substance product code lot number purity in % water content in %

chlorobenzene 146410250 A0406480 99.9 n/a
A0396779 99.9 n/a
A0412581 99.9 n/a

ethylbenzene 118080251 A0402315 99.9 0.0028
A0417984 99.91 0.0025
A0415069 99.92 0.004
A0424549 99.91 0.0025

As potential impurities are not specified in the certificates of analysis, resulting affects on
physical properties as well as sample analysis and experiment evaluation cannot be assessed
reliably. Therefore, potential impurities were neglected, and the chemicals were assumed to be
pure substances.

In addition to the chemicals used for the separation performance experiments, the density meter
used for sample analysis was checked with toluene and water according to the manufacturer’s

recommendations, see appendix D.2.2. The respective chemicals are summarized in table B.2.

Table B.2.: Chemicals used to check density meter

substance supplier product code  lot number  purity in %
toluene Fisher Scientific @ T/2306/17 2180112 99.98
ultrapure water in-house - - n/a
ultrapure water (reference) Anton Paar ® 96044 7487 n/a

2 Fisher Scientific, Loughborough/UK
b Anton Paar Germany, Ostfildern/Germany
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C. Pure Component and Mixture Properties

C.1. Tabulated Properties

The physical properties of the pure components chlorobenzene and ethylbenzene used for the

calculations in this work are summarized in table C.1.

Table C.1.: Physical properties of chlorobenzene and ethylbenzene

property unit chlorobenzene ethylbenzene remark

M; kgkmol ™! 112.56 2 106.17 @

Ahyap i kJmol ! 40.97 42.24 © at 25°C

PLi gem ™3 1.1058° 0.867¢ at 20°C
kgm~3 1106.4 ¢ 866.9 at 20°C

Dboiln i °C 1316 b 136.2 ¢  at 1.01325bar(a)

2 (Ottenbacher et al., 2011)
b (National Center for Biotechnology Information, 2021a)
¢ (National Center for Biotechnology Information, 2021b)

d own measurements

C.2. Molar Mass

The molar mass of a mixture My is calculated based the (liquid) molar fractions x; and the

molar mass M; of mixture component i:

Mui =Y i Mi | = wy-My+ay My =1 M+ (1= 1) - Mo
DInary
mixture

(1)

The molar masses of chlorobenzene and ethylbenzene are given in table C.1. Uncertainty

quantification is provided in appendix D.2.3.
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C.3. Density

C.3.1. Calibration Curve for Sample Analysis

To quantify the composition of a given liquid mixture sample, a density calibration curve for
the binary mixture CB/EB was determined using a third-order polynomial. Compositions of
prepared samples are represented by liquid mass fractions wep and the resulting molar fractions
xcop according to equation (C.2). Required molar masses, Mcp and Mgg, can be found in
table C.1.
mcB
WeB = m (C2d)
_ wep - Mgg
 wep - Mg + (1 —wep) - My

(C.2b)

Mass and molar fractions, obtained density readings and corresponding arithmetic averages are
given in table C.3; uncertainty analysis is performed in appendix D.2.2. The density calibration

curve estimated from the liquid density measurements is shown in figure C.1.

1.00 r . . e
TOB = 43 P} i + 02 7 i + @1 - PLmix + G0 .~ l
- /,/ .|
0.80 ol .
— - o’ .
12 R
3 I L7 )
g 0.60 a .
m L L |
(@] "
g - g 1
g L L7 |
2 040} » 1
= L s ,
o i
8 - /.( i
0.20 | o :
L /.” 4
I i 1
0.00 | @l 4+ 044
O D N O > O P & > @ N O
FPFLTFTITPFIFTTEIS
PLmix in gem™®
emeasurements ----regression

Figure C.1.: Density calibration curve for binary mixture CB/EB at ¢ = 20.000(22) °C, data given in table C.3,
error bars are omitted as they are smaller than the marker size

Although associated uncertainties are very small and thus, not indicated with error bars, data
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are fit using an orthogonal distance regression (ODR)', which allows considering uncertainties
in both dependent and independent variables. To evaluate the goodness of fit, the coefficient
of determination R? and the absolute deviation ¢ are calculated according to equation (C.3).
The regression parameters and the respective values for the goodness of fit are summarized in
table C.2.

_ Var(‘TCB,cxp - ICB,prcd)

R?=1
Var(zcg exp)

(C.3a)

e== ‘«'L'CB.exp - mCB,pred‘ (C?)b)

Table C.2.: Regression results for density calibration curve zcg = as 'pim)ix + az -pf,mix + a1 - pL,mix + ao

parameter value unit remark

as 1.84584 regression parameter

az —8.37934 regression parameter

ay 15.292 95 regression parameter

ap —8.16291 regression parameter

R? 0.9999 coefficient of determination
Emax +0.000 36(36) molcg mol;,} maximum absolute deviation
€min +0.000 03(24) molcp mol,, minimum absolute deviation
g +0.00015(21) molcp mol,} mean absolute deviation

"Data were fit with scipy.odr, which uses an adapted Levenberg-Marquardt least squares algorithm; see (Boggs
and Rogers, 1990; Virtanen et al., 2020).
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C.3.2. Liquid

The liquid mixture density pr, mix is calculated based on the mixing rule given in equation (C.4)
as described by (Ottenbacher et al., 2011). For this, the liquid density of the pure components
pL,i, the molar masses M; and the molar fractions representing the mixture composition xr, ;
are used. A potentially occurring excess volume V' is not taken into account as it is considered

negligible, see appendix C.9.

-1
ZT; - ]\/[j
PL,mix = <Z T - ]\Ji> (Z 7/)Lz7> (C4)
i i ’

Based on (Ottenbacher et al., 2011), the temperature dependence of the pure substance
density pr,; is estimated by:

PLi a; M (C.5)

k -3 TN %
s H(l;)
b

Ci
i

‘While the required molar masses M; of the pure mixture components are given in table C.1,

the parameters a;, b;, ¢; and d; can be found in table C.4.

Table C.4.: Parameters to estimate liquid densities of chlorobenzene and ethylbenzene (Ottenbacher et al., 2011)

parameter a; b; ¢ d;
chlorobenzene 0.836 842794 0.262 187917 632.35 0.28
ethylbenzene 0.687 265 03 0.259576 28 616.988 54 0.28

C.3.3. Vapor

The vapor or gas phase density pg is approximated using the ideal gas law as shown in
equation (C.6). The average molar mass of the gas phase Mg is calculated with the mixing rule
already defined in equation (C.1). Furthermore, pressure p, temperature 7' as well as the ideal
gas constant R (R = 8.314kJ kmol ' K1) are used.

7]\1(;*[)
PG = R-T

(C.6)

C.4. Heat Capacity

The specific heat capacities of the pure liquid substances cp1,; are calculated based on equa-

tion (C.7) as well as the parameters a;, b;, ¢; and d; as proposed by (Ottenbacher et al., 2011).
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Relevant values are tabulated in table C.5; Molar masses M; are given in table C.1.

Cp Ly 7ai+b1j'T+Cz"T2+dz"T3+(ﬁ‘T4
Jkg K1 M;

(C.7)

Table C.5.: Parameters to estimate heat capacities of chlorobenzene and ethylbenzene (Ottenbacher et al., 2011)

parameter a; b; ¢ d; e;
chlorobenzene 105510.79 186.73952  —0.117412271 0 0
ethylbenzene 81337.50 359.996918 —0.03192629 0 0

Using the specific heat capacities ¢, 1,; and molar masses of the pure substances M;, the
specific heat capacity of a mixture with known molar fractions x; is estimated using the mixing
rule given in equation (C.8) as described by (Ottenbacher et al., 2011). The molar mass of the

mixture Mp,x is calculated with equation (C.1).

c 2T CpLi M
Lmix = ———————
P, L,mix A/[mlx

(C8)

C.5. Enthalpy of Vaporization

The estimation of enthalpy of vaporization for both chlorobenzene and ethylbenzene is based on
(Ottenbacher et al., 2011). Required parameter sets a;, b;, ¢;, d; and e; listed in table C.6 are

applied to equation (C.9). The molar masses of the pure components M; are given in table C.1.

2 3
. (1 - Z)b1+cr%+d1-(%) +e(%)
Ahyap,i _ fi (C.9)
Jkg! M; ’

Table C.6.: Parameters to estimate enthalpies of vaporization of chlorobenzene and ethylbenzene (Ottenbacher et al.,

2011)
parameter a; b; Ci d; €i fi®
chlorobenzene 49363572 0.245007 304 0.119781836 0 0 632.35
ethylbenzene 65095179 1.03289217  —0.9522645 0.34788314 0 617.1

@ fi=Tc; (T critical temperature of component )

With known enthalpies of vaporization Ahyap; and known liquid molar fractions z;, the

corresponding mixture property is determined using equation (C.10) as proposed by (Ottenbacher
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et al., 2011). To calculate the mixture molar mass Mpix, equation (C.1) is used.

Zi X - Ahvap,i - AL

A vap,mix —
. P ]\Jmix

(C.10)

C.6. Dynamic Viscosity

C.6.1. Liquid

Pure substance liquid viscosities 7y, ; are calculated using equation (C.11). Required parameters
a;, bi, ¢;, d; and e; by (Ottenbacher et al., 2011) are summarized in table C.7. T denotes the

temperature.

"‘ = exp <ai+%+ci~lnT+di~T67> (C.11)

Table C.7.: Parameters to estimate liquid viscosities of chlorobenzene and ethylbenzene (Ottenbacher et al., 2011)

parameter a; b; ¢ d; e;
chlorobenzene 0.15772 540.5 —1.6075 0 0
ethylbenzene  —120.914387 4167.044 39 18.9866348 —2.8880- 1072 1

The mixture liquid viscosity 7, mix is estimated according to equation (C.12), which is based
on a mixing rule presented by (Ottenbacher et al., 2011). z; denotes the liquid molar fraction of

mixture component .

7L mix = €XP (Z z; - In 77L,i> (C.12)
i

C.6.2. Vapor

Based on the approach proposed by (Ottenbacher et al., 2011), vapor or gas viscosities of the
pure substances ng,; are estimated according to equation (C.13). Required parameters a;, b, ¢;

and d; are given in table C.8. T" denotes the temperature.

NG _ a; - T
Pas 1+Ci'T71+di-T72

(C.13)
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Table C.8.: Parameters to estimate vapor viscosities of chlorobenzene and ethylbenzene (Ottenbacher et al., 2011)

parameter a; bi ¢ d;
chlorobenzene 1.065 - 1077 0.7942 94.7 0
ethylbenzene 4.2231-1077 0.58154 239.21 0

Using the viscosities of the pure components ng ;, the vapor viscosity 7 mix of the binary
mixture with known composition, represented by the molar fractions y; and ys, is calculated
with equation (C.14) as proposed by (Ottenbacher et al., 2011). Molar masses of the pure

components M; can be found in table C.1.

Y1 NG, Y2 - 1G2
NG mix = . . C.14a
1, (pi+y2-P2)  yi-Por+1y ( )
16 \%5 M\ OB 2 M08
W= |1 G R et 8- (1 ! .14b
o= e o) )]0 c1a)
i:{LQ} j:{172} i# (C'14C)

C.7. Surface Tension

As surface tension is only defined for liquids, no distinction between liquid and vapor is made.
To calculate the surface tension of the pure liquids, equation (C.15) is used according to
(Ottenbacher et al., 2011). Values for parameters a;, b;, ¢;, d;, e; and f; are given in table C.9.

T denotes the substance temperature.

Na;; . (1 B ?)HJC‘FM(J:‘F> +<%> (C.15)

Table C.9.: Parameters to estimate surface tensions of chlorobenzene and ethylbenzene (Ottenbacher et al., 2011)

parameter a; b; ¢ d; € fi®
chlorobenzene 0.0727 1.242 0 0 0 632.35
ethylbenzene  0.065 77472 1.26719 0 0 0 617.2

2 fi=Tc; (T critical temperature of component )

For a liquid mixture with known molar fractions z;, the corresponding surface tension is
estimated based on equation (C.16) as shown by (Ottenbacher et al., 2011). Required molar

masses M; of the pure substances are tabulated in table C.1. py,; denotes the liquid density of



164 C. Pure Component and Mixture Properties

mixture component ¢ and is calculated according to equation (C.5).

174
OL,mix J\[Z
Nt = (Z T o ) <Z xi - le> (C.16)

C.8. Diffusion Coefficient

C.8.1. Liquid

Estimation of liquid diffusion coefficients is based on (Poling et al., 2001). In particular, the
empirical approach proposed by (Wilke and Chang, 1955) is used to approximate mutual diffusion
coefficients Dim and DY ;. To correct potential mixture effects, the Vignes correlation, see
(Poling et al., 2001; Vignes, 1966), which shows good fits between calculated and experimental
diffusion coefficients for ideal or nearly ideal mixtures (Dullien, 1971; Poling et al., 2001), is
applied to obtain the corrected liquid diffusion coefficient Dy, 12.

As the approach proposed by (Wilke and Chang, 1955), see equation (C.17), is based on
an empirical correlation, required physical properties need to be provided in suitable units.
Considering a binary mixture with components ¢ and j (i = {1,2}; j = {1,2}; i # j), Vi,
denotes the molar volume of component i in cm? mol™! at its normal boiling point Tl n,i
according to equation (C.18) (Thoiln,i = Uboiln,i +273.15 K, for Ppeiin i see table C.1), the molar
masses M; and M; in gmol~! are given in table C.1. The viscosity 7; is in mPas and calculated
according to equation (C.11). Temperature 7' is in K. For the dimensionless association factors,
¢; = 1 and ¢; = 1 are assumed which is valid for unassociated solvents (Poling et al., 2001; Wilke
and Chang, 1955) and should, therefore, be also applicable for chlorobenzene and ethylbenzene
(Bradtméller, 2017). Contrary to (Poling et al., 2001), a factor of 1071 instead of 10~ is used

to ensure consistent units2.

Diij 74107 (¢ M;)* T
mZs1 7, V0O (©17)

m,i

The molar volume V;, ; of each mixture component depends on its molar mass M; and density
pL,i- While molar masses are given in table C.1, densities pr,; are calculated with equation (C.5)
using the normal boiling points also listed in the aforementioned table. A factor of 1000 is

applied for conversion of units®.

Vi 1000 0;

cm3mol  pLy

(C.18)

2A factor of 10° is used in the denominator to convert n; from Pas into mPas. As the equation published
by (Poling et al., 2001) gives Dy; in cm?s™ !, an additional conversion factor of 10~ is introduced to obtain
m?s~!. Considering both unit conversions and the factor of 10~% in the equation presented by (Poling et al.,
2001) results in an overall factor of 1071%.

3As liquid densities pr.,; obtained from equation (C.5) are given in kgm™3, a factor of 107 is needed in the
denominator to convert into gcm 3.
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With calculated mutual diffusion coeflicients DS, and D5, the Vignes correlation is used to
correct for concentration effects as shown in equation (C.19). Mixture composition is considered
based on the liquid molar fractions x; and x9. The thermodynamic correction factor Wy, is
estimated using the NRTL model, see appendix C.11.

Dris = [(D?12)" (DR 21)™"] Peorr (C.19a)

12 G5 721 Gy
(21422 Goy)® (22 + 21 G12)3

VYeorr = 1 — 211 22 (Clgb)

C.8.2. Vapor

Vapor or gas phase diffusion coefficients are calculated using the method proposed by (Fuller
et al., 1969; Fuller and Giddings, 1965; Fuller et al., 1966), see also (Poling et al., 2001):

Dga2 (0.00143 T17)
m2s-1 1 1\2 (C-20m)
10p M7y (ESJ + 23,2)
Mp=— 2 (C.20b)
BT My ‘

In contrast to the form published by (Poling et al., 2001), the factor of 10 in the denominator
of equation (C.20a) is required to ensure consistent units*. Pressure p needs to be provided
in mbar(a), temperature 7' in K. Molar masses M; and M> are listed in table C.1. Diffusion

volumes ¥, ; and X, 2 given in table C.10 were calculated using equation (C.21) and table C.11.

Table C.10.: Diffusion volumes of chlorobenzene and ethylbenzene, calculated according to equation (C.21) and ta-

ble C.11
substance chemical formula Ve vy val diffusion volume ¥;
chlorobenzene CgH5Cl 6 5 1 127.95
ethylbenzene CgHig 8 10 0 150.3
E,,,i = Z V]‘ N Ej (C.Ql)
J

A factor of 107 is used in the denominator to convert p from mbar(a) into bar(a). As the equation published
by (Poling et al., 2001) gives Dg,;; in cm?s™", an additional conversion factor of 10™* is introduced to obtain
m?s~!. Considering both conversions results in an overall factor of 10 in the denominator.
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Table C.11.: Diffusion volume increments of carbon, hydrogen and chlorine atoms (Poling et al., 2001)

atom symbol volume increment
carbon C 15.9
hydrogen H 2.31
chlorine Cl 21.0

C.9. Excess Volume and Redlich-Kister Parameters

Although the excess volume of the binary mixture CB/EB is commonly not considered in
separation performance measurements, see e.g. (Bradtmoller, 2017; Ottenbacher et al., 2011),
the effect of neglecting this mixture property is rarely addressed. Therefore, the excess volume
of CB/EB was investigated based on the density calibration measurements, see table C.3.

The excess volume V¥ for each sample is calculated based on the arithmetically averaged
mixture density for which a rearranged mixing rule was applied as shown in equation (C.22)
(Mahajan and Mirgane, 2013; Stec et al., 2014). The required molar masses and pure component
liquid densities are given in table C.1.

VB _ ZCB - Mcp +2gB - Mg @cB-Mcp  @eB - Mgs

(C.22)
PL,mix PL,CB PL,EB
As proposed by (Redlich and Kister, 1948a), a second-order expansion series is used to
correlate calculated molar excess volumes to the composition of the liquid binary mixture sample
(Gmehling et al., 2019):

VE = (1—=zcp)ace - (A+ B(2zcp — 1) + C (2w — 1)°) (C.23)

To determine the Redlich-Kister parameters A, B and C from equation (C.23) considering
the uncertainties associated with the sample compositions and density readings, calculated
excess volume V¥ are fit using an orthogonal distance regression (ODR)®. The excess volume
VE for each sample composition and the corresponding prediction based on equation (C.23)
are illustrated in figure C.2. The associated uncertainties are addressed in appendix D.2.4. To
evaluate the goodness of fit, the coefficient of determination R? and the absolute deviation
€ were calculated according to equation (C.24). Determined Redlich-Kister parameters and

respective values for goodness of fit are summarized in table C.12.

- Va‘r(ve]j;p B Vp}}‘cd)
Var(VE )

exp

R?=1 (C.24a)

5Data were fit with scipy.odr, which uses an adapted Levenberg-Marquardt least squares algorithm; see (Boggs
and Rogers, 1990; Virtanen et al., 2020).
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e =+ [V, — Viredl (C.24b)
: VE:(17:L’CB)LL'CB-(A+B(2£L'CB71)+C(2.’L‘CB71)2) :
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Figure C.2.:
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eexperiment ----prediction

Excess volume V® of binary mixture CB/EB in dependence of liquid molar fraction zcg, sample
compositions according to table C.3, error bars of sample composition omitted as they are smaller
than the marker size, large error bar at zcg = 0.5 molcs lnolfot results from averaging density
readings with deviations in the least significant digit

Table C.12.: Redlich-Kister parameters and goodness of fit for binary mixture CB/EB

parameter value unit remark

A —0.51228 cm® mol ! Redlich-Kister parameter
B —0.06174 cm® mol ! Redlich-Kister parameter
c —0.05577 cm® mol ™! Redlich-Kister parameter
R? 0.9581 - coeflicient of determination
Emax +0.0153(92) cm3 mol ™! maximum absolute deviation
Emin +0.000(12) cm® mol ™! minimum absolute deviation
g +0.0076(61) cm® mol ™! mean absolute deviation

Since the Redlich-Kister parameters are known, the excess volume can be calculated for any

mixture composition, see equation (C.23). Therefore, rearranging equation (C.22) for pr, mix
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allows estimating the relative deviation ¢ between predicted liquid mixture densities py, pred and
values obtained from the sample analyses pr,exp according to equation (C.25). Obtained results
are illustrated in figure C.3.

5= PL,pred — PL,exp

C.25
PL,exp ( )
— T T T T T T T T T T T T T T T T T T
0.05 ] ]
xR L i ¢ } :
g 0.00¢- < ).
PR SSEREE SR :
(= i §
= o) } -
A ] ;
g - % § 3
‘73 —0.10 3 1
s !
& i
—0.15 B i
—0.20 L | | | | | | | | | | | | | | | | | L
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rcp in molep mol;ot
ewith VE owithout VE
Figure C.3.: Relative deviations between experimental (pL,exp) and predicted (pr prea) liquid densities of binary
mixture CB/EB when considering or neglecting excess volume V'

As shown in figure C.3, neglecting excess volume V' results in negative relative deviations
for all mixture compositions. As pp, pred < pL,exp, the mixture density is underestimated and a
maximum relative deviation of around § ~ —0.12% is obtained. In contrast, considering the
occurring excess volume reduces the relative deviation to || & 0.014 %. Although this is roughly
equivalent to an order of magnitude, the overall effect of not considering the excess volume is
negligible due to the small relative deviations.

C.10. Vapor Pressure

Many literature sources, e.g. (Liley et al., 2008; Onken and Arlt, 1990; Ottenbacher et al.,
2011; Poling et al., 2001), and databank entries, e.g. CHEMCAD (Chemstations, Austin/TX),
ChemSep (ChemSep Consortium, Potsdam/NY) or NIST Chemistry Webbook (NIST, 2023a;

NIST, 2023b), are available to calculate the vapor pressure of the pure mixture components
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chlorobenzene and ethylbenzene.

Although all the aforementioned data sources are considered reliable, datasets from (Otten-
bacher et al., 2011) and CHEMCAD (CHEMCAD 7.1.0 Systems Components Databank, part
of CHEMCAD 7.1.5) were reviewed prior to experiment evaluation. While both use the DIPPR
equation to estimate the vapor pressure of the pure mixture components, see equation (C.26),
the corresponding datasets vary in their parameter values. The values published by (Ottenbacher

et al., 2011), which were finally used for experiment evaluation, are given in table C.13.

b; )
p) = exp (ai + % +eInT+d; Te’) (C.26)

Table C.13.: Parameters to estimate vapor pressures of chlorobenzene and ethylbenzene (Ottenbacher et al., 2011)

parameter a; b; ¢ d; €
chlorobenzene 76.082 903 —7186.8780 —7.8518969 5.0109778 - 109 3
ethylbenzene  —304.34252 —10407.9980 —121.85104 588.662 06 0.1

C.11. NRTL Equations and Parameters

For a binary mixture, the NRTL model proposed by (Renon and Prausnitz, 1968) consists of
the following equations (Gmehling and Kleiber, 2014; Gmehling et al., 2019):

2
Invy, = a2 |:T21 < G > + 712 G2 :| (C.27a)

z1 + x2 Ga1 (z2 + 21 G12)?
2 Gz : 721 Ga1
Inye =27 |:7'12 <1:2 e G12> + @1+ 22Ga)? (C.27Db)
Tij = Ajgiij (C.27¢)
Gij = exp (—au; 7ij) (C.27d)
Qij = i = a1 = 0y (C.27¢)

The NRTL model comprises three model parameters Agia, Ago; and aqo to describe the VLE
of a binary mixture. Values for the model parameters used in this work are from the databanks
provided by the flowsheet simulators CHEMCAD (CHEMCAD 7.1.0 Systems Components
Databank, part of CHEMCAD 7.1.5) and ChemSep (ChemSep 8.1 Pure Component Data, part
of ChemSep 8.25).
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C.12. Boiling Point and Activity Coefficients

As mentioned in section 2.3.1, the binary mixture CB/EB is commonly considered ideal (Onken
and Arlt, 1990; Ottenbacher et al., 2011). To check this assumption, the activity coefficients vcp
and ygp were evaluated over the complete concentration range of zgg = 0. ..1kmolcp kmolt’oi.

Total pressure pio, molar fractions x;, activity coefficients v; and boiling point Tj,; are

related to each other by:

=pcB + PEB
Ptot pcB T P (028)

= zcp - pep (Thoit) - YoB(TcB: Thoit) + 218 - P (Thoit) - ¥EB (2EB: Thoil)

As shown in equation (C.28), which is derived from Raoult’s and Dalton’s laws, see equa-
tions (2.5) and (2.6), vapor pressures p? and activity coefficients ; depend on the boiling point
Thoil- Since the respective dependencies on temperature were introduced in equations (C.26)
and (C.27), Thoi can be determined numerically for any given pyot and ;.

Using the DIPPR equation and the corresponding parameters proposed by (Ottenbacher
et al., 2011) to estimate the required vapor pressures p?, see equation (C.26) and table C.13,
activity coefficients were calculated according to equation (C.27), obtained results are illustrated

in figure C.4.
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Figure C.4.: Activity coefficients for binary mixture CB/EB at piot = 100 mbar(a) in dependence of liquid molar
fraction zcp, DIPPR parameters for vapor pressure correlation from (Ottenbacher et al., 2011),
NRTL parameters from the CHEMCAD (CHEMCAD 7.1.0 Systems Components Databank, part of
CHEMCAD 7.1.5) and ChemSep (ChemSep 8.1 Pure Component Data, part of ChemSep 8.25)
databanks, see appendices C.10 and C.11 for details
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Minimum and maximum values ¥; min and ; max as well as their arithmetic averages 7; are
summarized in table C.14. Since calculated activity coefficients are very close to unity, the

assumption of ideal behavior is fulfilled and ; = 1 is used throughout this work.

Table C.14.: Ranges of calculated activity coefficients 7; for binary mixture CB/EB, DIPPR parameters for vapor
pressure correlation from (Ottenbacher et al., 2011), NRTL parameters from the CHEMCAD and
ChemSep databanks, see appendices C.10 and C.11 for details

parameter chlorobenzene ethylbenzene
Ottenbacher et al., 2011 with Ottenbacher et al., 2011 with
CHEMCAD ° ChemSep ® CHEMCAD 2 ChemSep
Vi,min 1.0000 0.9943 0.9999 0.9982
Yi,max 1.0062 1.0011 1.0197 1.0045
Y 1.0038 0.9996 1.0037 0.9995

2 CHEMCAD 7.1.0 Systems Components Databank (part of CHEMCAD 7.1.5)
b ChemSep 8.1 Pure Component Data (part of ChemSep 8.25)

C.13. VLE and Relative Volatility

As discussed in the context of equation (C.28), the boiling point of a binary mixture They can
be numerically estimated using the liquid molar mass fraction x; and the total pressure piot. In
addition, considering i substances and j phases, equations (C.29a) to (C.29c¢) are fulfilled at

equilibrium® (Seader and Henley, 2011):

<1> _ pg) _ p§s> ) (C.29b)
(1 = p uf) == pf (C.29¢)

Since boiling point T},; and vapor pressure p(f corresponding to a given liquid molar fraction
x1 are known, the partial pressure p; can be obtained from Raoult’s law, see equation (2.5).
This in turn allows calculating the vapor molar fraction y; from Dalton’s law, see equation (2.6),
and finally results in the VLE data as well as relative volatility aqs for a (binary) mixture
according to equation (2.7).

Assuming ideal mixture behavior (y; = 1), this approach was used to calculate the VLE
of CB/EB at pit = 100mbar(a) using the DIPPR parameters published by (Ottenbacher
et al., 2011) and parameters from the CHEMCAD databank. The resulting VLE datasets

are illustrated in figure C.5 and were used to determine separation performance based on

Sequation (C.29¢) can also be expressed in terms of the fugacity f (Seader and Henley, 2011): f“) f(2 =
(3) @)
&= =0,
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McCabe-Thiele stage constructions.
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Figure C.5.: VLE data for binary mixture CB/EB at pior = 100 mbar(a), underlying vapor pressures calculated
based on DIPPR parameters from (Ottenbacher et al., 2011) and the CHEMCAD 7.1.0 Systems
Components Databank (part of CHEMCAD 7.1.5), see appendix C.10
As only very small deviations between the VLE datasets are apparent, the influence of
data selection on determined calculation performance is assumed to be negligible. Therefore,
calculated separation efficiencies should be comparable disregarding which VLE dataset was
used for data evaluation. To support this assumption, relative deviations § between both VLE
were calculated according to equation (C.30)7 and summarized in table C.15.

§ — YCBIit ~ YoB,CC

YcB,cC (C.SO)

Table C.15.: Relative deviations in VLE for binary mixture CB/EB at pior = 100 mbar(a), underlying vapor pressures
calculated based on DIPPR parameters from (Ottenbacher et al., 2011) and the CHEMCAD 7.1.0
Systems Components Databank (part of CHEMCAD 7.1.5), see appendix C.10

parameter Omax Omin 0

value 3.34-1072 1.42- 1071 1.58 - 1072

“lit: (Ottenbacher et al., 2011), CC: CHEMCAD 7.1.0 Systems Components Databank (part of CHEMCAD
7.1.5)
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Albeit McCabe-Thiele stage constructions are primarily used in this work to evaluate separa-
tion performance, the relative volatility ayo is required if the number of theoretical stages Ny,
is calculated with Fenske’s equation, see section 2.2.1.1, or the slope of the operating line m, see
equation (3.25), is estimated.

Assuming ideal behavior for the binary mixture CB/EB (v; = 1), the relative volatility aq2
is calculated according to equation (2.7) for liquid molar fractions xcp and zgg = 1 — zcp.
According to section 2.1.1, an averaged relative volatility @2 is obtained based on the geometric
mean. While only two representative values a2t and aqz 11 are considered in equation (2.4), the
averaged @2 given in figure C.6 were calculated according to equation (C.31) using N = 101

data points.

N
1
1z = exp (N Zlnmm') (C.31)
i=1

The obtained results illustrated in figure C.6 indicate a small dependence on mixture compo-
sition. Furthermore, the relative volatilities calculated with vapor pressure DIPPR parameters
by (Ottenbacher et al., 2011) are consistently higher than the results determined with the
CHEMCAD parameters.
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Figure C.6.: Relative volatilities 12 for binary mixture CB/EB at piot = 100 mbar(a) in dependence of liquid
molar fraction zcp, underlying vapor pressures calculated based on DIPPR parameters from
(Ottenbacher et al., 2011) and the CHEMCAD 7.1.0 Systems Components Databank (part of
CHEMCAD 7.1.5), see appendix C.10

Applying equation (C.30) to the calculated relative volatilities allows deriving relative devia-

tions ¢ as summarized in table C.16. However, since the offset between both curves is almost
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constant, minimum, maximum and arithmetically averaged relative deviations are very similar.
To ensure comparability with literature results, the VLE used for experiment evaluation is

described using the parameters published by (Ottenbacher et al., 2011).

Table C.16.: Relative deviations in relative volatilities for binary mixture CB/EB at pior = 100 mbar(a), underlying
vapor pressures calculated based on DIPPR parameters from (Ottenbacher et al., 2011) and the
CHEMCAD 7.1.0 Systems Components Databank (part of CHEMCAD 7.1.5), see appendix C.10

parameter Omax Omin 4

value 3.38-1072 3.36- 1072 3.38-1072
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D. Deviations and Uncertainties

D.1. Brief Introduction to Uncertainty Quantification

Deviations and uncertainties inevitably occur for every measurement and have to be assessed for
a proper data evaluation. For this purpose, several approaches have been developed in recent
years and discussed in the literature. Two approaches are commonly used (Deldossi and Zappa,
2009):

1. ISO 5725 (Parts 1...6)
2. Guide to the expression of Uncertainty in Measurement (GUM')

Both methods differ in their core concepts, assumptions and prerequisites, which in turn
may limit their applicability and was discussed by (Deldossi and Zappa, 2009) in detail: For
the approach defined in ISO 5725 a design of experiments (DoE) with a statistical model for
each measurand and directly measurable measurands is required; uncertainties resulting from
multiple input parameters are calculated based on analysis of variance (ANOVA). GUM in
contrast also allows indirect measurands and empirical uncertainty assessment; uncertainties
of multiple inputs are combined based on the law of propagation of uncertainty. However, the
method as per ISO 5725 can generally being considered as more accurate (Deldossi and Zappa,
2009).

Since experimental measurements (sensor readings for process conditions, density measure-
ments for sample analysis ...) and data evaluation (calculation of operational parameters and
sample composition, evaluation of separation performance ..) in this work largely comprise

indirect measurands, the GUM is used for uncertainty quantification.

D.1.1. Core Concepts of GUM

Any measurand Y can be determined based on N inputs X; using a generic mathematical model
f (BIPM et al., 2008a; BIPM et al., 2009):

Y = f(X1,Xa,...,XN) (D.1)

1Although being often referred to as The GUM, it comprises several documents: (BIPM et al., 2008a; BIPM
et al., 2008b; BIPM et al., 2009; BIPM et al., 2011; BIPM et al., 2012a; BIPM et al., 2012b; BIPM et al.,
2020).
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Despite the mathematical formulation, the model equation is not required to be known and
can also be estimated empirically. Furthermore, all input parameters may also be considered as
measurands and hence depend on other quantities. Since no measurand is directly measurable,

equation (D.1) is expressed with estimates for input variables z; and the output y:
y = f(z1,22,...,2N) (D.2)
Estimates for each input quantity z; can either be obtained by K repeated measurements or

by a single observation. In case of K repetitions, the arithmetic mean is used to determine an

appropriate estimate ;:

| K
Ti= 15 kz_:ll‘zk (D.3)

Due to randomness, each of the x;, varies in value. The standard deviation of the resulting

probability distribution s(z;y) is given as:

K

1 2

s(zin) = K_1 Z (@i — Ti) (D4)
k=1

Considering the standard deviation of each repeated measurement s(; ;) and the total number

of repetitions K, the standard deviation of the arithmetic mean s(Z;), which also defines its

standard uncertainty u(Z;), can be calculated as:

-9(9Ci,k)

(@) = u(z) = "7 (D.5)

While evaluating uncertainties based on the statistical analysis of repeated observations
is called Type A evaluation of uncertainty, uncertainty quantification for single observations
or measurements is called Type B evaluation of uncertainty (BIPM et al., 2008a). For the
latter, various sources of information, such as technical specifications, calibration certificates
or experiences from previous measurements are used to estimate suitable probability density
functions (PDF), which allow calculating the related standard uncertainty. As most of the
Type B uncertainties to be approximated in this work originate from substance impurities,
chemical analysis (density measurements, mixture compositions ..) or deviations in process
sensor readings (temperature, pressure, mass flow ...), rectangular (or uniform) distributions are
assumed according to (BIPM et al., 2008a; Coskun and Oosterhuis, 2020; Ellison and Williams,
2012; Prohaska et al., 2022). In such cases, the uncertainty can either be estimated based on the

upper and the lower limits of the distribution, a4 and a_, or the semi-range (or half-width) a:

L el

u(w;) = B 3 (D.6)
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If the uncertainty of each input variable u(z;) is known, the combined uncertainty of the

output uc(y) can be estimated with the law of propagation of uncertainty:

ol

N N-1 N
uely) = ;(gi) @ +2Y 3 g et rtens) (0.7)

i=1 j=i+1

The first term accounts for the uncertainty contribution of each input variable. The partial

derivative represents the sensitivity coefficient:

of
&ri

(D.8)

C; =

Correlations between input variables are represented by the second term of equation (D.7)

using the correlation coefficient r(z;, ;):

o u(wi,zyg)
@) = Gy ulay) ®)

r(xi, x;) = 0 is valid for uncorrelated inputs. In such cases, a change in one input does not

affect any other input variable, and equation (D.7) simplifies to:

Uc (?J) =

N 3 N 213
Z(ci»u(xi)y} = [Z <g£ ~u(mi)> ] (D.10)

i=1 i=1

Equation (D.10) is based on a first-order Taylor series expansion of the model function f
defined in equations (D.1) and (D.2). Neglecting higher order terms in the series expansion can
result in a poor model approximation, which is especially relevant if significant nonlinearities are
present. This is considered as a drawback of the GUM approach (Deldossi and Zappa, 2009).

Based on the standard uncertainty uc(y), the expanded uncertainty U(y) can be calculated
with the coverage factor k (BIPM et al., 2008a):

Uly) =k - uc(y) (D.11)

The coverage factor k is chosen depending on the desired coverage probability and resulting
probability distribution. Assuming a normal distribution, a coverage factor of k = 1 represents
an interval with a coverage probability of around 68 %, k = 2 represents a probability of ca.
95% and approximately 99 % are obtained for k = 3 (BIPM et al., 2008a)>.

As the approach presented in the GUM (BIPM et al., 2008a; BIPM et al., 2009) is intended
to be generally applicable, it is not limited to specific measurements or any field of expertise.

(Farrance and Frenkel, 2012) give an extensive review about uncertainty quantification based

2Exact values for a normal distribution are (BIPM et al., 2008a): 68.27% (k = 1), 95.45% (k = 2) and 99.73%
(k = 3). For a strict evaluation, the degrees of freedom need to be considered and the coverage factor k is then
chosen based on the accompanying t-distribution, see (BIPM et al., 2008a; BIPM et al., 2008b) for details.
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on functional relationships and summarized algebraic solutions of equation (D.10) for common
measurement models. Furthermore, (Ellison and Williams, 2012) provide detailed information
about applying the GUM framework for uncertainty quantification in analytical measurements.
As already elaborated, the basic GUM framework is not applicable to highly non-linear
models and multiple-output models. To mitigate these insufficiencies, the GUM framework was
extended by Supplement 1 (BIPM et al., 2008b) and Supplement 2 (BIPM et al., 2011)3.

D.1.2. GUM Supplement 1: Monte Carlo Method

GUM Supplement 1 (BIPM et al., 2008b), which comprises Monte Carlo methods (MCM), is
applicable to any arbitrary model with multiple inputs and a single output. Therefore, this
approach can be used if the criteria of the GUM framework are not fulfilled due to complicated
or highly non-linear models. While the law of propagation of uncertainty requires partial
derivatives, the Monte Carlo approach can also be applied if such derivatives are unknown or
cannot be determined.

Assuming that each input X, of the generic measurand model introduced in equation (D.1)
can be considered as a randomly distributed variable with possible values &, and expectation
Zn, the according model output Y is described by its estimate y resulting from 7 possible values.
To estimate the probability distribution of the model output quantity, a suitable PDF gx, (&)
needs to be assigned to each input (Wiibbeler, 2012). Assigning a suitable PDF to each input
depends on the available information or data as well as the properties of the PDF. For inputs
which are not independent of each other, a joint PDF can be used. A detailed overview of
common PDFs and the according properties can be found in (BIPM et al., 2008b). PDFs
relevant for the parameters considered in this work are extensively discussed by (BIPM et al.,
2008b; Ellison and Williams, 2012).

The assigned PDFs are propagated through the model to obtain an output PDF gy (7). The
estimate of the output quantity y is represented by the expectation of the output PDF. The
combined standard uncertainty of the output quantity u.(y) is given by the standard deviation of
the estimated PDF. Furthermore, coverage probability and coverage interval can be determined
from the obtained output PDF.

While assigned PDFs can be propagated in several ways, the MCM provides a convenient
approach to estimate an approximated probability distribution function. Although being inexact
by nature, the MCM is generally considered more sound than the conventional GUM framework
for a large set of problems, since fewer requirements need to be satisfied (BIPM et al., 2008b).
To obtain robust information about the output quantity and its associated uncertainty, the
number of draws Ny used for model evaluation in the MCM needs to be selected accordingly.
While Nyc can be determined adaptively, see (BIPM et al., 2008b), Nyic = 1-10% is commonly

sufficient to obtain a coverage interval of 95 %, which allows quantifying the model output

3GUM Supplement 2 will not be elaborated here as it covers Multiple-Output Models, which are not used in
this work.
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uncertainty to one or two significant digits (BIPM et al., 2008b).

D.1.3. Combining Type A and Type B Uncertainties

As already elaborated, measurement uncertainties within the GUM framework can be evaluated
as uncertainties of Type A and Type B. Although, the combination of both types of uncertainties
does not seem to be explicitly addressed in the GUM framework (BIPM et al., 2008a), an
additive combination is commonly used in the literature, e.g. (Bell, 2001; Kirkup and Frenkel,
2006; Niemeier and Tengen, 2020). Considering ¢ (¢ = 1...N) uncertainty components of
Type A and j (j = 1... M) components of Type B with standard uncertainties ua ; and upj,
respectively, allows estimating the resulting combined standard uncertainty as (Niemeier and
Tengen, 2020):

ol

ue(y) = [ D uk, + Y up (D.12)
i j

According to equation (D.8), ¢; = 1 and ¢; = 1 are valid for a purely additive model. Therefore,
equation (D.12) can also be used to obtain the combined standard uncertainty u.(y) for any
number of additive uncertainty components disregarding their specific type (Type A or Type
B). This generalization is especially useful when uncertainties are tabulated and analyzed using

uncertainty budgets.

D.1.4. Identifying and Reporting Uncertainty

So-called fishbone diagrams, which are also known as cause-and-effect diagrams or Ishikawa
diagrams, are commonly used to identify potential sources of uncertainties (Coskun and Ooster-
huis, 2020; Ellison and Williams, 2012). To create such diagrams, each input of the measurand
model is analyzed and branched out until negligible effects are considered in each subbranch.
To identify effects which can be summarized in a single contribution or effects which cancel out
each other, possible duplications are rearranged and resolved. Furthermore, effects of the same
or a very similar category are relabelled to ensure consistent naming and simplify distinction
from non-related effects. A detailed introduction about constructing fishbone diagrams is given
by (Ellison and Williams, 2012).

For uncertainty calculation and reporting, however, uncertainty budgets in which uncertainty
analysis results are summarized in a tabular form are commonly used (BIPM et al., 2008b).
A basic procedure for creating uncertainty budgets is presented by (Bell, 2001). While not
standardized, uncertainty budgets commonly state information about each quantity considered
in the uncertainty quantification, its estimate z;, the attributed standard uncertainty u(x;), the
sensitivity coefficient ¢; and its uncertainty contribution |¢;| - u(x;) (Bell, 2001; BIPM et al.,
2008b; Grykalowska et al., 2015). Furthermore, information about the assigned PDF or coverage

factor k used to calculate the expanded uncertainty U should be provided.
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Since equation (D.8) can only be used to calculate the required sensitivity coefficients if
the partial derivatives of the measurand model are known, such coefficients cannot be easily
estimated if PDFs are propagated with MCM. For such cases, (BIPM et al., 2008b) suggest
keeping all but one input quantity constant during MCM to estimate a single variable PDF.
Using this PDF, the related sensitivity coefficients can be calculated as the ratio of the standard
uncertainty of the resulting model values and the standard uncertainty of the best estimate of
the relevant input quantity (BIPM et al., 2008b). Although this approach is a generalization
of equation (D.8), the obtained sensitivity coefficients differ, since higher-order terms of the
Taylor series expansion are not neglected (BIPM et al., 2008b). Therefore, (BIPM et al., 2008b)
emphasize to use uncertainty budgets as a qualitative tool to identify predominant uncertainty
contributions.

For data reporting, providing two significant digits for both estimates and the associated
uncertainties is commonly considered sufficient (BIPM et al., 2008a). Furthermore, (BIPM et al.,
2008a) suggest to round up calculated uncertainties as this mitigates round-off errors. To state a
numerical result y with its associated (combined) standard uncertainty u.(y), a compact bracket
notation is used in this work; the expressions (100.02147 £ 0.00035) g and 100.02147(35) g
are equivalent (BIPM et al., 2008a). Although uncertainties crossing the decimal point, e.g.
(100.2 &+ 1.1) g, are not explicitly addressed in (BIPM et al., 2008a), such measurements are
often expressed as 100.2(1.1) g or 100.2(11) g, since the bracket notation refers to the number of
significant digits provided in the bracket.

D.2. Uncertainty Quantification and Propagation

D.2.1. Software-Assisted Uncertainty Quantification and Propagation

While uncertainty quantification and propagation is rather straightforward for purely additive
uncertainty components or simple measurand models, determining the required partial derivatives
for uncertainty components with more complicated measurand models can quickly become
laborious and is prone to errors if done manually. Therefore, the uncertainty analyses performed
for the data presented in this work are built on the uncertainties and GUM Tree Calculator
packages for the Python programming language; see (Lebigot, 2017) and (Hall, 2022) for details
about the respective packages. While the uncertainties package is especially helpful, since
uncertainty propagation is automatically performed alongside the evaluation of the measurand
model based on automatic differentiation, the GUM Tree Calculator package allows assessing
the uncertainty attributed to sensor calibrations and provides extensive methods for uncertainty
formatting and reporting. Despite the well-reviewed performance of both packages, obtained
results were cross-checked against manual uncertainty calculations on a random basis. The
partial derivatives required for these checks were calculated using the SymPy library (Meurer
et al., 2017).

However, numerical or iterative calculation routines, such as calculation of feed boiling point,
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number of theoretical stages, number of transfer units etc., do not rely on an algebraic measurand
model f(z;) and the partial derivatives g—zf,, which are required for uncertainty quantification
based on the law of propagation of unccrtéinty, see equation (D.10), are commonly unknown.
Therefore, uncertainties are quantified using Monte Carlo methods based on (BIPM et al.,
2008b; Veen et al., 2021) for these cases. Although advanced software tools are available for the
corresponding simulations and uncertainty analyses, the Monte Carlo simulations performed
in this work were fully integrated into the data evaluation workflow using the pseudo-random
number generators and associated probability functions provided by the NumPy package, see
(Harris et al., 2020).

Combining the aforementioned software packages with MCM allows a consistent propaga-
tion of relevant uncertainties through the data evaluation workflow, which is summarized in
appendix E.5.1. As shown in table E.3, the automated uncertainty propagation requires in-
formation about the initial uncertainties attributed to sensor readings or calibration samples.
Therefore, combined standard uncertainties associated with relevant plant sensor readings and
calibration procedures as well as applied simplifications and assumptions are quantified manually
and summarized in the following sections. Experimental results and their associated combined

standard uncertainties are summarized in appendix F.1.

D.2.2. Sample Analysis and Mixture Composition

Sample analysis based on density measurements and the corresponding method calibration are
commonly affected by impurities of the used chemicals. However, no information about relevant
impurities are given in the certificates of analysis, see appendix B.

In addition, considering impurities in both chlorobenzene and ethylbenzene results in a multi-
component mixture for which simplified mixing rules may not apply. This is especially relevant
since mixture density and mixture molar mass are related to the mixture composition but are also
required to establish a density calibration curve. Due to the lack of the respective specifications,
no reliable approach accounting for the potential impurities could be identified. Therefore, any
impurities are neglected, and the chemicals used for the experimental investigations are assumed
to be pure.

For the density calibration used for sample analysis, samples with known composition were pre-
pared by mass using a laboratory scale of type Practum 224-1S (Sartorius, Gottingen/Germany).
The sample composition and density data were already listed in table C.3. The uncertainty
budget of the laboratory scale is given in table D.1. As (Sartorius, 2022) specified the scale’s
repeatability as a standard deviation, it can directly be used as a standard uncertainty (Ellison
and Williams, 2012). Furthermore, the uncertainty component due to linearity is considered
twice as it affects both tare and gross weight (Ellison and Williams, 2012). Temperature-induced

sensitivity drift is neglected.
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Table D.1.: Uncertainty budget for laboratory scale, specification as per (Sartorius, 2022)

uncertainty component  specification PDF divisor standard uncertainty
- mg - - mg
readability 0.1 rectangular 2.3 0.029
repeatability 0.1 0.1

linearity (tare) 0.2 rectangular 2-V3 0.058
linearity (gross) 0.2 rectangular 2-/3 0.058
combined standard uncertainty 0.13
expanded uncertainty (k = 2) 0.26

Using the uncertainties package, the combined standard uncertainties attributed to the
weighed-in masses are propagated to the mixture compositions, which are represented by mass
fractions wcp, see equation (C.2a), and molar fractions zcp, see equation (C.2b). Obtained
results are summarized in table C.3, were randomly double-checked against manual calculations
and showed good agreement with the automated uncertainty quantification.

Although uncertainties of the molar masses Mcp and Mgp can be determined based on (Veen
et al., 2016; Veen et al., 2021), the respective values are assumed to be unaffected by any
uncertainty. This assumption seems especially reasonable as mixture impurities, which would
potentially result in additional uncertainty components affecting the molar mass of the mixture,
are also neglected.

As described in section 3.4, the liquid mixture density of the prepared samples was measured
using a DMA 4100 M digital density meter (Anton Paar Germany, Ostfildern/Germany)
equipped with an autosampler Xsample 530 (Anton Paar Germany, Ostfildern/Germany). Each
measurement was performed at a constant nominal temperature of 20 °C. Prior to the density
analyses, the system was checked using the device’s air/water adjustment procedure. In addition,
the manufacturer suggested assessing potential linearity effects by cross-checking the density
reading of a high purity substance of molecular structure and density similar to the analyte.
While ultrapure water and a water reference standard were used for the air/water adjustment
procedure, the linearity assessment was performed with toluene, since its properties are similar
to those of chlorobenzene and ethylbenzene. The specifications of the respective chemicals can
be found in table B.2. The system passed both the air/water adjustment procedure and the
toluene cross-check. No density adjustments were necessary and the least significant digit of the
measured density was within the literature reference?.

Regarding the accuracy of the digital density meter, (Anton Paar, 2021) provides information

about both the density measurement itself and the temperature control of the measuring cell.

4As the density is not stated in the certificate of analysis (Fisher Scientific, 2022a), values from (Fisher Scientific,
2022b; National Center for Biotechnology Information, 2022) were used for reference.
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Since repeatability and reproducibility of the density measurements are specified as standard
deviations, the respective values can be interpreted as standard uncertainties; see (Ellison and
Williams, 2012). The same applies for the repeatability of the measuring cell temperature.
Furthermore, accuracies for both density and temperature readings are given in (Anton Paar,
2021). While density related information can directly be associated with the measured density
value, the effect of temperature depends on the mixture composition.

The uncertainty attributed to the measuring cell temperature was evaluated as shown in
table D.2. As all density measurements were performed at a nominal temperature of 20 °C, a cell

temperature of 20.000(22) °C is obtained after propagating relevant uncertainty components.

Table D.2.: Uncertainty budget for measuring cell temperature of digital density meter, specification as per (Anton

Paar, 2021)
uncertainty component  specification PDF divisor standard uncertainty
- K - - K
repeatability 0.02 0.02
accuracy 0.03 rectangular 2-/3 0.0087
combined standard uncertainty 0.022
expanded uncertainty (k = 2) 0.044

The effect of the uncertainty in cell temperature on mixture density is evaluated based on
the temperature dependent density of the pure mixture components and a density mixing rule,
see equations (C.4) and (C.5). Without considering any deviations® in the density correlation
given in equation (C.5), the combined standard uncertainty determined in table D.2 was
propagated through equation (C.5) using the uncertainties package (Lebigot, 2017). For a
temperature of 20.000(22) °C, pure component densities of pr,cp = 1106.008(22) kgm ™2 and
pLEB = 866.700(18) kgm ™3 are obtained. The effect of temperature on the uncertainty in
mixture density was assessed by evaluating equation (C.4) over the complete concentration
range® of zcg = 0...1molcp 11101;01 which results in a maximum standard uncertainty of
Ue(pL,mix) = 0.022kg m~3, see table D.3. The molar masses of chlorobenzene and ethylbenzene

are given in table C.1, uncertainties associated with the molar masses were neglected.

5As (Ottenbacher et al., 2011) give a mean deviation of 0.085 % between predicted and experimental values,
deviations in the density polynomial defined in equation (C.5) are neglected.

5In accordance with (Bradtmoller, 2017; Ottenbacher et al., 2011), excess volume V¥ is not considered in
equation (C.4).
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Table D.3.: Temperature effect on uncertainty associated with mixture density, pr,mix calculated according to equa-
tion (C.4) for pr,cp = 1106.008(22) kgm ™ and pr, s = 866.700(18) kgm >

ICB TEB PL,mix
molcp molt’oﬁ molgp molt’oﬁ kg m3
0.00 1.00 866.700(18)
0.05 0.95 876.725(19)
0.10 0.90 886.923(19)
0.20 0.80 907.856(19)
0.30 0.70 929.534(19)
0.40 0.60 951.999(20)
0.50 0.50 975.295(20)
0.60 0.40 999.468(21)
0.70 0.30 1024.570(21)
0.80 0.20 1050.653(21)
0.90 0.10 1077.778(22)
0.95 0.05 1091.751(22)
1.00 0.00 1106.008(22)

The uncertainty budget for the density measurements conducted with the digital density meter,
see table D.4, is finally obtained by combining the uncertainty component of the measuring
cell temperature as well as the manufacturer’s specifications directly related to the density

measurement itself.

Table D.4.: Uncertainty budget for density measurements, specification as per (Anton Paar, 2021), originally given in
3

gem™°, see tables D.2 and D.3 for effect of measuring cell temperature
uncertainty component  specification PDF divisor standard uncertainty
- kgm™3 - - kgm™3
repeatability 0.01 0.01
reproducibility 0.05 0.05
accuracy 0.1 rectangular 2.3 0.029
cell temperature 0.022
combined standard uncertainty 0.063

expanded uncertainty (k = 2) 0.126
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While table D.4 provides the maximum combined standard uncertainty to expect for density
measurements at 20.000(22) °C, the values listed in table C.3 are calculated with composition
dependent temperature effects. However, very similar uncertainties are obtained for both cases.
As table C.3 also contains multiple density measurements of samples with identical composition,
the standard deviation of the mean is considered as an additional uncertainty component.
Respective Type A and Type B uncertainties are combined according to equation (D.12).

To finally quantify the uncertainty in mixture composition, the estimated combined standard
uncertainty associated with the mixture density uc(pr,mix) is propagated through the regression
polynomial of the density calibration curve illustrated in figure C.1 using the uncertainties
package (Lebigot, 2017). Obtained uncertainties uc(pr,mix) were cross-checked against manual

calculations according to equation (D.13):

Ozcp
OPL,mix

Uc (xCB) = . u(pL,mix)

(D.13)

= (3a3 P}, mix + 202 PLomix + a1) - U(PLmix)

As can be derived from equation (D.13), the maximum uncertainty in mixture composition
is obtained for large liquid mixture densities which is given for xcg — 1.0 kmolcp kmol;i as
pL.cB > pLEB. Using an experimental setup similar to that used in this work, (Bradtmoller,
2017) obtained a maximum molar fraction of zcp &~ 0.87kmolcp kmolt’[j which corresponds
t0 pLmix ~ 1.07gem™3. Considering the combined standard uncertainty from table D.4, the
maximum expectable uncertainty in mixture composition is estimated for a sample density of
pL.mix = 1.070000(63) gcm’3. Furthermore, an additional uncertainty component attributed to
the maximum deviation of the density calibration polynomial .y, see equation (C.3b), was
estimated assuming a rectangular PDF. The respective standard uncertainties are summarized
in table D.5.

Table D.5.: Uncertainty budget for mixture composition, prmix = 1.070000(63)gem™ (zcp = 0.86827(23)
molcs mol[ot), uncertainty of density reading according to table D.4, maximum absolute deviation of
regression polynomial according to table C.2

uncertainty component  specification PDF divisor standard uncertainty
- molcp mol - - molcp mol
density analysis 0.00023
regression polynomial £0.000 36 rectangular V3 0.00021
combined standard uncertainty 0.000 31

expanded uncertainty (k = 2) 0.000 62
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D.2.3. Molar Mass of Mixtures

As molar masses My, Mp, Mg, My, are calculated according to equation (C.1), associated
combined standard uncertainties, uc(Mp), uc(Mp), uc(Mp) and uc(Mpyp), are quantified by
propagating the uncertainties of the corresponding molar fractions, uc(zr), uc(zp), uc(zp) and
Ug(Zmpb) OF Uc(Ymp). Although uncertainties of the pure component molar masses, uc(Mcp) and
uc(Mgg), can be determined based on (Veen et al., 2016; Veen et al., 2021), the respective

molar masses are assumed to be unaffected by any uncertainty.

D.2.4. Excess Volume

Excess volume was not only determined based on density analyses, but also predicted the
determined Redlich-Kister parameters. Therefore, the uncertainties associated with experimental
and predicted values need to be assessed separately. As the uncertainties package (Lebigot,
2017) was consistently used to quantify uncertainties associated with mixture compositions and
density readings, the uncertainty propagation for the excess volume was also fully automated
based on the corresponding equations.

The composition of the prepared liquid samples as well as the results of the corresponding
density analyses and the associated uncertainties are summarized in table C.3. While any
uncertainty components attributed to the molar mass M; are assumed to be negligible, the
uncertainties in the molar fraction 2cg and the density readings py,; were propagated through
equation (C.22). As highlighted in the context of figure C.2, a considerably larger uncertainty

u(VZE,) was obtained at wcp = 0.5molcp molg,t which results from deviations in the least

exp
significant digit of the individual density readings, see table C.3 for explicit values.
Although the uncertainty of the determined Redlich-Kister parameters was not assessed,

the uncertainty in the predicted excess volume u(VE

pred) can be quantified similarly as the

predicted excess volume is calculated by inserting both the regressed Redlich-Kister parameters
from table C.12 and the mixture compositions from table C.3 into equation (C.23). To finally
quantify deviations between experimentally observed and predicted excess volume, VCEP and

VpF;Cd, absolute and relative deviations were determined, see appendix C.9 for details.

D.2.5. Column Geometry and Packing Specification

Calculating the column load and quantifying separation performance requires information on
the column dimensions, packing specifications and the height of the packed bed. As already
summarized in table A.1, uncertainties associated with geometric parameters are determined
based on the general tolerances specified in (DIN ISO 2768-1, 1991).

Since the distillation column is made from borosilicate glass, which commonly shows consider-
able geometric deviations, tolerances of class very coarse are assumed. The same tolerance class
was used for the height of the packing elements as the corrugated metal sheets were manually

cut to size in the manufacturer’s production routine. However, as wire EDM (electrical discharge
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machining) was used to ensure consistent packing diameters with tight tolerances, fine tolerances
are considered for this dimension. For both width and height of the corrugated packing channels,
medium tolerances are taken into account.

As shown in equation (D.14), the height of the packed bed Hypeq is calculated with the
number of packing elements installed in the column, N, = 24, and the height of each element,

hp = 102mm. The associated uncertainty uc(Hped) is obtained from uncertainty propagation.
Hbed = Np . hp (D14)

Since the number of packing elements installed in the column is known exactly, u(Np) = 0 is
used for the associated uncertainty. The uncertainty of the height of a packing element u(hy)
is documented in table A.1. Uncertainties associated with void fraction uc(ep), the fraction of
surface area occupied by holes and uc(€,) packing surface tension wuc(op,) are not stated in the

used literature sources and thus neglected.

D.2.6. Operational Parameters

In general, uncertainty analysis should be performed for the measuring chain, which is used to
acquire process data, as well as subsequent data processing or calculations. For sensors with
digital communication interfaces, all signal processing and conversion is performed in the sensor
itself and thus, covered by the manufacturer’s specifications. However, for analog sensors, an
additional signal transfer and acquisition is required which results in additional uncertainty
contributions. Therefore, different uncertainty components need to be considered depending on
the sensor configuration and data acquisition hardware.

The uncertainty analyses elaborated in this section cover the most common uncertainty
contributions relevant for each sensor reading or measuring chain. Unless otherwise stated, all
considerations cover a single sensor or instrument reading. As stated in section 3.5, operational
parameters are evaluated during steady-state plant operation and averaged over the respective
time period. Therefore, an additional uncertainty component attributed to calculating the
respective mean value is considered as part of the data processing and evaluation, but not stated

in the uncertainty budgets presented in this section.

D.2.6.1. Liquid Feed Density (Inline Measurement)

The inline measurement of the feed density obtained from sensor D101 was used to identify
steady-state plant operation, see section 3.3.3.2. Albeit its exact numerical value is not needed
for experiment evaluation, its associated uncertainty is evaluated in table D.6 to support the
trends illustrated in figure A.1.
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Table D.6.: Uncertainty budget for density readings from sensor D101, specification as per (Krohne, 2016)

uncertainty component  specification PDF divisor standard uncertainty
- kgm™3 - - kgm™3

sensor +2.0 rectangular V3 1.15
combined standard uncertainty 1.15
expanded uncertainty (k = 2) 2.30

D.2.6.2. Temperatures and Pressures

In contrast to the used Coriolis mass flow meter or the scales, operating temperatures and
pressures were measured by sensors with analog output signals. Therefore, the uncertainty
analysis of the respective process values cannot solely rely on deviations as specified by the
sensor manufacturer, and information about the signal processing and recording equipment
need to be taken into account additionally. (Scheller and Krummeck, 2018) provide a detailed
discussion about uncertainty analysis for temperature measurements and address relevant
uncertainty components related to the sensor itself, sensor connection (cable), signal processing,
analog-to-digital conversion, cold junction temperature etc. Although (Scheller and Krummeck,
2018) explicitly address uncertainties in temperature measurements, their approach can be
generalized for any analog measuring chain.

Regarding the temperature readings used in this work and their associated uncertainties,
digital and analog as well as calibrated and uncalibrated temperature sensors or measuring
chains need to be distinguished. An overview of analog and digital sensor signals as well as
sensor calibration is given in table D.7. Accuracies of used temperature sensors and, in case
sensors were calibrated, calibration results were already summarized in appendices A.3 and A.5,

respectively.

Table D.7.: Overview of temperature measuring chains

sensor tag sensor signal sensor calibration

analog digital calibrated uncalibrated
T101 X X
T604 X X
T605 X X
others X X

Since temperature sensor T101 delivers a digital sensor signal, the attributed uncertainty

is quantified based on the sensor accuracy specified by the manufacturer, which includes any
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deviations or uncertainties due to signal processing and analog-to-digital conversion. The

respective uncertainty evaluation for temperature sensor T101 is summarized in table D.8.

Table D.8.: Uncertainty budget for temperature sensor T101, specification as per (Krohne, 2016)

uncertainty component  specification PDF divisor standard uncertainty
- K - - K

sensor +1.0 rectangular V3 0.58
combined standard uncertainty 0.58
expanded uncertainty (k = 2) 1.16

Since temperature sensors T604 and T605 were used uncalibrated, the general accuracy
specified in (DIN EN 60751, 2009) is used for the respective uncertainty. The accuracy of
the data acquisition module is specified by the manufacturer and includes all errors related to
signal processing and conversion (Keysight Technologies, 2020). Potential deviations due to
connection leads (cables) are not considered, since all RT'Ds were installed in 4-wire configuration
which should eliminate any asymmetries in the measured resistances. Effects due to varying
operating temperatures of the data acquisition modules, which can be considered by using the
temperature coefficient specified by the manufacturer, see (Keysight Technologies, 2020), are
neglected. Results of the uncertainty evaluation for temperature sensors T604 and T605 are
listed in table D.9.

Table D.9.: Uncertainty budget for temperature sensors T604 and T605, specification for sensor as per (DIN EN
60751, 2009), specification for data acquisition as per (Keysight Technologies, 2020)

uncertainty component  specification PDF divisor standard uncertainty
- K - - K

sensor +0.5 rectangular V3 0.29

data acquisition +1.0 rectangular V3 0.58
combined standard uncertainty 0.65
expanded uncertainty (k = 2) 1.30

All other analog temperature sensors were calibrated as described in appendix A.5. As the
temperature sensor calibration covered the full measuring chain comprising the temperature
sensor, the connection leads and the data acquisition, all relevant uncertainty components are
included in the estimated maximum standard deviation of 0.14 K. For the sake of simplicity,
and due to the high number of used temperature sensors, the estimated maximum standard

deviation is attributed to all readings obtained from the calibrated temperature sensors. Similar
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to the uncalibrated analog temperature sensors, effects due to varying operating temperatures
of the data acquisition modules are neglected. The resulting uncertainty budget is given in
table D.10.

Table D.10.: Uncertainty budget for calibrated temperature sensors, standard uncertainty estimated using the GUM
Tree Calculator (Hall, 2022) based on sensor calibration data, see appendix A.5

uncertainty component specification PDF divisor standard uncertainty
- K - - K
measuring chain calibration and regression 0.14
combined standard uncertainty 0.14
expanded uncertainty (k = 2) 0.28

For the uncertainty associated with the pressure sensor readings, an ideal signal conversion
in the sensor” and an ideal signal transfer from the sensor to the data acquisition is assumed.
Furthermore, quantization errors due analog-to-digital conversion seem negligible® and are thus,
not considered. The effect of operating temperature is not considered.

For absolute pressure sensors P201 and P204, a process pressure of p = 0...1.5bar(a)
is represented by a sensor output signal of 4...20mA. Therefore, the sensor resolution is
1.5bar(a)/16mA = 0.093 75 bar(a) mA~*. Assuming a nominal operating pressure of p, =
100 mbar(a) results in a current signal of about 5.07 mA. The respective measurement uncertainty
analysis for this operating point including uncertainty components due to data acquisition is

summarized in table D.11.

Table D.11.: Uncertainty budget for pressure sensors P201 and P204, p = 100 mbar(a) (5.07mA), specification for
sensor as per (E+H, 2004), specification for data acquisition as per (Keysight Technologies, 2020)

uncertainty component  specification PDF divisor standard uncertainty
- mA - - mA

sensor +0.02 rectangular V3 0.012

data acquisition +0.0045 rectangular V3 0.0026
combined standard uncertainty 0.012
expanded uncertainty (k = 2) 0.024

"Measured pressure is internally converted into the output current signal.

8Common quantization error: + 1bit. Data acquisition: 22 bits. Output signal resolution of pressure sensors:
1pA for sensors P201 and P204 (E+H, 2004), 6 pA for sensors P202 and P203 (VEGA, 2014). Measuring
range: 100mA = Resolution of data acquisition: 0.024 pA per bit.
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Table D.11.: Uncertainty budget for pressure sensors P201 and P204, p = 100 mbar(a) (5.07mA), specification for
sensor as per (E+H, 2004), specification for data acquisition as per (Keysight Technologies, 2020)
(continued)

uncertainty component  specification PDF divisor standard uncertainty
- mA - - mA
conversion based on sensor resolution mbar(a)
combined standard uncertainty 1.11
expanded uncertainty (k = 2) 2.22

The uncertainty of differential pressure sensors P203 and P204 is analyzed similarly. The
output signal of 4...20mA covers a measuring range of Ap = —25...25mbar which results
in a sensor resolution of 50 mbar/16 mA = 3.125 mbarmA ™. Since the maximum differential
pressure along each section of the packed bed is reached for flooding, exemplary sensor readings of
Ap = =+ 15mbar should be considered®. Although readings of Ap = 15 mbar and Ap = —15mbar
could generally be expected depending on the arrangement of the pressure lines, uncertainty
analysis is only carried out for Ap = 15 mbar (equivalent to a sensor signal of 16.8 mA), which
is the higher sensor output signal and thus, affected by the higher uncertainty. The uncertainty

budget of pressure sensors P202 and P203 is given in table D.12.

Table D.12.: Uncertainty budget for pressure sensors P202 and P203, Ap = 15mbar (16.8mA), specification for
sensor as per (VEGA, 2014), specification for data acquisition as per (Keysight Technologies, 2020)

uncertainty component — specification PDF divisor standard uncertainty

- mA - - mA

sensor +0.02 rectangular \/3 0.012

data acquisition +0.0057 rectangular V3 0.0033

combined standard uncertainty 0.012

expanded uncertainty (k = 2) 0.024
conversion based on sensor resolution mbar

combined standard uncertainty 0.038

expanded uncertainty (k = 2) 0.076

9The height of each bed section installed in the column is 1224 mm. Furthermore, a specific pressure drop of
12mbarm™" is commonly used for Mellapak-type packings at flooding (Lockett et al., 2006). Therefore, a
maximum pressure drop of Ap = 12mbarm ™" - 1.224 m & 15 mbar is obtained. A possible inverse arrangement
of the pressure lines is considered by the respective negative value.
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D.2.6.3. Feed Flow

As readings from the Coriolis mass flow meter F101 are acquired via its digital communication
interface, all accuracy information required for the uncertainty analysis are directly obtained
from the manufacturer’s specification. According to the specification, see table A.4, the accuracy
of the sensor reading depends on the actual value of the mass flow. The uncertainty analysis
for a nominal mass flow of mp = 14kg/h, as used for experiment 604-2, is summarized in
table D.13.

Table D.13.: Uncertainty budget for mass flow meter F101, mr = 14kg h~!, recorded data from experiment 604-2,
specification as per (Krohne, 2016)

uncertainty component  specification PDF divisor standard uncertainty
- kgh™! - - kgh™!
sensor +0.021 rectangular V3 0.012
combined standard uncertainty 0.012
expanded uncertainty (k = 2) 0.024

The molar feed flow F is calculated with the feed mass flow rip and the molar mass of
the feedstock mixture My according to equation (3.16a), which allows propagating relevant

uncertainties, uc(mp) and uc(Mp).

D.2.6.4. Distillate and Bottom Product Flows

As both distillate and bottoms mass flows are measured gravimetrically, the uncertainties of the
scales W401 and W402 need to be analyzed. (Ellison and Williams, 2012) provide an extensive
overview of the evaluation of common sources of uncertainties for scales and balances. However,
the data required for a full uncertainty quantification were not available for the scales used in
this work. Therefore, uncertainties are quantified with sparse specifications, see table A.4, and
are only valid to a limited extent. The uncertainties of scales W401 and W402 are evaluated in
tables D.14 and D.15. In contrast to (Kern & Sohn, 2021), (Sartorius, 2014) do not give any
specifications for both the reproducibility and the linearity of the scale. Therefore, suitable

approximations as suggested by (Ellison and Williams, 2012) are used.
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Table D.14.: Uncertainty budget for scale W401, specifications as per (Kern & Sohn, 2021)

uncertainty component  specification PDF divisor standard uncertainty
- g - - g
readability 0.1 rectangular 2.3 0.03
reproducibility 0.1 rectangular 2.3 0.03
linearity +0.3 rectangular V3 0.17
combined standard uncertainty 0.18
expanded uncertainty (k = 2) 0.36

Table D.15.: Uncertainty budget for scale W402, specifications as per (Sartorius, 2014) or approximated according to
(Ellison and Williams, 2012)

uncertainty component — specification PDF divisor standard uncertainty
- g - - g
readability 1.0 rectangular 2-/3 0.29
reproducibility approximation: half of readability 0.50
linearity approximation: half of readability 0.50
combined standard uncertainty 0.76
expanded uncertainty (k = 2) 1.52

As elaborated in section 3.5.2 and illustrated in figure E.2, multiple weighing cycles are
evaluated by linear regression. While the uncertainty components listed in tables D.14 and D.15
are passed to each regression, potential systematic offsets between scale readings are neglected
as they should cancel out each other. After removing potential outliers by IQR, remaining mass
flows are arithmetically averaged to obtain a single mass flow for the respective steady state.
Therefore, the associated standard uncertainty is quantified by the standard deviation of the
mean, see equation (D.5), and propagated to further calculations.

To be consistent with section 3.5 and figure E.2, exemplary uncertainty quantification is
shown for experiment 604-2. To calculate the uncertainty associated with the distillate and
bottoms mass flows, u(mmp) and w(mg), respective mass flows are recalled from figures E.2a
and E.2b. The according arithmetic means and their standard deviations are summarized in
table D.16.
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Table D.16.: Uncertainty evaluation for distillate and bottoms mass flows, mp and 7, regression results as per
figures E.2a and E.2b

weighing cycle mp mp
kgh~! kgh~!
1 12.67 0.85
2 12.62 1.04
3 12.65 1.04
4 12.61 1.32
5 12.63 1.40
6 12.68 1.18
arithmetic mean 12.642 1.14
(combined) standard uncertainty 0.030 0.20
expanded uncertainty (k = 2) 0.060 0.40

Molar distillate and bottom product flows, D and B, are calculated according to equa-
tions (3.16b) and (3.16¢), respectively, which allows propagating relevant uncertainties uc(rp)

and uc(Mp) as well as uc(rmp) and ue(Mp).
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E.1. Algebraic Integration for NTU

The number of transfer units NTU,g was introduced in equation (2.54a). While NTU,q is
often calculated numerically using discrete values, see section 2.2.3.2, an algebraic calculation
of NTU,q seems to be less common and was not found in the literature. Therefore, suitable
procedures to solve equation (2.54a) algebraically are presented here. Although the respective
procedure slightly varies depending on the reflux condition of the column (total vs. partial
reflux), the underlying concepts are based on the same approach.

As the molar fraction in the bulk of the gas phase y” is defined by the operating line(s), y®
is substituted with the term y°P. Furthermore, both the equilibrium curve y°? and the bulk
concentration y® are functions of the molar fraction in the liquid phase x. Functions fi(z) and
f2(z) are introduced to obtain a more general expression for NTU,g. Therefore, equation (2.54a)
can be written as:

Ytop 1

NTU,q = / ——dy

eq —
Y Ybottom Yy y

/ytop 1 d
N yea—gor Y B
Ybottom Yol —yop ( )

Ytop 1 .
- /um fil@) = @) Y

The equilibrium curve ¥4, which is substituted by fi(z), was already introduced in equa-

tion (2.3) and is recalled here:

12 - T

Y=
1+((112—1)~1‘1

(2.3)

Equation (E.1) shows that the limits of integration as well as the integration variable are in y,
while the integrand is a function of . These can be homogenized by introducing the generalized

function y = f(z), the inverse function z = g(y) and the first derivative f’(z):
y= 1) (E20)

z=g(y) (E.2b)
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dy = f'(z)d= (E.2¢)

E.1.1. Total Reflux

Considering total reflux, the operating line is equal to the diagonal. Therefore, both fi(x) and

f2(z) required to solve equation (E.1) are known:

a-T

filz) = @-D-z+1 (E.3a)

fa(x) =2 (E.3b)

Furthermore, equation (E.3b) is used to define the inverse function ga(y;) as well as the

derivative f}(z):
92(yi) = (E.4a)
) =1 (E.4b)

Combining equations (E.3a) and (E.4) with equation (E.1) results in an integral for NTU,g

which can be evaluated algebraically:

92 (Ytop) 1

NTUGz/ 1
T gamoron) S1(@) = fa(x)

Ttop 1
= / ST E——— dx
Thottom (a—1)-z+1

E.1.2. Partial Reflux

- f3e) da
(E:5)

For partial reflux, both the rectifying and the stripping section operating lines, y®O and ¢SO,

need to be considered. Since both operating lines and the feed line yFL intersect at (zis, Yis), &
non-smooth function fy(x) is obtained in the integrand requiring a sectionwise integration.
The respective operating lines were already defined in equations (2.23) and (2.27). In addition,

the feed line yFT is recalled from equation (2.34):

ROL v 1
= . — 2.23
y v+1 I+V+1 D ( )
/
SOL v 1
= cxr— 2.2
4 v -1 T v -1 B (2.27)
Sro 1o (2.34)
q—1 g—1

The reboil ratio ¢/, which is part of equation (2.27), is commonly not known explicitly, but
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can be determined based on the intersection between the rectifying section operating line and

the feed line:

ROL !  FL
Y =y

= ($i57 yis)

—
(2.27)

The intersection (zis, yis) also defines the bounds for the sectionwise integration. Combining

filw) =y (E.Ta)
fa(z) = y>" (E.7b)
fa(w) = yROF (E.7¢)

with equations (E.1), (E.2b) and (E.2c) results in:

NTU / o LR
G = ——dy
’ Ybottom fl (1") - fZ(T/')

Yis 1 Ytop 1
R ey ol Al M ey et ®8)
93(is) 1 94 (Ytop) 1
- T @ @ - fi(z)dz
/573(y1»omun) f1 (I) - fi(l’) fs(ﬁ) o /94(yis) fi (ir) — fa(x) f4(T) v

Since fi(x), f3(x) and f4(z) are defined in equations (E.7a) to (E.7c), the inverse functions
g3(y:) and g4(y;) as well as the derivatives f}(z) and f(x) required for equation (E.8) can be
determined. Integrating the obtained equation algebraically finally results NTUyg.
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E.2. Outlier Removal with IQR

(a)

mp in kg h-1

(b)

pp in bar(a)

o)

pp in bar(a)
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Figure E.1.: Exemplary outlier removal with IQR for recorded process data of experiment 604-2;

(a): feed mass flow, sensor F101, rap = 14400(2)kgh’1;

(b): column head pressure, sensor P201, pr, = 0.0998(13) bar(a);
(c): pressure below bed, sensor P204, pi, = 0.1217(14) bar(a);
combined standard uncertainties not indicated to improve readability
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(d)

Y in °C

efiltered data oraw data
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Figure E.1.: Exemplary outlier removal with IQR for recorded process data of experiment 604-2;
(d): feed temperature, sensor T101, ¥¢ = 61.70(58) °C;
(e): column head temperature, sensor T102, ¥y, = 65.32(14) °C;
(f): temperature below packed bed, sensor T214, ¥y, = 70.46(15) °C;
combined standard uncertainties not indicated to improve readability (continued)
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E.3. Mass Flow Determination with Linear Regression
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Figure E.2.: Exemplary determination of distillate and bottoms mass flow by linear regression for experiment 604-2,
numbers annotated in diagrams state determined mass flows in kgh™!;
(a): distillate mass flow determined from readings of scale W401, tank B401, rp = 12.64(3) kgh™%;
(b): bottoms mass flow determined from readings of scale W402, tank B402, 7 = 1.14(20) kgh™;
(c): bottoms mass flow calculated by the plant control system, i = 0.00kgh™" is obtained after
filtering which does not represent steady-state operating conditions correctly
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E.4. Constructability Check for McCabe-Thiele Approach

To exclude thermodynamically invalid sets of input parameters and to ensure constructability
of McCabe-Thiele stage constructions, the conditions summarized in table E.2 are evaluated
during data processing. Performed checks cover the order of mixture compositions zp, zp and
xp as well as the position of the intersection between feed line and stripping line (zis, yis) in

relation to the equilibrium curve.

Table E.2.: Conditions of constructability check for McCabe-Thiele stage constructions

condition to check

1 order of compositions
1.1 zp <ap
1.2 zp <uzp
2 intersection between feed line and stripping line
2.1 yis <y wss)
2.2 2% (yis) < s

E.5. Software

To reduce manual errors in experiment evaluation, an automated data processing routine was
implemented using the Python programming language (Python, 2022). In this section, core
features and software structure are documented briefly. The code base can be retrieved from

the supplemental data repository, see (Gutperl and Wolke, 2024).

E.5.1. Data Evaluation Workflow

The data evaluation procedure comprises multiple consecutive steps. The data loaded from
data storage, see appendix E.5.6.3, and intermediate results are partially validated against each
other to detect inconsistent datasets and to abort evaluation on critical errors. A brief overview

of the implemented workflow is summarized in table E.3.
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E.5.2. Package Dependencies and Installation

Data processing and data handling are heavily based on NumPy (Harris et al., 2020), pandas
(McKinney, 2010; Pandas, 2021) and SciPy (Virtanen et al., 2020). Uncertainty estimation
and quantification, see appendix D.2, are partially based on the GUM Tree Calculator (Hall,
2022) and uncertainties (Lebigot, 2017) packages as well as the SymPy (Meurer et al., 2017)
library. A command-line interface (CLI) for simplified mass imports and evaluation of multiple
experiments was implemented using Click (Pallets Organization, 2014).

To set up the Python toolchain for data evaluation, using a conda-based environment is
recommended. For this, required package dependencies are specified in the environment.yaml
file, which can be used to automatically resolve and install all dependencies in a clean Python

environment.

E.5.3. Usage

Common routines required for data import and evaluation are conveniently accessible through a
command-line interface (CLI) provided by cli.py. An overview of available commands and
details about how to use each command are available via the --help flag, see listings E.1 and E.2.

To retrace or debug performed actions, the log file processing.log is created upon execution.

Listing E.1: Show usage information for command-line interface
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Listing E.2: Show usage information for experiment run evaluation

E.5.4. Execution Time and Scalability

Since the data evaluation routine includes Monte Carlo simulations, the runtime required for
data processing becomes non-negligible. However, as the underlying implementation supports
multiprocessing, corresponding calculations are automatically distributed across all available
logical CPU cores.

Data processing was initially performed on a 10 core CPU and later transferred to a 20 core
CPU to speed up calculations. To evaluate the scalability of the data evaluation routine, the
number of draws used for Monte Carlo simulations Nyc was varied. Runtimes achieved on
both systems are illustrated in figure E.3. As generation and termination of worker processes
dominate execution times for Ny¢ < 10* due to the related system overhead, a non-linear
correlation is obtained in the corresponding range. However, this influence decreases with an
increasing number of calculations. Therefore, a linear correlation is obtained for Nyc > 10*
and data evaluation is approximately twice as fast when doubling the core count.
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Figure E.3.: Runtime of data evaluation routine in dependence of the number of samples Nyic used for MCM,
evaluation of single experiment, averages obtained from three consecutive executions, standard
deviations smaller than marker size; 10 core CPU: Apple M1 Pro 10 Core, 32 GB memory (Apple
MacBook Pro 2021, 14in); 20 core CPU: Apple M1 Ultra 20 Core, 64 GB memory (Apple Mac
Studio 2022)

E.5.5. Data Files

To ensure a consistent data format throughout all experiments, relevant raw data were parsed
into a unified data structure and stored in the HDF5 format (Hierarchical Data Format, Version
5) before further evaluation. In addition, both intermediate values and final results obtained
from data evaluation were added to the HDF5 file of the according experiment. Therefore,
the HDF5 files available in the supplemental data repository, see (Gutperl and Wolke, 2024),
contain all datasets relevant to re-evaluate or analyze a single experiment.

The data stored in each file is structured using the PyTables format!. Each filename is
formatted as P<experiment number>_<run number>.h5. Although direct access to the stored
data files should generally not be required, since common evaluation and post-processing
functions are provided by the command line interface, see appendix E.5.3, the respective files
can be opened with any HDF5-compatible software?. The structure of the data storage directory

is briefly explained in appendix E.5.6.3.

'Data were stored using the pandas.HDFStore interface which is based on PyTables, see (PyTables, 2002) for
details.
2 ViTables was used in this work, see (Mas, 2008) for details.
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E.5.6. Software and Directory Structure

To keep the codebase and the experiment datasets decoupled from each other, independent
subdirectories are used. Details about the structure and the contents of the corresponding
directories are summarized in the following sections.

E.5.6.1. Root Directory

A short description about each item provided in the root directory is given below:

| code/...... directory with scripts and code for data processing and experiment evaluation
T - N command-line interface (CLI)
| delft manual.py.........oeveviineniininnnns re-evaluate HETP using the Delft model
| driving_concentration_potential.py ... determine driving concentration potentials
| enviromment.yaml ......................aa.l dependencies file for conda environment
| postprocess.sh.............. shell script to chain multiple post-processing commands
| PTOCESSINE/ ittt directory with codebase
L timeit.zsh...ooveiriniininiiiiiinnnns Z shell script to determine execution times
L data/ oo directory for data storage

Figure E.4.: Structure of root directory
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E.5.6.2. Codebase

The codebase is structured as Python packages and subpackages containing related calculation
routines or functions. As the package names are considered self-descriptive, no additional
explanations are given about the routines provided. The codebase is structured as follows:

processing
| __init__.py
| composition

| __init__.py

{ _convert.py

| density

| __init__.py

| calibration

| 20220310_091738_Kalib_CB_EB.csv

| Dichte_Kalibrierdaten_CB_EB_mit_VE.xlsx
| Dichte_Kalibrierdaten_CB_EB_ohne_VE.xlsx
| __init__.py

 polynomial coefficients.txt

{ polynomial_degree3.py

{ polynomial_deviations.txt

| redlich_kister.py

| _errors.py

L files

| __init__.py
{ _apconnect.py
| _columns.py

| dma4100m.py

| _errors.py

| gc

| __init__.py

{ calibration.py
{ chromatogram.py
{ columns.py

| errors.py

Figure E.5.: Structure of codebase
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| composition (continued)
| gc (continued)
evaluate.py
filters.py
substances.py
txt.py
utils.py

| _molarmasses.py
| samples.py

| datastorage

| __init__.py

| create.py

| delete.py

| diagram.py

| exchange.py

| fileparser.py

| io.py
 listings.py

| paths.py

| _postprocessing.py
| read.py

| settings.py

| _update.py

| _evaluate.py

| _experiment

| __init__.py

| balance.py

| errors.py

{ experiment.py

| _operations.py

Figure E.5.: Structure of codebase (continued)

{ log.py
| parametersheet
__init__.py

| _physicalproperties

| __init__.py

| density.py

{ diffusion_coefficient.py
| heat_capacity.py

| heat_vaporization.py

| mass_transfer
__init__.py

delft.py

{ surface_tension.py

{ viscosity.py

L_vle

| __init__.py

| _activity_coefficient.py
| calculator.py

| datasets.py

— 4Py

| _errors.py

| _vapor_pressure
| __init__.py
| _chemcad.py
| _chemsep.py
| _errors.py
{ nist.py

{ onken_arlt.py

| _ottenbacher.py
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{ plant

| separation_performance
| __init__.py

{ __init__.py
| distillationcolumn.py

| dataexchange.py
| _operating modes.py

| _evaluation.py
| _packing_element.py | uncertainty_quantification
| plotting | __init__.py
| __init__.py

| _composition.py
| _columnprofiles.py

| labware

| mccabethiele | __init__.py
__init__.py | density_meter.py
diagram.py

| _scales.py
errors.py

{ monte_carlo.py
histogram.py

{ plant
mcm. py | __init__.py
L _plotter.py | density.py
| postprocessing | mass.py
| __init__.py | _pressure.py
| data | _temperature.py
__init__.py

| _wrapped_functions
experiment.py | __init__.py
summary .py

| math.py

| plots

| _utils
__init__.py

__init__.py
histogram.py

constants.py
mccabethiele.py

gravimetric_mass_flow.py
profile.py

utils.py

| recordfile

__init__.py

columns.py

errors.py

lookuptable.py

recordfile.py

Figure E.5.: Structure of codebase (continued)
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E.5.6.3. Data Storage

The data storage contains files of imported and/or evaluated experiments. Details about file
format and file structure were already given in appendix E.5.5. The directory used for data

storage is structured as follows:

data
L datastorage
L PBO4 . . directory for experiment 604
L directory for run I of experiment 60/
tP604_1 L P experiment run data file
postprocessing............. ..ol output directory for post-processing

..................................... output files generated by post-processing

Figure E.6.: Structure of data storage directory
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F. Experimental Results

A reduced set of intermediate and final results is tabulated in this appendix. Although missing
data can be determined using the values given in the following tables and the calculation
procedures presented in section 3.5, the complete set of exported results is available in the data
repository of this work, see (Gutperl and Wolke, 2024).

In addition to the tabulated values, supplemental diagrams illustrating operating parameters,
operational characteristics and separation performance as well as associated combined standard

uncertainties uq(-) are presented.

F.1. Tabulated Results

intentionally left blank
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Figure F.1.: Combined standard uncertainty associated with feed mass and molar flow (a), distillate mass and molar

flow (b), and bottoms mass and molar flow (c)
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Figure F.3.: Absolute (a) and relative (b) deviations in mass balance in dependence of f-factor fg and molar stream
ratio F' D™, indicated uncertainties are combined standard uncertainties uc(+)
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Figure F.4.: Absolute (a) and relative (b) deviations in molar balance in dependence of f-factor fc and molar stream
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F.2.2. Mixture Compositions
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are combined standard uncertainties uc(-)
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fa and molar stream ratio F D', indicated uncertainties are combined standard uncertainties uc(+)
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F.2.3. Pressures and Temperatures
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F.2.4. McCabe-Thiele Stage Constructions with Solution Space
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Figure F.14.: McCabe-Thiele stage constructions with Monte Carlo solution space (continued)
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Figure F.14.: McCabe-Thiele stage constructions with Monte Carlo solution space (continued)
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Figure F.14.: McCabe-Thiele stage constructions with Monte Carlo solution space (continued)
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F.2.5. Separation Performance Predicted with Delft Mass Transfer Model
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Figure F.15.: Combined standard uncertainty associated with stripping factor A in dependence of f-factor fc and
molar stream ratio F' D™, indicated uncertainties are combined standard uncertainties uc(+)
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Figure F.16.: HTUy, predicted with Delft model in dependence of liquid load wr, and molar stream ratio £ D1,
indicated uncertainties are combined standard uncertainties w.(-)
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Kraus, M.-J. (2021). “Testing and characterization of a novel pilot plant for separation efficiency
measurements of viscous mixtures with non-volatile components”. Master’s thesis.

Kriese, F. (2019). “Separation efficiency measurements for viscous mixtures — flow sheet simula-
tion of a new process design”. Student research project.

Paruzel, N. (2019). “Developing and establishing a surface tension measurement routine for
diluted solvent-based polymer solutions”. Bachelor’s thesis.

Wolke, M. (2021). “Quantifying the polymer influence on VLE and separation efficiency of a
solvent mixture in distillation processes”. Master’s thesis.

Wolke, M. (2022). “Testing and characterization of a novel pilot plant for separation efficiency

measurements with finite reflux ratio”. Student internship.
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